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ll us W FOR DC OR RESISTANCE INPUT 


Move 200-A uses an input of 10,000 
ohm resistance potentiometers as an in- 
put transducer providing 10 to 1 scale 
expansion and origin positioning. Avail- 
able standard digital input accessories 
are essentially inputs of this type. Any 
resistance potentiometer will provide an 
analog input for this configuration. 

Movet 200-B, used for D.C. signal input, 
has full scale sensitivities of 5 milli- 
volts and an input impedance of 1,000 
megohms, Utilizing standard reference 
cells, this model provides drift-free 
operation. Available external reference 
voltages may be substituted. A plug con- 
nection is provided to facilitate the quick 
interchangeability of input sections. 


il W FOR SIMPLIFIED OPERATION 


Precision Vernier Dials provide an accu- 
rate method for obtaining fine adjust- 
ment during operation. Optional point 
plot or continuous line plotting is a 
feature of both models. Selection is by 
front panel manual control. A new, sim- 
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ing of ink colors. Independent action of 
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No cables, tapes or lead screws to cause 
lost motion, cable stretching or drift- 
ing out of alignment. The 120° concave 
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visibility ...is completely illuminated. 
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plotters feature 0.1% accuracy, are suit- 
ed for wide applications where rapid 
graphic presentation of data is required, 
such as: laboratory testing, computers, 
data handling systems, wind tunnel, mis- 
sile tracking and quality control testing 
of transistors and other electronic compo- 
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Keyboards and Binary Converters. Model 
200-A can plot from Flexowriter tape in 
any code or directly from the Tape Punch 
cables of many digital computers. Sub- 
chassis can be supplied to handle time- 
shared X versus Y plots, or other spe- 
cial circuitry. Write today for details. 
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Derivation of the Mechanical-energy Balance: A Plea for Simplicity 


The equation 
= AK.E. + AZ + EF + dp 


is an extremely useful one in chemical 
engineering and one which is derived in 
a variety of ways in most text books. 
To be consistent with requirements made 
of contributors, one should define the 

terms: 
—W’,, = mechanical component of work de- 
livered by a shaft machine to the 


substance 


AK.E. = change in kinetic energy 
AZ = change in potential energy 
=F = friction 

v = specific volume 

Pp = pressure 


The writer, as a teacher of thermo- 
dynamics, must take exception to the 
ways in which this equation is derived in 
several chemical engineering texts. It is 
not necessary to mention specific books, 
but a few points are worthy of attention. 
It seems highly questionable to intro- 
duce the first law of thermodynamics in 
the batch form, i.e. Ae = q — w, in this 
equation, which applies only to flow 
processes. The idea of the gas doing work 
on itself, a term often met in this der- 
ivation, is difficult to understand and 
to impart to students when the very 
nature of work is the transfer of energy 
to or from the outside under certain poten- 
tials. It appears very dubious to derive 
this equation through any use of the en- 
tropy, a second-law concept, when this 
equation is an energy balance, a first-law 
concept. The use of the famous Clausius 
inequality 
aq 


dS = T 


is opposed on the score that the equation 
with the unequal sign has no meaning. 


The equation 


A 7 


1 


is definitional for dS. The equation with 
the unequal sign requires for an irre- 
versible process the knowledge of dg, 
which is generally not available. Deriva- 
tions which involve a differential approach 
and introduce such a term as dW’,, must 
be criticized because W’,, is inherently an 
integral and not a differential quantity. 

One should go back to the derivation of 
Bernoulli from which there results the 
equation 


d(K.E.) + dZ +vdp = 0 


This is arrived at as a simple consequence 
of a force balance, i.e., that the pressure 
force acting on a given mass elevates or 
accelerates it. The only assumption made 
is that shearing forees are absent. In 
reality, of course, such shearing forces do 
exist, and these invalidate the equation. 
We merely make it work by adding a 
term for friction so that it becomes after 
integration 


AK.E. + AZ + | vdp + =F = 0 


and thus a definition of friction. For 
example, when AK.E. + AZ is zero, this 
is exactly the equation with which friction 
is calculated from measured data. 

Only one step remains. If mechanical 
energy in the form of work is added to 
this system in the amount — W’,, then 
equality to zero no longer holds, but 
rather 

AK.E. + AZ + | vdp+ 3F = -W's 
It is believed that this derivation is 
simpler and a closer approach to the 
truth of the matter than those usually 


offered. 
H. B. 
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The Chemical Equilibrium of the mona 
Synthesis Reaction at High ‘Temperatures 
and Extreme Pressures 


LEONARD J. WINCHESTER and BARNETT F. DODGE 


Chemical equilibrium in this reaction has been determined experimentally by a static 
or nonflow method at temperatures of 400° and 450°C. and at pressures of 1,000 to 3,500 
atm. Equilibrium was approached from both sides and the two reacting gases were always 
in the stoichiometric ratio. The results are presented both as mole percentage of ammonia 
in the equilibrium mixture and as the equilibrium constant K,. The constant, K,, which is 
a function of pressure, was calculated from K,,o, its value at p = 0, by five different methods 
and from them the corresponding mole percentages of ammonia were derived for comparison 
with the experimental results. All such calculations involve assumptions of varying degrees 
of validity, and no calculated value can be considered.accurate. However two of the cal- 
culation methods give values which agree reasonably well with the experimental values. 


The purpose of the present work is to 
extend the range of pressures for which 
the chemical equilibrium between am- 
monia and its elements is known. The 
chemical equilibrium was determined 
experimentally for mixtures containing 
hydrogen and nitrogen, in a mole ratio of 
three to one, with ammonia at pressures 
from 1,000 to 3,500 atm. in the tempera- 
ture range of 400° to 450°C. These 
temperatures were chosen as being close 
to industrial ammonia-synthesis condi- 
tions. Comparison will also be made 
between these values and those which 
were calculated by several of the methods 
now available for predicting the effect of 
pressure on chemical equilibrium. 

In 1923 Larson and Dodge (14) re- 
ported the determination of the chemical 
equilibrium of the ammonia reaction in 
the pressure range from 10 to 100 atm. at 
temperatures from 375° to 500°C. In 
1924 Larson (13) extended these experi- 
mental data to 1,000 atm. at 450° and 
475°C. A continuous method was used 
wherein a purified 3:1 hydrogen-nitrogen 
mixture was passed through a tubular 
high-pressure reactor filled with a doubly 
promoted iron catalyst. The flow rate 
was progressively decreased until suc- 
cessive samples taken at the reactor 
outlet assumed identical ammonia con- 
tent. Up to 100 atm., equilibrium was 
also approached from the ammonia side. 

In 1935 Basset (1) reported the syn- 
thesis of ammonia at a very high pressure 
without a catalyst and in the presence of 
Impurities such as carbon monoxide and 
hydrogen sulfide. At 850°C. and 4,350 
atm. the 3:1 hydrogen-nitrogen mixture 
was said to have reacted at a rate of 10 g. 
of ammonia produced/(hr.)(ec.) of re- 


_ Leonard J. Winchester is at present with the 
- 5. Operations Mission to Belgium and Luxem- 
ourg. 
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action chamber to form a product con- 
taining 94 mole % of ammonia. Basset 
did not determine the chemical equilib- 
rium, but his work is pertinent because 
it is the only previous investigation of 
the ammonia reaction materially above 
1,000 atm. 

The equilibrium constant at zero pres- 
sure, Kye, can be calculated from. the 
known thermal data on the system and 
then the effect of pressure can, in prin- 
ciple, be calculated from well-known 
relations of which the following is typical: 


K, 


The integral within the square brackets 
is the logarithm of the activity coefficient 
of any component 7 and could be evalu- 
ated if pvT7’ data on the ternary mixture 
were available from zero pressure up to 
the given equilibrium pressure at the 
temperature in question. Such data are 
completely lacking at the present time, 
and for the calculation various assump- 
tions must be made; for example, one 
can assume an ideal solution or the 
validity of various equations of state, 
evaluating the constants for the mixture 
from those for the pure components by 
various common rules. The authors have 
made many calculations of this kind, but 
every different assumption leads to a 
different result and there is no way to 
decide which one is best. Under these 
circumstances it is necessary to resort 
either to direct measurement of the 
equilibrium constant at the elevated 
pressure or to obtaining experimentally 
the pv7' data. The first method was 
chosen. 


In 
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METHOD OF EQUILIBRIUM MEASUREMENT 


There are three methods of determining 
equilibrium. In the continuous, or flow, 
method composition and temperature 
vary with position in the reactor but are 
invariant with time. The pressure re- 
mains constant with time and, if frictional 
pressure losses and differences in eleva- 
tion are neglected, with position. 

In the batch method, composition, 
temperature, and pressure approach con- 
stant values with time. With elevation 
differences neglected and time granted 
for mixing, these properties are invariant 
with position in the reactor. 

The intermittent method resembles the 
batch method until sampling begins; 
then, however, the pressure loss is com- 
pensated after every sampling by admis- 
sion of reactants. Consequently, the 
pressure fluctuates around a constant 
value with time while the samples are 
taken. This makes composition and tem- 
perature practically constant with time 
and, owing to insufficient time for mixing, 
variant with position. 

The crucial items of equipment required 
in the three methods are somewhat 
different and are worth a brief discussion. 
The continuous method requires a 4,000- 
atm. continuous gas compressor followed 
by purification train. The reactor should 
be long and of relatively large internal 
volume in order to obtain an appreciable 
volumetric flow rate at the low space 
velocities required to reach equilibrium. 

The batch method requires a continu- 
ous gas compressor for 500 to 1,000 atm. 
and either a mercury-sealed 4,000-atm. 
water pump or a pump for lower pres- 
sures with a gas-pressure intensifier or a 
liquid-pressure intensifier with a mercury 
seal. The method of analysis should be 
accurate for small gas samples, and the 
reactor should have a large internal 
volume so that the pressure drop after 
the taking of several samples will be 
negligibly low. 

The intermittent method requires a 
continuous gas compressor for 500 to 
1,000 atm., a gas-pressure intensifier or a 
mercury-sealed liquid-pressure intensifier, 
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a pump, and sensitive product analysis 
like the batch method. A relatively large 
reservoir for reactants at 4,000 atm. and 
room temperature and a smaller reactor 
of long, tubular shape to prevent rapid 
mixing are needed. 

Although pure reactants can be pur- 
chased, the larger quantities required by 
the continuous method dictate the use of 
a purification train on relatively impure 


gases. In all three procedures considerable 
time should be allowed before sampling 
at a new condition of pressure and tem- 
perature, because of the solubility of the 
reactants in steel at high pressures. 

The equipment used in these experi- 
ments was designed for catalyst treatment 
by the flow method, followed by equilib- 
rium determinations by means of batch 
or intermittent methods as desired. 


Fig. 1. Diagram of apparatus. 


A, thermostat-reactor assembly; B, mercury-piston pump assembly; C, intensifier; D, 


1,000 atmosphere liquid pump; E, 1,000 atmosphere gas compressor; F, 1,000 atmosphere 
gas-storage vessel; G, 1,000 atmosphere drier; H, strain gauge pressure cell; J, strain 
gauge indicator; J, commercial gas cylinder containing pure nitrogen; K, commercial gas 
cylinder containing pure 3:1 hydrogen-nitrogen mixture; L, commercial cylinder containing 
pure liquid ammonia; V, vent to the atmosphere; 2, 100,000 lb./sq. in., pressure gauge 
(Bourdon type) ; 3, 100,000 Ib./sq. in. gauge; 4, 100,000 lb. /sq. in. gauge; 5, 20,000 lb. /sq. in. 
gauge; 6, 20,000 lb./sq. in. gauge; 7, 30,000 lb./sq. in. gauge; 8, reducing pressure gauge; 
9, 20,000 lb./sq. in. gauge; 10, sampling pipette; 11, ammonia absorption tube; 12, wet- 
test meter; 13, 16, 21, 22, 24-29, 60,000 lb./sq. in. Aminco valves, through-type for 1/4 in. 
tubing; 14, 60,000 Ib./sq. in. Aminco valve, three-way type for 1/4 in. tubing; 15, 17, 19, 
20, 32, 34, 35, 36, 39, 25,000 Ib./sq. in. Aminco valves, through-type, for 1/4 in. tubing; 
18, 30, 31, 37, 38, 25,000 lb./sq. in. Aminco valves, through-type, for 9/16 in. tubing; 23, 
60,000 !b./sq. in. Aminco valve, through-type, for 9/16 in. tubing; 33, 100,000 lb./sq. in. 


Aminco valve. 


APPARATUS 


As shown in Figure 1, reactants were 
brought to equilibrium in the catalyst-filled 
inner tube of the pressure chamber im- 
mersed in molten salt in A. Pressure was 
obtained by (1) filling one leg of the U tube 
B with gaseous reactants at medium pres- 
sure (300 to 1,000 atm.) from E or with 
liquid ammonia from L; (2) compressing 
through a mercury seal with water pumped 
to 300 to 1,000 atm. by D and intensified 
in C to a maximum of 4,000 atm.; and 
(3) making connection to the reactor in A, 
Reactor pressure was measured with a 
calibrated strain gauge (H and /) and 
Bourdon gauge 2. Temperature was meas- 
ured with thermocouples with hot junctions 
immersed in A. Samples taken through 
valve 13 at the outlet of the reactor were 
analyzed by directly titrating ammonia 
absorbed in boric acid solution in 10 and 
measuring the residual hydrogen and nitro- 
gen in a burette (not shown). 

Hydrogen and nitrogen were supplied by 
the research laboratory of the Linde Air 
Products Co. and were stated to have the 
following compositions (dry basis): 


Hydrogen Nitrogen 
H, 99.9813% N2 99.9918% 
CO, 7 p.p.m. 
Co, 
HC’s 1 p.p.m. 
CO 2p.p.m. H, 3 p.p.m. 
O, 14 p.p.m. He 4p.p.m. 
CH, 14 p.p.m. Oz 9 p.p.m. 
Ne. 150 p.p.m. Ne 15p.p.m 
H.O 10 grains/1,000 A 50 p.p.m. 
cu. ft. H,O 3 grains/1,000 
(257 p.p.m.) cu. ft. 
(77 p.p.m.) 


A mixture was made up in K which 
analyzed 74.78% hydrogen. Ammonia in 
L was stated by the manufacturer to be 
99.98% pure. Water and hydrocarbons were 
removed from the elemental gases in purifier 
G, a small 15,000 Ib./sq. in. vessel filled 
with ‘‘gas-adsorbent”’ charcoal and_ soda 
lime. Water-pumped nitrogen in J was 
used to flush out the equipment. Mixtures 
up to 1,000 atm. were made up in the 
storage vessel F (diameter ratio 2:1, internal 
volume 1 cu. ft.) by use of a five-stage, 
15,000 lb./sq. in. compressor E or batchwise 
by means of a Triplex water pump D. 

The 60,000 lb./sq. in. intensifier C, made 
by the American Instrument Co., com- 
pressed the system by 22 ec. with each 
stroke. The mercury-piston pump B, de- 
signed and built at this laboratory, con- 
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Fig. 2. Gas-mercury leg of the liquid-piston pump. 
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sisted of a U tube formed by two pressure 
vessels connected with 4 X 1/16 in. 
Cr-Mo steel tubing, a 100,000 lb./sq. in. 
Bourdon gauge 3, and 60,000 lb./sq. in 
valves 25, 27, and 29. The gas-mercury leg 
of B is shown in Figure 2. Parts 5 and 10 
were made of wood fiber, 6 of neoprene 
rubber, 2 of Rezistal 416 steel, and 1, 3, 4, 
7, 8, and 9 of 8.A.E. 4140 steel. The water- 
mercury leg of B was similar in construction 
except that a floating, conical check valve, 
instead of the alarm electrode 2, controlled 
mercury surges. During exploratory experi- 
ments a ‘“‘temporary”’ liquid-piston pump, 
consisting of a 10-ft. length of 9/16 x 3/16 
in. Cr-Mo steel tubing following valve 23 
in Figure 1, and a lens-ring closure vessel, 
modified for 45,000 Ib./sq. in., inside a 
tubular electric furnace (not shown), were 
used. 

The reactor-thermostat assembly A con- 
sisted of a high-pressure vessel in'a stand 
with valve-controlled passages for reactants, 
products, and pressure measurement. The 
reactor was immersed in an_ insulated 
H.T.S.* salt bath heated with two con- 
trolled 1 kva. immersion heaters. The 
reactor and the bath could each be moved 
vertically with pulleys. Valves 14 and 13 
were kept at 150° to 250°C. 

During preliminary experiments the 
reactor evolved through four designs and 
constructions. The strongest and simplest 
reactor comprised a solid-bottom, 5:1 diam- 
eter-ratio cylinder constructed of a 5% 
chromium steel of 90,000 lb./sq. in. yield 
point, closed by a lens ring and a threaded 
head nut, the latter with a small passage 
for gas flow. This material was recommended 
by Midvale Steel Co. (18) for use with 
hydrogen at high stresses up to 400°C., and 
the vessel was autofrettaged after assembly. 
To permit continuous catalyst reduction 
mm situ a passage was bored in the cylinder 
bottom. These passages were connected 
with tubing by means of standard cone- 
and-seat couplings. 

After unfavorable experiences with lens 
rings, a reactor with an unsupported-area 
closure was assembled and used for the 
450°C. equilibrium determinations (Figure 
3). The main body 1, packing retainers 7 


*40% NaNOs, 7% NaNOs, 53% KNOs by weight. 
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(8) 


Fig. 3. Reactor assembly. 


and 8, head nut 4, and mushroom piston 3 
were made of Rezistal 416 steel. These 
parts were machined and then heat-treated 
and tempered to a hardness corresponding 
to a yield strength of 185,000 lb./sq. in. 
Adjacent cylindrical surfaces of parts 7, 8, 
3, and 1 were ground and polished. The 
hard tool-steel ring 5 served to prevent 
cold-welding. The packing ring 6 was 
made of annealed copper. The Rezistal 416 
steel inner tube 2 was tempered at 593°C. to 
a yield strength of 100,000 lb./sq. in. 
Together with 3 it constituted a separate 
reactor when taken out of the assembly. 
With plug 10 removed, or replaced by a 
connector, continuous reactions could be 
conducted in the assembly or separately. 

The reactor body 1 (Figure 3) failed in 
service and the lens-ring reactor body, 
referred to above (which, bored out to a 
3:1 diameter ratio and provided with an 
unsupported-area closure, had been used 
as the mercury-water leg in B, Figure 1), 
took its place. The reactor which failed 
had been subjected to 52,000 lb./sq. in. 
internal pressure at 400°C. for 12 hr., 
followed by gradual heating to 450°C. After 
5 hr. at 450°C. and 53,200 lb./sq. in., 
samples were taken and the pressure 
dropped to 50,000 lb./sq. in. At some time 
within the next 7 hr. the reactor failed, 
probably because it was stressed in the 
intergranular corrosion range, variously 
stated to be 454° to 593°C. and 482° to 
593°C. (6, 17). 

Pressure was measured by a_ metal- 
resistance, a.c.-excited, Wheatstone’s bridge- 
type, strain-gauge system including a 
50,000 lb./sq. in. pressure cell H (Figure 1), 
connected to the reactor through a mercury 
seal; SR-4, type R strain gauges, made by 
Baldwin Southwark Division, mounted 
on the outside of the cell; and a Nultronic 
indicator made by Foxboro Company, con- 
taining power source, capacitive and re- 
sistive balancing, and a_ phase-sensitive 
electronic discriminator. |Bourdon-tube 
gauge 2 made by U. S. Gauge Company was 
rated for 100,000 lb./sq. in. for use with 
gases. Both gauges were calibrated with a 
free-piston gauge constructed according to 
designs by Keyes (11) and modified to 
triple its range to 3,000 atm. (4, 4). 

Samples for analysis were admitted 
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through valve 13 into absorber 10, partly 
filled with a boric acid solution previously 
saturated with 3:1 hydrogen-nitrogen mix- 
ture. The absorber was then connected to 
a Burrell gas-analysis apparatus, the un- 
absorbed gases were drawn into a 100-ml., 
water-jacked burette, and their volume, 
saturated with water vapor, was measured 
at atmospheric pressure. The barometric 
pressure was corrected for temperature 
and gravity. The ammonia solution was 
washed into a volumetric flask, and a 
measured portion was titrated with stand- 
ardized 0.01255N HCl from calibrated 
50-ml. burettes the indicator being diso- 
dium 4, 4’-bis(m-tolyltriazeno)-stilbene di- 
sulfonate, which was synthesized after a 
method by Taras (21). This substance gave 
a sharper end point than other indicators 
at the low ammonia and acid concentrations 
involved. 


METHOD 


The experimental work consisted of the 
equilibrium determinations preceded by 
the preparation of a suitable active-catalyst 
bed, development of a satisfactory reactor 
closure, and autofrettage of high-pressure 
vessels. 


Catalyst Reduction 

The reactor was filled with the catalyst, 
an 8- to 14-mesh iron oxide promoted 
with aluminum oxide and potassium oxide; 
the temperature was raised to 450°C. in A 
(Figure 1) and 150 atm. was exerted by the 
admission of hydrogen and nitrogen in a 
ratio of three to one. The gases were 
purged and replaced repeatedly, but since 
only traces of ammonia were formed, batch- 
method reduction was abandoned. 

The inner tube 2 (Figure 3) was filled 
with catalyst and arranged as a separate 
continuous reactor in a tubular electric 
furnace. A standard reduction treatment 
with 3:1 hydrogen-nitrogen to 450°C. was 
found to be insufficient; consequently, 
additional reduction to 525°C. at high space 
velocities was carried out with a resultant 
improvement in the conversion. Flow rates 
were measured with a wet-test meter 12, 
and ammonia was absorbed in a series of 
test tubes (Figure 1). Unsatisfactory results 
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after assembly of the reactor and immersion 
in the salt bath were ascribed to poisoning 
of the catalyst by (1) hydrocarbons in the 
graphite paste on the threads of the inner 
tube and (2) air, inadvertently introduced 
during the assembly. To avoid these 
difficulties the above-mentioned reduction 
treatment was repeated with the inner tube 
fully installed and with molybdenum sulfide 
powder on the threads. Equilibrium was 
subsequently attained at 450°C., but at 
lower temperatures the catalyst was not 
sufficiently active. A more active catalyst 
was then obtained from the duPont Com- 
pany, and after reduction at up to 500°C. 
at high space velocity (as suggested by a 
representative of this company) the cata- 
lyst gave satisfactory equilibrium results at 
400°C. 


Tests of Lens-ring Closures 


Several types of lens rings were tested 
under various conditions of pressure, tem- 
perature, and fluid medium in order to 
determine their suitability as dependable 
closures for the high-pressure vessels used 
in the equilibrium determinations. Various 
rings made of tool steel, hardened so that 
the ring was harder than the seat, were 
tested with both liquid and gas pressure. 
Whereas liquids did not leak at pressures 
up to 50,000 lb./sq. in., gases leaked at 
lower pressures and especially when the 
vessel was heated to approach actual operat- 
ing conditions. Lens rings softer than the 
seats, made of copper and of soft steel, were 
also tested with similar results. It was 
concluded that lens rings were not successful 
under conditions of local plastic flow such 
as at very high pressure and room tempera- 
ture and at moderately high pressure and 
high temperature. 


Autofrettage 


Both reactors were autofrettaged by 
pumping in a glycerin-water mixture and 
holding at a pressure of 60,000 Ib. /sq. in. for 
1 hr., followed by heat-treatment at 350°C. 
The stresses in a cylinder under internal 
pressure are not uniform across the wall. 
Hydraulic.autofrettage, a method of distrib- 
uting working stresses more uniformly, 
consists of exerting sufficient pressure to 
stress the inside layers nonelastically and 
then relieving the pressure. A heat-treat- 
ment at about 300° to 400°C. follows to 
reestablish approximately the original yield 
points in compression and in tension (16). 
Residual stresses, fromm compressive at the 
bore to tensile at the surface of the cylinder, 
remain permanently. Thus, with a yield 
point of 70,000 lb./sq. in. and a residual bore 
stress of —65,000 Ib./sq. in., an elastic 
reduced stress of 135,000 lb./sq. in. can be 
developed at the bore (22), whereas before 
autofrettage the maximum reduced stress 
attainable at the bore was 70,000 lb./sq. in. 
If it is assumed that the yield point is 
known, well defined, and exactly reestab- 
lished after heat-treatment, outside-diam- 
eter measurements on cylindrical pressure 
vessels while under a known inside pressure 
and after pressure release and heat-treat- 
ment provide a test of various theories of 
elastic failure (12, 19). The reduced ideal 
or equivalent stress is a function which is 
dependent on the three principal stresses 
and has different forms in each theory of 
elastic failure. 
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Without a detailed description of pro- 
cedure and calculations, it will briefly be 
stated that tests on the inner tube (part 2, 
Figure 3) through measurement of the 
exterior diameter while the tube was under 
internal pressure and after release of pres- 
sure and heat-treatment showed that the 
strain-energy theory predicts the results 
best. Comparison was made with the maxi- 
mum-stress, maximum-strain, shear-stress, 
Mohr, and inner friction theories (12, 19). 
Tests on other cylinders showed that the 
exterior expansions were too small to favor 
any particular theory. These measurements 
were useful, nevertheless, as a check on 
the quality of the vessels. 


Equilibrium Determinations 

The most essential steps during a run in 
which equilibrium was approached from 
the side of excess ammonia were as follows: 
(1) the mercury-piston pump was filled 
with liquid ammonia (2) the ammonia 
was repeatedly compressed and admitted to 
the reactor until the desired pressure was 
obtained therein and (3) after a period of 
time samples were taken from the reactor 
at brief intervals and analyzed. The 
reaction time allowed was determined from 
check runs at lower pressures where data 
were available. If successive samples checked 
closely, equilibrium was considered to have 
been reached; otherwise the pressure was 
reestablished and more time allowed. 

To establish further proof that equilib- 
rium had been attained, the authors 
approached it from the other side. This was 
done at the lowest pressures and tempera- 
tures of the range covered in this paper in 
order to determine an ample reaction period 
for conditions of greater reaction rate. The 
method used to obtain a gas mixture in the 
reactor higher in content of the elements 
than called fer by the equilibrium was to 
attain equilibrium at a lower pressure and 
then pump in ammonia to raise the pres- 
sure. This is satisfactory, because less 
ammonia had to be added to raise the 
pressure than to reach a chemical-equilib- 
rium composition at the new pressure. This 
can be readily checked by suitable calcula- 
tions. A description of actual procedure 
during some of the equilibrium determina- 
tions will be presented based on the symbols 
given in Figure 1. 

At 450°C. with the Reactor in Figure 3. 
The reactor assembly was installed in the 
thermostat A, the catalyst was reduced, 
pump B was partly filled with pure mercury, 
the system was flushed with nitrogen and 
evacuated, and liquid ammonia was ad- 
mitted to pump B through valve 25. 
Pump D was started, and after being 
adjusted to 15,000 lb./sq. in. in B and A 
by means of valves 35 and 30, valve 33 
was closed and 34 opened, so that intensifier 
C was brought into play. The piston was 
returned by closing 34 and opening 32 and 
33. Pressure from B to A was transferred 
with 29 closed, and pressure in B was 
released when not needed. After two piston 
strokes in C and adjustment of the zero 
point of strain gauge J, the reactor pressure 
was 29,500 lb./sq. in. according te J and 
Bourdon gauge 2. Of the three thermo- 
couples immersed in the salt in A, one 
registered 450°C., another 449.6°C., with 
a close check from the third. After a reaction 
period of 12 hr. pressure and temperature 
had not changed. After the sampling leads 
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had been vented through valve 13 until the 
pressure reached 29,000 lb./sq. in., absorber 
10 was manually attached to the outlet of 
13, which was opened slightly Sy means of 
a valve handle 1 ft. long. The first sample 
contained 91.6 mole % NHs3; second and 
third consecutive samples contained 90.1 
and 89.6 mole % NH; respectively. 

The method of interpreting these results 
merits discussion. A dead space, reduced to 
a minimum by insertion of a wire into the 
1/16-in. I.D. sampling lines, existed be- 
tween the reaction zone and the sampling 
point. This space had to be vented before 
sampling. Insufficient venting was preferred 
in order to avoid excessive pressure drop; 
therefore, the first sample was sometimes 
partly unrepresentative of reactor con- 
ditions. Owing to the slow reaction rate, 
established during check runs at lower 
pressures, and the especially slow net 
reaction rate near equilibrium, changes in 
composition due to moderate pressure drops 
during venting and sampling were considered 
negligible. With these considerations applied 
to the run above, the first sample composi- 
tion was rejected as being unrepresentative 
of reactor conditions, but the second and 
third samples checked reasonably closely; 
therefore, their average, 89.8 mole % NH;, 
was taken as the equilibrium content at 
29,500 lb./sq. in., the pressure before 
venting. 

The pressure was then lowered to 24,600 
lb./sq. in. At this pressure the amount 
of venting was estimated more successfully, 
as indicated .by a check to within 0.1 
mole % NH; between the first two samples. 
At 14,700 lb./sq. in., the second and third 
samples contained 70.4 and 70.6 mole % 
NH; as compared with 69.4% obtained by 
Larson (13). 

In order to make the majority of runs 
at 400°C. before subjecting the reactor 
to more severe conditions at higher tem- 
peratures, the authors attempted to reach 
equilibrium at 400°C. and 14,700 lb./sq. in. 
In accordance with the previously demon- 
strated sluggishness of the catalyst at 
400°C. and lower pressures this attempt 
remained unsuccessful. Consequently, the 
pressure was raised to 52,000 lb./sq. in. in 
the reactor by the same procedure as before, 
and the temperature was then brought to 
450°C. Strain cell H having failed at 50,000 
lb./sq. in., pressure measurements from here 
on were confined to the Bourdon gauge 2, 
shown to be accurate by repeated calibra- 


Fig. 4. Top view of the burst reactor vessel. 
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tions. The temperature increase had raised 
the pressure to 53,200 lb./sq. in. After 5 hr. 
of reaction the pressure was 52,000 lb./ 
sq. in., and two samples were taken which 
checked to within less than 0.1 mole % 
NH;. Subsequently the reactor failed at 
52,000 Ib./sq. in. and 450°C., the contents 
being ejected with considerable force 
through two opposite longitudinal cracks 
narrowing downward from the top to about 
4 in. from the bottom of the reactor. (See 
Figures 4 and 5 for two views of the burst 
reactor.) 


Fig. 5. Side view of burst reactor vessel. 


At 400°C. With the new reactor and 
catalyst mentioned before, ammonia was 
pumped into A, and a pressure of 14,700 
lb./sq. in. and a temperature of 400°C. were 
maintained constant for 4 hr. After the 
apparatus had been vented down to 14,500 
lb./sq. in., first and second samples taken 
at a 10-min. interval, contained 80.0 and 
79.8 mole % NHs respectively. After 
sampling, the pressure had dropped to 
only 14,400 lb./sq. in., the relatively low 
drop being due to the larger internal volume 
of the new reactor. By the procedure 
explained above, the equilibrium was 
approached from the side richer in the ele- 
ments, with first and second samples after 4 
hr. of reaction containing 79.8 and 80.3 mole 
% NHsrespectively. The equilibrium content 
reported by Larson (13) as an extrapolation 
of his determinations at 450° and 475°C. 
and 14,700 lb./sq. in. (made by approaching 
equilibrium from the side of the elements 
only) was 79.8 mole % NH3. Equilibrium 
attainment in 4 hr. was thus established at 
1,000 atm. 

After a satisfactory check run at 3,800 
lb./sq. in. the pressure was raised to 1,500 
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atm., and then to 2,000 atm., equilibrium 
being again approached from the side of the 
elements. In a fresh start the equilibrium 
was then approached from the ammonia 
side by pumping up to 2,500 atm. After 
3 hr. of reaction time samples were taken, 
which checked exactly. The pressure was 
then raised to 54,000 lb./sq. in., where the 
loss of pressure through the coupling at the 
submerged inlet of the reactor was appre- 
ciable. At 52,000 lb./sq. in. the sampling 
line was vented to 51,000 Ib./sq. in., and 
a sample containing 97.7 mole % NH; was 
obtained. A second sample was not taken, 
because the pressure commenced to fall 
rapidly. 


EXPERIMENTAL RESULTS 


The experimental results as mole 
percentage of ammonia at chemical 
equilibrium in a mixture with 3 moles of 
hydrogen to 1 mole of nitrogen are shown 
in Table 1 and Figures 6 and 7 as a 
function of pressure at the two tempera- 
tures 400° and 450°C. In Table 2 values 
of the equilibrium constant, K,, are 
presented. 
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Fig. 6. Mole percent of ammonia at equi- 
librium as a function of pressure at 400°C. 
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Fig. 7. Mole percent of ammonia at equi- 
librium as a function of pressure at 450°C. 
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1. Content or Am- 
MONIA AT PREssURES OF 1,000 To 3,500 
Arm. at 400° AND 450°C. 


Pressure, Temperature, Mole % 

Run atm. NH; 

1 Ri 1,000 450 70.51 
a 1,500 450 84.07 
a 1,650 450 86.89 
2,000 450 89.83 
5.* 3,500 450 97.18 
6.* 260 400 46.17 
tty 650 400 67.11 
8.7 1,000 400 79.88 
1,000 400 80.04 
10.7 1,500 400 88.54 
11.7 2,000 400 93 .07 
2,500 400 96.12 
13.7 3,000 400 97.18 
14.7 3,500 400 97.73 


*Equilibrium approach from ammonia side. 
“ee approach from hydrogen, nitrogen 
side. 


TaBLeE 2. Errecrt or PRESSURE ON THE 
EqQuILIBRIUM CONSTANT FOR THE RE- 
ACTION 16N, + 3/2H. = NH; 


Tempera- Pressure, (tvy,)p 
ture, °C. atm K, = 1/2 3 

450 1,000 0.02496 

450 1,500 0.06962 

450 1,650 0.09404 

450 2,000 0.1337 

450 3,500 1.0751 

400 1,000 0.06136 

400 1,500 0.1384 

400 2,000 0.2977 

400 2,500 0.7864 

400 3,000 1.2543 

400 3,500 1.6283 


Experimental Error 


The following sources of error existed 
in the equilibrium determinations: (1) 
measurement of reactant and product 
composition, (2) fluctuation of tempera- 
ture and pressure during a run, (3) differ- 
ence between sample and reaction-space 
composition, and (4) difference between 
reaction-space and equilibrium composi- 
tion. 

The reactants, whether the elements or 
ammonia, were very pure, and therefore 
the effect of inerts on the equilibrium 
was negligible. The product composition 
was affected by various errors in the 
burettes, barometer, thermometers, stand- 
ard solution, and volumetric flasks. The 
maximum total relative error added up 
to 0.23%. The temperature in the reactor 
may have been in error by +1°C. because 
of temperature gradients in the salt bath 
and a 0.1°C. error in the reading of the 
potentiometer. Fluctuations in tempera- 
ture were +0.5°C. during the average 
run. Errors in pressure measurement were 
+100 lb./sq. in. for the Bourdon gauge 2 
(Figure 1), and +20 lb./sq. in. for the 
strain gauge (H, I, Figure 1). Correspond- 
ing pressure fluctuations were +80 
Ib./sq. in. at the highest pressures. 
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The catalyst was kept inside the inner 
tube 2 (Figure 3) by a screen and since 
the reaction temperatures were as low 
as permissible for reasonable rate even 
with a catalyst, it can be assumed that 
no further reaction occurred after a 
sample left the catalyst bed. Pressure in 
the reactor was uniform, because even at 
the highest densities the maximum effect 
of gravity was only 0.5 lb./sq. in. Uniform 


sures. These observations are in accord 
with the concept that at very high pres- 
sures the molecules themselves begin to 
be compressed. It is unlikely, therefore, 
that conversion to ammonia greater than 
about 99.5% occurs before pressures 
of about 20,000 atm. are reached. A 
comparison of the experimental values 
with some values calculated by various 
methods is given in Table 3. 


TasLe 3. CoMPARISON OF CALCULATED AND EXPERIMENTAL VALUES OF THE EQUILIB- 
riuM ConsTANt, K,, AND THE PERCENTAGE OF AMMONIA AT EQuiLiprium at 450°C. 


Method of 


K, 
1,000 atm. 3,000 atm. 


% NH; at equilibrium 


calculation 1,000 atm. 3,000 atm. 
1 0.00675 0.00675 51.5 67.9 
2 0.01537 0.03214 64.2 83.6 
3 66.8 86.9 
4 0.0239 0.600 70.0 96.0 
Exp. 0.02496 0.484 70.51 95.5 


temperature in the reaction space was 
insured by the long time allowed for 
reaching equilibrium and by the large 
relative heat capacity of the salt bath. 
Synthesis and decomposition of ammonia 
at 1,000 atm. to the same ammonia con- 
tent proved that equilibrium was reached 
at this pressure, and at higher pressures 
the reaction rate was probably greater. 
The method of venting and sampling 
involved an estimated error of +100 


The methods referred to by number 
in the table are as follows: 

1. Ideal gas. K, calculated from 
the equation given by Harrison and 
Kobe (9), who recently reviewed the 
thermodynamics of this reaction. K,= K, 
when gases are assumed to be ideal. 

2. Assumption of ideal gaseous solution 
combined with estimation of the fugacities 
of the pure gases from a generalized chart 
(f/p vs. Pp and Tp) (19a). The following 
values were used: 


Pr, 1,000 Pr, 3,000 

Gas Tr atm. atm. 1,000 atm. 3,000 atm. 
H, 48.0 144 1.35 2.32 
No 5.73 29.8 89 1.63 3.95 
NH; 1.78 9.0 27 0.88 1.48 


Ib./sq. in. in the equilibrium pressure. 
The total error arising from these 
various causes is believed to result in an 
uncertainty in the equilibrium ammonia 
content of not more than +0.35% and 
probably less in most cases. On the other 
hand there is always the possibility of 
unknown errors creeping in. In work of 
this kind it is difficult to ensure that 
equilibrium was actually attained in 
spite of one’s best efforts. Another pos- 
sible source of hidden error is in the 
sampling of the equilibrium mixture. In 
the determination of a composition, 
error is more likely to reside in the lack 
of a representative sample than in any 
other source. All that can be said is that 
the authors were cognizant of these 
sources of error and have tried to take 
precautions to minimize them. 


RESULTS 


From Tables 1 and 2 it can be seen 
that the effect of pressure and tempera- 
ture on the equilibrium is numerically 
brought out far more by A, than by the 
ammonia content. The rate of change of 
K, with pressure decreases at high pres- 
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The values for Nz and H: at 3,000 atm. 
involve a very uncertain extrapolation. 
The values for H2 are based on the use of 
pseudocritical values obtained by adding 
8 to the critical pressure in atmospheres 
and the critical temperature in degrees 
Kelvin. 

3. Use of the Redlich-Kwong equation 
of state (20) with the constants for the 
individual gases determined from the 
critical pressure and temperature and the 
use of linear combination to obtain the 
constants for the equilibrium mixture. For 
Hz a pseudocritical pressure and tempera- 
ture were used. 

4. Use of ‘the equation of Gillespie 
and Beattie (8). This equation is based on 
a simplified form of the Beattie-Bridge- 
man equation of state which is explicit in 
the volume. The equation-of-state con- 
stants are those given by Beattie and 
Bridgeman (2) and by Beattie and 
Lawrence (3). 

5. Use of Joffe’s method (10) for the 
calculation of the fugacity of a gas in a 
mixture. 

Considering the assumptions involved 
and the uncertainties involved in reading 
some of the generalized charts, the agree- 
ment of methods 4 and 5 among them- 
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selves and with the experimental values 
is surprisingly good. 


NOTATION 


K, = equilibrium constant in terms of 
activities 

K, = equilibrium constant in terms of 
partial pressures 

K,o = limiting value of K, at p = 0 and 
equal to K, 

R = gas constant 

p = total pressure 

T = absolute temperature 

Vi = partial molal volume 

= stoichiometric number 


= summation 
Subscript 
a = any component 


LITERATURE CITED 


1. Basset, James, Bull. soc. chim. France, 
sér. 5, 2, 108 (1935). 

2. Beattie, J. A., and O. C. Bridgeman, 
Proc. Am. Acad. Arts Sci., 63, 229 
(1928). 

3. Beattie, J. A., and C. K. Lawrence, J. 
Am. Chem. Soc., 52, 6 (1930). 

4. Bennett, C. O., personal communica- 
tion (1948). 

5. Bennett, C. O., and B. F. Dodge, Ind. 
Eng. Chem., 44, 180 (1952). 

6. Crucible Steel Company, “Data Sheet 
on Rezistal 416 Stainless Steel,’’ New 
York (1948). : 

7. Dodge, B. F., Ind. Eng. Chem., 24, 
1353 (1932). 

8. Gillespie, L. J., and J. A. Beattie, 
Phys. Rev., 36, 743 (1930). 

9. Harrison, R. H., and K. A. Kobe, 
Chem. Eng. Progr., 49, 349 (1953). 

10. Joffe, Joseph, Ind. Eng. Chem., 40, 1738 

. (1948). 

11. Keyes, F. G., Proc. Am. Acad. Arts 
Sci., 68, 530 (1933). 

12. Klein, H., Mitt. Kaiser-Wilhelm Inst. 
Eisenforsch. Diisseldorf, Abhandlung 138, 
11, 331 (1929). 

13. Larson, A. T., J. Am. Chem. Soc., 46, 
367 (1924). 

14. Larson, A. T., and R. L. Dodge, loc. cit., 
45, 2918 (1923). 

15. Lindroos, A. E., and B. F. Dodge, 
Chem. Eng. Progr. Symposium Ser. 
No. 3, 48, 10 (1952). 

16. Macrae, A. E., “Overstrain of Metals 
and its Application to Cylinder and 
Gun Construction,” H. M. Stationery 
Office, London (1930). 

17. Merritt, C. G., and G. Clarence, 
Trans. Am. Inst. Mining Met. Engrs., 
Iron Steel Div., 100, 272 (1932). 

18. Midvale Steel Company, personal com- 
munication (1946). 

19. Nadai, A., ‘Plasticity,’ McGraw-Hill 
Book Company, Inc., New York (1931). 

19a.Newton, R. H., Ind. Eng. Chem., 27, 
32 (1935). 

20. Redlich, Otto, and J. N. S. Kwong, 
Chem. Revs. 44, 233 (1949). 

21. Taras, M., Anal. Chem., 19, 339 (1947); 
J. Am. Water Works Assoc., 40, 468 
(1948); Chemist Analyst, 37, No. 4, 78 
(1948). 

22. Wintsch, H., Schweiz. Arch. 
Wiss. u. Tech., 9, 81 (1943). 


angew. 


December, 1956 


Li 


the 

ance 
The 
film 
of a 
to t 
liqu 
to b 
mas 
The 
equi 


The 
diffe 
trat 
the 
A 
liqu 
stea 
ext 
defi 
coul 
desi 
tion 
vari 
term 
the s 
and 
surfs 
film 


a lay 


I 
Refi 


Vo 


of a 
has | 
beli e 
very 
pene 
mass 
the < 
exce 
fro 
deso 
incre 


ues 
of 
of 
e e e e 
~ | Liquid-side Resistance in Gas Absorption 
J. E. VIVIAN and D. W. PEACEMAN 
Massachusetts Institute of Technology, Cambridge, Massachusetts 
The film theory of liquid-side resistance to gas absorption, embodying the assumption 
eu of a thin stagnant liquid film adjacent to the interface in which steady state diffusion occurs, 
4 has long been open to question, particularly in packed columns. Higbie’s penetration theory, 
a believed to be more reasonable, pictures the liquid as flowing over a piece of packing fora 
299 very short period of time before being mixed as it flows to the next piece of packing. In the 
penetration model absorption occurs during a series of brief contacts, and unsteady state 
J mass transfer conditions prevail in the liquid. 
ig Several short glass wetted-wall columns 1.9 to 4.3 cm. long were constructed to simulate 
el the assumptions of the penetration theory. Because of the short length ripples were absent 
| except when the gas rate was higher than Re; = 2,200. The desorption of carbon dioxide 
= from water and of chlorine from dilute hydrochloric acid (0.16 to 0.18 N) was studied. The 
$ desorption rate of carbon dioxide was unaffected by gas velocity up to Re, of 2,200 and 
at increased 1.1%/°C. over the temperature range of 22° to 31°C. 
ew 
24, 
Two theories have been proposed for variables. As indicated by Equation (1), As unsteady state conditions prevai 
tie, the mechanism of the liquid-side resist- the coefficient should be proportional to in the liquid, the diffusion equation is 
ance to gas absorption in packed towers. the diffusivity and inversely proportional : 
be, The first, and most widely used, is the to the effective film thickness. There is gC a (2) 
38 film theory, which assumes the existence no way of predicting the film thickness ax” sat 
of a thin stagnant liquid film* adjacent or of measuring it, and so itisacomplete-  _. , 
™ to the interface while the rest of the ly empirical quantity. Furthermore, ex- !2¢e the dissolved gas penetrates only a 
liquid is well mixed. The film is considered perimental data of Sherwood and Hollo- short distance compared with the totall 
ist. to be sufficiently thin so that steady state way (12) indicate that the liquid-side depth of the liquid layer, it makes little 
38, mass transfer conditions exist within it. coefficient varies as the 0.47 power of difference to the shape of the concentra- 
These assumptions lead to the following — the diffusivity rather than the first power. tion vs. distance curve whether the depth 
46, equation for the liquid-side coefficient, k, : It should not be surprising that the of the liquid layer is assumed to be actual 
film theory does not hold in a packed 
k, = D/z,; (1) column. Considering the liquid flow con- fi 4 
ee a # .. - layer is of infinite extent away from the 
Be, interface and also that there is no relative 
The driving force for this coefficient is the difficult to conceive of the existence of a ti vit tl An 
difference between the interfacial concen- stagnant liquid film at the gas-liquid the pe re withi 
als tration and the average concentration in interface. As the liquid flows over a piece val ong = 
nd the bulk of the liquid. of packing, the stagnant portion of the Th 
Ty Although the concept of a thin stagnant liquid is expected to be adjacent to the th ‘ial 
liquid film adjacent to the interface with solid packing, and the liquid at the gas- 
steady state diffusion has proved to be liquid interface should be the most 
2 extremely useful in providing a basis for rapidly moving portion. ails 
me defining a liquid-side coefficient which Higbie (6) in 1935 proposed another — C= 
could be used in gas-absorption tower theory of the liquid-side resistance, which ; Bray 
ill design, it has not permitted the predic- he called the penetration theory. As the If C. 1S the average concentration In the 
l). tion of liquid-side coefficients or their liquid flows over the packing, he pictured liquid, the initial condition corresponding 
7, variation with physical and operating it as flowing over each piece in laminar to the instant just after mixing is 
— : flow. It is then partially or wholly mixed : ’ 
8 *It is necessary to make a distinction between the at the surface discontinuity in going from “<= 0, *? 0, Cae. (4) 
yaaa din and layer, Hoth have been applied both % one piece of packing to the next. Absorp- Finally, sinee infinitely far from the 
68 of a tion 1S considered to take place during interface the concentration undergoes no 
s paper, to avoid confusion, the term 
78 ae for the former, and the latter is called S€rles of brief contacts between the liquid change m a finite time, the second bound- 
ma and gas in which the dissolved gas diffuses ary condition is 
Refining Company, Houston, Texas. j into the liquid before the liquid is mixed. at zcs=2o, (>0, C=C, © 
6 Vol. 2, No. 4 A.1.Ch.E. Journal Page 437 


Integration of these equations yields 
the result that the total amount absorbed 
per unit area in each absorption period 
of time fg is 


2(C; — C,.) VD 
But this is also equal to 
ki(C; C.) tz 


where k, is the liquid-side coefficient 
averaged over the entire absorption 
period of time tz. The penetration theory 
then yields the following equation for the 
liquid-side coefficient: 


ky, = (6) 


The driving force for this coefficient is 
the difference between the interfacial 
concentration and the concentration in 
the liquid at the beginning of the short 
absorption period. Since the concentra- 
tion change in the liquid in each absorp- 
tion period is small compared with the 
over-all change in a packed column, this 
coefficient is practically equivalent to one 
based on the continuously changing 
driving force used in the film theory. 

While the assumptions of the penetra- 
tion theory may be an oversimplification 
of the conditions in the liquid phase in 
a packed column, they appear to be more 
reasonable than those of the film theory. 
Furthermore, the conclusion of Sherwood 
and Holloway (12) that the liquid-side 
coefficient varies as D to the 0.47 power 
is in remarkable agreement with the 
prediction of the penetration theory that 
it varies as D to the 0.5 power. 

When the packed column is used for a 
fundamental study of the mechanism of 
the liquid-side resistance to absorption, it 
suffers the severe disadvantage of un- 
known interfacial area. Other types of 
equipment have been used in the labora- 
tory for the fundamental study of absorp- 
tion; in general their main advantage has 
been that their interfacial area can be 
measured. One is the batch-adsorption 
flask, or beaker, in which the two phases 
are stirred; a second is the wetted-wall 
column. It is clear that the liquid flow 
conditions in the batch-absorption system 
bear no resemblance to. those in the 
packed column. That the liquid flow 
conditions in conventional wetted-wall 
columns are different from those in a 
packed column is not so obvious. As the 
usual wetted-wall columns are about | ft. 
or so in length, a time of exposure of the 
liquid to the gas results that is much 
longer than on an individual piece of 
packing, which may run in size from 
¥ to 2 or at most 4 in. The result is that 
in the wetted-wall column the solute is 
able to penetrate well into the liquid 
layer and to change the concentration 
appreciably throughout the layer. In this 
case the assumption of infinite depth 
of liquid made in Equation (5) is no 
longer valid and Equation (6) can no 
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longer be expected to hold. Another dis- 
advantage of the usual wetted-wall 
column is the occurrence of ripples, which 
cause the area for mass transfer, assumed 
to be constant and known, actually to 
increase somewhat with the liquid rate. 
Further, the presence of ripples may 
either cause or indicate some mixing in 
the liquid, and a still greater mass transfer 
rate may result. 

These disadvantages of the wetted-wall 
column may be overcome by reducing its 
length to 4% to 2 in. Observation of the 
longer wetted-wall columns shows that 
the ripples do not form until the liquid 
has traveled several inches down from 
the top. In a short wetted-wall column 
the absence of ripples is to be expected 
and, hence, the area for mass transfer is 
constant and known. Second, the time 
of exposure of the liquid to the gas in 
such a short column is about as long as 
on an individual piece of packing and is 
sufficiently short to justify the assump- 
tion of infinite depth of liquid. Data 
obtained in such an apparatus should be 
valuable in an understanding of the 
liquid-side resistance in a packed column. 

To use Equation (6), one must deter- 
mine the time of exposure, tg. As the 
time of exposure is the time during which 
an element of the surface of the liquid 
is exposed to the gas, it may be calcu- 
lated from the interfacial velocity of the 
liquid and the length of the column. If 
it is assumed that the interfacial velocity, 
v;, is uniform, then 


tr = h/v; (7) 


where fh is the length of the column. 
Combining Equations (6) and (7) gives 
the following equation for the liquid-side 
coefficient: 


ky, = 2V Do;/rh (8) 


where v; is some function of the liquid 
flow rate. Equation (8) may be tested 
by varying not only liquid rate, but also 
column length and the solute gas. How 
well the data for absorption or desorption 
in the short wetted-wall column fit the 
equation is a measure of the applicability 
of Higbie’s penetration theory to the 
case where the liquid flow conditions are 
similar to those existing in a packed 
column. 


DESCRIPTION OF SHORT 
WETTED-WALL COLUMN 


In the usual wetted-wall column there are 
appreciable.end effects due to the areas of 
contact between liquid and gas at the points 
where the liquid enters and leaves the 
wetted-wall section, apart from the area of 
contact on the wetted wall itself. Such end 
effects have usually been ignored by previ- 
ous investigators. However, as the length 
of the column is reduced to the dimensions 
used here, these end effects could easily out- 
weigh the mass transfer in the column itself. 
The primary requirement of the design of a 
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short wetted-wall column, then, is that, the 
liquid be brought into and out of the column 
without any gas-liquid contact other than 
on the wetted wall. This was done by having 
the liquid enter and leave through thin slots 
maintained completely full of liquid. In 
addition, all chambers and tubes through 
which the liquid passed in its journey to and 
from the column were kept completely full 
of liquid. 

Drawings of the column assembly are 
shown in Figures 1 and 2. Liquid enters the 
outer glass chamber and flows through a 
thin entrance slot onto the inside of the 
inner glass tube. The inner tube, approxi- 
mately 1 in. in diameter, constitutes the 
wetted-wall section. After flowing down this 
section, the liquid flows through an exit slot 
into the outlet chamber and then through 
the liquid outlet. Gas enters upward through 
a calming section of 1-in. glass tubing, 40 in. 
long, into the gas inlet tube, flows counter- 
current to the liquid on the wetted wall, and 
then flows out the gas exit tube. 
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Fig. 1. Assembly of short wetted-wall 


column (upflow slot). 
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Fig. 2. Upper section of column assembly 
(downflow slot). 
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The materials used in the column assem- by Carlson (3), who found them to be the 
. the bly were chosen primarily for their corrosion same for oxygen and carbon dioxide in 
umn resistance. Glass was used for the wetted- water in a stirred flask, and by Allen, who 
than wall section because of the ease with which found them to be the same for carbon diox- 
ving it is wetted by water and because of its ide in water in a packed column (12). 
slots transparency, which permitted visual ob- Ninety-seven runs were made on the 
. i servation of the operation of the column. CO.-H,0 system, and the effects of tem- 
ugh Teflon was chosen for the gas inlet and outlet perature, air rate, liquid rate, entrance-slot 
and tubes because it is machinable and not width, slot type, and column length were 
full wetted by water. The latter property was investigated. Ten runs were made on the 
valuable, as it constrained the liquid flowing Cl.-HCI-H.0 system, and the effects of 
are through the slots to flow along the glass and liquid rate and chlorine concentration were 
s the not creep along the Teflon tubes. Micarta, a measured. The auxiliary apparatus and ana- 
sh a laminated phenolic plastic, was used for the lytical procedures for the two systems were 
the upper and lower supporting plates because Fig. 4. Glass sections used in short wetted- different and are described separately below. 
FOX it is strong, corrosion resistant, and easy to wall columns. 
be machine. Rubber gaskets were used as seals. Desorption of Carbon Dioxide from Water 
column assembly ‘is shown in Figure 3. in Table 1 hoto h of of tl 
in. __ bling the gas in considerable excess through 
e an = the outer the liquid. A glass cooling coil in the tank 
‘end lat to form  ajlowed control of the temperature of the 
seals against the rubber gaskets set into the — }iquid. From the head tank the liquid flowed 
Micarta plates. | The tops of the inner glass by gravity through a calibrated orifice and 
cylinders were first ground parallel with the through a valve into the column assembly. 
bases and then ground to 45° bevels. The temperature of the feed was indicated 
Che liquid layer formed a very smooth py a thermometer located in the feed line 
cylinder inside the column with no distor- just before the entrance to the outer glass 
tion at the ends. The actual length of the chamber. By adjusting a valve in the liquid 
layer was determined by inserting a depth exit line, the exit slot was kept completely 
gauge down from the top of the gas exit fy] of liquid. 
tube. When the downflow slot was used, Air was blown through a small packed 
the length was taken as the distance from tower to saturate it ‘vith water and control 
the lowest extremity of the upper Teflon  jts temperature to within 1°C. of the liquid 
tube to the highest extremity of the lower temperature in order to minimize any mass 
Teflon tube. When the upflow slot was used, transfer of water in the column. A calibrated 
4 the top of the water layer was found always orifice metered the air before it entered the 
rut to be 0.14 em. above the top extremity of ¢alming section. A thermometer placed in- 
the inner glass cylinder, the distance being _ side the glass-tube calming section, near the 
independent of slot width and liquid rate. bottom, served to indicate the air tempera- 
7 Consequently, with the upflow slot, the tyre. 
length of the gas-liquid interface was taken | Glass “tees” were inserted in the liquid 
Qui ii as the distance from the top of the inner  Jine just before the orifice and in the exit 
cer Fig. 3. Assembly of short wetted-wall glass cylinder to the top of the lower Teflon jing just after the valve to provide sample 
column. tube plus 0.14 em. outlets. A 25-ml. pipette was connected to 
Ee each outlet with a short rubber tube and 
TE PROCEDURE AND AUXILIARY APPARATUS liquid was allowed to drain continuously 
through the pipette at a rate of about 150 
Two different types of entrance slots were Two mass transfer processes were studied ml./min. After all the operating variables 
a used: upflow and downflow. (Compare Fig- in the short wetted-wall column: desorption had been adjusted to the desired values, a 
ures 1 and 2.) The gas entrance and exit of carbon dioxide from water by air and of minimum of 5 min. was allowed for the 
tubes were threaded with twenty threads chlorine from dilute hydrochloric acid solu- apparatus to reach steady conditions before 
per inch so that the widths of the entrance tion by air. These systems have the advan- the samples were taken. 
wall and exit slots might be varied by turning the tages that they are liquid-side controlled, To take samples, the rubber tubes were 
Teflon tubes. Two gas exit tubes were made, _ have practically no chemical reaction occur- _ pinched off, the one on the exit line first; the 
one with a bevel for the upflow slot and one ring between solute and solvent, are com- pipettes were then removed and allowed to 
with a bevel for the downflow slot. The paratively easy to analyze, and have diffus- drain to the graduation mark. The sample 
inside of the gas inlet tube was recessed at ivities known with comparative accuracy. in each pipette was added to a known 
the bottom to fit the 1-in. glass tubing which Desorption was studied rather than absorp- amount of barium hydroxide and, by meas- 
formed the calming section. tion in order to use less solute gas; studying uring the electrical conductance of the su- 
Five glass sections were made, three with absorption without using an excessive quan- pernatant liquid after the precipitate of 
bevels for upflow slots and two with bevels _ tity of solute gas would have required recir- barium carbonate had settled, the amount 
for downflow slots. Three column lengths culation of the gas, thereby adding to the of barium hydroxide left was determined. 
were used, such that the straight sections of complication of the apparatus. That the The concentration of barium hydroxide to 
the inner glass tubes were approximately coefficients of absorption and desorption are which the samples were added was adjusted 
0.5, 1.0, and 1.5 in. long. The dimensions the same has been experimentally verified so that nearly all the barium was precipi- 
7, tated. This procedure made it possible to 
determine the difference between the inlet 
and outlet concentrations of carbon dioxide 
Tasie 1. CotumN DIMENSIONS in the liquid with an accuracy of about 2%. 
Inside diameter, 
Column Slot type h, em. em. Desorption of Chlorine from 
Pe 1U Upflow 1.88 2 88 Dilute Hydrochloric Acid 
TION 2D Downflow 2.95 + w (runs 79-84) 2.86 Distilled water from a constant-head 
2.99 + w (runs 85-91) tank, chlorine from a cylinder metered by a 
2U Upflow 2.72 2.87 Monel regulating valve, and 4N_ hydro- 
3D Downflow 4.08 + w 2.87 chloric ‘acid from a constant-head bottle 
mbly 3U Upfiow 4.25 2.88 were mixed together continuously in a glass 
986 Vol. 2, No. 4 A.1.Ch.E. Journal Page 439 


tube packed with glass beads, the rates of 
each stream being adjusted to give a solu- 
tion of the desired concentration. This solu- 
tion flowed into a second constant-head 
tank, then through a calibrated glass flow 
meter, past the thermometer, and into the 
column. 

A partial vacuum was applied at the gas 
exit to pull air through the system. The air 
flowed through the small packed tower, 


carbon dioxide—-water system, the follow- 
ing equation was derived from the rate 
equation and an over-all material balance 
on the liquid stream: 


ky = (L/A)(Ci = (9) 
C; is the inlet liquid concentration (note 
that C, = C,), C2 the outlet liquid con- 
centration, L is the total liquid flow rate 


where m = 0.011, and T is the liquid 
temperature, either degrees centigrade or 
degree Kelvin. The coefficients measured 
for the other carbon dioxide—water runs 
have been corrected to a standard tem- 
perature of 25°C. by the use of Equation 
(12). 

No attempt was made to determine 
experimentally the effect: of temperature 
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Fig. 6. Desorption of carbon dioxide from water, effect 


Fig. 5. Desorption of carbon dioxide from water, effect of 


temperature 


through the calming section, and then 
through the column. From the gas exit tube, 
the gas passed through an absorption train 
of three bottles in series, through a cali- 
brated glass flow meter, and finally into the 
laboratory vacuum line. In the first two 
bottles of the absorption train, the gas 
bubbled through sodium hydroxide solu- 
tions; in the third bottle the gas bubbled 
through potassium iodide solution. Between 
runs, the gas coming from the column was 
passed through a single bottle containing 
sodium hydroxide solution, then through 
the flow meter, and into the vacuum line. 

When the apparatus reached steady con- 
ditions, a run was started by rapidly switch- 
ing the gas flow through the absorption 
train. At the end of the run, after a meas- 
ured period of time ranging from 10 to 25 
min., the gas flow was shut off from the 
absorption train and again shunted through 
the single bottle. The amount of chlorine 
contained in the exit gas during each run 
was then determined by analysis of the 
solutions of the absorption train. The third 
bottle always showed a negligible amount of 
chlorine. 

To obtain inlet liquid samples, a portion 
of the inlet liquid was diverted from the 
liquid feed line just before the flow meter 
and allowed to flow continuously through a 
sampling tube. When each run was about 
half over, some of the sample stream was 
added to potassium iodide solution in a 
titration flask, care being taken to prevent 
desorption of chlorine from the sample. The 
size of the samples were determined by 
weighing the flasks before and after samp- 
ling, and the amount of chlorine was de- 
termined by titration with sodium thio- 
sulfate. 


RESULTS AND DISCUSSSION 
Equations 

For use in calculating liquid-side co- 
efficients from the data* taken on the 


*The data taken on both systems are filed as docu- 
ment 4959 with the American Documentation Insti- 
tute, Photoduplication Service, Library of Congress, 
Washington 25, D. C., available for $1.25 for photo- 
prints or 35-mm. microfilm. 
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through the column, and A is the inter- 
facial area. For the conditions existing in 
these experiments, C; = 0. The inter- 
facial area was calculated from the length 
and diameter of the air-liquid interface. 
The diameter of the interface was ob- 
tained by subtracting twice the layer 
thickness, 6, from the inside diameter of 
the inner glass tube, where 6 is given by 
streamline flow theory as 


6 = (10) 


To calculate liquid-side coefficients for 
the chlorine-dilute hydrochloric acid sys- 
tem,* the following equation was used: 


ky = — (11) 


N is the total amount of chlorine desorbed 
during the run, and tz is the time of the 
run. Because of the presence of the hydro- 
chloric acid, which suppresses the hy- 
drolysis of the dissolved chlorine, C, and 
C; may be considered to be the concen- 
trations of molecular chlorine in solution 
in the bulk of the liquid and at the inter- 
face. (In these experiments C; = 0.) 

For the purpose of discussing the effect 
of liquid rate on the performance of the 
column, the mass liquid rate per unit 
perimeter, I’, g./(min.)(em.), is used. The 
perimeter referred to is that of the inner 
glass tube. 


Effect of Temperature 


Results of eight carbon dioxide-water 
runs in which the temperature was varied 
and all other variables were held constant 
are shown in Figure 5, where k, is plotted 
as a function of the liquid temperature. 
The best line through the experimental 
values on semilogarithmic coordinates 
gives a temperature relationship of the 
form 


ky (12) 
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of air rate. 


on the chlorine coefficients. Equation (12) 
with m = 0.019, was used to make the 
small corrections of the coefficients to the 
standard temperature of 25°C. This value 
of m was obtained from Equation (17), 
developed below. 


Effect of Air Rate 


Results of seven carbon dioxide—water 
runs in which all variables but the air rate 
were held constant are plotted in Figure 
6. The plot shows that there is no signifi- 
cant effect of gas rate on the desorption 
of carbon dioxide between a Reynolds 
number in the gas of 0 and 2,200. At 
higher values of the Reynolds number, 
ripples were observed in the liquid layer. 
These ripples account for the larger co- 
efficients measured at the higher gas 
rates. 

The fact that the coefficient is unaf- 
fected by gas rate down to zero gas rate 
may be explained by convection currents, 
set up in the gas by the moving liquid 
layer, which sweep away the small 
amount of carbon dioxide from the inter- 
face. Because of this lack of effect of gas 
rate, all but nineteen of the first seventy- 
eight carbon dioxide desorption runs were 
taken with zero gas rate in order to reduce 
the operating difficulties. Before each run 
was started, the blower was turned on for 
a short while to sweep out any accumu- 
lated carbon dioxide. For the remaining 
runs, because of improvements in the 
apparatus, it was not inconvenient to 
blow air through the column. 


Effect of Entrance-slot Width and Type 

Eleven runs were made on two different 
columns, one with an upflow slot and one 
with a downflow slot, to determine the 
effect of entrance-slot width and type. 
The results are shown in Figures 7 and 8. 
Because the length of the air-liquid inter- 
face varies with slot width for a downflow 
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slot, the values of k; shown in Figure 8 
have been adjusted to a length of 4.21 em. 
by multiplying by (h/4.21)"? in accor- 
dance with Equation (8). 

At the start of this work it was sup- 
posed that the interfacial velocity of the 
liquid is not constant with distance down 
the column but, rather, increases from the 
velocity at which the liquid enters the 


Effect of Liquid Rate 

The remaining seventy runs on the 
carbon dioxide-water system were made 
to determine the effect of liquid rate on 
the performance of each of the five col- 
umns. In addition, ten runs were made 
on the chlorine-dilute hydrochloric acid 
system, with one column, to determine 
the effect of liquid rate for that system. 


The dashed line on the plot was calcu- 
lated by the method of least squares, with 
each point being weighted by the number 
of runs that it represents. The slope of the 
least squares line is —0.46. Considering 
the precision of the data, this slope is in 
excellent agreement with Equation (8), 
which predicts that k, varies inversely as 
the square root of h. 


COLUMN 3U COLUMN 3D 

0.8 = 22.0 6.7(CMJ(MIN.) = 08 22.2 6./(CM,)(MIN.) 
x h =4.25 CM. > = CM. 

2 TEMP = 25 C. > TEMP. = 25°C. 

0 -FROM FIG. 5 0.6 1 

-FROM FIG. 6 ~ FROM EQ. (13) 


SLOT WIDTH, w, IN. 


Fig. 7. Desorption of carbon dioxide from water, effect 
of entrance-slot width (upfiow slot) 


column through the inlet slot to some final 
velocity which depends on the liquid rate. 
Since the inlet velocity depends on 
whether the inlet slot is upflow or down- 
flow, and also depends on the width of the 
inlet slot, it was expected that these vari- 
ables would have an effect on the coeffi- 
cients measured. 

However, Figures 7 and 8 show that the 
slot width has no effect within the normal 
scatter of the data. Comparison of the two 
figures shows that the coefficients are 
practically the same for the upflow and 
downflow slots. 

To make certain that the type of slot is 
immaterial, the remaining runs, which 
were made to determine the effect of 
liquid rate, were obtained on all five col- 
umns, three of which had upflow slots and 
two downflow slots. These runs are dis- 
cussed below, but it may be pointed out 
here that the data obtained with the two 
types of slots fit equally well the corre- 
lation developed for these runs, despite 
the fact that the correlation does not take 
into account the entrance slot at all. In 
view of these results, it may be concluded 
that significant acceleration does not 
occur in the liquid later, but rather that 
the interfacial velocity is essentially uni- 
form. This conclusion is further confirmed 
by the fact that the correlation just men- 
tioned is developed on the assumption of 
uniform interfacial velocity. 


Logarithmic plots of k, vs. T were con- 
structed for each set of runs, and the best 
lines through the data were drawn. These 
lines are represented by the equation 

= OF (13) 
where 6 and n have the values shown in 
Table 2. The units of k, and T to be used 
with these constants are centimeters/min- 
utes and grams/(centimeters) (minutes), 
respectively. 

Although there appears to be a trend in 
the exponent, n, it is not significant, espe- 
cially since the smallest and largest values 
were obtained on the same column, al- 
though with different solutes. Considering 
the precision of the data, the second figure 
in n cannot be considered significant. 
Consequently, an average value for n of 
0.4 was chosen. The quantity k,/T°-* was 
evaluated for each run and averaged for 
each series of runs. These average values 
are listed in Table 2. Several runs were 
omitted from these averages because the 
deviation from the mean of these runs 
exceeded four times the average deviation. 


Effect of Length of Column 


In order to determine the effect. of 
length, the average values of k,/T°-+ for 
the CO.-H.O runs are plotted vs. length 
on logarithmic coordinates in Figure 9. 


TaBLE 2. Constants FoR EQuaATION (13) 


No. of Average 

Column System runs b n h, em. k,/T®4 
3U CO.-H.O 43 0.150 0.45 4.25 0.174 
3D CO.-H,0 13 0.167 0.42 4.21 0.180 
2U CO.-H.O 19 0.224 0.39 2.72 0.212 
2D CO.-H.0 13 0.224 0.39 3.09 0.218 
1U CO.-H:0 6 0.292 0.36 1.88 0.255 
3D Cl,-HCI-H,0 10 0.177 0.36 4.14 0.155 
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Fig. 8. Desorption of carbon dioxide from water, effect 
of entrance-slot width (downflow slot). 


Effect of Diffusivity 


Measurements of the diffusion coeffi- 
cient of chlorine in solutions of hydro- 
chloric acid were made with a diaphragm 
cell (10). The diffusion coefficient of mo- 
lecular chlorine in water at 25°C. was 
found to be 1.475 X 10-5 sq. em./see. 
Because of the slightly higher viscosity of 
the hydrochloric acid solutions used here, 
compared with water, the diffusion coeffi- 
cient of chlorine in the hydrochloric acid 
solution is corrected to 1.46 X 10-5 sq. 
em./sec. 

Some measurements of the diffusion 
rate of carbon dioxide in water at 30°C. 
were also made in the diaphram cell. A 
summary of these values of the diffusion 
coefficient of CO2, as well as those found 
in the literature, together with the corre- 
sponding temperatures, is given in Table 
3. The best line on a plot of log D vs. 1/T 
was found by the method of least squares, 
and the value at 25°C. was estimated 
from this line to be 1.96 X 10-5 sq. em./ 
sec. 

By comparing the data on the desorp- 


TABLE 3. Dirrustviry oF CARBON DIOXIDE 


IN WATER 
D X 10, 
Investigator Temp., °C. sq. em./see. 
Stefan (7, 1) 17 1.63 
17 1.57 
Hiifner (7, 1) 16 1.59 
10.3 1.46 
15.2 1.60 
20.4 1.78 
Carlson (2) 18.2 1.70 
18.2 1.72 
18.2 1.69 
Ringbom (11) 25 1.82 
30 2.08 
40 2.75 
50 3.26 
Present authors 30 2.29 
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tion of chlorine from dilute hydrochloric 
acid with the data on desorption of car- 
bon dioxide from water at the same col- 
umn length, the effect of diffusivity can be 
determined. For the chlorine runs, in 
which the length of the column was 4.14 
cm., the average value of k,/T°-4 is 0.155. 
From the least squares line of Figure 9 the 
value of k,/T°-4 for carbon dioxide at this 
length is found to be 0.178. The ratio of 
k, for carbon dioxide to k, for chlorine, 
then, is 0.178/0.155, and the ratio of the 
diffusion coefficient of carbon dioxide to 
that of chlorine is 1.96/1.46. The liquid- 
side coefficient of desorption, therefore, 
is found to vary as D to the 0.47 power, 
in very good agreement with the 0.5 
power predicted by the penetration 
theory. 


Correlation of Data 


So far it has been shown that the liquid- 
side coefficient of desorption varies as the 
square root of the diffusion coefficient and 
inversely as the square roct of column 
length, in agreement with Equation (8). 
Consequently, to correlate all the data on 


a single graph, k, Vh/D is plotted vs. T 
on logarithmic coordinates in Figure 10. 

The best line through the data is ex- 
pressed by the equation 


kipVh/D =7.18r°*. (14) 


where k, is the liquid-side coefficient in 
centimeters per second, h is the height in 
centimeters, D is the diffusivity in 
square centimeters per second and I is the 
liquid rate in grams per (minute) (centi- 
meter). Equation (14) is also plotted on 
Figure 9, which shows the effect of length 
on the coefficient. In that figure, of course, 
the line has a slope of —0.5, and the two 
points on the right of the graph have the 
greatest influence on the position of the 
line because they represent over half the 
runs, 

The deviation of k,~/h/D from the 
value given by Equation (14) was calcu- 
lated for each run, and the following sta- 
tistics were determined: the average devi- 
ation is 7.7%, the standard deviation is 
11.0%, 44% of the points lie within 5% 
of the line, and 78% of the points lie 
within 10% of the line. 


0.30 
0.25 


| 
TEMP. = 25 “C. 


* 


0.20 
~ 
----- LEAST SQUARES LINE te 
EQUATION (14) ~ 
0.15 
1.5 2 3 4 5 


LENGTH, h , CM 


Fig. 9. Desorption of carbon dioxide from water, effect of 
length of column. 


10 
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TEMP = 25°C. 
THEORETICAL : EQ. (16) 4p 
o lem “19° 
G 
Py af 
lo | 3u 4.25 
poe o | coz-420 2u 2.72 
g | EXPERIMENTAL: EQ. (14) | | co,-H,0 | 30 |4.2/ 
v | 20 |3.09+002 |_| 
@ 30 4./4 
8 10 20 30 40 50 60 80 100 
6.4 (cm.)(min.) 
Fig. 10. Correlation of data on short wetted-wall columns. 
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Comparison with Streamline Flow Theory 


The interfacial velocity of a liquid layer 
flowing down a wall is given by stream- 
line flow theory as 


= (15) 


Substituting Equation (15) into Equation 
(8) gives a theoretical equation for k,: 


ky = 2V (16) 


Equation (16), with the values of p and 
uw for water at 25°C. substituted, is 
plotted on Figure 10 for comparison with 
the experimental data. The experimental 
line falls below the theoretical line, the 
deviation being about 30% at the lowest 
flow rate and about 10% at the highest. 

A possible explanation for the discrep- 
ancy is the fact that the falling liquid 
layer is actually finite in thickness and 
has a parabolic velocity gradient. The 
possibility exists that the depth of the 
region in which the concentration is af- 
fected by the interface is sufficiently great 
that the assumptions of infinite depth 
and uniform liquid velocity used in deriv- 
ing Equation (16) are not valid. John- 
stone and Pigford (8) solved the problem 
of diffusion into a finite liquid layer with 
a parabolic velocity gradient. Comparison 
of their solution with Equation (16) for 
the most unfavorable of the conditions 
that existed in the short column shows 
that the difference is negligible. 

Another possible explanation for the 
fact that the experimental line falls below 
the theoretical line is lack of equilibrium 
at the gas-liquid interface, as suggested 
by the work of Danckwerts (4) and Em- 
mert and Pigford (5). The failure of equi- 
librium to be established at the interface 
may be interpreted in terms of the pres- 
ence of an extra, interfacial resistance. 
However, if the interfacial resistance is 
assumed to be constant, it can be shown 
that the shorter the period of exposure, 
the greater is the effect of the interfacial 
resistance. Then, as the liquid rate in- 
creases and the time of exposure de- 
creases, the deviation between the two 
lines should increase, but this is contrary 
to the trend actually found. In order to 
account for the observed trend, it would 
be necessary to assume that the inter- 
facial resistance increases rapidly with 
the time of exposure. 

A more likely explanation of the dis- 
crepancy between theory and experiment 
may be found in the nature of the liquid 
flow. It is difficult to conceive of the liquid 
entering through the inlet slot and im- 
mediately assuming the velocity given by 
streamline flow theory. From physical 
considerations it is clear that it must take 
a finite time for the liquid to accelerate 
from the entrance velocity to the final 
velocity. It was shown above that the 
lack of an effect of entrance-slot width or 
type on the desorption coefficient indi- 
cates that such an acceleration period is 
absent, but it may well be that there is 
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some effect which could not be detected 
because the data were not sufficiently 
precise. The presence of an acceleration 
period does account for the low coeffi- 
cients, as well as for the trend in the devi- 
ation. The entrance velocity varies di- 
rectly as I’, and the final interfacial veloc- 
ity varies as T’?/s, At sufficiently high flow 
rates the two velocities would be equal; 
there would be no acceleration period, and 
the experimental coefficient would ap- 
proach the theoretical value. At lower 
flow rates there appears to be an accelera- 
tion period, increasing the time of ex- 
posure above that given by streamline 
flow theory and causing the observed co- 
efficient to be lower than the theoretical 
value. Furthermore, the lower the flow 
rate, the greater the deviation. 
Additional uncertainty in the nature 
of the liquid flow is introduced by the exit 
slot, which tends to retard the liquid at 
the bottom of the column. This effect also 
results in an increase in the time of ex- 
posure above that given by streamline 
flow theory and a coefficient lower than 
the theoretical value. A similar effect has 
been observed by‘ Lynn, Straatemeier and 
Kramers (9) in their study of absorption 
by liquid films flowing outside short tubes. 


D; 


Corr lati 


Equation (14), which was developed to 
correlate the data, is a dimensional equa- 
tion. It is desirable for some purposes to 
express it in dimensionless form. To de- 
velop a dimensionless equation, it is nec- 
essary to list all the variables which are 
expected to affect k,: diffusivity, D; 
length, h; liquid flow rate, I’; viscosity of 
liquid, u; density of liquid, p; and accel- 
eration due to gravity, g. Dimensional 
analysis shows that these variables can be 
arranged in four dimensionless groups, 
which may be taken as 

kh 


D pD 


The last group is the Reynolds number 
for a liquid flowing down a wall. Com- 
parison with Equation (14) shows that 
the dimensionless equation should be 


kih 4 
D pD 
(17) 
Equation (17) may be used to predict 
the coefficient for systems where the vis- 
cosity and density are different from those 
of water at 25°C. It should be remem- 
bered, however, that the effect of these 
variables is predicted solely on the basis 
of dimensional analysis and that there is 
no experimental evidence regarding these 
effects. Therefore, the equation should be 
used for this purpose with caution. 


CONCLUSION 


The experimental results obtained with 
the short wetted-wall column indicate 
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that the liquid-side resistance to mass 
transfer between gas and an initially 
well-mixed liquid, exposed for short pe- 
riods between mixing, follows closely pre- 
dictions based on the penetration mass 
transfer theory and streamline liquid flow 
theory. The liquid-side coefficient, kz, 
appears to vary as the square root of the 
diffusivity, in agreement with the penetra- 
tion theory. 

The assumption of streamline liquid 
flow predicts that the time of exposure 
should be proportional to the height of 
the column and inversely proportional to 
the 2/3 power of the liquid rate. The 
penetration theory predicts that the co- 
efficient should be inversely proportional 
to the square root of the time of exposure 
and, hence, inversely proportional to the 
square root of the height and _ propor- 
tional to the 14 power of the liquid rate. 
The experimental data verify the effect of 
height but indicate that the k, varies as 
the 0.4 power of the liquid rate instead of 
the 14 power and that they are 10 to 30% 
below the theoretical values. This dis- 
crepancy is attributed to uncertainty in 
defining the true nature of the liquid flow 
over the surface of the column. While the 
agreement between theory and experi- 
ment is good, further study of the fluid 
dynamics is required before this agree- 
ment can be improved and the theory 
applied directly to packed-tower absorb- 
ers. 

One of the aims of fundamental studies 
of mass transfer is to provide a basis for 
correlating and predicting coefficients for 
design of commercial equipment. In this 
respect the short wetted-wall column ap- 
pears to provide a model in which liquid 
flow conditions are somewhat similar to 
those existing when liquid flows over dis- 
continuous packing and yet are amenable 
to analytical treatment and reproducible 
results. 

The literature on liquid-side coefficients 
measured in conventional wetted-wall col- 
umns shows great disagreement among 
the results obtained by various investi- 
gators. This disagreement appears to be 
caused in part by the presence of rippling, 
which changes both the interfacial area 
and the mass transfer process in the 
liquid. It is not unlikely that the rippling 
conditions vary widely among the various 
experimental columns. 

The use of the short wetted-wall col- 
umn avoids rippling and provides short 
contact time between gas and _ liquid. 
Because it is subject to theoretical analy- 
sis and further provides liquid flow con- 
ditions similar to those found in a packed 
column, it should prove useful for further 
study of liquid-side-controlled mass 
transfer between gas and liquid. 
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NOTATION 


A = interfacial area, sq. cm. 

C = concentration of solute in liquid, 

moles/liter 

C; = interfacial concentration, moles/ 
liter 

C, = average concentration at start of 
absorption period, moles/liter 

C, = concentration in inlet liquid, 
moles/liter 

C; = concentration in outlet liquid, 
moles/liter 

D_ = diffusion coefficient of solute in 
liquid, sq. em./sec. 

g = acceleration due to gravity, cem./ 
sec.? 

h = length of wetted-wall column, em. 

k, = liquid-side coefficient of absorp- 
tion or desorption, cm./min. or 
em./see. 

L = volumetric rate of flow of liquid, 
ec./min. 

N = total solute desorbed in a run, 
moles 

Reg = Reynolds number in gas stream 

t = time, sec. 


tz = time of exposure of liquid to gas, 
sec. 

te = time of a run, sec. or min. 

0; = interfacial velocity of liquid, 
em./sec. 

w = width of entrance slot, em. or in. 

x = distance in liquid from interface, 
em. 

x, = film thickness, cm. 

I = mass flow rate of liquid per unit 


perimeter, g./(min.)(em.) 
= thickness of liquid layer, em. 
viscosity of liquid, g./(em.)(sec.) 
= 3.14159... 
= density of liquid, g./cce. 
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Rate of Rise or Fall of Liquid Drops 


ALBERT J. KLEE and ROBERT E. TREYBAL 


Measurements of the terminal velocity of liquid drops immersed in an insoluble liquid 
were made for eleven liquid systems, covering a wide range of physical properties: continu- 
ous-phase density 0.960 to 1.145 g./cc., viscosity 0.93 to 1.56 centipoises; dispersed-phase 
density 0.807 to 1.674 g./cc., viscosity 0.59 to 72.1 centipoises; interfacial tension 0.3 to 
42.4 dynes/cm. A correlation of the data was developed for each of the two velocity—drop- 
diameter regions which permits easy computation of the drop velocities. The correlations 
are shown to reproduce the present data and much of the published data very satisfactorily. 
Photographs permitted measurement of the drop eccentricities, which are shown to be a 
function of the drop diameter, density difference, and interfacial tension. 


Several recent papers (3, 5, 6) have 
presented data on the rate of rise or fall 
of liquid droplets through another in- 
soluble liquid. The present paper offers 
new data covering a wider range of liquid 
physical properties and a new correlation 
permitting estimates of the velocity of 
rise or fall which appears to be more 
general than the correlations offered 
earlier. The literature has been thorough- 
ly reviewed in the papers mentioned and 
need not be considered in detail here. 


EXPERIMENTAL DETAILS 


The drops were allowed to rise or fall in a 
glass-walled tank of square cross section 10 
by 10 in., 40 in. tall, made from 14-in. plate 
glass and brass angles, with brass end plates, 
the whole kept leaktight with Permanite 
cement. The tank was filled with the liquid 
through which the drops were to move 
(continuous liquid). Liquid to form the 
drops (dispersed liquid) flowed by gravity 
from a separatory-funnel reservoir through 
two pipettes in series, of 1l- and 5-ml. 
capacity, through a needle valve to control 
the rate of flow, and thence to a brass or 
stainless steel sharp-edged nozzle, from 
which it issued into the continuous liquid. 
The nozzles entered the tank through the 
upper or lower end plates, depending upon 
whether drops were to fall or rise. Nine 
nozzles were used, varying in internal diam- 
eter from 0.018 to 0.516 in., in order to 
obtain the desired range of drop sizes. The 
temperature of the system was measured by 
a thermometer suspended in a corner of the 
tank. 

In this work the dispersed liquid issued 
slowly from each nozzle to form a drop which 
then grew to sufficient size to break away 
from the nozzle owing to its buoyancy. This 
is emphasized because, as will be pointed 
out later, the method of forming the drops 
may influence their velocity characteristics. 
The method used here simulates, to some 
extent at least, the mode of drop formation 
obtaining in many applications of liquid 
extraction. The volume of the drops pro- 
duced at the nozzles was determined by 
counting the number of drops produced by a 
given volume of dispersed liquid, as meas- 
ured by the change in level within one of the 


Page 444 


New York University, New York 


TaBLeE 1. Systems STUDIED 


Inter- 
Contin- facial 
Sys- uous Dispersed Densities Viscosities tension, Temp., 
tem liquid liquid Pc pp 
1 Water Benzene 0.9975 0.8870 0.0114 0.0068 30.0”. 23 
2 Water Kerosene 0.9986 0.8071 0.0108 0.0147 40.4” 18 
3 Water S.A.E. 10W oil 0.9975 0.8650 0.0106 0.721 18.5 23 
4 Water Nony] alcohol 0.9982 0.8242 0.0100 0.162 4.9 20 
5 Water  Sec-butyl alcohol 0.9705 0.8660 0.0156 0.0278 0.6 28 
6 Furfural Water 1.1450 1.0110 0.0134 0.0096 1.5 26.5 
7 Water Methyl ethyl 
ketone 0.960 0.8370 0.0145 0.0060 0.3 24 
8 20% 
Aqueous 
sucrose Benzene 1.0600 0.8720 0.0139 0.0059 30.17 26 
9 Water Methyl isobutyl 
ketone 0.9947 0.8155 0.0093 0.0060 9.8 20 
10 Water Pentachloroethane 0.9978 1.6740 0.0095 0.0203 42.4 y 25 
11 Water n-Heptylic acid 0.9980 0.9200 0.0095 0.0427 6.9 24.5 


pipettes. For a given valve setting and 
nozzle, drops of uniform volume could be 
obtained in any desired number. 

The time, as measured by a stopwatch, 
for passage of the drops between two levels 
50 em. apart marked on both sides of the 
tank permitted calculation of drop veloci- 
ties. For each drop size the time was also 
measured separately for the first and second 
25-cm. distances, to be certain that terminal 
velocities were reached. 

Photographs of the drops were obtained 
in order to measure the deviation from 
spherical shape. Two electronic flash lamps 
were placed about 1 ft. from opposite sides 
of the tank to illuminate the drops from the 
sides. To eliminate reflections, all reflective 
parts of the apparatus were painted flat 
black. Pictures were made with a 35-mm. 
Kini Exakta V camera at f11, with either 
one or two 3+ diopter auxiliary lenses and a 
Polascreen. The shutter was synchronized 
with the flash lamps, and 1/1,000-sec. ex- 
posures were made. 

The liquid systems used are listed in 
Table 1. Some technical-grade materials 
used were without special purification, as 
physical properties rather than system iden- 
tity were considered to be of importance. 
The two liquids of each system were mu- 
tually saturated with each other before use, 
and the properties of the saturated phases 
determined at the temperature of the drop 
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measurements. Densities were determined 
by pycnometer; viscosities by Ostwald- 
Cannon-Fenske viscometers or, in the case 
of the oil of system 3, by a Brookfield 
Synchro-lectric viscometer; and interfacial 
tension was determined by the drop-volume 
method (2, 8). 


DROP VELOCITIES* 


The appearance of the drops, i.e., 
shape, oscillation, etc., seemed generally 
to agree with that described elsewhere 
(3, 6). The velocity of fall or rise, as 
measured experimentally, is plotted 
against drop diameter for each system in 
Figure 1. In this figure, and elsewhere in 
this paper, drop diameter d is the diam- 
eter of a sphere of the same volume as 
the drop. As observed elsewhere (1, 3, 4, 
6), the velocities for some systems pass 
through a maximum with increasing drop 
diameter and for others merely level off 
at some ultimately high value. Evidently 
the appearance of a maximum in the 
velocity-diameter curves depends upon 
the development of oscillations of the 


*Detailed numerical data are available as docu- 
ment 4963 from the American Documentation Insti- 
tute, Photoduplication Service, Library of Congress, 
Washington 25, D. C., for $1.75 for 35-mm. microfilm 
or $2.50 for photoprints. 
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Fig. 1. Terminal velocities of liquid drops. 
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drop (1), and for some systems this in 
turn can be dependent upon the manner 
in which the drops are formed as well as 
their physical properties. 

When the velocity data are expressed 
in terms of drag coefficients, they give 
rise to the curves of Figure 2. At low 
Reynolds numbers the curves all fall 
below the curve for rigid spheres; whereas 
others (3, 6) have shown data which lie 
both above and below. For a given system 
the position of the curves evidently will 
depend on the oscillations and interna! 
circulation developed within the drop, 
since for nitrobenzene drops of various 
purities in water, Garner and Skelliand (1) 
were able to develop drag coefficients 
varying by a factor of more than two at 
the same Reynolds number. From their 
work it would appear that interfacial 
tension is the property most likely to 
characterize this phenomenon. 

The interfacial tensions of the systems 
corresponding to the curves at low 
Reynolds numbers, in order of decreasing 
departure from the curve for rigid spheres, 
are 42.4, 40.4, 9.8, 6.9, 30.1, 30.0, 18.5, 
4.9, 1.5, 0.6, and 0.3 dynes/em. These 
would appear roughly, at least, to confirm 
Garner and Skelland’s observations that 
internal circulation, occurring in even 
small drops to an extent which decreases 
with increasing interfacial tension, in- 
creases the rate of rise or fall over that 
observed for rigid spheres. The interfacial 
tensions corresponding to the curves at 
high Reynolds numbers (reading from 
left to right, Figure 2) are 0.3, 0.6, 1.5, 
4.9, 6.9, 9.8, 18.5, 30.0, 42.4, 40.4 dynes/ 
cm. These Reynolds numbers correspond 
to large drop sizes, where the drop 
eccentricity, inversely proportional to 
interfacial tension as shown later, evi- 
dently has a greater influence on drop 
velocity, and in the reverse direction, 
than has internal circulation. 

If it is assumed that 


fluc; Kp; Pec» Ap, d, 9) = 0 (1) 


then dimensional analysis leads to 


(22) (22) = m (2) 
Lp Pe 


No one set of values of the constants of 
Equation (2) was able to satisfy all the 
data. But if the velocity-diameter curves 
were considered as forming two separate 
regions, region I where the velocity in- 
creases with diameter and region II 
where the velocity remains substantially 
constant with increasing diameter, then 
suitable values of the constants could be 
obtained. By the method of least squares, 
with the data for all the measurements in 
each region, the equations obtained were 
for region I: 


Re'= 22.20, (@) 
and for region IT: 


Re = (4) 
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Fig. 4. Comparison of calculated and ob- 
served terminal velocities, region II. 


. mum velocities shown by some of the 


systems as indicated in Figure 1, but 
the errors thus introduced are small. 
Figures 3 and 4 compare the observed 
data with those calculated for the present 
systems by Equations (5), (6), and (7). 
The average deviation, including that 
incurred by use of Equation (7), is 4.15% 
in the case of region I and 2.82% in the 
case of region II for eighty-two measure- 
ments in each region. 

Equations (5), (6), and (7) were used 
to predict the drop velocities measured 
by Hu and Kintner (3), who formed their 
drops in a manner different from that 
used here. The comparison for both 
regions is shown in Figure 5. Deviations 
are greatest in region I (15.2% average 
deviation) but are satisfactory for region 
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Fig. 5. Comparison of calculated and observed terminal velocities, data of (3), regions I 
and II. 


The constants a and 6, as determined 
by this method, were substantially zero. 
The equations are more useful when 
solved for velocity of the drops. If the 
value 0.015 as the exponent on o de- 
veloped by Equation (3) and 0.01 as that 
on d developed by Equation (4) are 
neglected, the equations become the 
dimensional equations 


and 


The critical diameter d, which determines 
when the transition from region I to 
II is to be made is most easily established 
by solving Equations (5) and (6) simul- 
taneously, eliminating V: 


Use of Equation (7) will, however, fail to 
indicate the development of the maxi- 


(5) 
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II (5.5% average deviation). Hu and 
Kintner presented an empirical correla- 
tion of their own data which, with slight 
modification, can be put in the same form 
as Equations (3) and (4) but with differ- 
ent constants. Their correlation is satis- 
factory for both their own and the present 
data only for systems of fairly high inter- 
facial tension; whereas the present cor- 
relation is superior for systems of low 
interfacial tension. 

Licht and Narasimhamurty (6) also 
present drop-velocity data and a correla- 
tion of their data permitting a trial-and- 
error computation of the velocity in 
region II only, suitable for systems of 
fairly high interfacial tension. Figure 6 
shows a comparison of their observed 
data and those calculated by Equations 
(5), (6), and (7) for both regions. The 
manner of formation of the drops in 
this case was somewhat similar to that 
used in the present work; yet the devia- 
tion between ‘observed and computed 
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Fig. 7. Comparison of calculated and ob- 
served terminal velocities, data of (5), 
regions I and II, twenty systems. 


velocities is fairly large for some systems. 
On the other hand, the observed data 
for some of the systems common to their 
study and that of Hu and Kintner are 
not entirely reconcilable, possibly because 
of the circulation and oscillation effects 
which can so easily be introduced. 

Figure 7 compares the data of Keith 
and Hixson (5) with the velocities pre- 
dicted by Equations (5), (6), and (7). 
As there were so many experimental 
points, comparisons were made from their 
smoothed curves at intervals of d = 0.1 
cm. Even so, there were 114 calculations, 
and most of the points fall on top of each 
other in the figure. The average deviation 
for both velocity regions, for twenty 
systems of great range of physical proper- 
ties, is 4.5%. This excellent check is 
considered particularly significant, as the 
drops were formed in a manner coinciding 
most closely with that found in liquid- 
extraction equipment and the drops 
flowed through a countercurrently mov- 
ing continuous liquid. The drop velocities 
of Figure 7 are values relative to the 
velocity of the continuous liquid, and 
there seemed to be no segregation of the 
data, regardless of whether surfactants 
or other solutes were used to influence the 
interfacial tension. 

The drop velocities of Smirnov and 
Ruban (7) were also compared with those 
predicted by Equations (5), (6), and (7). 
Most of the data were obtained with 
drops rising or falling against a counter- 
flow of the continuous liquid in very 
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narrow: tubes, some as small as 1.8 cm. 
diameter. Study of the data showed a 
marked influence of the velocity of the 
continuous liquid on the relative veloc- 
ities of the drops, possibly as a result of 
the small tube diameter. For twenty-five 
measurements made with a stagnant 
continuous liquid, involving nine systems 
and both regions, the average deviation 
of predicted and observed velocities was 
8.8%. When the continuous liquid moved, 
the agreement was generally poor. 


DROP ECCENTRICITY 


Photographs of the drops for all but 
two of the systems, which did not photo- 
graph well, provided data on the distor- 
tion of the drops from spherical shape. 
The shapes varied from almost perfect 
spheres for the smallest drops to almost 
perfect spheroids for the large drops of 
some systems. In other cases the drops 
were considerably flattened and irreguiar. 
Expressing the eccentricity simply as the 
ratio of the largest horizontal diameter 
to the largest vertical diameter, the data 


are shown in Figure 8. The drop shape 
for most of the systems varied somewhat 
rhythmically with time as the drops 
passed through the continuous liquid, and 
the data plotted in the figure represent 
rough averages of the maximum and 
minimum distortions. The eccentricity— 
spherical-diameter relation is substan- 
tially linear for all but the smallest drop 
sizes, which coincides with the findings of 
Keith and Hixson (6). An unsuccessful 
attempt was made to correlate these 
data through the distortion coefficient of 
Hughes and Gilliland (4). It was found, 
however, that the slopes of the lines of 
Figure 8 are evidently related to the 
quantity (Ap)°-5/c, as shown in Figure 9. 
The data of Keith and Hixson, except 
for the system toluene-water, the eccen- 
tricity-diameter curve of which was not 
straight, seem to conform roughly to this 
generalization. 


SUMMARY 


Measurements of the terminal velocity 
of rise or fall of liquid drops immersed 
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Fig. 9. Correlation of eccentricity data. (Data of Keith and 
Hixson are shown by the darkened squares.) 
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in another insoluble liquid have led to 
two correlations of velocities with drop 
diameters and physical properties, one 
for each of the two velocity-diameter 
regions. The correlations are easily used 
and cover a wide range of physical 
properties. The eccentricity of the drops 
varies substantially linearly with drop 
diameter and is related to the quantity 
(Ap)*/o. 


ACKNOWLEDGMENT 


The authors are indebted to R. C. Kint- 
ner, who kindly supplied an English trans- 
lation of the Smirnov-Ruban paper, and to 
F. W. Keith for his suggestions. 


NOTATION 


a, b, c, e, h, m = constants 
Cp = drag coefficient 4Ap dg/3pcV?, di- 


mensionless 

d = diameter of a sphere of the same 
volume as a drop, em. 

d, = critical diameter of a drop, at the 
transition from region I to region 
II, cm. 

dy = maximum horizontal diameter of 
a drop, cm. 

dy = maximum vertical diameter of a 
drop, em. 


E = drop eccentricity = dy/dy 
f = function 
g = acceleration due to gravity, cm./ 


sec.? 

g- = conversion factor, 980 (g.-mass) 
(em.)/(g.-force) (sec.)? 

Re = Reynolds number = dVpc¢/uc, 
dimensionless 

V = terminal velocity, cm./sec. 


We = Weber number = V? dpc/cg, 
Ap = difference in densities of dispersed 
and continuous liquids, g./ce. 


= viscosity, poises 

p = density, g./ce. 

o = interfacial tension, dynes/cm. 
Subscripts 

C = continuous liquid 


D = dispersed liquid 
I, II = regions I and II 
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Compressibility of Gaseous 


Propane-propene Mixtures 


The compositions of the coexisting 
phases of the propane-propene system at 
five temperatures between 10° and 190°F. 
were investigated by Reamer and Sage 
(1). They also determined the molal 
volumes of the two propane-propene mix- 
tures (0.3711 and 0.7589 mole fractions 
of propane) at seven temperatures be- 
tween 10° and 400°F. for pressures from 
200 to 10,000 Ib./sq. in. abs. However, a 
more complete knowledge of the volu- 
metric behavior of a binary system re- 
quires data throughout the entire range 
of composition and over extended tem- 
perature and pressure ranges. With this 
end in view, the compressibilities of four 
gaseous propane-propene mixtures were 
measured at temperatures from 212° to 
482°F. at 45°F. intervals and at pressures 
from 200 to 3,200 lb./sq. in. abs. The 
mixtures were 0.1962, 0.4386, 0.5814, and 
0.8131 mole fractions of propane. To 
supplement the measurements, three iso- 
therms (212°, 302°, and 437°F.) of a fifth 
mixture (0.1655 mole fraction propane) 
were also determined at pressures up to 
3,200 lb./sq. in. abs. 


APPARATUS 


The apparatus and experimental tech- 
nique used in this work have been previously 
described (2). The samples of pure hydro- 
carbons were Phillips Petroleum Company 
research-grade hydrocarbons. The purities 
were stated as follows: propane, 99.99%; 
propene, 99.70%. The pressure measure- 
ment is estimated to be accurate to within 
+0.07%. The maximum uncertainty in 
volume is 0.4% and in mass of the sample 
0.05%. The temperature is known to 
0.02°C. Adding all the individual uncer- 
tainties gives the over-all maximum un- 
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certainty in compressibility factor at about 
0.52%. At lower pressures, where the 
volumes of the sample are larger, the over- 
all uncertainty is much less than 0.52% 
(approximately 0.12%). The uncertainties 
reported here are estimated uncertainties in 
accuracy based on earlier calibration meas- 


urements on propane (2) and ethane (7) 
whose properties are well known. 
EXPERIMENTAL DATA 


In Tables 1 to 5 (pages 448 to 450) are 
presented the smoothed data in terms of 


TABLE 1. SMOOTHED CoMPRESSIBILITIES OF PROPANE-PROPENE MIXTURES 


Mixture 1, mole fraction propane, 0.1962 


Pressure, 


Ib./sq. in. abs. 100°C. 125°C. 


150°C. 


Compressibility factor 
Z 


175°C. 200°C. 225°C. 250°C. 


(212°F.) (257°F.) (302°F.) (847°F.) (392°F.) (487°F.) (482°F.) 


0 1.000 1.000 1.000 1.000 1.000 1.000 1.000 

100 0.953 0.962 0.969 0.973 0.978 0.982 0.985 
200 0.898 0.919 0.935 0.946 0.955 0.964 0.970 
300 0.835 0.873 0.899 0.918 0.933 0.945 0.955 
400 0.768 0.824 0.861 0.889 0.910 0.927 0.940 
500 0.695 0.774 0.824 0.860 0.888 0.909 0.926 
600 0.595 0.720 0.786 0.831 0.865 0.890 0.911 
700 0.432 0.655 0.744 0.802 0.843 0.872 0.897 
800 0.268 0.581 0.700 0.772 0.820 0.855 0.883 
900 0.258 0.513 0.654 0.742 0.798 0.838 0.870 
1,000 0.267 0.447 0.610 0.709 0.822 0.858 
1,100 0.275 0.405 0.572 0.679 0.756 0.807 0.846 
1,200 0.302 0.389 0.543 0.654 0.738 0.792 0.834 
1,300 0.321 0.386 0.520 0.635 0.720 0.778 0.824 
1,400 0.339 0.390 0.503 0.619 0.704 0.766 0.814 
1,500 - 0.358 0.401 0.492 0.605 0.690 0.756 0.806 
1,600 0.376 0.415 0.490 0.594 0.678 0.748 0.799 
1,700 0.394 0.430 0.493 0.586 0.670 0.740 0.793 
1,800 0.413 0.446 0.500 0.582 0.664 0.734 0.788 
1,900 0.431 0.462 0.509 0.584 0.660 0.728 0.783 
2,000 0.449 0.477 0.519 0.587 0.659 0.725 0.780 
2,200 0.486 0.509 0.543 0.598 0.663 0.723 0.777 
2,400 0.523 0.541 0.572 0.615 0.673 0.727 0.778 
2,600 -0.560 0.574 0.600 0.636 0.688 0.735 0.783 
2,800 0.597 0.608 0.629 0.660 0.705 0.747 0.792 
3,000 0.633 0.642 0.658 0.686 0.724 0.762 0.804 
3,200 0.668 0.676 0.689 0.714 0.744 0.779 0.817 
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TaBLe 2. SMooTHED COMPRESSIBILITIES OF PROPANE-PROPENE MIXTURES compressibility factor, Z = MPV/mRT, 
Mixture 2, mole fraction propane 0.4386 in which M is the molecular weight of the 
; acd mixture, m the mass of the sample, V the 
Compressibility factor volume of the sample, P the pressure, T 
Pressure, the absolute temperature, and R the gas 
\b./sq. in. abs. 100°C. 125°C. 150°C. 175°C. 200°C. 225°C. 250°C. constant. In the computation of com- 
(212°F.) (257°F.) (302°F.) (347°F.) (392°F.) (437°F.) (482°F.) pressibility factors the values 44.094 and 
0 1.000 1.000 1.000 1.000 1.000 1.000 1.000 42.078 were used for the molecular 
100 0.954 0.963 0.968 0.972 0.976 0.980 0.984 weight of propane and propene respec- 
200 0.899 0.920 0.933 0.943 0.953 0.961 0.968 tively. (H = 1.008; C = 12.010.) The 
300 0.835 0.370 0.896 0.914 0.929 0.942 0.953 gas constant was 82.0567 cm. atm./ 
400 0.765 0.819 0.857 0.884 0.906 0.938 (g.-mole). Actual experimental data 
500 0.685 0.765 0.817 0.854 0.882 0.904 0.922 are given in Tables 7 through 11.* 
600 0.573 0.706 0.776 0.824 0.858 0.885 0.908 
700 0.372 0.640 0.734 0.793 0.835 0.867 0.893 I 
800 0.568 0.689 0.762 0.812 0.849 0.879 tures at which compressibility data were 
900 0.490 0.643 0.732 0.788 0.832 0.865 measured the data presented here extra- 
1,000 0.427 0.599 0.702 0.766 0.815 0.852  polate nicely to the limiting values repre- 
senting the compressibilities of pure 
1,100 0.561 0.672 0.745 0.798 0.838 components. For the compressibilities of 
1,200 0.532 0.646 0.726 0.783 0.827 pure propane, the data of Reamer, Sage, 
R 1,300 gos 0.624 0.708 0.770 0.816 and Lacey (3) and of Beattie, Kay, and 
I 400 0.490 0. 606 0.692 0. CRY 0.806 Kaminsky (4) were used. The compressi- 
: 1,500 0. 482 0.590 0.678 0.747 0.797 bilities of pure propene were taken from 
ie 1,600 0.481 0.581 0.668 0.738 0.789 
1,700 0.486 0.576 0.660 0.730 0.732 the results of Farrington and Sage (6) 
1.800 0.495 0.574 0.654 0.725 0.776 and Marchman, Prengle, and Motard (6). 
1,900 0.506 0.576 0.652 0.720 0.772 It may be of interest to point out that 
2,000 0.517 0.583 0.653 0.718 0.770 wherever a discrepancy exists in the 
compressibilities of pure propene, the 
2,200 0.718 0.768 results of this work give better agreement 
2,400 0.723 0.772 with that of Marchman, Prengle, and 
si 2,600 0.733 0.779 Motard (6) than that of Farrington and 
788 Sage (4). Of course, this is to be expected 
3,000 0.760 0.799 
3200 0.776 0.810 since the same apparatus was used by 
Marchman et al. and the present authors. 
re In order to compare the present data 
of on propane-propene mixture with the 
results of Reamer and Sage (/), the 
present data were interpolated graphic- 
TABLE 3. SMOOTHED COMPRESSIBILITIES OF PROPANE-PROPENE MIXTURES ally with respect to pressure and weary fee 
tion, and the data of Reamer and Sage 
Mixture 3, mole fraction propane 0.5814 were interpolated according to tempera- 
Compressibility factor ture. As shown in Table 6, in spite of 
Pressure, Z additional uncertainties introduced by 
Ib./sq. in. abs. 100°C. 125°C. 150°C. 175°C. 200°C. 225°C. 250°C. interpolation the agreement between the 
) (212°F.) (257°F.) (302°F.) (347°F.) (392°F.) (437°F.) (482°F,) data of this work and those of Reamer 
and Sage (/) is satisfactory and is, in 
0 1.000 1.000 1.000 1.000 1.000 1.000 1.000 host cases, well within the experimental 
100 0.949 0.959 0.965 0.971 0.976 0.980 0.984 uncertainties. 
200 0.889 0.913 0.929 0.942 0.952 0.960 0.967 
300 0.824 0.864 0.891 0.913 0.928 0.941 0.952 
400 0.754 0.813 0.853 0.883 0.905 0.922 0.936 CITED 
500 0.669 0.760 0.813 0.853 0.881 0.903 0.920 
600 0.557 0.700 0.772 0.822 0.857 0.884 0.906 1. Reamer, H. H., and B. H. Sage, Ind. Eng. 
700 0.270 0.632 0.729 0.789 0.832 0.865 0.891 Chem., 43, 1628 (1951). 
800 0.244 0.557 0.683 0.757 0.807 0.848 0.877 2. Cherney, B. J., Henry Marchman, and 
900 0.254 0.482 0.637 0.726 0.782 0.831 0.863 Robert York, Ind. Eng. Chem., 41, 2653 
1,000 0.272 0.416 0.592 0.695 0.760 0.814 0.850 (1949). 
3. Reamer, H. H., B. H. Sage, and W. N. 
1,100 0.289 0.385 0.546 0.668 0.739 0.799 0.838 Lacey, Ind. Eng. Chem., 41, 482 (1949). 
1,200 0.306 0.377 0.513 0.643 0.720 0.784 0.826 4. Beattie, J. A.. W. C. Kay, and Joseph 
1,300 0.324 0.378 0.496 0.622 0.704 0.770 0.816 Kaminsky, J. Am. Chem. Soc., 59, 1589 
1,400 0.342 0.386 0.487 0.606 0.690 0.758 0.806 (1937). 
, 500 0.361 0.399 0.484 0.594 0.678 0.746 0.797 5. Farrington, P. S., and B. H. Sage, Ind. 
1,600 0.379 0.414 0.485 0.587 0.668 0.737 0.789 Eng. Chem., 41, 1734 (1949). 
1,700 0.398 0.430 0.490 0.583 0.659 9.730 0.782 6. Marechman, Henry, H. W. Prengle, and 
1,800 0.416 0.446 0.498 0.582 0.654 0.723 0.776 R. L. Motard, Ind. Eng. Chem., 41, 2658 
1,900 0.4384 0.462 0.507 0.582 0.650 0.718 0.772 (1949). 
2,000 0.453 0.478 0.517 0.586 0.650 0.716 0.769 7. Prengle, H. W., and Henry Marchman, 
Ind. Eng. Chem., 42, 2371 (1950). 
2, 200 0.490 0.511 0.544 0.597 0.656 0.715 0.770 — 
2,400 0.527 0.544 0.572 0.615 0.668 0.720 0.775 
2,600 0.564 0.579 0.602 0.637 0.683 «0.731 0.782 materi, (Tables, 710) has, been de 
2,800 0.602 0.614 0.634 0.662 0.702 0.746 0.791 mentation Institute," Photoduplication Service, 
3,000 0.638 0.649 0.667 0.689 0.722 0.763 0.801 OF VS COR 
3,200 O06 006 070 O78 075 08 om 
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TABLE 4, SMOOTHED COMPRESSIBILITIES OF PROPANE-PROPENE MIXTURES 


Pressure, 


lb./sq. in. abs. 


100°C. 
(212°F.) 


oooooco 


000 
952 


892 


824 
746 
660 
527 
270 
249 
254 
268 


268 
304 
324 
344 
363 
383 
403 
422 
441 
460 


498 
536 
573 
611 
648 


. 684 


Mixture 4, mole fraction propane 0.8131 


Compressibility factor 


Z 
125°C. 175°C. 
(257 °F.) (347 °F.) 
1.000 1.000 
0.962 0.975 
0.918 0.947 
0.866 0.918 
0.809 0.886 
0.748 0.854 
0.683 0.820 
0.614 0.785 
0.540 0.751 
0.453 0.718 
0.387 0.686 
0.366 0.656 
0.366 0.630 
0.375 0.608 
0.387 0.590 
0.400 0.577 
0.414 0.569 
0.430 0.566 
0.447 0.567 
0.464 0.572 
0.481 0.578 
0.516 0.595 
0.550 0.616 
0.584 0.640 
0.618 0.666 
0.653 0.694 
0.688 0.722 


200°C. 
(392°F.) 


© 


250°C. 
(482°F.) 


e 


Vo) 


TaBLe 5. SMOOTHED COMPRESSIBILITIES OF PROPANE-PROPENE MIXTURES 


Pressure, 
lb./sq. in. abs. 


0 
100 
200 
300 
400 
500 
600 
700 
800 
900 

1,000 


1,100 
1,200 
1,300 
1,400 
1,500 
1,600 
1,700 
1,800 
,900 
,000 


Nore 


,200 
,400 
,600 
,800 
,000 
,200 
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Mixture 5, mole fraction propane 0.1655 


0.895 


> 
i=) 
= 


or 


Compressibility factor 


Z 
150°C. 
(302°F.) 


000 
968 
935 
900 
863 
826 
787 
747 
705 
664 
621 


578 
.545 
504 
494 
492 
495 
501 
510 
519 


0.541 
0.568 
0.595 
0.624 
0.652 
0.682 


225°C. 
(437 °F.) 


Go 


bo 
bo 
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TaBLe 6. CoMPARISON OF Data ON” 
PROPANE-PROPENE MIXTURES 


Compressibility factor 


257 °F. 


P, lb./sq. in. abs. This work (1) 


Mixture: mole fraction 


propane 0.7589 (1) 


400 0.810 0.809 
1,000 0.409 0.416 
1,500 0.400 0.405 
2,500 0.565 0.567 
3,000 0.656 0.654 
Mixture: mole fraction propane 0.3711 (1) 
400 0.821 0.820 
1,000 0.433 0.443 
1,500 0.400 0.405 
2,500 0.559 0.555 
3,000 0.643 0.641 
302°F. 
P, lb./sq. in. abs. This work (1) 
Mixture: mole fraction propane 0.7589 (1) 
400 0.848 0.850 
1,000 0.572 0.570 
1,500 0.477 0.473 
2,500 0.591 0.593 
3,000 0.670 0.669 
Mixture: mole fraction propane 0.3711 (1) 
400 0.860 0.860 
1,000 0.603 0.601 
1,500 0.487 0.482 
2,500 0.585 0.585 
3,000 0.662 0.658 


347°F. 


P, lb./sq. in. abs. This work (1) 


Mixture: mole fraction 


400 0. 
1,000 0. 
1,500 
2,500 
3,000 0. 

Mixture: mole fraction 

400 0. 
1,000 0. 
1,500 
2,500 0. 
3,000 0. 


propane 0.7589 (1) 


879 0.880 
687 0.686 
629 0.630 
692 0.693 
propane 0.3711 (1) 
886 0.887 
705 0.702 
627 0.625 
687 0.685 


392°F. 


P, lb./sq. in. abs. This work (1) 


Mixture: mole fraction 


400 0. 
1,000 0. 
1,500 0. 
2,500 
3,000 

Mixture: mole fraction 

400 0. 
1,000 0. 
1,500 0. 
2,500 
3,000 0. 


propane 0.7589 (1) 


903 0.902 
758 0.755 
670 0.667 
723 0.724 
propane 0.3711 (1) 
907 0.908 
769 0.769 
685 0.680 
718 0.718 
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0 1 | 1.000 1.000 
100 0. 0.978 0.983 
200 = 0.954 0.966 
300 0. 0.930 0.950 
400 0. 0.905 0.934 
500 0. 880 0 
600 0. 855 
700 0. 830 0 
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0.281 0 an 
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0.318 0 TI 
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Mass Transfer in a Horizontal Liquid-liquid 
Extraction Tube 


NELSON F. MURPHY, JOHN E. LASTOVICA, and ADAM E. SKRZEC 


A study was made of the effect of physical properties and of geometrical and dynamical 
characteristics of several liquid-liquid extraction systems on the mass transfer coefficients. 
The two-component systems studied consisted of the following solvents with water: 
cyclohexanol, methyl ethyl ketone, furfural, normal butanol, and nitromethane. The 
transfer studies were made in a horizontal glass pipe with the phases flowing counter- 
currently at velocities from 1,000 to 15,000 Ib./(hr.)(sq. ft.). The transfer of solvents into 
the water phase and of the water into the solvent phase was measured. The film coefficients 
of mass transfer for a solvent through the water film and for water through the solvent 
film were correlated by new dimensionless equations which include interfacial tension 


and diffusivity. 


Since 1939 liquid-liquid extraction has 
assumed considerable importance as a 
unit operation of chemical engineering, 
particularly as an adjunct to distillation 
in the manufacture of organic chemicals 
and the processing of crude petroleum. 
Liquid-liquid extraction has proved to 
be valuable in the separation of azeo- 
tropic mixtures and in the concentration 
of chemicals from dilute solutions. For a 
long time liquid-liquid extraction was 
considered as the last resort for purifica- 
tion of chemicals, but with the introduc- 
tion of more efficient equipment designs 
recently it has been winning favor. In all 
the processes mentioned in the literature 
(16) considerable progress has been made 
in the development of suitable equipment 
and the acquisition of the necessary 
operating techniques. However, this 
progress has been the result of trial and 
error in design and testing. More scientific 
design of extraction apparatus had to 
await development of a method for the 
correlation of the rate of extraction with 
the operating variables and the properties 
of the systems involved. 

Quantitatively the mechanism of ex- 
traction and the dependence of extraction 
rates upon physical properties and dy- 
namics involved have been assumed to be 
analogous to the similar, more exten- 
sively developed vapor-liquid operations. 
The major portions of the basic data on 
liquid-liquid contact equipment have 
been concerned with the performance of 
small-scale units with emphasis on the 
effect of the flow rates of both phases on 
the mass transfer coefficients. Expressed 
in terms of over-all mass transfer coeffi- 
cients, HTU or over-all diffusional re- 
sistances rather than the individual 


J. E. Lastovica is with Dow Chemical Company, 
Freeport, Texas, and Adam E. Skrzee with Bristol 
Laboratories, Inc., Syracuse, New York. 
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values that are more fundamental and 
more widely useful for design purposes, 
the data are of value in the design of 
equipment for only those systems that 
have been investigated experimentally. 

Few investigators (3, 8, 10) have 
attempted to separate the over-all co- 
efficients into the individual resistances. 
They were able to do this only when 
certain restrictions were applied to their 
method of resolution. The restrictions set 
forth (8) require that the value of the 
distribution coefficient be unity and that 
either individual coefficient can be 
affected by both fluid rates but not both 
together. Invariably all have used the 
same method of resolution, whereby the 
individual resistances are added to give 
the over-all resistance and an over-all 
coefficient is obtained as a reciprocal of 
the latter. Early data indicate (14) that 
rates of flow of both phases affect the 
individual extraction coefficients of both 
films and that neither phase may be said 
to be controlling. In view of this, it 
would not be possible to break down the 
over-all coefficient into the individual 
coefficients. 

It is the purpose of this investigation 
to study the properties affecting the film 
coefficients of mass transfer and_ to 
attempt to obtain a correlation of the 
properties of the system and of the 
operational variables which will enable 
one to predict approximately the values 
of the coefficients. 


INDIVIDUAL TRANSFER COEFFICIENT 


In 1934 Gilliland and Sherwood (9) 
proposed the following correlation for 
their results on the evaporation of water 
into air streams in a wetted-wall tower: 
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The ratio of the inside diameter of the 
column to the thickness of the stagnant 
layer was shown to be a function of the 
Reynolds and Schmidt numbers. The 
values of the constants, c, n, and m, were 
found to be 0.023, 0.83, and 0.44 respec- 
tively. This is apparently the earliest 
application of dimensional analysis to 
the study of film behavior during mass 
transfer. 

By analogy therefore to relationships 
developed for heat transfer, Gilliland 
and Sherwood proposed the first correla- 
tion of the individual mass transfer co- 
efficients with the physical properties of 
the fluids and the flow characteristics of 
the systems. In 1935 Fallah, Hunter and 
Nash (7) studied the transfer of phenol 
between water and kerosene in a wetted- 
wall column and found that the data for 
the kerosene film when kerosene was the 
core liquid could be correlated by the 
following equation: 


kd 2 
"(4 


In 1943 Brinsmade and Bliss (3) re- 
ported on the extraction of acetic acid in 
methyl isobutyl ketone with water in a 
wetted-wall tower. They separated the 
over-all film resistance into individual 
film resistances which were correlated by 
the following equations: 


for the core fluid (ketone): 


dD. Me p.D. 


and for the wall fluid (water): 


ke 
Pw J 


0.00135) on || | 
Mw Pw 
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TaBLe 1. SumMARY OF PuHysiIcAL PROPERTIES FOR THE Systems Usep to EvALUATE 


CORRELATION EQUATION 


Interfacial 
Diffusivities, Viscosities tension Densities, 
System (sq.ft./hr.) X 10-5 Ib. /(ft.)(hr.) /hr.2 X 10° Ib. /cu. ft. 
Water with Ms Pw Ps 
Cyclohexanol 0.409 3.79 2.18 72.5 3.22 62.19 59.0 
Nitromethane 2.01 6.45 2.13 14.7 1.63 62.19 70.7 
n-Butanol D.a3 4.90 2.13 5.56 0.544 62.19 50.4 
Furfural 8.32 4.73 2.13 3.56 1.345 62.19 72.0 
Methyl] ethy! ketone 32.3 4.57 2.13 0.92 0.286 62.19 50.1 
EXTRACTION TUBE 
cv-2 
M-4 
v-5 Cv-1,2 CHECK VALVES 
FIL-1 CALMING SCREENS 
FiL-i DISC FILTER 
PRESSURE GAGE 
M-1,2,3,4 ORIFICE METERS 
PRESSURE REGULAT- 
ING VALVE 
T-1,2 THERMOMETERS 
v-1TO7 VALVES 
‘JGHT PHASE HEAVY PHASE HEAVY PHASE LIGHT PHASE 
JECEIVER FEED RECEIVER FEED 
Fig. 1. Flow sheet for horizontal tube extractor. 
TaBLE 12. Summary oF CONSTANTS FOR CORRELATION EQUATION 
4( de ) (dts) 
or 
As originally calculated 
Mass transfer 
coefficients A a b c e€ f 
0.672 0.779 0.274 -—1.47 —0.022 0.398 
i; 5.66 X 10% —1.07 —9.78 —4.03 0.923 —0.080 
As reevaluated 
ky 0.552 0.670 0.254 —1.46 0.00 0.397 
ks 2.66 X 107 —1.012 —10.0 —4.17 0.927 0.00 
Brinsmade and Bliss retain the same _ as in liquid-liquid systems, Pike (13) dis- 


three dimensionless groups proposed by 
Fallah, Hunter, and Nash (7), revising 
them to fit the operating conditions. 
The correlations reported show that 
the individual mass transfer coefficients 
have been generally recognized as a 
function of the Reynolds and Schmidt 
number (10, 17). However each relation- 
ship seems to vary the functions of the 
dimensionless group, possibly because of 
the differences in the nature of the 
systems and the condition of operation. 
In review of calculation methods for 
extraction, involving mass transfer in 
solid-liquid and gas-liquid systems, as well 
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cusses the two-film theory. On the bases 
that diffusion is the controlling process 
and that the resistances to diffusion 
reside in two liquid films adjacent to the 
interface, he attempts to develop a con- 
sistent mathematical picture. From the 
literature he summarizes the effects of the 
Reynolds, Schmidt, end-effect, and Gras- 
hof numbers. He then presents the idea 
that some other factor is affecting the 
transport of matter in the liquid-liquid 
systems. This effect is ascribed to the 
presence of the mobile interface. “This 
factor is logically related to the physical 
properties of the two contacting phases. 
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... Some day this mobility effect will be 
properly expressed in a function of the 
physical properties of the two phases. ... 
This group has not yet been formulated. 
It seems to me that it would contain only 
the physical properties of the two ad- 
jacent films, such as densites, viscosities, 
and interfacial tension.” 

Bergelin, Lockhart and Brown (2) used 
a horizontal extraction tube to study the 
transfer of isopropyl alcohol between the 
tetrachloroethylene and water phases. 
They observed that the over-all transfer 
coefficient passed through a minimum 
when plotted against the velocity of the 
water phase, at constant velocity of the 
tetrachloroethylene phase, with the mini- 
mum located where the phase velocities 
were equal. This minimum did not occur 
when the transfer coefficients were 
plotted against the velocity of the tetra- 
chloroethylene phase at constant water 
velocities. By photographs of the flow 
pattern when dye was injected into the 
stream, they showed that two types of 
currents were introduced, one caused by 
density changes as extraction proceeded 
and one by the effect of velocity of flow 
of one phase on the other. They observed 
that the direction of the color stream in 
the water phase was reversed and pulled 
along the interface in the same direction 
as the tetrachloroethylene phase. This 
portion of fluid must return at a high 
velocity in the upper portion of the tube 
and thus, they say, causes turbulence. 

Colburn and Welsh (4), by using a 
two-component two-phase system of 
isobutanol and water in a packed tower, 
avoided the difficulty of evaluating film 
coefficients, for in this case the over-all 
coefficient of transfer of one component 
into the other is also the film coefficient 
for that transfer. They observed that the 
H. T. U. for transfer of the discontinuous 
phase was independent of the flow rate 
of the discontinuous phase but that this 
was not the case for transfer of the con- 
tinuous phase as plotted against the 
flow rate of the continuous phase. Pike 
(13) claims that this system had too high 
a mutual solubility. 


EXPERIMENTAL 


The experimental approach to the 
problem may be summarized as follows. 
Using a horizontal tube to permit reason- 
ably accurate evaluation of the inter- 
facial area and using several two-com- 
ponent, two-phase systems, one can 
measure the value of the mass transfer 
coefficients of one component into the 
other phase at different mass velocities. 
By use of dimensional and _ statistical 
analysis, the correlation equation of the 
coefficient of mass transfer with the 
measured properties of the system was 
evaluated. Certain flow behavior and 
correlation behavior are discussed, and 
future studies are suggested. 
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Equipment and Procedure 


The equipment used is shown schematic- 
ally in Figure 1. The extraction tube is an 
8-ft. length of 114-in. Pyrex-glass tube. 
At each end of the extraction tube double- 
flanged spool pieces provide for attachment 
of the necessary feed inlets and return taps. 
Inlet and return lines of 14-in. tubing are 
provided for the streams to and from the 
extraction tube. 

The streams entering at each end of the 
column pass through a calming section of 
screen that covered the full cross-sectional 
area of the entering phase. The accurate 
cross-section area of each phase was 
0.00614 sq. ft. and since the distance be- 
tween ends of the separating partitions was 
96 in., the interfacial area was exactly 1 
sq. ft. An exception was the system n-buta- 
nol-water (Table 2), which was tested in a 
2-in. tube 4 ft. long. For this system the 
phase cross sections were 0.00345 sq. ft. 

In the experimental program material- 
transfer studies were made with two-com- 
ponent systems composed of solvent and 
water. In one series of experiments the 
water-flow rate was held as constant as 
possible and the solvent rate was varied 
from 1,000 to 15,000 lb./(hr.)(sq. ft.) in 
steps. In another series of determinations 
the water flow was varied over the same 
range while the flow rate of the solvent was 
held as constant as possible. The tempera- 
ture of the fluids was kept at 80.6° to 
84.2°F. (27.0° to 29.0°C.). The pressure 
required to force the liquids through the 
extractor was furnished by regulated, com- 
pressed air delivered to the top of the feed 
carboys at 9 lb./sq. in gauge pressure. 

The interface between the phases was 
maintained at the center line of the entire 
length of the tube. A slight slope was 
necessary to keep the interface at the center 
of the tube over its full length, but this 
slope was not measured. After a time 
equivalent to six changes of the slowest 
moving phase through the tube, samples 
were taken simultaneously, over a short 
period of time, of both the solvent and 
water return streams. 

Analysis of the samples taken was made 
by use of a Zeiss-Abbe refractometer. The 
refractive indexes of known solutions of the 
various solvents in water and of water in 
the various solvents were determined and 
are reported elsewhere (15). The procedure 
followed was that recommended by the 
American Society for Testing Materials (7). 


Chemicals 


The chemicals used, were technical-grade 
n-butyl alcohol, purified cyclohexanol, 
purified furfural, 99% methyl ethyl ketone, 
technical-grade nitromethane, and Blacks- 
burg well water. 

The required physical properties of these 
chemicals were measured and found to 
agree with published values. Solubility in- 
formation between the solvents and water 
were measured and are reported elsewhere 
(15). Viscosities, densities, and interfacial 
tensions were measured (1/2) and plotted 
for use in correlation of the results obtained. 
The values of diffusion coefficients were 
estimated by Wilke’s method (19). Table 1 
is a summary of the values of the physical 
properties of the systems as used in this 
investigation. 
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Experimental Results 


Mass transfer data and calculated results 
for the tests made are presented in Tables 
2 through 6.* The quantities of each solvent 
and water entering and leaving the extrac- 
tion tube were determined from the flow 
rates and compositions of the inlet and 
outlet streams. The quantities of solvent 
transferred into the water and of water 
transferred into the solvent phase were 
found by taking the difference between the 
quantities of each material in the inlet and 
outlet streams of the opposite phase. The 
concentration differences were calculated 
from the solubility limits and the experi- 
mentally determined composition of the 
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Fig. 2. Variation of Ky with mass velocity 
of the solvent phase, for the system furfural- 
water at 27°C. 


entering and leaving streams (18). The 
average concentration differences are loga- 
rithmic when the ratios of these differences 
are more than 1.8. 


Corr lati of R It 


Since previous attempts to correlate 
transfer coefficients with physical prop- 
erties and with geometrical and dynam- 
ical characteristics of the systems have 
been criticized for omitting the interfacial 
tension and diffusivity, a new correlation 
equation was developed by dimensional 
analysis. This analysis resulted in an 
equation of six dimensionless groups, 
assembled in the following forms (17): 


k.d/D, = 
-(u,/p.Du) (dG, / / pe)’ 


k,d/D, = ps)? 
‘pD,) (dG, us) (dG, 


This set of dimensionless groups 
separates the effect of the phase mass 
velocities (Reynolds numbers), the vis- 
cosity ratio, and the interfacial tension. 
Evaluation of the constants enables one 
to evaluate each effect. This correlation 
equation reduces to that of Fallah, 
Hunter, and Nash (7) when the viscosity 
ratio and the interfacial-tension groups 
are assumed part of the constant. 


*Complete tabular data (Tables 2 through 11) 
may be obtained as document 5059 from the Ameri- 
can Documentation Institute, Photoduplicatior 
Service, Library of Congress, Washington 25, D. C., 
for $5.00 for photoprints or $2.25 for 35-mm. micro- 
film. 
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Each dimensionless group for each 
system was evaluated, and these values 
with their logarithms are given in 
Tables 7 through 9* inclusive. 

The correlation regression equations 
were written in the linear logarithmic 
form 


log kd/D = log A + a log (do/uD) 
+ b log (u./u.) + ¢ log (u/pD) 
+ e log (dG./u.) + f log 
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Fig. 3. Variation of Ky with mass velocity 

of the solvent phase, for systems nitzo- 

methane-water and cyclohexanol-water at 
27°C. 


By use of the method of least squares and 
the data of Tables 7 through 11*, which 
represent a total of 210 tests, a set of five 
equations was obtained for k,, and simi- 
larly for k,. The constants in each set of 
equations were evaluated by the Abbre- 
viated Doolittle Method, and are given 
in Table 12. 

An analysis of correlation coefficients 
between kd/D and the logarithms of the 
Reynolds numbers indicates that the 
effect of the Reynolds number of the 
solvent phase is insignificant with respect 
to k, and of the water phase is with 
respect to k,. That is, these groups do not 
contribute significantly to the calculation 
of the specified transfer coefficient. The 
Reynolds number of the solvent phase 
may be dropped from the equation for 
k,, and of the water phase for k,. After 
these groups had been removed, the 
original constants were modified and are 
also presented in Table 12. 

The statistic F, which in this case is 
the ratio of the variance due to regression 
to the error variance, was calculated for 
both regressions and found to be highly 
significant. It indicated that the type of 
equation used in this paper can explain a 
significant amount of variation. The 
multiple correlation coefficient between 
the measured and calculated values of the 
logarithms of k,d/D,, is 0.9066 and for 
the measured and calculated values of 
the logarithms of k,,d/D, is 0.539. The 


*See footnote in column 2. 
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low value in the latter case signifies that 
the correlation is not very good and that 
some other factors which are not included 
in the equation may be affecting the 
values of k,,d/D,. 


Flow Characteristics in Horizontal Tube 


In extraction processes, where moving 
partially miscible liquids are brought into 
contact for the purpose of transfer of a 
substance from one liquid to the other 
across the phase boundary, the diffusing 
substance must pass through various 
portions of the fluid that may be in vis- 
cous or turbulent flow. Strang, Hunter, 
and Nash (/6) and Brinsmade and Bliss 
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of the water phase, for the system methyl 
ethyl ketone-water at 27°C. 
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Fig. 7. Variation of Ky with mass velocity 
of the water phase, for the system n-bu- 
tanol-water at 27°C. 


(3), for purposes of interpretation, con- 
cluded that for wetted-wall columns, the 
flow of the wall liquid is laminar and that 
of the core liquid turbulent. They offer 
no proof of these conclusions and since 
it is well known that mass transfer in- 
vestigations involving the wetted-wall 
type of equipment have not in all in- 
stances given results that are in complete 
agreement, the postulates presented by 
Strang, Hunter, and Nash and by Brins- 
made and Bliss, cannot serve as a basis 
for analyzing the patterns of fluid flows 
in the horizontal tube. 
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Calculated values of the Reynolds 
number have been used to establish the 
character of the flow of each phase as 
either laminar or turbulent. From visual 
observation during countercurrent flow 
in a horizontal tube, it appears that the 
flow rate of one phase has an influence 
upon the degree of turbulence in the 
other phase. When the mass velocities 
of the two phases are equal in magnitude 
and opposite in direction, the velocity 
at the interface is close to zero. When the 
mass velocities are not equal in magni- 
tude, a layer appears in the slower 
moving phase which apparently moves 
in the direction of the faster moving 


1000 2000 3000 4000 6000 8000 10000 2000 
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Fig. 5. Variation of Kj with mass velocity 
of the water phase, for the system nitro- 
methane-water at 27°C. 
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Fig. 8. Variation of Kj with mass velocity 
of the water phase, for the system furfural- 
water at 27°C. 


phase. The faster moving phase ‘‘shears 
off” a layer of the slower moving phase 
and causes it to flow in the direction of 
the faster moving phase. When the mass 
velocities of the two phases are equal in 
magnitude, the “plane of zero velocity” 
is at or near the interface between the 
two phases and as the velocity of one 
phase is increased this plane of zero 
velocity moves into the slower moving 
phase. In these studies, where a velocity 
ratio of 10 to 1 of the faster moving 
phase to the slower moving phase was 
the maximum, it was observed that the 
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plane of zero velocity was as much as 
Y in. in the slower moving phase from 
the interface. The movement of the plane 
of zero velocity depends on the relative 
densities of the two phases and on the 
interfacial tension, which is a measure of 
the rigidity of the two-phase boundary, 
Thus with water and _trichloroethane, 
the plane of zero velocity will move into 
the trichloroethane only a very small 
distance even at very rapid flow rates 
of the water phase. 

Some visual observations of particles 
floating in the streams and of flow pat- 
terns observed with dyes introduced at 
various levels show the flow patterns very 
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Fig. 6. Variation of Kj with mass velocity 
of the water phase, for the system cyclo- 
hexanol-water at 27°C. 


well. The character of flow in the region 
between the interface and the plane of 
zero velocity usually is laminar, but at 
extremely high velocities [above 11,000 
lb./(hr.)(sq. ft.)] there is a rolling tur- 
bulence in this layer. This agrees with the 
observations of Bergelin, Lockhart, and 
Brown (2) and of Eargle (6). 

These observations lead one to the 
conclusion that the transfer coefficient 
for one of the components into the 
opposite phase cannot be completely in- 
dependent of the mass velocity (or 
Reynolds number) of the parent phase. 
At the lower velocities this is the observed 
behavior, but Figures 2 and 3 indicate 
that such is not the case at higher 
velocities where the turbulence intro- 
duced results in a sharp rise in the values 
of the transfer coefficients. 


Behavior of Mass Transfer Coefficients 

Since the systems involved are two- 
component, two-phase, in which one of 
the components is the transferred mater- 
ial, the over-all coefficient is equal to the 
individual coefficient; that is, K, = kw 
and K, = k,. 

When k,, is plotted against G, at con- 
stant values of G,,, for any single system, 
as in Figures 2 and 3, one finds, after a 
region where k,, is a constant for a range 
of values of G,,, a region of sharp, linear 
increase. In the first region the transfer 
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of solvent into the water phase is inde- 
pendent of the velocity of the solvent 
phase. This condition holds up to a par- 
ticular value of G, (which depends on G,,), 
when apparently the value of k,, be- 
comes dependent on G, and independent 
of G,,. This break is ascribed to the tur- 
bulence of the solvent phase agitating 
the interface film of the water phase. 

It is interesting to note that the curves 
of k,, vs. G, in the turbulent region [G, 
greater than 11,000 lb./(hr.)(sq. ft.)] for 
all systems in which this break was 
observed fall almost together. No relation 
between Reynolds number and the break 
point could be found. The Reynolds 
number for cyclohexanol at the break 
point was 17.3; for nitromethane, 96.8; 
and for furfural at G,: 3,000, 380; at 
G,,: 6,500, 469; and at G,,: 9,000, 540. 

Figures 4 to 8 show the relation between 
k, and G, for separate systems. For 
values of G, from 2,000 to 10,000 lb./ 
(hr.)(sq. ft.) the values should fall along 
the line shown, but if G, is more than 
10,000 the value of k,, will fall above this 
line. Thus for furfural, Figure 8, if G,, 
is 3,000, the value of k, will be about 
0.015 lb./(hr.) (sq. ft.), unit concentration 
difference for G, of 2,000 to 10,000. But 
at G, of more than 10,000 the values of 
k,, fall on a vertical line, as shown. The 
correlation equation does not include 
these data, since any values of k,, for G, 
above 10,000 were discarded before the 
correlation was made. 

A first sight it may appear queer that 
the slope of the curve for k,, vs. G,, at 
G, from 2,000 to 10,000, is shown in 
Figures 4 to 8 as about 1.0; whereas, the 
method of least squares, for all the data 
for all systems, shows an exponent for the 
Reynolds number dG,,/u, of 0.4. If one 
should plot the data for all the systems on 
one graph, the curve through the points, 
as determined by the method of least 
squares, would have a slope of 0.4. As 
has been pointed out, this scattering of 
points results in poor correlation when 
the data for all systems are combined. 

No such interesting curves could be 
obtained from the data collected for k, 
plotted vs. G,, at constant G,. The data 
was too scattered to permit location of 
any curves. However, statistically it was 
shown that k, could be considered inde- 
pendent of the Reynolds number for the 
water phase. This means there should 
have been a horizontal portion to the 
curves. The scattered data is attributed 
to the higher transfer coefficients of 
water into solvent as compared with that 
for the solvent into water and to the 
necessity for more careful sampling and 
analysis. 


LIMITATIONS OF THE METHODS 


The equation proposed for calculation 
of mass transfer coefficients can at its 
present state of development be used 
only for calculations for mass transfer 
through the interface of a horizontal tube 
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extractor. For any other type of extractor, 
no means of evaluating the area of the 
interface have been accepted. Further- 
more, the length term in the Reynolds 
number, d, the diameter of the tube, 
must be interpreted and defined for other 
types of extractors. At present this 
method of attack is only one approach to 
the determination of the effect of various 
factors on the film coefficients. 

The next step would be the application 
of the equation to extraction in the hori- 
zontal tube of three-component, two- 
phase systems, where a solute is trans- 
ferred from one phase to the other. Then 
the equation could easily be applied to 
experiments using the wetted-wall towers. 
Finally the more difficult step will be to 
find a means of using the prediction 
equation with packed spray and baffle- 
type columns. 


CONCLUSIONS 


By use of a horizontal tube extractor 
and five two-phase, two-component sys- 
tems, data have been collected for 
transfer of one component into the other. 
These data have been correlated as a 
series of dimensionless groups, related in 
exponential form. The constants for the 
equations have been determined. The 
data have been analyzed statistically. 
The value of the solvent-film coefficient 
for transfer of water into the solvent has 
been found to be independent of the 
mass velocity of the water phase between 
2,000 and 10,000 lb./(hr.)(sq. ft.). The 
value of the water film coefficient for 
transfer of solvent into the water has been 
found to be independent of the mass 
velocity of the solvent phase between 
2,000 and 10,000 lb./(hr.) (sq. ft.). Above 
a mass velocity of 10,000 lb./(hr.) (sq. ft.) 
the values of the logarithms of k,d/D.,, 
and of k,d/D, vary as a straight-line 
function of the logarithms of G,, and G,, 
respectively, independently of the values 
of G, or G,, respectively. 
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NOTATION 

A = total interfacial area of contact, 
sq. ft. 

A = constant 

a = constant 

b = constant 


C = concentration of solute in solution, 
lb. moles/cu. ft. 


c = constant 

D = diffusivity, sq. ft./hr. 

d = diameter of extraction tube, or in- 
side diameter of tower, ft. 

é = constant 
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constant 

mass rate of flow, lb./(hr.) (sq. ft.) 
acceleration of gravity, ft./hr.? 
over-all mass transfer coefficient, 
Ib. moles/(hr.)(sq. ft. of unit con- 
centration difference) 

film coefficient of mass transfer, Ib. 
moles/(hr.)(sq. ft. of unit concen- 
tration difference) 

constant 

meles solute transferred, lb. moles 
constant 

velocity, ft./hr. 

thickness of film, ft. 


lI 


Re ses 


Subscripts 
core fluid 


solvent phase 
wall fluid or water phase 


c 


Greek Letters 


finite change or difference 

time elapsed, hr. 

interfacial tension, lb./hr.? 
viscosity, lb./(ft.) (hr.) 

density, lb./cu. ft. 

weight rate of flow per unit peri- 
phery, lb./(hr.) (ft.) 
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Fractionation of Gas Mixtures in a 


Moving-bed Adsorber 


WILLIAM H. KAPFER, MONROE MALOW, JOHN HAPPEL, and CHARLES J. MARSEL 


I, CORRELATION OF ADSORBER PERFORMANCE 


The design and operation of a pilot-scale-moving bed adsorber to separate the various 
components of a gas mixture using activated carbon as the preferential adsorbent are 
described. A binary system, methane-acetylene, and a ternary system, methane-carbon 
dioxide—acetylene, were studied. The performance of the unit was analyzed by means of the 
transfer-unit-height (H.T.U.) concept based on the observed changes in gas composition 
during tower operation. For both the binary and ternary systems the transfer-unit height 
was independent of feed-gas composition but was found to vary linearly with the ratio of 
feed gas to carbon flow. The over-all transfer-unit-height values based on either the gas 
or the adsorbed phase were observed to vary from 6.5 in. at 1.39 std. cu. ft./lb. carbon to 


36.9 in. at 4.81 std. cu. ft./lb. carbon. 


The separation of acetylene from 
dilute gas mixtures containing methane 
and carbon dioxide, by selective adsorp- 
tion on activated carbon in a pilot-scale 
moving-bed adsorber has been investi- 
gated experimentally as part of a more 
extensive program having as its objective 
the study of the production and recovery 
of various petrochemicals. Acetylene is 
of particular interest because of its 
potential extensive use if it can be 
recovered cheaply and conveniently from 
dilute mixtures with other hydrocarbon 
gases such as those obtained by cracking 
natural gas. A recent survey (/8) has 
indicated that the use of a selective ad- 
sorption technique known commercially 
as hypersorption (4 and 23) is an econom- 
ically attractive method for the purifica- 
tion of acetylene. Several general ad- 
vantages of this method of separation 
over other more conventional methods in 
commercial use such as distillation, 
adsorption, or solvent extraction are 
(a) better selectivity, (6) relatively high 
capacity for low-boiling materials, (c) use 
of moderate temperatures and pressures, 
and (d) ability to recover with greater 
efficiency certain constituents present in 
small amounts in gas mixtures. 

Chief industrial interest in gas adsorp- 
tion until rather recently lay in processes 
to recover the last traces of condensible 
gases from relatively inert gases, as in 
the drying of gases, recovery of volatile 
solvents, and removal of odors and 
noxious gases from air (27 and 28). In 
the past few years, however, interest in 
the separation of gases having similar 
relative adsorbabilities has increased 
greatly. Equilibrium data for various 
binary and ternary hydrocarbon systems 
have been published (24), and equipment 
and processes for carrying out separations 
by selective adsorption in both fluidized 
and countercurrent moving adsorbent 
beds have been patented (6 and 16) and 
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described in the literature (3 and 21). 
The most successful of these processes 
has been the hypersorption process of the 
Union Oil Company (4 and 23), under 
whose direction several large-scale ad- 
sorbers have been built. In spite of the 
intensive research now in _ progress, 
however, no design methods are generally 
available at the present time for deter- 
mining the height of an adsorbent bed 
necessary to produce a desired separation. 
The present investigation, therefore, had 
as its chief objective the study of certain 
operating variables involved in the 
design of a moving-bed adsorber and the 
development of methods for the analysis 
of the performance of the pilot-plant unit 
based on the transfer-unit-height concept 
of Chilton and Colburn (1/0 and 1/1). 
Specifically, binary feed-gas mixtures of 
methane and acetylene, and later ternary 
feeds consisting of methane, carbon 
dioxide, and acetylene, were fractionated 
in a pilot moving-bed adsorber with the 
purpose of continuously separating and 
recovering the acetylene in higher con- 
centrations, 

Early work on this research program 
was carried on by Howard Kehde (22), 
who employed a simple countercurrent 
adsorption system. Binary gas mixtures 
of methane—ethylene and ethylene— 
propane were fed into the bottom of a 
l-in. I.D. iron pipe down which was 
flowing a stream of activated charcoal. 
The change in vapor concentration 
between the feed and overhead was 
noted, and, by a method similar to that 
used for absorption or stripping, the 
transfer unit height (H.T.U.) or height 
equivalent to theoretical stage 
(H.E.T.S.) could then be estimated. In 
the physical arrangement employed by 
Kehde the overhead stream becomes 
enriched in the more volatile component 
while the adsorbate on the carbon 
leaving the bottom of the tower is richer 
in the heavier component. It is obvious, 
however, that. for such a system the 
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maximum possible enrichment of the 
heavier component of the feed mixture 
corresponds to equilibrium with the 
feed gas. In order to obtain high purities 
of the heavy component it is necessary 
to employ a fractionation section below 
the feed point like that normally used in 
other cascade operations such as distilla- 
tion. Operation in this manner was the 
next logical extension of the research 
program. The present investigation, 
therefore, was made on a tower containing 
both an adsorption (upper) and a strip- 
ping (lower) section, as shown in Figure 1, 
both binary and ternary gas systems 
being used, as mentioned above. 


APPARATUS AND METHODS 


The equipment used for carrying out 
these investigations is shown in Figures 1 to 
6. The adsorber column proper was con- 
structed of standard 1-in.-diam. steel pipe 
and had an over-all effective bed length of 
approximately 13 ft., measured from the 
overhead gas disengaging section, O, to the 
‘carbon flow-control valve, V. (See Figure 1.) 
The total height of the entire assembly in- 
cluding the two 55-gal. storage drums, A 
and B, was 21 ft. Because of height limita- 
tions imposed by the laboratory building, 
the bottom section of the tower located be- 
tween the side product gas outlet, S, and 
the stripping has inlet, P, was inclined at an 
angle of 45 deg. to the vertical. No operating 
difficulties were experienced because of this 
construction, as the angle of repose of granu- 
lar carbon is approximately 38 deg. 


Carbon Flow 


Activated Columbia HA carbon (10- to 
28-mesh granules) was allowed to flow by 
gravity from the top storage reservoir, A, 
through the column and into the saturated 
carbon storage drum, B, at the base of the 
adsorber. The carbon flow was controlled 
accurately by a specially designed flow con- 
troller, V, which is shown in detail in Figure 
3. It consisted essentially of a rotating ele- 
ment mounted between two stationary 
guide plates and was connected to a vari- 
able-speed transmission. Each revolution of 
the disk caused a fixed quantity of carbon 
to be transported through the valve. Thus 
controlling the speed of rotation of the disk, 
caused varying amounts of carbon to flow 
down the column. Pulsations in flow were 
observed to be negligible a few feet above 
the valve at ordinary operating speeds, and 
so flow through the column proper may be 
considered uniform. In order to further im- 
prove the flow characteristics and to prevent 
bridging of the carbon, a Syntron vibrator 
was also mounted on the column. 
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R-3 F FEED GAS INLET 
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e] QO = OVERHEAD GAS OUTLET 
y P © STRIPPING GAS INLET Fig. 2. Gas engaging or disengaging section. 
R = ROTAMETER 
s = SIDE PRODUCT GAS OUTLET 
TG + CONTROL THERMOCOUPLE 
TRG = TEMPERATURE RECORDER - CONTROLLER 
C3H¢ v= CARBON FLOW CONTROL VALVE equilibria involved for specific systems and 
STRIPPING VST = VARIABLE SPEED TRANSMISSION conditions must be carefully considered. 
out GAS WTM = WET TEST METER F 
to APPROXIMATE SGALE: 2 FEET, 
on- FOR VERTICAL DISTANCES ALONG TOWER Reflux 
ipe Fig. 1. Schematic diagram of hypersorber. _As seen in Figure 1, the descending carbon 
1 of with its adsorbate containing the heavier 
the components of the main feed gas flowed 
the Gas Flow recovery operation continuously as an inte- past the feed point, F, and into the lower or 
SED) Feed gas, obtained from either high- gral part of the over-all separation process, enriching section of the adsorber, where it 
in- pressure cylinders or brine-sealed atmos- in order to simulate conditions obtained in came in contact with the stripping agent, 
fl pheric-pressure gas holders, was metered modern industrial hypersorbers. propylene. The introduction of the stripping 
ita- through rotameters, which were calibrated Although superheated steam is used in agent and the consequent displacement of 
ing, immediately prior to use’ with a wet-test industrial hypersorbers as the stripping the lighter components from the carbon, 
be- meter and fed at substantially atmospheric agent, it was not convenient to use this e.g., acetylene and methane, created a gas 
and pressure to the center of the column at the medium in the pilot adsorber, because of the stream which originated in the area of dis- 
; an feed-gas engaging section, ’. The gas flowed difficulties which would be encountered by placement between tower sections P and S 
‘ing upward through the column, countercurrent the condensation of water and the conse- and moved up the column as a reflux stream. 
this to the descending carbon, and was with- quent wetting of the carbon at the operating All or part of this ascending gas stream 
nu- drawn either at the disengaging section, O, temperatures and pressures employed. To could be removed as a side product at the 
to give the normal overhead gas product, or achieve this purpose, therefore, a secondary _ gas disengaging section S. If all this gas was 
at section J, as the “intermediate” gas feed of hydrocarbon gas was introduced at removed at S, then a condition analogous 
product. By contact with the carbon in this section P in the tower to act as a stripping to a state of no reflux existed in the section 
to manner, the higher molecular weight con- agent for the gases adsorbed on the carbon of the tower between S and F, and the lower 
wn stituents tended to be removed preferen- in tne upper sections of the column. This section of the column between points FE and 
4 tially from the original feed-gas mixture by secondary feed had to be a gas which was’ S acted only as a carbon-stripping section. 
ted selective adsorption onto the surface of the more strongly adsorbed by the carbon than If only a part of the desorbed gas was re- 
the activated carbon. Thus contact of a feed gas__— the gases which were to be recovered from moved as a side stream at section S, by 
led mixture consisting of methane and acety- the main feed gas, and it had to be capable regulating the outlet valve, then the re- 
ga lene resulted in the removal of a portion of of displacing these gases from the carbon mainder of the gas continued to ascend 
see the acetylene from the gas and an accumula- under the conditions existing in the tower. between sections Ss and F as reflux. Because 
res tion of acetylene on the ‘arbon to an extent Thus, in the ease under consideration, a this reflux contained the desorbed heavier 
oe depending on such factors as temperature, secondary feed stream of propylene entering components of the main feed gas, it tended 
Bers pressure, gas composition, flow rates, and the tower at the gas-engaging section P to displace the less strongly adsorbed com- 
a carbon activity, as discussed elsewhere in displaced the acetylene-rich adsorbate from ponents from the descending carbon, thus 
sale this paper. The overhead gases, therefore, the carbon in the lower section of the column giving a side-product gas richer in the heav- 
wr were enriched with respect to methane by between points P and S. In general, it was ier components. Such a desorption process 
isk this net removal of acetylene from the origi- observed that lower molecular-weight hy- is analogous to that used in a continuous 
wes nal gas stream. drocarbons were so displaced by higher reboiled absorption unit, in which the rich 
aa The saturated carbon resulting from the molecular-weight hydrocarbons; that is a solvent is completely stripped of absorbed 
peti above-mentioned gas contact continued to C-3 hydrocarbon would displace a C-2 hy- components, a portion of the desorbed 
ad move down the column, and, if desired, it drocarbon, or the latter a C-1 or hydrogen, stream being returned to the system as 
mc could be removed from the bottom of the and so forth. This tendency, however, was reflux while the remainder is taken off as a 
we tower without further treatment. The ad- not true for all cases, for it was also observed bottoms product. ; 
bend sorbed gases, enriched in acetylene, could than n-butane failed to displace propylene, If none of the gas was removed as a side 
ia then be recovered by stripping the carbon and hence it could not be used for this pur- product at section S, corresponding to a 
in a separate vessel. The present apparatus, pose when it was desired to recover the type of total reflux, the total feed input was 
however, was designed to carry out this propylene. It is apparent that the adsorption eventually recovered at the overhead gas 
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Fig. 3. Carbon flow control valve. 


outlet, O, and the adsorber behaved simi- 
larly to a fixed bed which became progres- 
sively saturated and finally reached a state 
of equilibrium with the feed gas such that 
no net change in gas composition occurred 
as it passed through the bed. Under these 
conditions continuous separation was not 
possible. To achieve maximum over-all 
separation of a particular gas mixture, 
therefore, there must be an optimum 
amount of reflux. 


Temperature Control 


The adsorption of propylene by activated 
carbon occurred in a narrow band, which 
moved up the tower from point P. Accom- 
panying this adsorption wave was a sharp 
temperature rise owing to the release of 
energy upon adsorption. This rise formed 
the basis for the control of the propylene 
flow to the tower. Thus, when the propylene 
band reached the control thermocouple, the 
temperature effect was transmitted to 
TRC-3, a Brown temperature-recorder con- 
troller of the proportional plus reset type, 
which actuated a diaphragm valve on the 
propylene-supply line. This valve was then 
throttled sufficiently until the ascending 
propylene-adsorption band was transported 
down below the control thermocouple by the 
descending flow of carbon. As soon as the 
temperature at this point fell below the set 
point, the controller TRC-3 acted to increase 
the propylene flow, thus maintaining the 
system in proper balance without contami- 
nating the side-product stream with propy- 
lene. 

Similarly another Brown temperature- 
recorder controller, TRC-2, actuated by the 
temperature rise produced by the ascending 
reflux stream in the tower section between 
points S and F, operated a second dia- 
phragm valve on the side-product outlet 
line, limiting the flow of side product from 
the system and thus regulating the level of 
reflux as described above. Control of the 
reflux level in this fashion, however, was not 
entirely satisfactory, as the relatively small 
amounts of available gas tended to produce 
a cyclic disturbance which prevented true 
steady state operation of the tower in some 
sases. In most runs, therefore, very little 
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reflux was used, because best over-all sta- 
bility was obtained under these conditions. 

The column was drilled and tapped at 
strategic points for installation of 1-in.- 
diam. pencil-type iron-constantan thermo- 
couples, fitted with compression-type 
sleeves, for measurement of bed tempera- 
tures. The thermocouples were connected to 
a twelve-point Brown potentiometer or to 
the temperature-recorder controllers. 

The gas-engaging and -disengaging sec- 
tions were identical and, as shown in Figure 
2, were constructed by welding together two 
standard 4-in.-steel welding caps. A 1-in.- 
diam. pipe nipple was welded into the top 
half of each section as shown, thus providing 
a gas space from which a carbon-free gas 
stream could be removed or into which a 
feed-gas stream could be introduced via a 
14-in. O.D. tubing connection. The bottom 
of each unit was fitted with a close nipple 
and a standard Y connection, to which was 
attached a plug valve to permit withdrawal 
of a carbon sample just below the section. 

The saturated carbon was removed peri- 
odically from the storage drum (B, Figure 1) 
and sent to a batch steam stripper illus- 
trated in Figure 4. Saturated or slightly 
superheated steam was admitted to the bot- 
tom of this vessel and allowed to pass up- 
ward through the carbon charge until all 
the adsorbed gases were removed. The 
steaming was then discontinued, and hot, 
dry air was admitted. When the carbon was 
dry, it was drained from the bottom of the 
unit and recharged to the carbon-feed- 
storage reservoir (A, Figure 1) of the ad- 
sorber to complete the cycle. Industrially 
the carbon is stripped continuously and re- 
turned via a gas lift to the top of the hyper- 
sorber, a portion of the carbon recycle being 
sent to a high-temperature reactivator to 
remove very strongly adsorbed or polymeriz- 
able materials which tend to reduce the 
activity of the carbon. This type of reacti- 
vation was unnecessary in the present in- 
vestigation because high-purity reagent 
gases were used. 


Materials 


The gases used in this investigation were 
all of high purity (approximately 99%) and 
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were obtained from the Matheson Company 
in standard high-pressure cylinders. Acety- 
lene was bubbled through water and then 
passed through a calcium chloride drying 
chamber before entering the system. The 
gases were metered through calibrated ro- 
tameters at 5 lb./sq. in. gauge and sent to 
the tower feed line, which entered at section 
(F, Figure 1). The overhead- and _side- 
product gases, which were withdrawn from 
the column at sections O and S respectively, 
were passed through rotameters or through 
wet-test meters to be measured before being 
vented to the atmosphere. 

The carbon used for this investigation 
was Columbia grade HA activated cocoanut- 
shell charcoal, supplied by Carbide and 
Carbon Chemicals Corporation in the form 
of 10- to 28-mesh granules. The carbon 
activity was determined by a standard 
n-butane-adsorption technique. 


Gas-sampling connections were installed 
on all gas lines leading to and from the 
adsorber, thus making it possible to obtain 
gas samples simultaneously at the over- 
head-, intermediate-, feed-, and side-product 
locations. To obtain a gas sample, a 250-ml. 
gas-sample bulb, filled with a slightly acid 
saturated aqueous solution of sodium chlo- 
ride in which the gases used were essentially 
insoluble, was attached to the sample line 
through an upper stopcock, and the salt was 
allowed to drain slowly from the lower 
stopcock of the bulb. In this way a represen- 
tative gas sample was collected over a 
controlled period of time by displacement of 
the liquid. Although the samples could be 
stored indefinitely, they were usually ana- 
lyzed within 24 hr. or less by means of an 
Orsat apparatus. While a run was in progress 
provision was also made to sample the 
various gas streams directly for chemical 
analysis by an Orsat apparatus mounted on 
the control panel. In this manner an in- 
stantaneous check on gas compositions 
could be obtained. 

Carbon was sampled at the overhead-, 
intermediate-, and side-product outlet 
points, as well as the main and secondary 
feed-gas inlet points by means of the carbon- 
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Fig. 5. Carbon activity—equilibrium apparatus. 


sampling valves attached to the gas engag- 
ing and disengaging sections. (See Figures | 
and 2.) The carbon samples were collected 
and stored in 250-ml.-capacity screw-cap 
jars and then transferred te the small-scale 
carbon stripper shown in Figure 6. In this 
apparatus a known weight of saturated 
carbon was stripped with steam, which was 
freshly generated from boiled, distilled 
water, the desorbed gases being collected 
over a saturated salt solution in a 5-gal. 
reservoir. The gases thus collected were 
forced by liquid displacement into a stan- 
dard glass sampling bulb in a manner similar 
to that used to collect the primary gas 
samples from the moving-bed adsorber. 
The chemical analysis of feed and product 
gases from the column, as well as the gas 
desorbed from the various carbon samples, 
was carried out in an Orsat apparatus which 
was equipped with a pressure-compensated, 
high-precision measuring tube, with which 
it was possible to measure gas volumes to 
0.01 ml. Mercury was used as the confining 
liquid, and contact pipettes were attached 
to the capillary manifold by spherical ball- 
and-socket points. The particular combina- 
tions of gases which were used to study the 
performance of the moving-bed adsorber 
were such that a complete analysis by Orsat 
technique was feasible. A typical combina- 
tion included methane, acetylene, propy- 
lene, and carbon dioxide, along with nitro- 
gen and oxygen from air leakage. In this 
case a sample in the Orsat apparatus was 
passed through the following solutions: 
(a) 50% aqueous potassium hydroxide, to 
absorb carbon dioxide; (b) alkaline potas- 
sium iodomercurate solution (18), to absorb 
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acetylene; (c) acid mercuric sulfate solution 
(18), to absorb propylene; and (d) alkaline 
potassium pyrogallate solution to absorb 
oxygen. As all oxygen and nitrogen origi- 
nated from the air, it was possible to caleu- 
late the nitrogen content from a knowledge 
of the oxygen present. The residual methane 
content was then calculated by difference 


from 100 volume %. 


RESULTS AND DISCUSSION 


The transfer-unit-height concept of 
Chilton and Colburn (10 and 11) provides 
a convenient method of comparing the 
efficiency under different operating con- 
ditions of various types of mass transfer 
equipment, as it expresses the perform- 
ance quite simply in terms of a single 
number which has the dimension of 
length and a numerical magnitude which 
is a direct measure of the relative difficulty 
of effecting a particular separation. It 
was decided, therefore, to use this ap- 
proach in the case of the moving-bed 
adsorber. Although the actual procedure 
adopted to estimate the transfer-unit 
height differed somewhat for the case of 
the binary system, methane-acetylene, 
as compared with the ternary system, 
methane-carbon dioxide-acetylene, the 
calculations in both cases were made from 
experimental adsorber-operating data 
such as those listed in Table 1 and the 
adsorption-equilibrium data which were 
predicted by one of the two correlation 
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were made at substantially atmospheric 
pressure and at temperatures between 
75° and 100° F. on binary feed mixtures 
of methane and acetylene which ranged 
in composition from 5 to 50 volume % 
acetylene. Total gas throughputs were 
controlled from approximately 5 to 20 
std. cu. ft./hr., measured at 60° F. and 
1 atm., and carbon flow rates varied 
from 2 to 4 lb./hr., these limits being 
imposed by the construction and satis- 
factory operation of the test equipment. 
More emphasis was placed on feed mux 
tures dilute in acetylene, viz.: 5 to 15 
volume %, as these concentrations would 
be the ones most likely to be encountered 
in the commercial production of acetylene 
by pyrolysis or partial oxidation of 
hydrocarbons. It has been pointed out 
(18) that in cases of this type the use of 
hypersorption to increase the acetylene 
concentrations in the furnace effluents 
possesses economic advantages over other 
methods of enrichment. Typical adsorber 
data obtained for the binary system are 
listed in Table 1. By suitable control of 
the gas and carbon flow rates it was 
found possible in exploratory runs to 
reduce the overhead loss of acetylene to 
zero and at the same time to increase its 
concentration in the side product to as 
high as 96 volume % acetylene, starting 
with 30% acetylene in the feed. For 
analytical purposes in the present study 
it was desirable to obtain reasonable 
concentration changes and to avoid those 
operating conditions which reduced the 
concentration of one component to zero 
in either of the product streams. For this 
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reason the concentration changes were 

_ proportionately much greater in certain 
cases than in others. The optimum flow 
rates and concentrations to be used in 
commercial practice would be determined 
by appropriate economic balances. 

For analysis of the binary system, a 
material balance was first made on the 
top section of the moving-bed adsorber, 
between points O and F in Figure 1, 
by use of the observed gas rates and 
compositions and the experimentally 
determined adsorbate on the carbon at 
the overhead gas outlet to determine the 
amount and composition of the adsorbate 
on the carbon at the main feed inlet. This 
procedure was followed because it was a 
relatively simple matter to collect repre- 
sentative gas samples continuously while 
the adsorber was operating at steady 
state, but it was a much more difficult 
task to sample the carbon accurately. 
It was found impractical to attempt to 
collect carbon samples before or during 
gas sampling because of the serious 
disturbances to the tower equilibrium 
which occurred whenever a carbon valve 
was opened. The procedure finally 
adopted, therefore, was first to sample 


all the gas streams slowly and simul- 
taneously over a 15- to 20-min. interval 
of steady state operation without collect- 
ing any carbon. When the gas sampling 
was complete, carbon samples were 
withdrawn rapidly, starting at the top of 
the column, by opening in turn each plug 
valve to allow flow into a screw-cap 
bottle. Using this sampling technique, 
the authors concluded that all the gas 
samples were representative and that the 
carbon sample collected first (i.e., at the 
overhead gas outlet) was the most 
reliable. With the exception of the carbon 
sample withdrawn from the bottom of the 
column, where the disturbing effects of 
sampling were negligible, all other carbon 
samples were subject to greater error and 
were generally observed to give low total 
amounts of adsorbate when steam 
stripped as compared with those predicted 
and required by material-balance con- 
siderations. As the over-all material 
balances checked to within 5% in most 
cases, it was decided to calculate the 
amount and composition of the adsorbate 
at the main feed section, F', as mentioned 
above, in order to provide a consistent 
basis for the calculations. 


1. TyprcAL EXPERIMENTAL-ADSORBER Data** 


I-A I-B 
Binary system Ternary system 
Run 16 
Rate % Rate % 

Feed gas* 
Methane 4.32 70.0 2.99 41.7 
Carbon dioxide 2.39 33.3 
Acetylene 1.85 30.0 1.80 25.0 
Total 6.17 7.18 

Overhead gas 
Methane 3.21 90.4 2.81 51.0 
Carbon dioxide eee 1.91 34.2 
Acetylene 0.34 9.6 0.81 14.8 
Total 3.55 5.53 

Side-cut gas 
Methane 0.59 30.9 0.22 13.5 
Carbon dioxide - are 0.45 27.0 
Acetylene Loe 69.1 0.99 59-5 
Total 1.91 ark 1.66 

Entering carbon 
Methane 0.33 55.2 0.23 92.0 
Carbon dioxide 0.01 4.0 
Acetylene 0:27 44.8 0.01 4.0 
Total 0.60 0.25 

Bottoms carbon 
Methane 0.0 0.0 0.0 0.0 
Carbon dioxide 0.02 50.0 
Acetylene 0.10 3.9 0.02 50.0 
Propylene 2.52 96.1 
Total 2.62 0.04f 

Avg. temp., °F. 94 93 

Bed height, in. 48 26 

Nog 2 . 6 1 . 9 

Hog, in. 18.4 137 

Noa 2.8 1.9 

Hoa, in. 18.4 Ae 

Lb. carbon/hr. 2.0 2.2 

Std. cu. ft. gas/Ib. carbont 2.57 2.72 


*All gas and adsorbate rates are expressed as gram-moles per hour. Compositions are mole %. 
{Standard cubic feet of gas measured at 60°F. and 1 atm. 


tPropylene-free basis. 


**Complete tabular material has been deposited as document 4965 with the American Documentation 
Institute, Photoduplication Service, Library of Comgress, Washington 25, D. C., and may be obtained for 


1.25 for photoprints or 35-mm. microfilm. 
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With the input and output quantities 
for each component over the adsorber 
section between points O and F (Figure 
1) known, the molal flow rates of the gas 
in this portion of the tower were assumed 
to change uniformly, a change which 
was equivalent to the assumption of a 
straight operating line when the data 
were plotted as mole fraction of acetylene 
in the gas phase vs. gram moles of acety- 
lene per gram mole of carbon. Adsorption- 
equilibrium data for the methane-acety- 
lene binary were then calculated for gas 
compositions in the required ranges by 
Method I, binary adsorption equilibria, 
which was based on a modification of the 
Polanyi adsorption potential theory as 
described in Part II of this paper. The 
calculated equilibrium data were then 
plotted on the same diagram as the oper- 
ating data, and the number of over-all 
gas-phase and adsorbed-phase transfer 
units, Hog and Ho,4, based on acetylene 
concentration changes between the main 
feed and the overhead gas outlet were 
evaluated graphically, by means of the 
“half-line’ method of Baker (1). 


Ternary System 


In the calculation of the height of an 
over-all transfer unit for the ternary 
system, material balances were first 
obtained around the entire adsorption 
column and the section of the column 
under consideration. In all the runs made 
on the ternary system, both adsorption 
and enriching runs, the top or adsorption 
section of the column was used, and so 
sectional material balances were always 
made from the top of the column to the 
feed-gas entry point. For the ternary 
work the overhead gas was all taken off at 
gas-outlet point J in Figure 1 instead of 
point O, as in the binary work. This was 
done to increase the head of carbon above 
the gas outlet, thus increasing the resist- 
ance to gas channeling into the reservoir, 
A. The actual bed length for the ternary 
runs, therefore, was only 26 in., as com- 
pared with 48 in. for the binary runs. As 
stated earlier, carbon samples taken 
during tower operation through 1-in. 
diam. plug valves served to upset the 
tower equilibrium. Therefore all material 
balances were based on changes in gas 
flow and composition. Thus, by analysis 
of the overhead- and feed-gas streams at 
steady state, the entering carbon com- 
position in the reservoir having been 
ascertained previously, it was possible to 
determine by a material balance the 
composition and quantity of the ad- 
sorbate on the carbon passing point F. 

Since no experimental data were 
obtained on the variation of gas com- 
position with distance up the column, it 
was necessary to approximate this rela- 
tionship in order to plot the equilibrium 
curve and the operating line for the 
determination of the over-all transfer-unit 
height. In the case of the binary system 
a straight-line relationship was observed 
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for the operating lines. This relationship 
was established for each run by making a 
series of internal material balances be- 
tween one end of the section (e.g., at the 
feed or overhead), where compositions 
were known, and several intermediate 
points by assuming that the quantities 
of gas and adsorbate flowing through the 
particular section varied uniformly over 
the section in question. For the ternary 
work it Was decided that the use of the 
theoretical-stage method employed in 
multicomponent distillation calculations 
would be more suitable for the present 
purpose. With this method the assump- 
tion is that over each theoretical stage 
the adsorbate leaving is in equilibrium 
with the gas leaving the same stage. Thus, 
starting at the top of the tower the com- 
position-and quantity of the adsorbate on 
the carbon leaving the first stage was 
computed by assuming it to be in 
equilibrium with the overhead gas. This 
calculation was made by use of the ad- 
sorption-equilibrium equations of Lewis 
et al. (24) discussed later. Then, with the 
composition and quantity of the over- 
head gas, the entering carbon, and the 
carbon leaving the first stage known, the 
gas entering the first stage was obtained 
by a material balance. This process was 
repeated from stage to stage down the 
tower until the feed-gas and adsorbate 
compositions were reached. The number 
of theoretical stages required to effect 
the change in gas composition from the 


feed to the overhead was thus obtained, 
and the height equivalent to a theoretical 
stage (H.E.T.S.) was then the height of 
the section divided by the number of 
theoretical stages. For calculation of the 
over-all transfer-unit height, however, the 
equilibrium and operating data obtained 
in the H.E.T.S. calculation was plotted 
as mole fraction in the vapor vs. milli- 
gram moles of adsorbate per gram of 
sarbon, and the number of transfer units 
based on both the gas phase and the 
solid phase was evaluated either by 
graphical integration or by the “‘half-line”’ 
method of Baker (1), in the same manner 
as used in the case of the binary-system 
data. Actually the use of this method is 
based on the assumption that the effi- 
ciency of mass transfer of each component 
is the same, that is, that the approach 
to equilibrium is the same for each 
component. Such an assumption is 
usually made for calculating multicom- 
ponent distillation operations because of 
the complexity of any other approach. 
In the present case this assumption 
appears justified by the fact that in 
most instances each of the components 
shows approximately the same approach 
to equilibrium on the feed carbon. In a 
typical run, for instance, the approach 
to equilibrium at the feed for methane, 
carbon dioxide, and acetylene is 94.7, 
90.5 and 88.3% respectively. 

Eleven adsorber runs were made on the 
ternary system methane-carbon dioxide- 


Fig. 7. Fractionation of gas mixtures in a moving-bed adsorber. 
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acetylene. Six of the runs were designated 
as acetylene-enriching runs. As previously 
mentioned, it was the purpose of this 
research to study the performance of both 
the upper, or adsorption, section of the 
column and the lower, or enriching, 
section. Work on the binary system 
indicated that operation of the lower 
section of the column as _ originally 
planned, that is, stripping the descending 
carbon with propylene and dividing the 
desorbed gas between side-product gas 
and reflux, did not yield significant 
transfer-unit data for the section, because 
the quantity of desorbed gases was 
insufficient to provide both reasonable 
enrichment in the downflowing carbon 
and adequate samples. In order to 
obtain more reliable data on enriching- 
section performance, therefore, the upper 
section of the tower (between points F 
and I, Figure 1) was used for the enriching 
runs. In these enriching runs the carbon 
entering from the reservoir, A, was first 
pretreated with a relatively dilute mixture 
of the ternary gases in order to produce 
an adsorbate simulating that which 
would be present normally at the top of 
the enriching zone. This presaturated 
sarbon then descended the tower counter- 
current to a feed gas the composition of 
which approximated that of the normal 
side-cut gas. By operating in this fashion, 
the enriching data were obtained over the 
same section of the tower as the adsorp- 
tion data, and thus the effect of any 
construction variables was eliminated and 
direct comparison of the two processes 
permitted. 

Three runs were made to study the 
effect of gas rate and composition on the 
height of an over-all transfer unit, without 
bottoms reflux. In these runs essentially 
all the desorbed gas was removed as side 
product. In two other runs the ratios of 
reflux to side-product rate were 2/3 and 
1/1 respectively with the same feed gas. 
Under these conditions the percentage of 
acetylene in the side-product gas was 
increased from 42.7 to 55.2%. Another 
ri. was made to observe the effect of 
increase in the carbon flow rate on the 
height of an over-all transfer unit. In this 
run the carbon rate was increased to 3.2 
lb./hr. as compared with the 2.2 lb./hr. 
normally used for the ternary-system 
runs. As seen in Figure 8, no effect of 
increased carbon rate on the adsorbed- 
phase over-all transfer-unit height, 74, is 
indicated when plotted vs. tne gas-to- 
-arbon-rate ratio. This “grees with 
the data on the bir.iy svstem in which 
the over-all transfer-unit height was 
found to be independent of the carbon 
rate in the range from 2.0 to 4.0 Ib. of 
carbon/hr. 


Correlation of Data 

The data on the binary adsorption 
system, as well as the ternary adsorption 
and enriching systems, were correlated 
by plotting the over-all transfer-unit 
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Fig. 8. Transfer unit height correlation— 
I-adsorption of acetylene, methane, and 
carbon dioxide on columbia—HA carbon in 
a moving bed adsorber; O = binary system: 
methane—acetylene—adsorption, = ter- 
nary system: methane—carbon dioxide— 
acetylene—enriching, A = ternary system: 
methane—carbon dioxide—acetylene—ad- 
sorption. 


heights, Ho, and Hog, vs. the ratio of 
gas to carbon rate. Thus the over-all 
transfer unit height in inches, based on 
the adsorbed phase, Ho,4, is plotted in 
Figure 8 as a function of the standard 
cubic feet of gas at 60° F. and 1 atm., G, 
divided by the carbon rate in pounds per 
hour, L. A straight-line relationship was 
observed for the three sets of data, which 
may be stated analytically as 


(1) 


Figure 9 shows the corresponding rela- 
tionship obtained by plotting Hog, the 
over-all height of a transfer unit in 
inches based on the gas phase vs. G/L in 
the same units as above, which is also 
expressed by the equation 


Hog (2) 


From the fact that in each case above a 
single straight line was obtained for the 
three independent sets of data on the two 
systems it may be concluded that the 
height of an over-all transfer unit is a 
linear function of the ratio of the gas to 
carbon rate and is independent of the 
feed-gas composition. 

It is also of interest to attempt to 
interpret the results of this investigation 
on the basis of the rate mechanisms 
involved in the adsorption process. As 
discussed earlier, the successive steps 
involved in the adsorption of a vapor 
from a gas mixture are as follows: (1) 
transfer of the vapor from the main gas 
stream to the external surface of the 
particle; (2) transfer of the component 
within the pores of the adsorbent. (such 
transfer taking place either by diffusion 
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Fig. 9. Transfer unit height correlation— 
II-adsorption of acetylene, methane, and 
carbon dioxide on columbia—HA carbon in 
a moving bed adsorber; O = binary system: 
methane—acetylene—adsorption, [] = ter- 
nary system: methane—carbon dioxide— 
acetylene—enriching, A = ternary system: 
methane—carbon dioxide—acetylene—ad- 
sorption. 


in the gas phase in the pores or by 
adsorption at the mouth of the pores and 
diffusion of the adsorbed phase to the 
interior of the pore and both mechanisms 
probably occurring simultaneously, the 
greater the width of the pores the greater 
the percentages of transfer occurring by 
gas diffusion); and (3) physical adsorption 
of the vapor on the adsorbent surface. 

If the replacement of one gas on the 
carbon by a second gas is occurring, then 
the above-mentioned three steps in 
reverse order must be considered for the 
desorbed gas. 

Step (1) of the foregoing process, 
diffusion of vapors from a gas stream to 
the surface of a particle, has been care- 
fully investigated by Gamson, Thodos 
and Hougen (15) and by Wilke and 


Hougen (32). They found that the mass _ 


transfer rate could be correlated as a 
function of the modified Reynolds num- 
ber, D,G’/u, with a transition occurring 
at D,G’/u = 350. The results were 
expressed in terms of the 7 factor or the 
height of a gas-film mass transfer unit, 
Hg, as follows: 


D,G’ 
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Fig. 10. Transfer unit height correlation— 
III-adsorption of acetylene, methane, and 
carbon dioxide on columbia—HA carbon in 
a moving bed adsorber; O = binary system: 
methane—acetylene—adsorption, [| = ter- 
nary system: methane—carbon dioxide— 
acetylene—enriching, A = ternary system: 
methane—carbon dioxide—acetylene—ad- 
sorption. 
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Values of s fer various sized particles at 
a number of different void volumes are 
presented by Wilke and Hougen (32). 

By use of the foregoing equations and 
other data (13 and 26) to calculate 
values of Hg, individual transfer-unit 
heights in the order of 0.1 to 1.0 in. are 
obtained. Since the experimental over-all 
transfer-unit heights were found to be 
about 6.5 to 36.9 in., it is apparent that 
the external gas-film resistance is not the 
controlling resistance in the adsorption 
process. It should be further noted that 
according to the gas-film individual- 
transfer-unit equations (4) and (5), He 
varies as G’ raised to the exponent 0.41 to 
0.51. Were this the controlling resistance, 
the plot of over-all transfer-unit heights 
vs. the gas-carbon-rate ratio shown in 
Figures 8 and 9 would be expected to 
yield exponential curves rather than 
straight lines. 

Step (1) having been eliminated as the 
rate-controlling step, it is apparent that 
either diffusion within the pores or 
physical adsorption must control. Al 
though accurate direct measurement of 
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the rate of physical adsorption is very 
difficult to obtain, as is pointed out by 
Brunauer (8), because of the difficulty 
of eliminating pore resistance and thermal 
effects which accompany adsorption, it 
is generally assumed that this process 
occurs with extreme rapidity and that 
the resistance involved is negligible com- 
pared with the other diffusional resist- 
ances involved. Such an assumption 
appears reasonable also from the quantity 
of heat involved in physical adsorption 
as compared with the much slower 
chemisorption process. The heat of 
physical adsorption is equal to or only 
slightly greater than that involved in 
condensation, which is assumed to occur 
instantaneously, while the heat evolved 
in chemisorption is about ten times that 
for physical adsorption. Eliminating gas- 
phase diffusion and physical adsorption 
as rate-controlling steps, we are left with 
only internal pore diffusion as the pos- 
sible rate-determining step. 

Other investigators have also reached 
the same conclusion. Foster and Daniels 
(14) concluded that for adsorption of 
nitrogen dioxide from air on silica gel 
the rate-determining step is the diffusion 
of the solute inside the particles. Eagleton 


and Bliss (13) also reported that diffusion 
inside the particles was controlling for 
the adsorption of water vapor on alumina. 

That the resistance to mass transfer 
through the gas phase is negligibly small 
as compared with the adsorbed phase is 
also demonstrated by use of the present 
data by plotting the over-all transfer-unit 
height based on the gas phase, Hog, vs. 
mG/L, the ratio of gas to carbon rates 
multiplied by the average slope of the 
equilibrium curve as shown in Figure 10. 
This plot expresses the usual relationship 
between the over-all and individual mass 
transfer unit heights, which is given by 
the equation 


mG 
L 


Hog = He + H, (7) 


In the plot of Hog vs. mG/L the slope of 
the line is equivalent to the value of H,, 
and the y intercept is the value of Hg. 
Figure 10 shows Hg to be essentially 
zero, thus pointing to the negligible 
resistance to diffusion in the gas film. 
Allowing for scatter in the experimental 
data, the average value of the individual 
transfer-unit height based on the adsorbed 
phase, H,4, is observed to be about 11 in. 


Il. EQUILIBRIUM CONSIDERATIONS 


A method for estimating adsorption equilibria based on a modification of the Polanyi 
adsorption-potential theory was developed for use in the investigation described in Part I 
of this article. In addition, the recently published correlation method of Lewis, Gilliland, 
Chertow, and Cadogan, suitably modified for the present application, was successfully 
employed in the correlation and extrapolation of the ternary equilibrium data. 


The ability of certain highly porous 
solids such as activated charcoal, silica 
gei, aiid alumina to adsorb large volumes 
of gases has been recognized and used 
industrially for over one hundred and 
fifty years. A large amount of experi- 
mental work has been carried out on the 
equilibrium relations of various individual 
gases on different adsorbents, and many 
theoretical and empirical equations have 
been developed to describe these rela- 
tionships (8). Up to the past few years, 
however, very little work has been done 
on the equilibrium relations of binary 
or multicomponent gas mixtures that 
would be of interest to designers of a 
unit for the separation of gases by 
selective adsorption as described in 
Part I. 

In an analysis of the performance of 
the moving-bed adsorber in terms of the 
height of a transfer unit it is necessary 
that both equilibrium data on the systems 
involved and operating data on the actual 
apparatus be available. The experimental 
determination of all the equilibrium data 
required, though highly desirable, was 
considered outside the scope of the present 
investigation. Since a relatively large 
body of equilibrium data on similar 
adsorbate-adsorbent systems is reported 
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in the literature (31), it was decided to 
develop methods for application of these 
data to the problem. Accordingly, two 
methods for establishing adsorption equi- 
libria for multicomponent systems were 
developed for use with the experimental- 
adsorber data to determine the transfer- 
unit height. The correlations were checked 
at random against certain experimental 
equilibrium measurements as shown in 
Tables 2 and 3. 


METHOD I: BINARY-SYSTEM ADSORPTION 
EQUILIBRIA, MODIFIED POLANYI THEORY 


The Polanyi approach (29 and 30) 
was first chosen because of its relative 
simplicity. A complete description of the 
theory and its modifications for use in 
the present investigation is outside the 
scope of this paper, and the reader is 
referred to standard works such as 
Brunauer (8). A few brief comments, 
however, are introduced here in order to 
furnish a background for this method of 
estimation (20). 

With the combined effects of vertical 
and lateral interactions taken into 
account as well as those of other surface 
forces (2) the net effect of which is to 
create a potential field similar to that 
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CONCLUSIONS 


The performance of a_ pilot-scale 
moving-bed adsorber has been studied by 
means of a binary system of methane- 
acetylene, and a ternary system of 
methane-carbon dioxide—acetylene, with 
Columbia grade-HA activated carbon as 
the adsorbent. The data were correlated 
by plotting the over-all transfer unit 
height values against the ratio of the 
gas-to-carbon rate. A straight-line rela- 
tionship was found to exist for both 
adsorption and enriching operations with 
over-all-transfer-unit-height values based 
either on the gas phase or the adsorbed 
phase ranging from 6.5 to 36.9 in., for 
ratios of gas-to-carbon rate of from 1.39 
to 4.84 cu. ft. of gas (60 °F., 1 atm.)/Ib. 
of carbon. The individual transfer-unit 
height for the gas phase, Hg, was observed 
to be essentially zero, an indication that 
the resistance to mass transfer occurred 
mostly in the adsorbed phase. The 
individual transfer-unit height based on 
the adsorbed phase, H4, was estimated 
from the experimental data to be approxi- 
mately 11 in. 
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Fig. 11. Generalized adsorption potential 
curve for hydrocarbon gases. Adsorption on 
columbia grade L carbon. 


of the atmosphere surrounding the earth, 
the adsorption potential, €;, is defined as 


Pi 
«=| VaP (3) 
where p, and p; are the densities of the 
adsorbate at point x in the external gas 
phase and at point 7 near the adsorbent 
surface, V is the molar volume, and dP 
the change in pressure between points 
x and 7. Other investigators (24 and 25) 
have put Equation (8) into the form 


(9) 
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where fo is the fugacity of the adsorbate 
at temperature 7'o, and f, the fugacity 
in the external gas phase, R being the 
gas constant. 

Associated with each equipotential 
surface, €;, is an enclosed volume, ¢,, 
which varies from zero at the surface of 
the solid to a maximum value at the 
boundary of the adsorbate and the exter- 
nal gas phase. The value of ¢, is given by 


n 
= — 
Pr 


(10) 


where n is the quantity of adsorbate 
considered as a liquid and pz is the density 
of the liquid at the adsorption tempera- 
ture, 7. 

A plot of the relation of « to @ is 
known as the characteristic curve, and 
it can be shown to be independent of 
temperature (8). On the basis of the 
adsorption data of Ray and Box (31), it 
was found possible (20) to generalize this 
relationship for the lower hydrocarbons, 
as shown in Figure 11 by plotting 
€;/Emaz VS. The name activity has 
been applied (22) to @naz, and the ratio 
(b/hmar) X (100) is also called (4) the 
per cent saturation. 

To facilitate further the use of the 
adsorption data, Figures 12 to 15 were 
also constructed. Figures 12 and 13 are 
similar to the one published by Berg (4) 
for propane, and are analogous to vapor- 
pressure curves for liquids, except that 
for adsorption the additional variable 
of per cent saturation must be con- 
sidered. In Figures 14 and 15 the ad- 
sorbed density, p,., defined as the gram 
moles of adsorbate per cubic centimeters 
of total pore volume, is plotted against 
the per cent saturation. 

+ On the basis of the foregoing structure 
it becomes possible to predict the amount 
and composition of the adsorbate for a 
given gas mixture from a knowledge of 
the external gas pressure, temperature, 
and composition. For gas mixtures it 
was assumed that the law of additive 
pressures applied, that the partial pres- 
sure of any component was directly pro- 
portional to its mole fraction in the gas 
mixture, and that to a first approximation 
the amount of one component adsorbed 
from the gas mixture was independent of 
the amounts of other components ad- 
sorbed. From the composition and total 
pressure of the gas phase, therefore, the 
partial pressures of each component were 
calculated as the product of the total 
pressure, 7, and the mole fractions, y. 
With these partial pressures used as 
P,, values in the adsorbate vapor-pressure 
charts such as Figures 12 and 13, the 
corresponding values of per cent satura- 
tion were obtained at the temperature 
of the system. Knowing the per cent 
saturation, one could obtain the value of 
the average molal adsorbed density, pa, 
from the appropriate chart (Figures 14 
and 15), relating it to the per cent satura- 
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TABLE 2, ADSORPTION EQUILIBRIA: COMPARISON OF OBSERVED WITH PREDICTED VALUES 


Binary Systen: Methane—Acetylene: Pressure = 1 Atm. 


Gas Adsorbate amount, 
composi- Std. cu. ft./100 g. of carbon* 
Temp., tion, Adsorption Desorption Predicted Predicted 
Run °F. Component t q 
1 50 Methane 32.0 0.059 0.036 0.075 0.032 
Acetylene 68.0 0.241 0.244 0.280 0.294 
Total 100.0 0.300 0.280 0.355 0.326 
2 45 Methane 31.4 0.048 0.043 0.082 0.032 
Acetylene 68.6 0.254 0.262 0.276 0.304 
Total 100.0 0.302 0.305 0.358 0.336 
3 47 Methane 54.5 0.083 0.076 0.101 0.058 
Acetylene 45.5 0.196 0.204 0.244 0.213 
Total 100.0 0.279 0.280 0.345 0.271 
4 55 Methane 54.5 0.045 0.050 0.097 0.056 
Acetylene 45.5 0.190 0.188 0.222 0.210 
Total 100.0 0.235 0.238 0.319 0.266 
5 51 Methane 87.6 0.069 0.113 0.149 0.101 
Acetylene 12.4 0.051 0.071 0.154 0.063 
Total 100.0 0.120 0.184 0.303 0.164 
6 51 Methane 87.7 0.082 0.113 0.149 0.102 
Acetylene 12.3 0.048 0.071 0.154 0.063 
Total 100.0 0.130 0.184 0.303 0.165 


*Standard cubic feet of gas measured at 60°F., and 1 atm. 

tAdsorbate amount and composition calculated from data on adsorption cycle. (See text.) 

fAdsorbate amount and composition calculated from data on desorption cycle. (See text.) ; 
*Adsorbate amount and composition calculated by method I: Adsorption Equilibria, based on Polanyi 


theory. (See text.) 


qAdsorbate amount and composition calculated by methodI I: Adsorption Equilibria, based on methodYof 


Lewis et al. 


TaBiLe 3. ApsorPTION EQuILIBRIA: COMPARISON OF OBSERVED WITH PREDICTED VALUES 
Ternary System: Methane—Carbon Dioxide-Acetylene at 1 Atm. and 100°F. 


Gas 
composi- 

tion, 

Run Component, 
il Methane 55.1 
Carbon dioxide 33.8 
Acetylene 
Total 100.0 
2 Methane 41.7 
Carbon dioxide 33.3 
Acetylene 25.0 
Total 100.0 
3 Methane 32.0 
Carbon dioxide 56.4 
Acetylene 11.6 
Total 100.0 


*Gas composition as mole per cent. 


Adsorbate Amount, 
mmoles/g. of carbon 


Experi- Method Method 
mental It IIt 
0.636 0.645 0.610 
0.5380 1.080 0.544 
0.514 0.880 0.490 
1.680 2.605 1.644 
0.376 0.52 0.444 
0.570 1.09 0.510 
1.234 1.50 1.050 
2.180 3.10 2.000 
0.339 0.4380 0.376 
1.027 1.480 1.000 
0.574 0.900 0.545 
1.940 2.810 1.921 


{Calculated from Method I: Adsorption Equilibrium, based on Polanyi theory (29). (See text.) i 
tCalculated from Method II: Adsorption Equilibrium, based on empirical correlation of Lewis et al. (25). 


(See text.) 


tion at the same temperature. The 
amount of each gas adsorbed could then 
be calculated by multiplying the ad- 
sorbed density by the activity ¢,,.2, from 
which the amount and composition of 
the adsorbate could be calculated. 

The ability of the foregoing method to 
predict the adsorption equilibria for gas 
mixtures was tested against several 
different experimental determinations of 
binary mixtures of methane and acetylene 
and was found, as shown in Table 2, to 
give reasonably good agreement for 
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acetylene, which was noted to be appre- 
ciably better than the agreement ob- 
tained for methane. This effect might 
result from the assumption that no 
interference occurred in the adsorption 
of one gas by the presence of a second 
more strongly adsorbed gas. In _ the 
present case the acetylene, being much 
more strongly adsorbed, would tend to be 
affected only slightly by the presence of 
methane, but the reverse would not be 
true. Similar effects have been reported 
(33) for the simultaneous adsorption of 
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Fig. 14. Methane—adsorbed density at 
100°F. 


ethylene and propylene on carbon, where 
measurements showed that, even at high 
concentration of ethylene, the amount of 
propylene adsorbed was hardly affected, 
but small concentrations of propylene 
depressed the ethylene adsorption. Since 
only the acetylene adsorption formed the 
basis of the later analysis of the binary 
methane-acetylene separation in the 
moving-bed adsorber, the preceding 
method was considered to be acceptable 
in this case as a convenient means of 
obtaining consistent equilibrium data. 


METHOD II: TERNARY-SYSTEM EQUILIBRIA 


When method I, based on a modifica- 
tion of the Polanyi theory (29 and 30) 
and coupled with the assumption of 
independence of gas composition on the 
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Fig. 15. Acetylene—adsorbed density at 
100°F. 


quantity of each component adsorbed, 
was tested on the ternary system meth- 
ane-carbon dioxide—acetylene, it was 
found that in certain cases relatively large 
deviations between the predicted and the 
experimentally determined equilibria re- 
sulted. Accordingly, attention was turned 
to the correlations developed by Lewis, 
Gilliland, Chertow, and Cadogan (24 
and 25). Based on these correlations as 
well as on certain experimental data on 
adsorption relative volatility (26), a 
method of predicting the adsorption 
equilibria satisfactory for the present 
system was developed and checked with 
a limited number of experimental equi- 
librium measurements. As shown in 
Table 3, the predicted results obtained 
by method II were in better agreement 
with the experimental equilibrium data 
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than those predicted by method I. The 
reasoning behind method II is outlined 
briefly below. 

Relative volatility, defined as the mole 
ratio of the more volatile to the less 
volatile components in the vapor divided 
by the mole ratio of the same components 
in the adsorbed phase, was noted to be 
fairly constant with respect to composi- 
tion for a given system. In 80% of the 
eases studied by Lewis and coworkers 
(24), the vapor-adsorbate composition 
diagram obtained by using the relative 
volatility derived from a single experi- 
mental determination gave values of 
vapor composition for the various values 
of absorbate composition which were 
within 5% of the experimental values. 

The relative volatilities of a multicom- 
ponent system appear to be equal to the 
values obtained from a binary mixture 
of the gases under question. Relative 
volatilities of 1.45 and 1.46 were ‘found 
for the binary system: methane—carbon 
dioxide, as compared with an average 
value of 1.66 for methane—carbon dioxide 
in the ternary mixture. Likewise for the 
carbon dioxide—acetylene system, relative 
volatilities of 2.69 and 2.80 (average 2.75) 
were found for the binary combination, 
as compared with an average of 2.85 for 
the same components in a ternary mixture 
with methane. Based on ternary runs 
1, 2, and 3 (Table 3) the average relative 
volatility for methane-acetylene is equal 
to 1.66 X 2.85, or 4.74, which compares 
favorably with the grand average value 
of 4.65 for these components calculated 
from both the adsorption and desorption 
data for the binary system. 

The variation of the total quantity 
adsorbed was found (24) to be nonlinear 
with composition expressed as mole 
fraction in the adsorbate, but the data 
indicated a satisfactory correlation with 
the expression 


=1 (11) 


where m1, M2, ... ”, are the quantities of 
each component actually adsorbed from 
the mixture, and and ... 7,’ are 
the amounts of the pure components 
adsorbed at the same total pressure and 
temperature. The form of this equation 
may also be predicted from considerations 
based on Raoult’s law (26). 

According to this relationship the sum 
of the ratios of each component adsorbed 
to the quantity of that component which 
would be adsorbed if present alone at the 
total pressure and temperature should 
be unity. The values of n’ were obtained 
by experimental determination of the 
quantity of each component adsorbed at 
1 atm. and 100°F. For the ternary runs 
the value of n/n’ for runs 1, 2, and 3 are 
1.028, 0.988, and 1.024 respectively. For 
the binary runs 4, 5, 6, and 7 the values 
are 1.085, 1.031, 0.907, and 0.991 respeec- 
tively. Thus the correlation can be con- 
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For the purpose of correlation and 
prediction of equilibrium data for the 
ternary system methane-carbon dioxide- 
acetylene, the Lewis et al. (24) method 
was employed in the following manner. 
The equation 


satisfactory for the present 


(12) 


was used. In this and subsequent equa- 
tions for the ternary system the subscripts 
1, 2, and 3 refer to methane, carbon 
dioxide, and acetylene respectively. 11, ne, 
and 7; represent milligram moles of each 
component adsorbed from the mixture 
per gram of carbon at temperature T 
and total pressure 7. The primed values 
refer to the milligram moles of each pure 
component which would be adsorbed at 
the same temperature and total pressure. 
In addition the adsorption equilibrium 
relative volatilities are defined as follows: 


Yi X2 
= —e-— 13 
Yo (13) 
= Yo Xs {1 4) 
Y3 Xe 
is >= Yi Xs Yr Yo U3 (15) 
Yo Y3 Xe 
and 
(16) 


Mm + + Ns 


where 2: is the mole fraction of methane 
in the adsorbate. Therefore, by substitut- 
ing Equation (16) into Equation (13) 
one obtains 


(17) 


and similar results for the other com- 
ponents. Also, solving Equation (17) for 
Ne, gives 


Ne = (18) 


1 


Similarly, 


Nz = Aig 


Y3 
19 
ny ( ) 


Solving for nz and n3, and substituting in 
(12) one obtains 


n n 
Ny Yi Ne 
Y3 
20 
+ 413 ( 


For a given vapor mixture y:/y: and 
y3/y: are known, and no’ and n;’ can 
be obtained from a plot of the quantity 
of each component adsorbed vs. temper- 
ature at l-atm. pressure. Equation (20) 
can thereby be solved for m1, the quantity 
of methane adsorbed from the gas mix- 


Page 466 


ture. The quantity of carbon dioxide, 
me, and acetylene, nz, adsorbed can then 
be obtained from Equations (18) and 
(19) respectively. Thus the quantity of 
each component adsorbed can be deter- 
mined from the gas composition when the 
relative volatilities and isotherms or 
isobars of the various components are 
known. 

The applicability of this method for 
the prediction of adsorption data for the 
ternary system is shown under method 
II, Table 3. It is observed that the quan- 
tity and composition obtained by use of 
this method agrees well with the ex- 
perimental data and is superior to the 
modified Polanyi method. The adsorbate 
quantities and compositions listed under 
method II were obtained by use of the 
binary-system relative volatilities. The 
good agreement of these results with the 
experimental data show that binary 
relative volatilities may be used to 
calculate ternary equilibria. 


ADSORPTION EQUILIBRIA 


Experimental measurements of adsorp- 
tion equilibrium data were made with 
a flow or dynamie method with the 
apparatus shown in Figure 5. A sample 
of carbon was first treated with steam at 
212°F. for at least 1 hr., and then air 
was dried in a steam-jacketed tube for 
approximately 2 hr. This procedure 
served to remove any residual adsorbed 
hydrocarbons. From this point on, two 
slightly different techniques were em- 
ployed. 

In the first case the carbon was further 
dried in an oven for 2 hr. at 400°F., and 
a known weight placed in the upper or 
adsorption chamber of the aforemen- 
tioned apparatus. Water maintained at 
the desired temperature was passed 
through the surrounding jacket, and a 
metered quantity of the gas mixture to be 
adsorbed was allowed to flow up through 
the carbon bed. The saturation of the 
carbon by the gas mixture could be fol- 
lowed by observing the rise in bed tem- 
perature as indicated by the two iron- 
constantan thermocouples located in the 
carbon sample. After the heat wave 
accompanying the adsorption had passed 
the upper thermocouple, an additional 
30 to 45 min. was allowed with full gas 
flow and, as a further check, chemical 
analysis of the exit-gas stream was made 
in order to see that it was identical with 
the feed-gas composition, thus ensuring 
that equilibrium had been attained. The 
total quantity of exit gas was metered 
and collected in a brine-sealed atmos- 
pheric-pressure gas holder. This mixture 
in the gas holder was then sampled and 
analyzed, whence from a knowledge of the 
total input and output quantities, a 
material balance for each component 
could be made. In this manner the amount 
and composition of the adsorbate in 
equilibrium with a given feed gas at a 
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specific temperature and pressure could be 
calculated. When this analysis was 
complete, the saturated-carbon sample 
was transferred to the lower chamber of 
the appuratus (Figure 5) by opening the 
plug valve. Superheated steam was then 
admitted into the bottom of the carbon 
bed, and the desorbed gas was metered 
and collected in the brine-sealed gas 
holder. Analysis of the desorbed gas was 
then made, to provide a check on the 
amount and composition of the adsor- 
bate, which had been determined pre- 
viously by a material balance in the 
adsorption step. Adsorption-equilibrium 
data obtained in this manner for the 
binary system methane-acetylene at 
atmospheric pressure and at temperatures 
ranging from 45° to 55°F. are summarized 
in Table 2, where they are compared with 
equilibria estimated by a modification of 
the Polanyi (29 and 30) equations as 
described previously under Method I: 
Adsorption Equilibria. 

The second technique, which was 
employed for measuring the adsorption 
equilibria of the ternary system methane- 
carbon dioxide-acetylene as well as for 
the corresponding binary systems, was 
essentially the same as the one just 
described, except that the carbon sample, 
after air drying, was dried further in a 
vacuum oven at 400°F. for 3 to 4 hr. 
After cooling, the vacuum was broken 
by the admission of helium, which is not 
adsorbed under these conditions. The 
carbon sample was then weighed and 
charged to the adsorption section of the 
apparatus (Figure 5), which had _pre- 
viously been filled with helium or, in 
those runs where methane was a com- 
ponent, with methane. In this manner 
the amount of air contained on the 
carbon and in the apparatus was greatly 
reduced. In these cases a known feed 
gas was allowed to pass over the carbon 
until equilibrium had been reached in the 
same manner as described above. The 
saturated-carbon sample was then re- 
moved from the apparatus shown in 
Figure 5 and transferred to the apparatus 
shown in Figure 6, where it was stripped 
with superheated steam generated from 
freshly boiled distilled water. The de- 
sorbed gases were cooled and collected 
over a saturated-brine solution. The 
adsorbate amount and composition were 
then determined by chemical analysis of 
the known quantity of the desorbed gases. 
Adsorption-equilibrium data obtained by 
use of the second technique are sum- 
marized in Table 3, where they are com- 
pared with equilibrium estimated by a 
mcdification of the Lewis, Gilliland, 
Chertow, and Cadogan, correlation (24 
and 25) described previously under 
Method II: Adsorption Equilibria. The 
systems methane-carbon dioxide, carbon 
dioxide—acetylene, and methane-carbon 
dioxide-acetylene were all investigated 
atmospheric pressure and at temperatures 
ranging from 77° to 100°F. 
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CONCLUSION 


Two methods are described for esti- 
mating adsorption equilibria, one a 
modification of the Polanyi adsorption 
potential theory (29 and 30) and the 
other based on the recently published 
method of Lewis, Gilliland, Chertow, and 
Cadogan, (24 and 25). The latter method 
appears to be superior, the predicted 
equilibria being more consistent with lim- 
ited experimental checks for both the 
binary and the ternary systems which 
were investigated. 
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NOTATION 


constant in van der Waal’s 
equation of state 

= diffusion coefficient, sq. ft./hr. 

particle diameter, ft. 

fugacity of a gas or vapor, cor- 

responding to a vapor pressure 

Po, |b./sq. in. abs. 

fugacity of a gas or vapor cor- 

responding to an external gas 

pressure, P,, over an adsorbent, 

lb./sq. in. abs. 

= gas rate, cu. ft./hr. measured 

at 60°F., 1 atm. 

mass velocity, lb./(hr.) (sq. ft.) 

molar mass velocity, lb.-moles/ 

(hr.)(sq. ft.) 

height of a tower section, in. 

individual transfer-unit height 

based on adsorbed phase, in. 

over-ali_ transfer-unit height 

based on adsorbed phase, in. 

individual transfer-unit height 

based on gas phase, in. 

Hog = over-all transfer-unit 

based on gas phase, in. 

mass transfer factor 

= mass transfer coefficient, lb.- 

moles/(hr./sq. ft.)(mole frac- 

tion) 

a constant 

= carbon rate, lb./hr. 

average slope of equilibrium 

curve plotted on a phase-com- 

position diagram 

quantity of a gas component 

adsorbed from a gas mixture, 

g.-moles 

quantity of a pure gas compo- 

nent adsorbed at same total 


a = 


II 


height 


Vol. 2, No. 4 


Pa 


Paz 


/bmaz 


Subscripts 


Ax 


pressure ap 
g.-moles 


temperature as n, 


= number of icansfer units, over- 


all, based on adsorbed phase 


= number of transfer units, over- 


all, based on adsorbed gas phase 
pressure, lb./sq. in. abs. 

vapor pressure of a pure sub- 
stance at temperature 7’, lb./ 
sq. in. abs. 

external equilibrium pressure 
of gas in contact with an ad- 
sorbent 


gas constant, consistent 
units, usually 1.987 cal./ 
(g.-mole) (°K.) 

external surface area of a 


particle, sq. ft./cu. ft. 

absolute temperature, °K. 
molar volume of a saturated 
vapor at temperature, 7. 

mole fraction of a component in 
an adsorbed phase consisting of 
more than one component 
mole fraction of a component in 
a mixture of gases over an ad- 
sorbent. 


adsorption relative volatility, 
defined by Equation (8) 
Polanyi adsorption potential, 
cal./g.-mole 

adsorption potential at point 7 
in a potential field 

total gas pressure, lb./sq. in. 
abs. 

density, g./ec. or g.-moles/ce. 
average adsorbate density based 
on maximum adsorbent pore 
volume, $7, if it is assumed 
that the adsorbate completely 
occupies the volume, ¢,,.2. Units 
g.-moles/ce. 

viscosity, lb. (mass)/(ft.) (hr.) 
volume of adsorbent occupied 
by an adsorbate, considered as 
a liquid after Polyani (24), cor- 
responding to an adsorption 
potential 7; units, ml. 
maximum value of adsorbent 
pore volume, also called activity. 
units: cc./g. of adsorbent. 
ratio of volume occupied by a 
given amount of adsorbate, 
considered as a highly com- 
pressed fluid, to the total avail- 
able pore volume, ¢,.:. When 
converted to a percentage basis, 
this quantity is called adsorbent 
per cent saturation. 


components 1, 2, ... in a mix- 
ture 

adsorbed phase 

gas phase 

over-all 

absolute temperature, 7’ 
gas-film conditions 

point 2 in a field 

maximum 
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Mass ‘Transfer Rates in Ion Exchange 


W. A. SELKE, Y. BARD, A. D. PASTERNAK, and S. K. ADITYA 


The rates of both the liquid-phase mass transfer and the internal-diffusion steps in 
ion exchange were studied by means of shallow-bed experiments. The mass transfer 
coefficients obtained fitted the general correlations for other packed-bed operations when 
the Schmidt group was evaluated with experimentally determined ionic counterdiffusivities. 
An incremental calculation of the diffusion rates within the particles yielded a value of 
the counterdiffusivity in the resin phase. A general design procedure based on these 


findings is proposed. 


The integration of mass transfer data 
for ion exchange columns with the corre- 
lations for other unit operations using 
packed beds has been hindered by the 
complexity of the rate mechanism of ion 
exchange, by the paucity of appropriate 
diffusivity data, and by the difficulties 
encountered in the mathematical treat- 
ment of cyclical fixed beds. 

Over a wide range of conditions the 
rate of ion exchange has been shown to be 
governed by a combination of liquid- 
phase mass transfer and internal diffusion 
steps. Because of the transient nature of 
the diffusion in the particles it cannot be 
represented rigorously by an ordinary 
differential equation with constant rate 
coefficients. Over-all coefficients, which 
are convenient in those operations in 
which the mass transfer in both phases 
can be regarded at any instant as taking 
place at steady state, are not even ap- 
proximately constant with time when 
one phase is immobile (1/2). Although 
simplified rate expressions can be useful 
expedients and are required for simple 
design procedures, they do not give 
suitable indication of the importance of 
each rate step when employed for the 
analysis of data. 

Most experimental studies of ion 
exchange rates have been on fixed beds 
(7, 13). In order to extract rate informa- 
tion from the data, it is necessary to 
relate the effluent concentration history 
to the rate coefficient. Formal solutions 
for the fixed bed with a number of special 
cases of equilibrium and rate mechanism 
have appeared, but few experimental 
systems conform exactly to the models 
represented by the equations. The only 
work treating rigorously the important 
combined liquid and internal-resistance 
rate mechanism is that of Rosen (11) for 
linear equilibrium. 

In most previous studies of ion ex- 
change the mass transfer coefficients have 
been evaluated by the use of certain 
mathematical simplifications, some of 
considerable ingenuity (7, 15). The 
results obtained in this manner were 
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internally consistent, but perforce of a 
somewhat empirical nature. 

A somewhat more general, though less 
elegant, approach is the use of shallow- 
bed experiments for primary rate deter- 
minations. This technique permits direct 
evaluation of instantaneous values of 
both the liquid- and resin-phase diffusion 
resistances (2). It is the purpose of this 
paper to demonstrate that mass transfer 
coefficients determined in this manner 
are in accord with the general correlations 
for packed beds if the Schmidt number is 
evaluated with the proper diffusivities 
for the counterflow of ions. The analysis 
of the internal-diffusion step from shal- 
low-bed data can yield values of the 
diffusivities for the counterdiffusion in- 
side the resin particles and also point the 
way to design methods for deep beds. 


LIQUID-PHASE MASS TRANSFER COEFFICIENTS 
Experimental 


Shallow-bed Runs. The exchange of copper 
for hydrogen ions on Amberlite IR-120, a 
sulfonated polystyrene bead-form resin, was 
studied. The resin particles, from a closely 
sized cut of 0.5 mm. average diameter, 
were packed in a shallow bed, i.e., in a bed 
small enough so that average concentra- 
tions may be used in mass transfer and 
material-balance equations without serious 
error. A copper sulfate solution was fed 
through the bed at a fixed rate, measured 
by means of a rotameter. Two kinds of 
runs were made. 

1. Step-input runs, in which an approxi- 
mately 0.05N copper sulfate solution was 
fed directly to the shallow bed (initially in 
the hydrogen form). Under these conditions 
the shallow bed operates similarly to a 
differential section at the entrance of a 
deep-bed ion exchanger. 

2. Double-bed runs, in which the copper 
sulfate solution is passed through a deep- 
bed ion exchanger (initially also in the 
hydrogen form), prior to being fed to the 
shallow bed. In this way the shallow bed 
simulates the operation of a differential 
section of a deep bed somewhat removed 
from the entrance section. 

Samples from both feed and effluent 
streams were analyzed photometrically for 
copper, with tetraethylene-pentamine used 
as an indicator (4). 

Tonic Counterdiffusivilies. Measurements 
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were made by means of a cell consisting of 
two chambers separated by a sintered-glass 
membrane. One of the chambers was filled 
with a copper sulfate solution of the same 
concentration (approximately 0.05N) as 
was used in the shallow-bed runs, and the 
other one with a sulfuric acid solution of 
exactly the same normality. Thus copper 
and hydrogen ions would counterdiffuse 
through the membrane, approximating con- 
ditions in the liquid phase during an ion 
exchange operation. The cell was placed in 
a thermostat held at 25°C., a temperature 
close to that of the shallow-bed runs. At 
the end of a measured period of contact the 
solutions in both chambers were analyzed 
for copper ion concentration and the 
diffusivity was determined from the formula 


In Ac,/Ac = BDt 


where Aco and Ac are the differences be- 
tween the copper ion concentrations in the 
two chambers at the beginning and at time 
t respectively, D the diffusivity, and B a 
cell constant, determined by means of a 
run with a system of known diffusivity 
(KCl into pure H.O). The foregoing 
formula assumes no concentration gradients 
in the bulk of the solution in each chamber 
(8). 

The counterdiffusivity of silver and 
hydrogen ions was determined in similar 
fashion by use of equinormal silver nitrate 
and nitric acid solutions. 


Results 


It has been shown (2, 9) how the results 
of shallow-bed runs can be interpreted 
to give concentrations in the liquid and 
resin phases, as well as at the interface, 
and K,S as functions of time, as well as 
the value of k,S*, the latter two quan- 
tities being defined by Equation (1): 


dq _ de 


= K,S(C—C*) (1) 


In Table 1 are listed the operating con- 
ditions and the values of k,S for the 
runs made by the authors, as well as 
some obtained from other sources (2), 
and in Table 2 are the measured counter- 
diffusivities. 


Correlation of Data 


General correlations of liquid side co- 
efficients for mass transfer between the 


*k,_S is obtained by extrapolation of K,S to 
t = 0. It was found impossible to do this in the 
double-bed runs because the values of K,,S for the 
initial period of the run (until the resin reached about 
15% of saturation) showed too much scatter. Step- 
input runs were therefore made at the same liquid 
velocity as each double-bed run, and k,S was 
obtained from the smooth plot of K,S vs. t for the 
step-input runs. These step-input runs are not 
listed separately in Table 1. 
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TABLE 1 RESIN-PHASE DIFFUSION 


Run System dp, V, A kiS Re j Resin-phase-diffusion studies were 
cm. ce./sec. sq.cm.  ce./(g.)(sec.) made of the system Cu** ion diffusing 
YA AQ Cu-H 0.050 0.545 1.98 1.06 4.34 0.723 ~— into the hydrogen form of Amberlite 
A3 Cu-H 0.050 0.967 1.98 1.44 7.80 0.556  IR-120. The internal diffusivity, D,, may 
York Pl Cu—H 0.050 0.506 1.00 1.32 8.04 0.491 be defined by Fick’s law in polar form: 
p2 Cu—H 0..050 0.680 1.00 1.28 10.8 0.353 
P3 Cu—H 0.050 0.595 1.00 1.34 9.43 0.426 oq 0 20 
4.2 og 4 
g of Cu-H 0.050 0.541 1.00 1.92 8.60 0.670 at ar 
add P5 Cu-H 0.050 0.326 1.00 1.50 5.20 0.869 
illed P6* 0.903 2.25 14.3 0.475 Incremental (c-ziation Method 
P7 .050 1.0 0.945 2.7 1.03 
ame 
P8* 0.050 0.196 1.00 0.973 3.12 0.934 From the data obtained from the 
the BIt Ag—-H 0.060 1.38 0.865 2.88 30.3. 0.258  double-bed runs (P4, P6, and P8, Table 
- B3 Ag—-H 0.060 3.17 0.865 4.45 69.4 0.174 1), %/Q curves were plotted for the 
per B7 Ag—H_ 0.060 1.81 0.968 2.36 35.6 0.180 shallow bed. These form boundary con- 
‘ite B9 Ag—H 0.060 1.76 0.968 2.54 34.4 0.200 ditions for Equation (4). In attempting 
:on- B10 Ag—H = 0.085 1.28 0.968 1.85 35.6 0.234 to solve the equation, one assumed that 
ion Bll Ag—H 0.085 1.16 pipe 1.65 32.2 0.280 the resin particles are spherical, that 
1 in B12 Ag—-H 0.042 1.17 0.968 3.08 16.3 0.258 concentrations in the particle are func- 
ture Bis tions of time and distance from the cent 
At Ag-H 0.060 6.31 0.968 4.72 124 0.104 
the BIs Ag—H 0.060 3.26 0.968 3.55 64.0 0.151 Alone, and that D, does not vary signifi- 
B16 Ag—H 0.060 1.94 0.968 2.55 38.1 0.182 cantly with and Co. 
A graphical technique for solving 
*Double-bed runs. E 4 Jer the f 
quation (4) under the foregoing assump 
{Data for runs B1—B16 were taken from reference 1. tions is available. This is the Schmidt 
be- N | 4t=18 sec id 
the 3 | Ar=0.00625 cm CALC. at 
° 9 T T T = 
‘ity | 9 RS : 
| DRYDEN (6) 04 8 i 
--ION EXCHANGE DATA TIME 
1072 (in units of At) 
ind 10 10 10 10 10 
lar deGP Fig. 2. Sample construction by Schmidt 
ate Re = pe method. (Only a few stages are shown to fe) 
avoid crowding.) 0 10 om 30 
Fig. 1. Correlation of liquid-side mass TIME (minutes) 
2. Fig. 3. Resin saturation; comparison of 
Its experimental and calculated curves. 
ie liquid a System Dz, sq. cm./sec. at 25°C. 
prepared by several authors. The follow- Cu++—Ht+ 0.80 X 10-5 : F d 
nd ing discussion will be based on the cor- Agt-—Ht+ 1.74 X 1075 method (14), @ technique which, with 
ce, relation presented by Dryden et al. (6). the trial-and-error approach as outlined 
as They found that the j, factor, as defined g./ec.; ps = 1.1 g./cc.; nw = 0.009 g./ below, was used to determine the diffu- 
a by Equation (2) can be plotted as a (ce.)(see.); € = 0.35. sivity, D,. 


single-valued function of a modified 
Reynolds number, defined in Equation 


(3): 


Values of j, and Re are listed in Table 1 
and plotted in Figure 1, together with 
the curves from Figure 3 of Dryden 


A value of D, was selected. Values were 
then selected for an increment of radius Ar 
and an increment of time At. The values 
were chosen so that D, At/Ar? = 0.5. 


k 0.58 et al. (6). It can be seen that the data 
, j= aie ( B ) (2) for ion exchange fall on a smooth curve Values of 1/nAr were plotted as abscissae 
1) G \p.D1 with the upper of the two curvesshownby for n = 1, 2, 3, --- , m, where mAr = 


Dryden. 


the radius of the particle. The values of 


. . 
wv Re = d,G pr (3) Although the fit of the data with the 4;/Q at the time intervals At were plotted 
as He correlation is adequate, the effect of as ordinates at the abscissa 1/mAr. The 
2), It is observed that k,/G = (k,S/S)/ values of the constants used values 1Ar, : 
os (V/A) and that for spherical particles is of interest. etc., were determined by graphical con 
Baddour (/) has pointed out that struction. The Schmidt method is based 
E 4ar” 3 6 evaluating coefficients for the counter- on the fact that the tie line which con- 
— = 8 . . . 
~ Aarps/3 rps apps diffusion of dissimilar ions by observing nects points representing the concentra- 
7 — the motion of only one of these ions can tions at r = nAr and (n + 2)Ar at time ¢ 
| : lead to significant error. He estimated crosses the point which represents the 
a _ KLDEPSAys A (2a) that the effective counterdiffusivity for concentration at r= (n + 1)Ar at time 
a 2 At). See Figure 2 for a sample c 
6V prD, copper-hydrogen ion exchange may be as_ (é + At). See Figure 2 for a sample con- 
bo In tl luati f tl tities. tl much as double the value obtained in _ struction. 
en these this work. Substitution of such higher The values of ¢/Q thus obtained at 
values of D; in the Schmidt number any time ¢ were averaged over the whole 
as *Dryden et al. use k’—moles/(hr.)(sq. em.) would bring the 10n exchange data to x particle to obtain (¢/Q)a., at any time ° 
he (moles moles), and G m—moles/(hr.) (sq. em.) instead point midway between the two curves of These were plotted and compared with 
t 78 “fine sre. Their ratio is clearly the 
the experimental curve. The procedure 
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was repeated for different values of D,, 
until a good check was obtained. 

The question arose as to how small 
Ar must be to assure reasonable accuracy. 
This was answered ky plotting predicted 
q/Q curves obtained by letting m = 4 
and m = 8. The difference between the 
two curves was negligible. 


Results of Calculation 

The resin-phase diffusivity, D,, was 
evaluated at three different flow rates at 
room temperature. The same _ value 
D, = 1.1 X 10-* sq. cm./sec. was ob- 
tained for the three runs analyzed. The 
agreement between predicted and experi- 
mental values of q;/Q was good (see 
Figure 3.) 

This result may be compared with the 
findings of Boyd and Soldano (3), who 
studied the self-diffusivity of many ions 
in various ion exchange resins to deter- 
mine the variation of D, with tempera- 
ture and with divinyl benzene content, 
DVB, in the resin. One ion they did not 
study was Cutt. However, Zn*++ was 
studied, and since the atomic weights of 
zine and copper are very close and their 
valences are the same, a comparison will 
be useful. 


Self-diffusion coefficients 

Commercial Dowex-50 (5.20 meq./g. 

dry hydrogen-form) 
0.3°C. 
Zn**: 8.77 X 107° 
sq. cm/sec. 

Nominal 24% DVB (4.36 meq./g. dry 

hydrogen-form) 


25°C. 
2.89 10-8 


Zn+*: 5.52 10-% 2.63 X 1079 
Nominal 1% DVB 
Znt++ 1.06 10-8 
Present results—Counterdiffusion coeffi- 
cient 
Amberlite IR-120, 8 to 10% DVB 
Cut++—Ht+ 


The counterdiffusivity for the copper- 
hydrogen system is apparently increased 
over the corresponding self-diffusion co- 
efficient for the metal ion by the mobility 
of the hydrogen ion (1). 

It is of interest to compare the ratio of 
the diffusivities in the solid and liquid 
phases with values reported in the litera- 
ture. The experimental values for this 
case were in the ratio of 7.3:1. This is of 
the same order of magnitude as measured 
by Piret, et al. (17) for nonadsorbent-type 
pore diffusion and one-tenth of the values 
measured by Dryden and Kay (5) for 
liquid-phase diffusion into adsorbent 
carbon pores. 


APPLICATION 


The results presented here are general 
and can be applied to the design of ion 
exchange contactors operating under con- 
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ditions far removed from the range of 
experimental conditions. The data re- 
quired for a design calculation are the 
equilibrium curve, the internal diffusivity, 
and the Schmidt number for the ionic 
system and concentration in question. 
The equilibrium curve is best determined 
experimentally (12), although significant 
progress is being made in the prediction 
of this curve from available values of 
physical chemical properties. Both the 
internal diffusivity and the Schmidt 
number can be evaluated by a single 
shallow-bed experiment. The general cor- 
relations can then provide mass transfer 
coefficients for either packed beds or 
fluidized beds. 

As the use of ion exchange is extended 
to larger units, and to ionic systems for 
which little empirical knowledge exists, 
the use of extensive design calculations is 
increasingly justified. The same _ tech- 
niques used for the analysis of the shallow- 
bed data can be applied to design. The 
complete bed can be regarded as a com- 
bination of shallow beds. This calculation, 
tedious if done by hand, can easily be 
performed by programmed computing 
machines and can overcome the lack of 
formal mathematical solutions for the 
general cases of ion exchange beds. The 
following is a brief outline of the sug- 
gested method of calculation: 


1. Divide the deep bed into a suitable 
number of shallow beds. 

2. Assume a curve of surface concen- 
tration g; as a function of time for the 
topmost shallow bed. 

3. Calculate q and dq/dt as functions 
of time by the Schmidt method. 

4. Compute the outlet concentration 
in the liquid phase by means of the 
material balance 


V(Cin Coat) = Ww dq/dt 


where W is the weight of the resin in the 
shallow bed. 

5. Compute Cary = (Cin + Cour) /2 

6. Obtain the value of k,S from the 
generalized correlation. 

7. Compute the interfacial concentra- 
tion in the liquid phase from 


dq/dt = k,S(C.., — C;) 


8. Obtain from the equilibrium curve 
the resin-phase interfacial concentration 
q;* that would be in equilibrium with the 
computed values of C; and check against 
the assumed values g;. If the two ave not 
equal, repeat steps 2 to 8 using as the 
assumed values the average between 4g; 
and q;*, until agreement is obtained. 

9. Repeat steps 2 to 8 for successive 
sections of the deep bed, using C,,, from 
the preceding section as the new C;,. 

Note that the time scale used in the 
foregoing calculations must be adjusted 
from one section to another by subtract- 
ing at each point the amount of time 
that is required for the liquid stream to 
reach the section in question. 
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NOTATION 
A = cross-sectional area of bed, sq. em. 
C = concentration of exchanging ion in 


liquid, meq./ce. 


d, = resin particle diameter, cm. 

D = diffusivity, sq. em./sec. 

G = superficial liquid velocity, em./sec. 

k = mass transfer coefficient, meq./ 
(sec.)(sq. em.)(meq./cc.) 

K = over-all mass transfer coefficient, 


meq./(sec.) (sq. em.)(meq./ce.) 
q = concentration of exchanging ion in 
resin, meq./g. 
Q = exchange capacity of resin, meq./g. 
r = resin-particle radius, em. 
S = specific surface area of resin, sq. em. 


t = time, sec. 
” = volumetric rate of flow, cc./sec. 
e = void fraction, cc. void space/ce. 


bed volume 
= viscosity, g./(em.)(sec.) 
p = density, g./ce. 


Subscripts 


t =} solid-liquid interface 
L = liquid phase 
S = solid (resin) phase 
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Measurements of Bubbles Formed 


in Boiling Meth 


] 
ano. 


A. S. PERKINS and J. W. WESTWATER 


The photographic method was used to measure bubble sizes and frequencies for methanol 
boiling at atmospheric pressure outside a 3/8-in. O.D., steam-heated, horizontal copper 
tube. The average temperature of the tube was measured by use of the tube as a resistance 
thermometer. For nucleate boiling at heat fluxes up to 80% of the maximum, the product 
of bubble diameter and frequency was constant at 4 in./sec. In this region both the Rohse- 
now equation and the Forster-Zuber equation gave good predictions of the heat transfer. 
At higher fluxes the product f x D increased and the equations were much less suitable. 
The critical temperature difference for copper to methanol was not a single value but was 
a region extending from 52° to 62°F, The heat flux was nearly constant throughout this 
range at a maximum of 115,000 B.t.u./(hr.)(sq. ft.). For film boiling, f X D was nearly 
constant at 11 sec.-! Bromley’s equation was unsuitable for AT values less than 180°F., 
but it became applicable at this AT. The use of Nusselt’s equation for steam condensing 
inside the tube was found to be satisfactory, proof that the slight slope of the tube was 
sufficient to permit adequate condensate drainage. 


Boiling liquids represent the least 
understood form of heat transfer. No 
single expression has been proposed to 
describe a complete boiling curve of 
h vs. AT. To obtain an equation which 
fits any reasonable range of data, it is 
necessary to choose one of the specific 
regions of boiling. Bromley (3) published 
a theoretical equation for film boiling 
outside a horizontal tube. Rohsenow (14) 
and later Forster and Zuber (6) pub- 
lished expressions for nucleate boiling, 
presumably on a hot solid of any shape. 
These nucleate-boiling equations are 
partly theoretical and partly empirical. 

The equation ef Rohsenow is based on 
the photographic evidence of Jakob (9), 
who discovered that the product of 
bubble diameter and bubble frequency 
seemed to be a constant for nucleate 
boiling. Jakob’s observations were valid 
for both water and carbon tetrachloride; 
however, Jakob was careful to point out 
that his data were for small heat fluxes 
only. The greatest flux studied was about 
one order of magnitude below the maxi- 
mum possible flux for nucleate boiling. 
There was no reason to believe that high 
and low heat fluxes would result in 
equivalent bubble sizes or frequencies. 

The object of this research was to 
determine the diameters and frequencies 
of bubbles formed during nucleate boiling 
at large heat fluxes. With the equipment 
used it was possible to investigate the 
transition region and the film boiling 
region as well and also to check the cor- 
rectness of applying Nusselt’s equation 
for condensation to steam inside a hori- 
zontal tube. 


PHOTOGRAPHIC METHOD USED 


Bubble frequencies and diameters were 


‘determined by the photographic method. 


A. S. Perkins is with Linde Air Products Com- 
pany, Tonawanda, New York. 
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In brief, motion pictures were taken at 
4,000 frames/sec. and were projected at 
16 frames/sec. Measurements were taken 
from the projected slow-motion images. The 
details of the camera, film, and lighting are 
described in an earlier paper (17), which 
also contained a selection of still photo- 
graphs and information for viewing samples 
of the motion pictures. 

Methyl alcohol was used as the boiling 
liquid. It was boiled at atmospheric pressure 
at 148°F. outside a horizontal, 3-in. O.D. 
copper tube. Figure 1 is a sketch of the 
boiler. The boiler dimensions were approxi- 
mately 814 by 814 by 5 in. Flat Pyrex-glass 
windows were located front and back; the 
remainder of the boiler was stainless steel. 
Studs used for a flange to secure the win- 
dows against a neoprene gasket are visible 
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in the sketch. Approximately 1 gal. of 
liquid was contained in the boiler. 

The source of heat was steam condensing 
inside the tube, which passed completely 
through the boiler, parallel to the windows, 
the immersed length being 8.4 in. The heat 
flux was varied by adjustment of the steam 
pressure between 0 and 100 lb./sq. in. 
gauge. The resulting values of the methanol 
film AT were between 38° and 181°F. 

The over-all piping arrangement was 
described previously (17). The new arrange- 
ment included three modifications: the 
straight-through tube was used in place of 
the earlier bayonet heater; an automatic, 
pneumatic controller was installed to 
regulate the steam pressure; and electrical 
connections were added to permit using the 
tube as a resistance thermometer. jg 


THERMOMETER 
OPENING 


U 


VAPOR 
OuT 
TA 
VOLTAGE VOLTAGE 
LEAD 
STEAM 
A || 
LEAD 
CURRENT 


METHAN U 
DRAIN 
RETURN 


Fig. 1. Details of boiler construction. 
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BOILER STANDARD 
30 AMP. TUBE 0.0005 OHM 
REVERSING 
SWITCH 
POTENTIOMETER 


WORKING CELL 


REVERSING 
SWITCH 


PRECISION 


POTENTIOMETER 


SELECTING 
SWITCH 


Fig. 2. Steam tube used as resistance thermometer. 
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Fig. 3. Calibration of heater tube as a resistance ther- 


mometer. 
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Fig. 4. Experimental data for methanol boiling on a copper tube. 
The solid symbols indicate runs for which motion pictures were 


made. 


STEAM TUBE AS RESISTANCE THERMOMETER 


Use of thermocouples to measure the 
temperature of the tube was rejected on 
several grounds. A surface-mounted couple 
would alter the nature of the boiling at the 
site of the couple; for it is known that 
nucleate boiling is dependent on the type 
of hot metal. In addition, such a couple 
would have wires extending into the boiling 
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liquid or into the condensing steam. In 
either case the wires would conduct heat 
to or away from the junction and result 
in erroneous readings. Even if the wires 
were embedded in a groove or a longitudinal 
hole in the tube wall, the pattern of heat 
flow would be modified, perhaps seriously. 

All these difficulties were avoided by use 
of the steam tube as a resistance thermom- 
eter. This scheme was suggested by Jeffrey 
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in 1936 as a method of measuring the 
temperature of a condenser tube (11); his 
calculations show that the temperature so 
obtained is very close to the true value 
averaged both radially and longitudinally, 

Jeffrey’s method was modified somewhat 
for the boiling tests. The present setup is 
shown in Figure 2. A direct current of about 
30 amp. was passed through the steam tube 
and through a 0.0005-ohm manganin 
standard resistance in series. The potential 
drop through the tube was about 0.007 volt. 
This was read to within 10-6 volt by means 
of a Leeds and Northrup type K-2 potenti- 
ometer in conjunction with a galvanometer 
which responded 1 mm. to 0.5 X 107 volt. 
The electrical generation of heat amounted 
to only 0.2 watt, which is insignificant 
compared with the heat supplied by the 
condensing steam. The maximum uncer- 
tainty in the measured metal temperature, 
because of electrical sources of error and 
also the other sources, is estimated to be 
about 4°F. 

The voltage drop across the standard 
resistance was measured also. The ratio of 
the two voltage drops was sufficient in- 
formation to allow one to read the average 
tube temperature from a calibration curve. 
The calibration data were obtained by 
immersing the tube in four boiling liquids 
(methanol, water, bromobenzene, and ethy« 
lene glycol). No steam was passed through 
the tube during calibration. The calibration 
curve is reproduced in Figure 3. 

After thirty experimental runs the cali- 
bration was repeated, and a third calibra- 
tion was carried out after an additional 
nineteen runs. These recalibrations showed 
that the resistance of the tube increased 
slightly with each run, as was to be ex- 
pected, because the tube was _ polished 
before every run and each _ polishing 
removed a trace amount of metal. The 
calibration shift amounted to 0.111°F. per 
cleaning. This shift was taken into account 
in the calculation of test results. 

Figure 1 shows that the tube was sealed 
in the boiler by means of two neoprene 
stoppers. Pressure plates were tightened on 
steel studs to give the necessary tightness of 
the stoppers. Voltage leads passed through 
slits in the stoppers. The ends were soldered 
to the tube inside the boiler about 14 in. 
from each stopper. The current leads were 
attached to the tube outside the boiler, 
each end being about 1.2 in. from the 
stoppers. Thus current passed through a 
12.0-in. length of the tube, and the voltage 
drop was measured for an 8.0-in. section of 
the immersed portion. The heater tube and 
the accessories connected downstream 
(steam trap and the condensate flow line) 
were electrically insulated from __ their 
supports. Thus no current could by-pass 
the heater tube. 


PROCEDURE 


The copper tube was polished before 
every run. A commercial powder for copper 
cleaning, Cameo, was rubbed over the 
surface gently with a damp cloth. The tube 
was then rinsed with water and dried with 
a clean cloth. The final surface was smooth 
and lustrous. The inside of the tube was 
cleaned mechanically several times during 
the investigation by means of a cloth swab 
on a metal rod. The inside appeared to be 
free of fouling. 
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The cleaned apparatus was assembled, 
liquid was put in the boiler, and steam was 
passed through the tube. After steady state 
was reached, electric current was passed 
through the tube so that its temperature 
could be determined. After one set of 
readings was taken, the current flow was 
reversed and a second set was taken. The 
pairs of readings agreed, proving that 
thermoelectric voltage generation was not 
a source of error. The temperature calcu- 
lated was the average metal temperature. 
From this and from a knowledge of the 
heat flux it was simple to calculate the 
temperature of the inside and outside 
surfaces of the tube. These temperatures 
were used to compute the individual film- 
temperature drops. 

Heat transfer data consisted of the flow 
rate of the steam condensate (during 
continuous operation) and also a final check 
of the methanol condensate flow rate 
(during a final batch operation). Blank 
heat losses determined with an empty 
boiler were measured separately. The final 
heat balances closed within 8.9% on the 
average; the worst deviation was 16%. 
The heat transfer values reported herein 
are based on the methanol boil-up. 

A 100-ft. reel of 16-mm. motion picture 
film was exposed during each of eleven 
selected runs. The exposure time was about 
1 sec. for a reel. 


RESULTS 


The heat transfer values are sum- 
marized in Figure 4. The temperature 
difference between the metal surface and 
the bulk methanol varied from 38° to 
181°F. The maximum heat flux on the 
smooth curve is 115,000 B.t.u./(hr.) (sq. 
ft.) and occurs at a AT of about 58°F. 
Prior workers (13) in the same laboratory 
reported a maximum of 139,000 B.t.u./ 
(hr.)(sq. ft.) at an estimated critical AT’ 
of 51°F. Other workers in this laboratory 
(17) obtained a maximum of 172,000 
B.t.u./(hr.)(sq. ft.) at an over-all AT of 
99.5°F. In all three cases the heaters 
were 3¢-in. O.D. copper tubes, although 
the Pi were not identical. The two 
earlier results (13, 17) were obtained with 
bayonet-type heaters cleaned with dry 
emery cloth. Presumably some difference 
between the earlier test results and the 
present ones can be attributed to end 
effects and to differences in surface tex- 
ture. The maximum heat fluxes for the 
three series of tests give a proportion of 

1.5 to 1.2 to 1.0. This is much smaller than 
a. +50% variability (a 3 to 1 propor- 
tion) which MeNelly (12) states is 
common for boiling tests. 


NUCLEATE BOILING AND THE CRITICAL AT 


Motion pictures were taken at seven 
heat fluxes during nucleate boiling, 
varying from 52 to 96% of the maximum 
flux. In each reel from six to twelve 
nucleating points were scrutinized closely. 
The rate of bubble emission for each 
point was determined, and the bubble 
diameters at the instant of break off were 
measured. 
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Figure 5 shows the locations on the 
boiling curve for the photographic runs. 
Figure 6 shows that the average bubble 
diameter as well as the average frequency 
of emission is constant for heat fluxes up 
to about 80% of the maximum flux. At 
higher fluxes the diameters and frequen- 
cies increase. 

In the range of constant diameter and 
constant frequency, the product of 
diameter and frequency is constant at 
4.0 in./sec. A previous set of measure- 
ments (17) using methanol on a bayonet 
heater at a heat flux of 78,000 B.t.u./ 
(hr.) (sq. ft.) gave af X D product of 3.3. 
These values are not greatly different 
from the values of 3.0 for carbon tetra- 
chloride and 3.1 for water which were 
reported by Jakob and Linke (9) for 
small heat fluxes. Jakob and Linke noted 
an appreciable dead time after the 
break off of one bubble before a new 
bubble began to grow in its place. In the 
present tests the dead time was so short 
as to be negligible. 

A photographie study of boiling in sub- 
cooled water with forced convection has 
been carried out by Gunther and Kreith 
(7, 8). These conditions are radically 
different from those for the present case, 
in which a saturated liquid and no forced 
convection were used. The subcooled 
boiling data give an estimated f X D 
product of about 80 in./sec. The bubble 
diameters were smé alist for the cold 
liquid, but the bubble frequencies were 
greatly increased. Data for total bubble- 
emission rate are given also by Gunther. 
If it is assumed that the heat transfer 
was accounted for entirely by bubble 
generation, then the maximum bubble 
generation rate of 16 million bubbles/ 
(sq. in.)(sec.) would account for a heat 
flux of 249,000 B.t.u./(hr.)(sq. ft.). The 
measured flux was 3,360,000 B.t.u./ 
(hr.)(sq. ft.). The obvious conclusion is 
that bubble generation accounts for only 
a fraction of the heat transfer during 
subcooled boiling. Of course for a boiling 
saturated liquid, all the heat transfer 
appears as bubble generation. 

The constancy of bubble sizes and fre- 
quencies (at least up to the 80% heat- 
flux limit) means that increases in heat 
flux with increases in AT must be caused 
entirely by corresponding increases in 
the number of nucleating sites. The heat 
released at a nucleating site is therefore 
independent of the AT. However, start- 
ing at about 80% of the maximum heat 
flux, the number of nucleating sites must 
increase less and less with each tempera- 
ture increment. 

Attempts were made to obtain motion 
pictures exactly at the critical AT. Al- 
though prior workers treat the critical 
AT as being a precise value, in practice it 
is not a quantity which can be reproduced 
with exactness. Figure 5 shows the data 
for temperature differences smaller than 
65°F. plotted with an enlarged abscissa. 
The critical AT for methanol on this 
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copper tube is actually a region extending 
from 52° to 62°F. Of course if an electric 
heater had been used, burnout would 
have occurred as soon as one measure- 
ment of the critical AJ’ was made and 
duplicate runs with the same heater 
would have been impossible. Two photo- 
graphic runs were made in the 10° critical 
range at 108,000 and 110,000 B.t.u./ 
(hr.)(sq. ft.). In these films both runs 
were typical cases (visually) of nucleate 
boiling. Routine bubble counts were 
made. 

One photographic run was made with 
a AT value of 81°F. Visually this case was 
typical of transition-type boiling; that is 
vapor formation was explosive, as de- 
seribed earlier (17). Bubble counts were 
not made from this film. 


COMPARISON WITH EQUATIONS 


In Figure 5 the experimental results for 
nucleate boiling are compared with the 
equation of Rohsenow and the equation 
of Forster and Zuber. The Forster-Zuber 
equation is plotted also in Figure 4. 
Rohsenow’s expression was developed 
(14) as a relationship between three 
dimensionless groups, a Nusselt number, 
a Reynolds number, and a Prandtl nvm- 
ber. The Prandtl group refers to the 
properties of the liquid only. The other 
groups involve vapor properties. The 
Reynolds group in particular was taken 
to be the Reynolds number of a bubble 
at the instant of break off. The bubble 
diameter and velocity at the instant of 
break off are therefore of great importance 
and are included in the expression. 

The Rohsenow equation may be re- 
arranged to show the dependence of h on 
AT and the other variables as shown in 
Equation (1). 


CAT)’ kz 5.1 


a) 


The dimensionless coefficient C’ was not 
specified; rather it is a value which gives 
a good fit to the particular system being 
considered. If the physical properties of 
the methanol are taken at the saturation 
temperature of the liquid, as recom- 
mended by Rohsenow, the coefficient for 
the present data becomes 13.1 X 10°. 
This corresponds to a coefficient Csp of 
0.0042 in Rohsenow’s terminology. He 
reports a range of Csr values of 0.0027 
to 0.015 for other systems. 

The Rohsenow equation states that 
for a given system at a given pressure, 
h is independent of the properties of the 
superheated liquid film. However, the 
AT across this film is taken as the correct 
driving force. A possible way to resolve 
this inconsistency is to take the physical 
properties of the liquid at the mean 
temperature of the superheated liquid 
film. If this is done with the present data, 
the coefficient in Equation (1) becomes 
8.5 X 10°, corresponding to Csr = 
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0.6049, This modified form is shown in 
Figure 5; it gives a good fit to the data. 
The original unmodified form gives the 
same h at a AT of 45°F., slightly lower 
values of h at AT > 45°F., and slightly 
higher values of h at AT < 45°F., all 
compared with the modified form. In the 
range of AT’ studied herein, no choice 
can be made between the two forms. 
Forster and Zuber also developed an 
equation containing Nusselt, Prandtl, 
and Reynolds groups. The prime differ- 
ence between this equation and the 
Rohsenow equation is in the Reynolds 
number. Forster and Zuber consider the 
Reynolds number for a bubble which is 
microscopic and is growing. The diameter 
is a variable with time. The velocity 
used is the rate of radial movement of 
the bubble wall and is variable with time. 
The theoretical product of the diameter 
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and velocity happens to be a constant, 
and so a practical working equation 
results. The Forster-Zuber expression 
may be rearranged to give Equation (2). 
The equation 


h 


fair fit with the methanol data. For fluxes 
less than 100,000 B.t.u./(hr.) (sq. ft.) the 
predicted heat fluxes are about 14% 
greater than the observed values. This 
accuracy is adequate for many applica- 
tions. The Rohsenow equation gives a 
closer fit, but it requires knowledge of 
experimental boiling data to give the 
arbitrary constant. 

It is possible to manipulate Equations 
(1) and (2) in an interesting way. Granted 
that the properties of the superheated 
liquid film are important and that these 
properties may be taken at the mean 
temperature of this film, then it is seen 
that Equation (1) contains AT’ and vis- 
cosity in a sensitive manner. All the other 
variables in Equation (1) are affected 
but weakly by changes in the solid- 
surface temperature (with a constant 
ambient pressure assumed). Viscosity 
may be related to temperature by the 
Eyring type of expression, which shows 
In yw, linear with 1/T. This substitution 
in Equation (1), in combination with the 
constant properties of the liquid at 1 
atm. plus the coefficient 8.5 X 10® leads 
to Equation (3): 


h = 0.50(AT)’-e° (8) 


The symbol 7’, ‘refers to the mean tem- 
perature of the superheated liquid. The 
coefficient 0.50 is dimensional, B.t.u./ 
(hr.)(sq. ft./°F.’), and T, is °R. 

Equation (2) contains Ap, which is 
very sensitive to temperature. The other 
variables have but a weak effect as tem- 
perature changes. If vapor pressure is 
related to temperature by the Clausius- 
Clapeyron equation. Equation (2) be- 
comes Equation (4): 


The constants 570 and 13.8 were selected 
to give a good fit to the data obtained at 
atmospheric pressure. Theoretically the 
coefficient may be found by using the 
physical properties of methanol, and at 
1 atm. it should be 720. Similarly the 
exponent 13.8 should be A/(RT.), or 
11.9. The exponent 13.8 is dimensionless, 
but the coefficient 570 has the dimensions 
B.t.u./(hr.)(sq. ft./°F.124, and 7, is the 
solid-surface temperature in °R. 


0.5, 0. 


is plotted in Figure 5. The authors 
evaluate the physical properties of the 
liquid at the temperature of the solid 
surface and those of the vapor at the 
saturation temperature. The dimension- 
less coefficient 0.0012 is supposed to be 
the same for all systems. It gives pre- 
dictions equal to those from the original 
Forster-Zuber equation, which, because 
of its different algebraic form, contains a 
coefficient of 0.0015. 

The Forster-Zuber equation gives a 
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24 0.29. 0.24 (2) 
Po 


Equations (3) and (4) suggest that 
boiling involves an activation energy, an 
idea which occurs sporadically in the 
literature (2, 5, 16). However, the two 
expressions deal with different kinds of 
activation. The exponent on e in Equa- 
tion (3) contains an activation energy for 
viscosity, and Equation (4) contains A, 
an activation energy for vaporization, in 
the equivalent exponent. According to 
Eyring these two values have a constant 
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ratio. Thus Equations (3) and (4) should 
be identical, but they are not. Future 
studies will be needed to show which, if 
either, is correct. Tests showing the effect 
of pressure are of particular value. In 
any case, Equations (3) and (4) indicate 
that empirical equations in the form of 
h = a(AT)” may be grossly oversimplified 
and that an additional factor involving 
e4” or e}/T is desirable. 

Several empirical correlations have 
been proposed for estimating the maxi- 
mum heat flux. The expression of Rohse- 
now and Griffith (15), which is a modifica- 
tion of an earlier correlation by Addoms 
(1), predicts a maximum flux of 227,000 
B.t.u./(hr.)(sq. ft.) for the present con- 
ditions; Cichelli and Bonilla (4) predict 
197,000. The first figure is too high by 
over 90%, the second by 70%. Cichelli 
and Bonilla also give a correlation for the 
critical AT. Their prediction gives about 
83°F., which is not very close to the 


actual value of between 52° and 62°F. 


TRANSITION BOILING 


One advantage of a steam-heated sur- 
face, as opposed to an electrically heated 
one, is that the former permits tests in 
the transition region where h decreases 
as AT’ increases. Photography in this 
region yielded no information not re- 
ported previously (17); however, tube- 
temperature measurements did yield 
new information. For one thing the 
actual dependence of the methanol h on 
the methanol AT was found to be less 
steep than one might deduce from plots 
of h or U vs. the over-all AT. 

A second fact was discovered. For each 
experimental run a series of three repli- 
cate heat balances and A7’ measurements 
were obtained. For the nucleate and film 
boiling tests, the replicates agreed within 
a few per cent. But for transition boiling, 
the methanol-side AT often changed 
slowly during the course of a run. Inas- 
much as the steam temperature was 
controlled, the over-all AT’ remained con- 
stant. Thus the steam-side AT’ was chang- 
ing also, in the opposite direction to the 
methanol AT. transition-boiling 
points plotted in Figure 4 are the results 
of single determinations taken within a 
few minutes. Typical of the drifting were 
three successive readings at an over-all 
AT constant at 118.5°F. The heat flux 
shifted slowly from 87,800 to 100,700 
B.t.u./(hr.)(sq. ft.) as the methanol AT’ 
changed from 73° to 62°F. and the 
steam AT changed from 44° to 55°F. The 
reason for the drifting is not known. A 
guess may be based on the fact that this 
region gives a steam film AT which is 
strongly—and a steam h which is some- 
what—dependent on the steam tempera- 
ture, as shown in Figure 8. Thus a slight 
shift in the steam temperature could 
cause a significant shift in the steam h 
and a resulting shift in the metal tem- 
perature. This would alter the methanol 


Vol. 2, No. 4 


1 
Q/A, THOUSANDS OF BTU./HR. SQ.FT. 


T T T T T 
= 
=z 
Z 30-065 du 
a 
= 
< é 
astos ° So. _ FREQUENCY 
a 
> DIAMETER 
o20042 49 
a 
w 
w 
15103 aS 8 
25 30 
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Fig. 8. Test of Nusselt equation for steam condensing inside a horizontal tube. The 

experimental tube was 20-gauge copper, ?-in. O.D., slanted at 1.8° with the hori- 

zontal. The heat transfer length was 8.4 in. The inside area was used as a basis for h,. 
The theoretical h, is based on the smoothed values of AT,. 


AT and the methanol h. The new co- 
efficients would cause a change in the 
heat flux. The new flux would alter the 
various values further, and the process 
might continue until a random fluctua- 
tion of the steam temperature in the 
reverse direction occurred. If this ex- 
planation is correct, transition boiling is 
“unstable” to temperature shifts even 
less than 1°F., because the steam tem- 
perature was controlled within 1°F. 


FILM BOILING 

Three reels of motion pictures were 
taken during film boiling. These covered 
the range of AT’ values for the methanol 
film 143° to 181°F., corresponding to heat 
fluxes of 27,000 down to 5,590 B.t.u./ 
(hr.)(sq. ft.). Visually, well-developed 
film boiling existed. The bubble release 
was in the form of orderly rows as pre- 
viously discussed (17). The diameter at 
break off was measured for eleven or 
twelve bubbles in each film. The fre- 
quency of formation of the rows was 
measured. 
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Averaged results are shown in Figure 7. 
The product of frequency and diameter 
does not change with increasing heat 
flux, as would be predicted from obser- 
vations of the uniformity of the bubble 
sizes plus considerations that (a) all the 
bubbles formed can be seen and measured 
and (b) the volume of vapor formed must 
account for the heat transferred. Two 
explanations are possible for the dis- 
crepancy. The bubbles grow considerably 
after break off, and the amount of growth 
probably varies with the heat flux. Also, 
a small error in the measured diameter 
causes a large error in the calculated 
bubble volume. The heat fluxes calculated 
irom bubble measurements (assuming no 
growth after break off) give but fair 
agreement with the measured heat fluxes. 
The table shows that an error of 41% 
in the measured diameter would explain 
the worst discrepancy in the data. Some 
adjustment should be made because the 
bubbles are egg-shaped at the instant of 
break off. The following calculations are 
for idealized spheres. 
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Actual heat Heat flux Theoretical 
flux, B.t.u./ estimated error in 
(hr.)(sq. ft.) from bubble diameter, 
data, B.t.u./ % 
(hr.) (sq. ft.) 
5,590 11,500 +27 
11,300 10,400 ae 
27,000 9,600 —41 


Bromley’s equation for stable film 
boiling, Equation (5), is plotted in 


Figure 4. 
B,D AT 


h= 0.62) 


The equation does not give a good fit 
for the first stages of film boiling. For 
example, photography shows that a 
methanol AT of 140°F. results in clear-cut 
film boiling. The Bromley equation pre- 
dicts a heat flux which is only one sixth 
the observed flux. However, at a AT’ of 
180°F. Equation (5) gives excellent agree- 
ment with the data. 


NUSSELT EQUATION OF CONDENSATION 


Nusselt’s theoretical equation for film- 
type condensation, Equation (6), was 
derived for a vapor outside a horizontal 


tube. 
hs = 0.725) (6) 


Jakob (10) states that the expression 
should apply for condensation inside a 
horizontal tube provided the inside 
diameter is used. However, the two cases 
have one distinct difference: during 
outside condensation, liquid drips from 
the entire tube length; during inside 
condensation the liquid must collect in 
the bottom of the tube and flow toward 
the exit. In the second case liquid may 
blanket the tube bottom and lead to poor 
heat transfer there. 

Inasmuch as the tube temperature, 
steam temperature, and heat transfer rate 
were all measured, the actual heat trans- 
fer coefficient for steam condensing 
inside the copper tube was determined. 
In Figure 8 the data are compared with 
those predicted from the Nusselt equa- 
tion. The physical properties were taken 
at the average temperature of the liquid 
film. The observed values are seen to 
agree well with the theoretical ones for 
steam temperatures up to about 280°F. 
At higher temperatures the observed 
values are less than the theoretical, and 
the equation is not conservative. The 
observed results hold probably only for 
the particular tube geometry used in 
these tests: an I.D. of 0.305 in., a heat 
transfer length of 8.4 in., and an inelina- 
tion of 1.8° with the horizontal. A longer 
tube or a smaller, angle could cause 
deviations. 

The unusual shape of the curve of h 
in'Figure 8 is a result of the change in the 
steam AT coincident with the changes in 
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the steam temperature and pressure. 
The steam AT is shown in the graph. The 
peak occurs when the methanol is at its 
maximum heat flux. 


CONCLUSIONS 


For methanol boiling at atmospheric 
pressure on a 3%-in. copper. tube: 


1. The nucleate boiling region is de- 
scribed satisfactorily by either the 
Rohsenow equation or the Forster-Zuber 
equation for heat fluxes between 50,000 
and 100,000 B.t.u./(hr.)(sq. ft.) 

2. The critical point for boiling is not 
a point but is rather a region extending 
from 52° to 62°F. 

3. For nucleate boiling the product of 
bubble diameter and frequency of emis- 
sion is constant at 4 in./sec. up to about 
80% of the maximum heat flux, thus 
extending the observations of Jakob for 
small fluxes. 

4. Between 80 and 100% of the maxi- 
mum flux the f X D product is greater 
than 4 and is not constant. 

5. For film boiling, the product f X D 
is nearly constant at about 11 sec.-! 

6. For film boiling at the lower values 
of AT, the Bromley .equaiion is not 
applicable; at values of AZ’ near the 
maximum AT’ used, 180°F., the equation 
is satisfactory. 

7. Nusselt’s equation for condensation 
outside a horizontal tube is applicable to 
condensation inside a horizontal tube 
provided that liquid accumulation at the 
bottom of the tube is prevented. 

8. An excellent method of measuring 
the average temperature of a steam tube 
in a boiling liquid consists of the use of 
the tube as a resistance thermometer. 
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NOTATION 

a = arbitrary constant 

Cr = heat capacity of liquid, B.t.u./ 
(Ib.) (°F.) 

D = bubble diameter, in. 


D;, Do = inside and outside diameters of 
a tube, ft. 


e = base of Naperian logarithms, 
2.718 
fi = frequency of bubble release, 


bubbles/sec./point 
boiling) or 
(film boiling 


(nucleate 
bubbles/sec./in. 


g = gravity constant, ft./hr.? 

h = heat transfer coefficient for 
methanol, B.t.u./(hr.)(sq. ft./ 

h, = heat transfer coefficient for 


steam, B.t.u./(hr.) (sq. ft./°F.) 
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k,,k, = thermal conductivity of liquid, 

vapor, B.t.u./(hr.) (ft./°F.) 

arbitrary constant 

vapor pressure at saturation 

(at T..), lb./sq. ft. 

Ds = vapor pressure at maximum 
superheat (at 7,), lb./sq. ft. 

Q/A = heat flux, B.t.u./(hr.)(sq. ft.) 

R = gas constant, B.t.u./(lb.)(°F.) 


n 
PL 


T = temperature, °F. or °R. 

T, = liquid temperature at mean of 
T, and T.,, °R. 

T. = surface temperature of hot 
solid, °R. 

T,’ = steam temperature, °F. 

Pe = liquid temperature at satura- 
tion, °F. or °R. 

AT = temperature difference, °F. 
= temperature driving force 
across methanol, °F. 

AT, = temperature driving force 
across steam, °F. 

U = over-all heat transfer coeffi- 
cient, B.t.u./(hr.) (sq. ft./°F.) 

ON = latent heat of vaporization, 
B.t.u./Ib. 

Mr,» = viscosity of liquid, vapor, lb./ 
(ft.) (hr.) 

PL, P» = density of liquid, vapor, lb./ 
cu. ft. 

o = surface tension, lb./ft. 
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Theoretical-plate Concept in Chromatography 


ABDEL SALAM SAID 


Massachusetts Institute of Technology, Cambridge, Massechusetts 


The theoretical-plate concept in chromatography has been treated on the basis of con- 
tinuous flow of eluent through the plates of the column. A treatment more precise in 
principle than the previous treatments is presented. General elution aad deposition equa- 
tions have been derived and applied to special cases of practical interest. The derived 
formulas have the advantage of precision, generality, and simplicity. 

The theory was found adaptable to the treatment of gradient elution and also to the 
calculation of the fraction of solute which has been eluted or still-adsorbed on the column 


during the elution process. 


A method for the determination of the number of theoretical plates in a chromatographic 


column is also described. 


The similarity between the chromato- 
graphic and the distillation and extrac- 
tion fractioning columns has been realized 
for a long time, but it was only recently 
that theories of chromatography based 
on the concepts which had been developed 
for distillation were worked out in detail. 


The first detailed theory of chromatog- 
raphy using the concepts developed for 
distillation was offered by Martin and 
Synge in 1941 (4). They were able to give a 
picture of the concentration of solute at 
any time and place in the column. Their 
treatment was based on a continuous-flow 
model of the mobile phase through the 
plates. 

In 1947 Mayer and Tompkins (6) applied 
a plate theory to the determination of the 
composition of the eluate and to the pre- 
diction of the distribution of the various 
substances on the coiumn. ‘Their theory was 
based on a discontinuous model where a 
finite eluent volume is equilibrated step by 
step with one theoretical plate in the cotumn 
after another. They were able to derive an 
expression for the concentration distribu- 
tion which they approximated to an error 
distribution for a large number of theoretical 
plates. 

Martin and Synge, as well as Mayer and 
Tompkins, treated only the case where all 
the solute was deposited on the top plate 
of the column at the beginningof the elution 
process. 

In 1955, Glueckauf (4) pointed out that 
the Mayer and Tompkins discontinuous 
model does not .represent the physical 
picture of the process and would lead to 
large errors even if the number of theo- 
retical plates were as high as 1,000. He 
derived a partial-differential equation based 
on a continuous-flow model and solved the 
@ quation to obtain an error distribution of 
solute on the column, but he had to assume 
a large number of theoretical plates. He 
developed equations both for the deposition 
process and for the elution of a zone which 
was evenly distributed over a finite number 
of theoretical plates. 


This present theory relies on the same 
two basic assumptions as did the previous 
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authors, namely, that solutes adsorbed 
on the column have linear-adsorption 
isotherms and that the chromatographic 
column is equivalent to a certain number 
of theoretical plates. It is based on a 
continuous-flow model of eluent through 
the plates, just as are the theories of 
Martin and Synge and of Glueckauf. 
Throughout the development of this 
theory no assumptions were made as to 
the number of theoretical plates or as to 
the relative width of the zone compared 
with the length of the column. The 
results obtained which gave the concen- 
tration distribution of the solute on the 
column and in the eluate are in the forms 
of Poisson summation distributions, the 
values of which are tabulated in many 
references (7). Charts are also. available 
for these distributions (2). This makes 
the computations very simple as well as 
exact and the accuracy does not depend 
upon the relative distance from the 
peak of the zone; the approximations 
involved in the previous treatments, 
on the other hand, have made the results 
less applicable at regions far from the 
peak of the zone. 

When a solute is deposited from a sol- 
vent at the top of a column consisting of 
a finite number of theoretical plates, it is 
evident that according to the two basic 
assumptions of this theory, the solute 
will not be totally deposited on the top 
plate only. It is also clear that the con- 
centration of the solute on the plates will 
decrease from the top plate downward 
according to a certain distribution; 
therefore the assumption that the zone is 
deposited only on the top plate as well as 
that it is deposited evenly on a finite 
number of plates cannot accurately 
represent the actual distribution at the 
start of the elution process although the 
second assumption is a better approxi- 
mation than the first. These two assump- 
tions were the only cases dealt with by 
the previous authors. The present treat- 
ment, besides being a means by which 
these two cases can be handled, can also 
be used effectively for the actual case. 
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One of the advantages of this theory 
is the simplicity with which the process 
of gradient elution can be treated quan- 
titatively. Gradient elution is relatively 
a new technique which was developed by 
Alm, Williams, and Tiselius (7) in an 
effort to overcome the tailing of elution 
bands. An attempt to apply the Mayer 
and Tompkins equations to gradient 
elution was made by Freiling (3), who 
obtained relations which would determine 
the efficiency of the separation of bands. 
These relations, besides being not simple, 
were also approximate—owing, mainly, 
to the fact that the author found it neces- 
sary during the derivations to use the 
Mayer and Tompkins equations at the 
beginning and at the end of a run where 
they are least applicable. It is hoped 
that the present treatment will be capable 
of predicting, without elaborate calcu- 
lations, whether it is advantageous to use 
gradient elution for a certain separation. 


DEVELOPMENT OF THE THEORY 


In the development of this theory the 
following assumptions were made. 


1. The chromatographic column is 
equivalent to a plate column consisting 
of N theoretical plates. Each plate con- 
tains S/N g. adsorbent where S is the 
total weight of adsorbent and N is the 
total number of theoretical plates. The 
distance between every two successive 
plates = v,;/NA where v; is the free 
volume and A is the cross-sectional area 
of the column. 

2. The eluent passes continuously and 
without mixing through these plates. 

3. The adsorption isotherms are linear. 


Derivation of the General Equation 
for the Elution Process 


At the beginning of the process the 
concentration of solute on Plates 1, 2, 3, 
4, --+ , n, «++ , N is assumed to be 
tively, and at any time during the elution 
the concentrations are Y2, Ys, » Yrs 

-+, yy as shown in the following figure. 

As the eluent crosses plate 1, the solute 
will pass gradually from the plate to the 
eluent so that at all times the ratio of 
weight of solute per gram of eluent to 
weight per gram of adsorbent is a con- 
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stant k. If the weight of eluent that has when 
crossed any plate at any time is denoted ‘ . 
by w, then a differential material balance % = 0, € = 
around plate 1 gives ae 
around plate ives k (y,°kx 


S 


ky, dw = aay dy, 
dy, _kN 

1 

dw 


weight of eluent which 
has crossed the plate 


(N/S)w = «= weight of adsorbent on 
one plate 
Yi 


where c is a constant 
When = = y? 
-ny, =O+e 


In“ = —ka 
0.—kz 


Before entering plate 2, the eluent will 
have acquired a solute concentration 
which is a function of x resulting in 
0 -k 
1=ky =kye™ 
A differential material balance around 
plate 2 gives 


| 


S 
— ky,’e dw = 


Rearranging substituting dx for 
(N/S) dw gives 


ky. = = ky, 


This is a linear first-order differential 
equation in the form 


dy 
dx 


where P and Q are functions of x only. 


ky,°e~""e* dz + c) 


e(ky,°x + 


+ Py=Q 


Yo =e 
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jo = ke (y + yo’) 
Similarly, a differential material balance 


around plate 3 gives 


dy 
ys = ke (ky:°x + 
which is a first-order linear differential 
equation, the solution of which is 
0.2 
vk 


Yo ka + 


In plate 4 it is found that 


=e | + 


2 


+ ka + | 


By using the symbol u to denote kx, one 
gets 


n—1 n-2 
u 
Yn =e Ee 


4°... + 


0 U 


Equation (1) expresses the solute con- 
centration at any plate in the column 
after an amount of eluent = z units 
(both x and wu are dimensionless weight 
ratios) has passed through the plate. It 
is a general equation which can be applied 
to any initial distribution of solute in 
the column. 


SpecraL CasEs 

1. Only One Plate Loaded with Solute 
at the Beginning of Elution. This is the 
case which was treated by Martin and 
Synge and also by Mayer and Tompkins. 
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When Equation (1) is applied, 


= Dy, 


(1) 


one finds that it reduces to the first term 


only, as y2°, ys°, 
zero. Therefore, 


, y,° all are equal to 


— 
(n — 1)! 


Yn 

which is a Poisson distribution function. 
Equation (2) is comparable to the equa- 
tion derived by Martin and Synge. 
Mayer and Tompkins arrived at a solu- 
tion in the form of a binomial distribution , 
owing to the fact that they did not use 
the concept of continuity of the volume 
elements in their approach. Nevertheless, 
both solutions approach the normal dis- 
tribution as n and u become larger and 
larger. 

After approximating their binomial 
distribution with a normal distribution 
for large values of n, Mayer and Tomp- 
kins proved that, for a large n the peak 
of the concentration arrives after the 
passage of wu units of eluent such that 

Equation (2) can be differentiated with 
respect to u (at constant n) to find the 
values of uw at which y,/y:° is maximum. 


du \° (n — 1)! 


~~ (n— 2)! n—1 


The first derivative is equal to zero at 
the following points: 


“=n— 1; u = 0; 


The curve has a maximum at u = n — 1 
and therefore it must have two minima 
atu = Oandu= o~, 

The maximum concentration of the 
zone reaches the bottom of the column 
after u units of eluent equal to N — 1 
have crosses the bottom plate. 


(2s) 
maz 
(N — 1)! 


If N is very large, Stirling’s approxima- 
tion can be applied, i.e., 


(N — 1)! 
=e — VW 2x(N — 1) 
1 
— 1) 


1 
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2. Solute Uniformly Distributed over 
the Entire Length of the Column at the 
Beginning of Elution. In this case y,° is 
constant. and equal to y® and Equation 
(1) becomes 


n 
U 
Yr = ye 
n—-1 
-u 
r=0 
r Tr 
r=0 r! r=n r! 
= R, = Po’ — 
= 1 — (5) 
P denotes a Poisson exponential summa- 
tion distribution, Py = 1 for any value 


of wu. 


3. Solute Uniformly Distributed in a 
Zone at the Top of the Column Equivalent 
to M Theoretical Plates. The only differ- 
ence between this case and case 2 is in 
the limits of r, which will be from 1 to 
M instead of n, 


M 


Equation (6) expresses R,, as a function 
of both n and u. For a constant value of 
u the equation represents the solute- 
concentration distribution along the 
column after the passage of an amount 
of eluent equivalent to u units through the 
plates. If n is the constant, then the 
equation represents the change in the 
solute concentration on plate n as u 
changes and when n is equal to N the 
elution equation results, 


Ry =P — (6a) 


where 


Equation (6) is plotted in Figure 1 as a 
function of n/N. Both N and u/N are 
parameters (concentration-distribution 
curves). The following values were chosen: 


N u/N 
10 
20 0.3, 0.7 
50 0.1 
100 0.3, Oe 
200 0.1 
1,000 
Derivation of the Deposition Equation When the 


Solute Concentration at the Beginning 
is Zero at Any Point in the Column 


In order to derive the equation which 
represents the concentration distribution 
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N=1000 
1.0 
LN=200 
N=100 
08 
N=50 
N=100 
N=20 
Ry N=100 
04 = 
N=20 420.7 
10, N 
20 
N=20 
02 
1000 
50 10 Sf 
0 me 
0 50 
r) 0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9 1.0 


Fig. 1. Plot of Equation (6), R, = P“,.4 — P," for M = 0.1N (con- 
centration distribution curves). 


of a solute deposited at the top of a 
column when the solute concentration 
in the solvent before it enters the column 
is Jo, one follows the same procedure as 
was followed in deriving the general 
elution equation. 

A differential material balance around 
plate 1 gives 


S 
(Go — ky) dw = N dy; 
(Jo — ky:) dx = dy, 


Go = kyo 


yo is equal to the concentration on the 
adsorbent when it is in equilibrium with 
the eluent at a concentration 7 


(kyo ky,) dx dy, 


In (Yo — yx) = —ka +e 
Substituting the boundary condition 
y: = 0 when x = 0 and solving for yj, 


one finds 
= yo(l — 


A material balance around plate 2 gives 


kyo(l — — = 


which is a first-order linear differential 
equation. By solving and substituting 
the boundary condition yz = 0 when 
x = 0 it can be shown that 


yo = yoll —e “(1 + 
continuing up to plate n 


(ka)"* 
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Yo e te ute 


vi) 


(7) 


Equation (7) determines the actual dis- 
tribution of a zone deposited at the top 
of the column and should have applica- 
tions in the frontal analysis technique. 


Physical Significance of u 


u is a dimensionless parameter which 
will be called solution parameter, and n 
is the column parameter. 

An amount of solvent equivalent to u 
units and containing the solute at a 
concentration 7 contains an amount of 
solute which will fill u plates at a concen- 
tration yo. 

If w units of solvent are passed through 
a column which contains an _ infinite 
number of plates, all the solute will be 
deposited on the column and 


Yn = UoYo 


n=1 
= DR, = (8) 
n=1 n=1 
This result can be confirmed by expanding 
and rearranging the sum 


co 


* 
n=1 
During the elution of a zone, the ratio 
u/N is a measure of the distance traveled 
by the zone down the column. It is 
almost exactly equal to the fraction of 
column traveled by the peak of the zone 
regardless of the value of N. 
A zone deposited at the top of the 
column from an amount of solvent equiv- 


*Derivations of most important ensuing equations 
are given in tabular material deposited as document 
5048 with the American Documentation Institute, 
Photoduplication Service, Library of Congress, 
Washington 25, D. C., and may be obtained for 
$2.50 for photoprints or $1.75 for 35-mm. microfilm. 
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alent to uo units is actually distributed 
over the entire length of the column 
according to Equation (7); yet if the 
thickness of such a zone is defined as the 
distance from the top of the column to a 
point where R,° is equal to a certain 
small fraction e, then the relative thick- 
ness of the zone, i.e., the ratio between 
its thickness and the length of the column, 
will always be greater than the ratio 
uw/N and will approach this value 
asymptotically as the number of theo- 
retical plates becomes larger and larger. 

Similarly, complete elution of a zone 
which has been deposited at the top of a 
column requires an infinite amount of 
eluent, theoretically. For practical pur- 
poses, it would be desirable to define 
complete elution as being elution of the 
zone until a certain small fraction € is 
still adsorbed on the column. Once com- 
plete elution has been defined in this 
fashion, then the ratio u/N for the 
complete elution of a zone deposited at 
the top of the column will be always 
greater than 1 and will approach the 
value 1 asymptotically as the number of 
theoretical plates gets larger and larger, 
and for an infinite number of plates, u/N 
is equal to 1 for complete elution. 


Elution of a Zone Having an Initial 
Concentration-distribution Ratio R,° = P,,“° 

The intensity distribution of the zone 
after the passage of u units of eluent can 
be found by applying Equation (1). 


n 


—u 0 
Yn =e 
Dividing both sides by yo gives 
n 
—— 
Since 
0 uo 
R, 
n un” 


After expanding and rearranging, one 
can show that 


= — (9) 


Gradient Elution k = f(x) 

In order to derive the general elution 
equation corresponding. to Equation (1), 
the same procedure is followed as in 
deriving that equation except that & will 
be replaced by f(z). 

It can be proved that 


where 
vn = de 
0 
It can also be shown that k does not have 


to be a continuous function of x. If it is 
assumed that 
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Fig. 2. Plot of Equation (22), Ry“ = Pumiit+a),, — Pyum 
(This plot is used for the determination of the number of 


k = for 0 <2 < 
=f(x) fr 
= f(x) for 
f(x) for < Xz 
then 
E (n — 1)! 


+ u,)"” 
Ye (n 2)! Yn (11) 
and generally 


0 U 
in—n! 


where y,77 represents y, after the passage 
of eluent equivalent to 


(11a) 


and 


ll 


[ fi(x) dx + fo(a) dx 


tet f(a) dx 


Calculation of the Fraction of Solute Eluted 
after the Passage of U Units of Eluent 

If it is assumed that the solute was 
deposited at the top of the column by wo 
units of solvent, the distribution before 
the eluent is introduced would be 


N 
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theoretical plates.) 


N is the total number of plates in the 
column and f, = fraction of solute that 
left the column with the solvent. 

If N is large enough compared with 
uo, then f, becomes negligibly small and 


N N 


Se 


n=1 n=1 


ll 


2. Pa = Uo (13) 
n=1 


If N is not large enough, f, will have an 
appreciable value and if the fraction that 
remains on the column is denoted by 
then 


N N 
f n=1 n=1 
n=1 


Uo 


and 
foo} 
uo P to 
Uo 


=1 


It can be shown by expanding and re- 
arranging that >>%,,.1 P,,“° is equal to 


Uo(1 — Py") + NP’ y+: (14) 


Uo 
Uo N uo 
0 
and 
uo N uo 
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If the zone is eluted, then after the 
passage of wu units of eluent the new dis- 
tribution of the zone will be according to 


the equation 


N 
= 

f n=1 


Uo 


if @ is sufficiently small; i.e., for a very 
thin zone In (1 + a) =a 


and 
Um =~ N—-12N (21) 
for a large N 


I 


er” 


Uo 


Py’) 


N u Ug tu 
Ur (P N+1 P vet) (18) 


Determination of the Number of Plates 
in a Chromatographic Column 


If a zone is introduced at the top of the 
column, it will have the distribution 
R,° = P,°. If it is eluted with wu units 
of eluent, then the distribution during 
the elution will be according to the 
equation 


and at the bottom of the column where 
n= N, 


To find the value of u when the peak 
of the zone reaches the bottom of the 
column (plate N), one differentiates Ry 
with respect to uw and equates to zero. 


d d Uotu u 


By expanding Py“ and differentiating 
term by term one can prove that 


Similarly, 
d 
du = (N — 1)! 
For maximum intensity at N, 
d 
du (Ry) = 0 


— (uo +um) \N-1 —Um N-1 


=(N — 1) In (1 


m 


If the ratio wo/u, is denoted by a, then 


) In (1 + a) 
Qa 


Um = (N — 1 (20) 
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Uo 


: u utto N Uo tu u 
1+ = (Py* — + = — (17) 
Uo Uo 


Equation (20) together with the equation 
Ry" = Py — 


can be used for determining the total 
number of theoretical plates in a column. 

Both @ and Ry“ can be measured 
experimentally, and thus there are two 
equations in two unknowns, which can 
be solved to find the values of u,, and N. 

A graph can be prepared where Ry“” 
is plotted vs. N with @ as a parameter. 
Such a chart can be used in the deter- 
mination of the number of plates. It is 
necessary to know only a and Ry“"; then 
the value N is read directly from the 
chart (Figure 2). 
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NOTATION 

A = cross-sectional area of column 

f. = fraction of solute still adsorbed 
on column 

f. = fraction of solute that has left the 
column with eluent 

f(x) = adsorption or exchange coefficient 


when it is a function of x only 
and not of y, (gradient elution), 
= Gn/Yn 


I = number of different continuous 
relations f(x) during a run 
k = adsorption or exchange coeffi- 


cient when it is neither a function 
of x nor a function of y,. k = 


Yn 

M = number of plates occupied by a 
uniform zone at the beginning of 
elution 

N= total number of plates in column 
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m = plate number from top of col- 


umn. The top plate number n = 1 
and the bottom plate number 
n=N. 


Pe =e 
= Poisson exponentialsummation 
Ry, = Yn/Yyo Or yn/y® 
R,° = yn°/Yo 
Ry*" = maximum value of Ry 
= total weight of adsorbent in the 


column 
I 
t=1 
during the elution process 
Um = value of u when the peak of the 


zone has reached plate N 


I 
Uo = 


during the deposition of the 
solute from the solvent at the 
top of the column 


vy; = free volume of column = volume 
occupied by eluent or solvent 
w = weight of eluent or solvent that 


has passed through any plate in 
the column 

=wN/S 

Y, = concentration of solute on plate 
n, g. solute/g. adsorbent, for the 
elution process 


J, = concentration of solute in eluent 
in equilibrium with plate n during 
elution 

y= concentration of solute on plate 
n for the deposition process 

y® = initial concentration of solute on 


adsorbent when it is constant on 
all the plates or on a finite num- 
ber of plates in the column 

Yo = 9o/f(x) = concentration of solute 
on adsorbent if in equilibrium 
with solvent containing the solute 
at a concentration jo 


Jo = concentration of solute in solvent 
before entering plate 1 

= Uo/Unm 

y =In(l+a)/a 

€ = avery small fraction 

= e“(u"/n!) = Poisson exponential 
function 

= f:(x) dx. When f(x) = k, then 
W(x) = kx 
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Fluidized-bed Heat Transfer: A Generalized 


Dense-phase Correlation 


A fluidized-bed heat transfer mechanism is proposed that assumes that the chief re- 
sistance to heat exchange between a confining wall and a fluidized bed is in the laminar 
film at the vessel boundary. Heat flow through the film is by conduction. As the solids- 
particle velocity along the wall will modify film thickness, correlation of film coefficients 
in terms of particle velocities or the equivalent suggests itself. That heat transport from 
the boundary of the heating element to the fluidized core proceeds by way of turbulent 
solids mixing seems indicated by the considerable effect that the solids heat capacity 


appears to exert on over-all coefficients. 


The resulting correlation is examined critically in relation to pertinent literature data. 
The effect of fluidized-bed parameters on heat transfer coefficients is considered, and 
applicability and limits of the correlation are ascertained. 


Fluidization has been investigated in- 
tensively in récent years. Aside from a 
large number of papers dealing with the 
mechanics of fluidization, considerable 
contributions have been made in the 
field of fluidized-bed heat transfer both 
between gases and solids and bed and 
wall. This paper will examine the status 
of the latter problem and define generali- 
zations as far as possible. 

The mechanism of heat transfer in 
empty and packed columns will be 
briefly reviewed and extended into a 
possible mechanism for fluidized columns. 
In an empty conduit leading a turbulent 
stream there is always a laminar fluid 
film in immediate contact with the wall. 
In this film the radial fluid-velocity com- 
ponent is zero. The laminar film is 
followed by a buffer layer and thereafter 
by the turbulent fluid core. If heat is 
transferred from the wall to the main 
fluid body, the mechanism must be 
conduction. At the inner edge of the 
laminar layer the fluid temperature is 
considerably less than the wall tempera- 
ture, but it is still greater than the tem- 
perature near the conduit axis. At the 
buffer layer fluid mixing occurs, as evi- 
denced by the eddy movement of the 
fluid. Hence beyond the buffer layer 
heat is transferred by convection to the 
turbulent-fluid core. From the relatively 
small temperature drop across the buffer 
layer (as compared with that across the 
laminar film) it follows that the main 
resistance to heat flow is in the laminar 
film, and so any agency that will reduce 
the thickness of the laminar layer will 
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of heat transfer. For empty-conduit flow 
it was found that h « k» where n has an 
approximate value of 0.65. 

In packed columns heat transfer co- 
efficients for the same flow rates are 
considerably higher than in empty col- 
umns, probably because the thickness of 
the inside laminar layer, and therefore 
its thermal resistance, has been reduced. 
Thermal conductivity of the packing 
particles was found relatively unim- 
portant as far as promotion of wall-bed 
coefficients is concerned. According to 
Verschoor and Schuit (20), who investi- 
gated packed-bed heat transfer with a 
variety of solids and two widely differing 
gases (air and hydrogen), h « k?-74, 

As originally reported by Baerg et al. 
(2), heat transfer rates in packed columns 
operating under countergravity flow 
increase abruptly as the charge begins to 
fluidize. This would suggest that the 
thermal resistance of the laminar layer 
in contact with the wall is considerably 
lessened, possibly owing to a reduction in 
film thickness caused by the vertical 
motion of the particles. Continued bed 
expansion (as a consequence of increasing 
gas velocity) will increase the average 
interstitial distance between particles. 
Since heat transfer coefficients are never- 


_ theless, observed to increase for this early 


expansion range, one is justified in 
concluding that (direct) interparticle 
heat flow is negligible in comparison with 
flow through the film. 

The conditions outlined so far and to 
be discussed further are shown in Figure 1, 
which emphasizes the over-all behavior 
of fluidized solids as far as heat transfer 
coefficient (from bed to wall and vice 
versa) and fluid-mass velocity are con- 
cerned. Along O-mf is a fixed bed. At 
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mf, the point of initial fluidization, the 
sudden increase mentioned above is 
observed. As fluid velocity increases 
along branch A, the bed expands and, 
although for this section a continued 
increase in heat transfer is still evident, 
the rate of increase becomes _progres- 
sively smaller. At least two opposing 
influences seem to be at play: (1) the 
motion of the particles along the wall 
and the resulting improvement in heat 
transfer due to the “scouring action” and 
(2) the increasing state of dilution as far 
as solids particles is concerned. As is to be 
expected, this situation should lead to a 
plateau m and a maximum heat transfer 
coefficient, h,,~2. The order of magnitude 
of the maximum may occur anywhere 
between 100 and 200 B.t.u./(hr.) (sq. ft./ 
°F.); the more exact value will depend 
on the solids and fluid characteristics. 

The descending branch B pertains 
primarily to the fluidized dilute phase. 
For correlation purposes dilute-phase 
coefficients may perhaps be considered as 
essentially those of empty tubes modified 
by particle traffic along the wall. Dilute- 
phase particle velocities are high, and 
velocity changes have relatively less 
effect on heat transfer than have, for 
instance, solids-concentration changes. 
As dilute-phase solids-concentration 
changes of only a few per cent will affect 
particle-wall traffic appreciably, dilute- 
phase coefficients should be readily cor- 
related by solids concentration. 


THEORETICAL EQUATION 


The proposed theory of heat flow in 
dense-phase fluidized beds depends upon 
an understanding of the pattern of 
particle motion and velocities. If hori- 
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Table 1. Summary or LITERATURE 


Absolute Particle Type of Vessel Height Bed Flow 
Refer- Solids Voidage density size apparatus diam- of heat height, Fluids range, lb./_—‘T, °F. 
ence range lb./ range, ft. and eter, transfer in. (sq. ft.) (hr.) 
cu. ft. operation in. area, in. 
(1) Sands, graphite, Dense phase 83-166 8-14mesh Steam- 1.5 14.5 — Air 150-1200 
soft brick to jacketed 
36-72 mesh column 
(6) Aerocat, 52-69 121-466 0.000252 Wall 2.06 23 2-13 Air 68-251 
coke, to steam and and 
iron powder 0.000560 heating 3.07 26.5 
(8, 9) Sand, iron 35-75 80-500 0.00129 Wall 2.0 25 12-25 Air 1.47-1,095 258-413 
catalyst, to steam and and Co, 
silica gel 0.00149 heat 4.0 26 He, Ne 
(13) Glass beads 41.7-86.2 63.6-180 0.000250 Wall 4.0 3 sections 10-30 Air 79-4, 350 
catalysts, to electric 2,5, and 
coal 0.0142 heating 2 in. 
(17) Glass beads Dense phase 167-179 0.000179 Wall 4.73 7 sections, 13 .2-24.6 Air 23 .7-1,542 
to water each 5 in. 
0.00278 cooling high 
(19) Carborundum, Dense phase 112-694 0.000262 Wall 3.4 + 16 Air, CHy, 44-779 Approx 
iron oxide, to water Air, CO:, 10°- 
coke, lead 0.00213 cooling Town gas, 30°C 
fly ash, alloy Ho, Ne 
(12) Coal Dense phase —- 0.000432 Wall 4.0 24 — Air 50-1, 100 
to cooling 
0.00386 (air) 
(2) Tron powder, 38 .8-75 119-484 0.000198 Central 1.25 a 10 Air 1.85-605 23.5-65.0 
sands, glass to electric in 
beads catalyst 0.00288 heat 5.5 
(5) Sand, aluminum Dense phase 24.6-27.2 0.00079 Central 2.31 Immersed —— Air 40-100 87-145 
graphite, copper to cooling cooling 
catalyst 0.0126 coil 
(16) Silicon carbide, Dense phase 70-243 0.000287 Center 2.0 22 — Air 6.4-101 120-414 
Al-oxide, to wall He 
silica gel 0.000817 cooling CO, 
(21, 22) Sand, iron ore Dense phase 165-330 0.000766 Internal 1.35 —— 47 and 68 Air 
to cooling in 
0.00197 22.2 
(23) Glass beads, General 0.002 Suspended 3.94 Air 120-229 
sand, Socony orienting to heater and 
beads, lead shot experiment, 0.0174 water 
dense phase 
{3) Sand,aluminum, 54-95 160-167 0.000277 Wall 4.0 30 30 Air 96-935 
calcium- to electric 
carbonate 0.000822 heat 
{4) Glass beads Dilute phase — 0.00023 Electric 1.959 12 — Air 95-3 , 780 
to heat 
0.0036 from 
outside 
(14) Glass beads Dilute phase 0.000133 Internal 2.875 —-- Air 
to and and 
0.00149 external 1.00 
heating 
zontal particle velocity components are If the particle velocity along the wall or 
negligible as compared with vertical will affect film thickness (and thereby 
components, the energy exchange occur- heat transfer) the kinematic viscosity of i o(n( S22) (6) 
ring between the fluid and moving par- the fluid must be involved. Hence it may ““\uR 


ticles in the bed may be expressed by (10) 
u;AndAp = Bu,w (1) 


Since for solid-gas fluidized systems 
AAp  w, Equation (1) becomes 


= Bu, (2) 
Vertical particle velocity along the wall 
is given by u, = (L,,-R)/0, and substitut- 
ing into (2) will yield = B(L,,,R)/0 
where @ is the interparticle friction factor. 
Particle velocity is then related to fluid 
velocity and bed height by 


urn 
Dp 


be stated that 


h « n(4) (4) 


where z is the film thickness, which can 
be expressed by 


wR 
UpPF 


(5) 
Hence for the low velocity range, accom- 


panied by a small degree of bed expan- 
sion, 


UpPr)\ _ 
h uk ) c 
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Besides the usual thermal properties 
of fluids and solids, constant ¢ should be 
expected to contain such mechanical 
quantities as may define the interparticle 
friction factor (10). The equations contain 
the fluidization efficiency 7, to be dis- 
cussed in detail later. 


DATA 


A survey of most literature data per- 
taining to fluidized-system heat transfer 
is given in Table 1. The individual cor- 
relations are compared in Figure 2. The 
data pertain to a hypothetical bed com- 
posed of a sand 0.006 in. in diameter, 
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G = 250 Ib/(ft?)(hr) 


BTU 
(hr) (ft2) °F 
3 


For reference numbers 
see Figure 2 


0002 .0005 
D, feet 


Fig. 3. Heat transfer cofficient in rela- 
tion to particle diameter at constant 


mass velocity. 


| 100 
a 
| ¢ 
= ¥ 
f=) 
Gmt Gmax 
Log G 
Fig. 1. Heat transfer coefficient = 
in relation to mass velocity io | Baerg et al 6 van Heerden ei al 
for fluidized systems. © 2 Dow & Jakob 7 Vreedenberg ,vertical 
3 Leva etal 8 Levenspiel & Walton 
4 Miller & Logwinuk 9 Levenspiel & Walton 
5 Toomey & Johnstone (Coal, D =0.0059" 
10 Proposed correlation of Wen & Leva 
50 100 200 500 
G - Ib/(hry(tt®) 


Fig. 2. Heat transfer coefficient in relation to mass velocity 
for dense phase according to various investigators. 


fluidized in air. From Table 1 three 
broad data classifications are apparent: 
(1) dense-phase wall-bed heating and 
cooling, (2) dense-phase center-bed heat- 
ing and cooling, and (8) dilute-phase 
heating. 

The coefficients reported by Agarwal 
and Storrow (/) are not comparable with 
the remainder of the dense-phase meas- 
urements, because the former were 
based on a temperature difference that 
was the arithmetic mean of the terminal 
differences. Because the arithmetic tem- 
perature difference is considerably higher 
than the true temperature profile in a 
fluidized heat transfer device (which is 
usually obtained by local temperature 
exploration and subsequent graphical in- 
tegration), the Agarwal and Storrow data 
appear to be low in comparison. 

The early study of Levenspiel and 
Walton (12), reporting on fluidized-coal 
heat transfer gave unusually low-value 
date. No ready explanation may be given 
for this, except perhaps that the method 
of evaluating the heat flux from the unit 
might have been in doubt. Since the 
method was based on a determination of 
the temperature profile through the 
layer of insulation around the wall and 
the thermal conductivity of the layer, 
uncontrollable effects could readily have 
interfered with this method of measure- 
ment. The later data of Levenspiel and 
Walton (13), pertaining to a considerable 
variety of solids, are based on a more 
direct procedure. Heat input was evalu- 
ated from powerstat measurements, and 
temperature explorations were made by 
a wall-attached and a traveling thermo- 
couple. Nevertheless the coefficients are 
low compared with the remainder of the 
data. Admittedly, the writers do not 
know the reason for the low coefficients, 
although they strongly suspect that heat 
losses from that part of the experimental 
section that did not carry the 9 in. of 
electrical heating coils could have con- 
tributed materially to the low values. 
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It is interesting in this respect to compare 
the apparatus of Levenspiel and Walton 
(13) with that of Van Heerden et al. 
(19). In both cases the fluidized bed 
extended beyond the heat transfer area. 
In the case of the Van Heerden unit, 
however, heat losses into the surround- 
ings were negligible, because the bed 
extending into the unjacketed-tube zone 
was essentially at room temperature. 
The major portion of the unjacketed part 
of the Levenspiel and Walton unit, on the 
other hand, carried a bed that was 
roughly about 300°F. above room tem- 
perature. 

In the light of the now considerable 
heat transfer data that have been 
reported for dense-phase fluidized beds, 
the appreciable deviation of the dense- 
phase data from the Bureau of Mines 
reported earlier (8, 9) appears to have 
been caused by the entrance effect that 
prevailed with the chosen experimental 
unit. Careful examination and compari- 
son with techniques of others seem to 
indicate that the entrance effect is more 
important than was originally realized. 
In a fluidized bed of the type considered, 
the vertical temperature gradient in the 
first inch or two from the bottom is 
very great. Although this gradient will 
not greatly affect an integrated tempera- 
ture difference if the bed is high (that 
is, at least a foot or more), a considerable 
error in the calculated sensible heat 
quantity will result if the temperature 
rise of the passing fluid is used. In such a 
case it is by far better to determine the 
sensible heat quantity by an over-all 
energy balance. In the absence of such 
data the heat transfer coefficients were 
corrected by recalculating the sensible 
heat quantity and using the data of 
Figure 5 of the original article (8). 
Thus if ¢, is the exit air temperature and 
t; and ¢t) are inlet air temperatures for 
the fluidized column and the empty tube 
respectively, corrected coefficients result 
when the originally reported values are 
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multiplied by the ratio (t, — t)/(t. — #;). 
Strictly speaking, a readjustment in 
temperature difference would also be 
required. This latter effect, however, is so 
small as to be well within the limits of 
the experimental error; therefore the 
above-mentioned correction will suffice. 
As examination of the final correlation 
will reveal, the correction brings the 
U. S. Bureau of Mines data into satis- 
factory agreement with other measure- 
ments pertaining to heat flow through 
exterior walls. 

The measurements of Campbell and 
Rumford (4) pertained to a relatively 
wide range of particle diameter and 
choice of materials; however the mass 
velocity range was rather limited. Since 
the construction of the heat transfer unit 
was such (a helical cooling coil immersed 
in a cylindrical vessel) that the heat 
transfer element must have seriously 
interfered with the quality of fluidiza- 
tion, it was apparent that the Campbell 
and Rumford data were not of immediate 
value to the present study, which has as 
its object the description of broad general 
trends. 

An enlightening effect of apparatus 
construction may be observed from the 
data of Vreedenberg (21, 22). He used a 
wide bed about 22 in. in diameter, into 
which was immersed a long cylindrical 
water-cooling element, which could be 
moved into various positions in the 
fluidizing charge. His observations are 
given below: 

Heat transer coefficient 


Cooling-element relative to central 


position vertical position 
Central, vertical 1.00 
4-in. from center, 
vertical 1.76 
8 in. from center, 
vertical 1.57 
Horizontal 1.19 


It appears then that in the large- 
diameter charge the heat transfer coeffi- 
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Fig. 4. Heat transfer coefficient vs. particle diameter for 
various types of solids. 
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Fig. 5. Heat transfer coefficient in relation 
to particle diameter at constant reduced 
mass velocity; G;/G,,; = 3.0 to 3.5. 


determining local heat transfer coeffi- 
cients. Regarding absolute values, the 
relatively large-scale data of Vreedenberg 
represent the highest coefficients reported 
in the literature. 


CORRELATION 


From Figure 2 it appears that good 
agreement exists among the measure- 
ments of Baerg et al. (2), Dow and 
Jakob (6), Miller and Logwinuk (16), 
Toomey and Johnstone (17), and Van 
Heerden et al. (19). In view of the fact 
that the Baerg and Van Heerden data 
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Fig. 6. Effect of fluid thermal conductivity on heat transfer. 


cient was lower in the center than in any 
other position. This is in direct contra- 
diction to all observations of others who 
investigated central and peripheral heat 
transfer in equipment of relatively small 
diameter. The discrepancy is of course 
due to the fact that in the large charge 
particle velocities and flow patterns are 
quite different from those in a small- 
diameter bed. Whereas in a bed of small 
diameter (say up to 8 in.) the particles 
move predominantly upward in the 
center of the vessel and less vigorously 
downward near the wall, this type of 
motion is not likely to prevail in a large- 
diameter charge, where the pattern of 
flow is of necessity much less well coor- 
dinated. If heat transfer rates and par- 
ticle movement are ever related explicitly 
with each other, the observations of 
Vreedenberg would suggest the interest- 
ing possibility of charting internal par- 
ticle paths and patterns by simply 
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seemed most complete, they were used 
as the basis for attempting a correlation 
in line with the suggestion of Equation 
(6). By the usual methods of plotting and 
cross plotting, the following relation was 
obtained: 


k A R (7) 


If particle diameter is canceled, it takes 
the form 


0.67 0.26, 0.55 0.36 
h = Ak Ps Cs (22) (8) 


which is in agreement with Equation (6). 

Constant A will vary according to the 
data level. It will be higher for the data 
of Baerg than for those of Van Heerden, 
for instance. The absolute value of A 
is probably dependent on apparatus 
construction and experimental tech- 
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niques. On the basis of an average value 
of A = 45 the equation reads 


0.26, 0.55 Gyn 
— Ps uR (9) 


and the course of the proposed equation 
indicated in Figure 2 seems well in line 
with the majority of the data. 

Though absolute values predicted by 
any correlation are important, the 
general course and trend followed by a 
correlation of the type discussed is 
perhaps of even more significance. From 
Figure 1 it is apparent that the relation- 
ship between h and G@ in a fluidized 
dense-phase bed can only be approxi- 
mated by the form h « G™. The correla- 
tions of Miller and Logwinuk (16) and 
Dow and Jakob (6) define heat transfer 
coefficients in this way. In the case of 
Miller and Logwinuk the exponent on the 
mass velocity is about 0.32, whereas for 
Dow and Jakob it is equal to 0.80. Since 
the true course of any h vs. G relationship 
is not exponential, the two correlations 
will not permit any extension beyond 
their tested range. The reason why the 
exponents on the mass velocity differ so 
greatly for the two sets of data is prob- 
ably associated with the region of field 
which the correlations cover. Thus if 
reference is made again to Figure 1 it 
appears that Miller and Logwinuk ex- 
plored the phenomenon nearer the 
plateau of the curve than did Dow and 
Jakob. If so, the general level of the Miller 
and Logwinuk data should be signifi- 
cantly higher than that of the Dow and 
Jakob data. This is in fact indicated by 
their measurements. 

The correlations of Van Heerden 
et al. (19) and Toomey and Johnstone 
(17) are not of the type just discussed. 
Instead of presenting heat transfer 
coefficients as power functions of mass 
velocity, they make use, in one form 
or another, of the so-called “reduced”’ 
mass velocity (the reduced-mass-velocity 
concept was also successfully used by 
Vreedenberg for presenting his large- 
scale data). As has been pointed out 
earlier (10), use of this concept appears 
to make allowance for the effect of 
particle motion on the thickness of the 
fluid film inside the tube wall and hence 
should be useful as a correlation factor 
for fluidized-bed heat transfer data. In 
effect these correlations make reference 
to a static bed and by resorting to the 
use of the reduced mass velocity they 
introduce a concept similar to the stirring 
factor suggested recently by Mickley and 
Fairbanks (15). 

The correlation proposed in this paper 
presents the data in their true perspective. 
As may be seen from Figure 2, the 
h vs. G path is a curve, rather than a 
straight line. The curvature is brought 
about by the inclusion of the product of 
mass velocity and fluidization efficiency, 
in the numerator, on one hand and the 
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Fig. 7. Details of data of Van Heerden et al. 
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Fig. 8. Effect of solids heat capacity on heat 
transfer coefficient (data of Van Heerden 
et al). 


bed-expansion ratio (a measure of bed 
density), in the denominator, on the 
other. 

Another comparison of the correla- 
tions is given in Figure 3. According to the 
various correlations, coefficients were 
evaluated for a range of particle diam- 
eters, with mass velocity kept constant 
at 250 lb./(sq. ft.)(hr.). The data pertain 
to the system silica sand-air. Of imme- 
diate interest is of course the fact that 
in all cases the coefficient is inversely 
proportional to some function of particle 
size. The fact that for some correlations 
the dependence seems to be more pro- 
nounced than for others finds explanation 
in the inherent validity range as well as 
nature of the correlations. A similar plot, 
but based on the parent data, is indicated 
in Figure 4. Slopes and data trend are in 
better agreement than for the calculated 
values of Figure 3. As far as comparison 
of the new correlation with the remainder 
is concerned, the agreement with the Van 
Heerden, Baerg, and Toomey and John- 
stone data seems quite satisfactory. The 
greatest deviation is indicated by those 
correlations that present the coefficients 
as a power function of mass velocity. 

Another way of examining the new 
correlation is to evaluate the heat transfer 
coefficients for a range of particle diam- 
eters, not as before at constant mass 
velocity, but rather at constant reduced 
mass velocity. In Figure 5 the course 
of the new correlation is compared with 
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actually reported measurements. The 
calculated data, pertaining to silica 
sands fluidized in air, compare well with 
the experimental measurements made 
with foundry sand and carborundum 
fluidized in air. The reduced-mass- 
velocity value ranged from about 3.0 to 
3.5. 


EFFECTS OF THERMAL PROPERTIES 


Coefficients are proportional to k°-®7. 
This result, established satisfactorily by 
the data of Figure 6, is in very satisfactory 
agreement with fixed-bed data. By 
analogy one may therefore conclude that 
in the fluidized bed a considerable portion 
of resistance to heat flow is due to the 
fluid film inside the heat transfer surface. 
Heat transfer from the inside of the film 
to the core of the vessel is probably, as 
suggested by Van Heerden, by way of 
turbulent mixing, though particle-par- 
ticle heat flow is probably negligible. This 
latter assumption seems indicated by the 
data of Figure 7. For the solids given, 
thermal conductivity varied approxi- 
mately thirty-six-fold, sufficient to indi- 
cate a trend if demanded by the heat 
transfer mechanism. The failure to 
propagate heat into the bed interior by 
direct particle-particle action is most 
likely due to the very small mutual 
solids contact surfaces that must be 
assumed to prevail in a fluidized bed. 
This observation however does not 
preclude a particle-gas-particle heat-flow 
mechanism, a phenomenon wherein the 
entire surface area of the fluidized charge 
will participate. Although particle-gas 
coefficients reported so far are not un- 
usually high, the rate of heat propaga- 
tion into the fluidized core (with heating) 
must nevertheless be assumed to be 
rapid, because of the large surface area 
that prevails in the charge. The mecha- 
nism of heat propagation between core 
and wall just discussed seems well sup- 
ported by the considerable effect which 
the solids heat capacity exerts on the 
magnitude of the coefficients. For the 
solids examined by Van Heerden the 
solids heat capacity varied fivefold. The 
Van Heerden data, cross plotted at a 
value of (Re n)/R = 0.3, are shown in 
Figure 8. All the data except those per- 
taining to coke yield a satisfactory cor- 
relation. The deviation of the coke data 
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may perhaps be caused by shape or 
density differences that are not account- 
able by heat transfer. 


EFFECT OF BED HEIGHT 


According to Dow and Jakob (6) co- 
efficients vary as the 0.65 power of the 
diameter-height ratio. Van Heerden and 
coworkers discussed this point in some 
detail (18) and were rather of the opinion 
that it was not bed height which affected 
the coefficients but the height of the heat 
transfer area instead. A set of experi- 
ments disclosed that a decrease in heat 
transfer area height from about 40 to 
about 1.5 in. caused an increase in the 
coefficients of approximately 100%. This 
was attributed to an entrance effect. As 
fluidized solids enter a heat transfer 
section, 2 maximum temperature differ- 
ence is established between wall and bed. 
causing maximum rate of heat flow, 
Extrapolation of the data to zero bed 
height yields a heat transfer coefficient 
of approximately the value of the co- 
efficient calculated from the thermal 
conductivity of the fluid film, an accepted 
film thickness of about half a particle 
diameter being used. 

This entrance effect discussed by Van 
Heerden is definitely important, as is, 
apparently, the height of the bed. Ex- 
perimental data of at least two varieties 
have become available to substantiate 
this. First there are the measurements of 
Toomey and Johnstone, which show a 
definite height effect, and then there are 
the viscosity measurements of Kramers 
(7), made in certain strata in fluidized 
beds, which permit conclusions as to 
uniformity of fluidization and_ particle 
movement. The apparatus of Toomey and 
Johnstone was constructed in such a way 
that local coefficients could be evaluated 
along the tube wall. According to a fre- 
quently prevailing pattern, the heat 
transfer coefficients were highest in the 
base of the column and decreased with 
increasing bed height. Such an observa- 
tion would qualitatively also be in line 
with the viscosity measurements of Kra- 
mers. His data indicated that the uniform- 
ity in the bed was apparently much better 
in the base than higher. If the particle 
movement and the character of particle 
motion influence the coefficients, then bed 
height should be expected to affect the 
coefficients because particle velocity and 
flow pattern, i.e., quality of fluidization, 
are known to depend on (in addition to 
other factors) bed height. 

An effect of bed height is also accounted 
for by the equation which has been pro- 
posed by Wicke and Fetting (24). On the 
basis of a film theory a theoretical equa- 
tion of considerable complexity reports 
coefficients as being inversely propor- 
tional to bed height. Another charac- 
teristic of the equation is that it suggests 
an effect of the height of the heat transfer 
section, H, on the coefficients. According 
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Fig. 9. Effect of solids density on heat transfer COM 
= 
to the form of the correlation and its een & Johnstone, | |#-Dow & Jakob, (coke, 
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complicated, as considerations of other 
factors, notably film thickness, are 
involved. The appearance of such an 
optimum is not indicated by the measure- 
ments of Van Heerden (1/8). Optimum 
bed-height effects have, however, been 
reported by Toomey and Johnstone (17). 
They are much more readily visualized 
than are optimum heat transfer surface- 
height effects. 

The effect of solids density upon heat 


transfer is indicated in Figure 9. The 
data are those of Van Heerden, with 


p, varying nearly twentyfold. The cor- 
relation is of a quality similar to the 
already discussed effect of c,. 


DIMENSIONLESS EQUATION 


As suggested, one of the objectives of 
this analysis was to coordinate some 
earlier observations of solids motion in 
the bed with heat transfer phenomena 
through a boundary layer. Although this 
effort produced an expression that fits 
the majority of data quite satisfactorily, 
it is not yet a final correlation. This is 
clearly evident from its dimensional 
character. An examination of Equation 
(7) reveals, however, that dimensional 
homogeneity would result if the present 
dimensional group 


0.26, 0.55 0.64 


ko 
took the form 
pC. + 0.60 0.20 


where g is the acceleration due to gravity. 

In view of the fact that the foregoing 
specific exponents are inherently influ- 
enced by the method and accuracy of 
estimating fluidization efficiency and 
expansion ratio for the solids in question, 
an over-all exponent of 0.40 may be 
justified on the basis of the present 
analysis if the final equation will fit the 
available data. All available bed—exterior- 
wall heat transfer data pertaining to the 
dense phase have been examined in the 
light of this development and the result 
is indicated in Figure 10. All data are 
satisfactorily correlated by the equation 
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Fig. 10. Final correlation of wall-bed coefficients. 


.36 
( uR (10) 


An examination of the equation reveals 
that it relates the Nusselt group to two 
other dimensionless groups. The last 
group is readily recognized as a Reynolds 
number that includes also the fluidization 
parameters 7 and R. The second group 
includes primarily (with the exception 
of k) thermal and mechanical properties 
of the solids phase. These findings are in 
line with this general development, where 
the solids velocity along the wall of the 
vessel was found to be a function of a 
mechanical constant 8, termed the inter- 
particle friction factor. 


APPLICATION 


In order to be able to use the new cor- 
relation one must be able to evaluate its 
components. Evaluation of the physical 
properties of the fluids and solids poses 
no special problem. As far as particle 
diameter is concerned, the geometric 
mean particle size is suggested. Thus for 
a narrow-cut solid D, = Vd X d, 
where d; and d, are adjacent sieve open- 
ings. As far as composite sizes are con- 
cerned, the equation has not yet been 
developed sufficiently far to permit sug- 
gestion of one or another mode of 
diameter evaluation. 

The fluidization efficiency term in the 
equation is defined by (10) 


Evaluation of the term has been fre- 
quantly discussed. The graphical solution 
suggested will not only yield 7 but at the 
same time will also give a value for R, the 
bed-expansion ratio. Since the graphical 
and analytical solutions involve a small 
amount of labor, nomographie solutions 
for evaluation of 7 and R are suggested 
in Figures 11 and 12. To start with, one 
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computes the value of the reduced mass 
velocity first. This is obtained by dividing 
the operating mass velocity by Gny. 
Values of G,,, are conveniently obtained 
from the nomograph, Figure 13 (/1). 
With G,/G,,; known, 7 is obtained from 
Figure 11, and by use of n values of R 
are obtained from Figure 12. Thereafter 
the equation is readily applied. 


Example 


A carborundum powder of 0.0038-in. 
composite diameter arranged in a bed of 
t-in. diameter and 10-in. height in the 
static condition is fluidized by a current of 
air. For the following conditions and 
physical properties estimate the heat 
transfer coefficient through the outside wall. 

Air mass velocity is 244 lb./(sq. ft.) (hr.). 

Temperature and pressure of the air are 
such that p, = 0.075 lb./cu. ft., w = 0.018 
centipoise, and k = 0.016 B.t.u./(hr.)(°F./ 
ft.). 

Solids heat capacity 
(Ib.)(°F.) 

Solids density p; = 200 lb./cu. ft. 


is 0.154 B.t.u./ 


Solution 

First Gnz is estimated. Then it is found 
that (ps_P p) Px = (200 — 0.075) 0.075 = 15. 
From the nomograph, Figure 13, 


Gnzg = 13 Ib./(sq. ft.) (hr.) 


Hence G;/Gnz = 244/13 = 18.7 and, from 
Figure ll, 7» = 0.82. From Figure 12, 
R = 1.52. Substitution of these values into 
Equation (10) yields a value of 


h = 73 B.t.u./(hr.) (°F./sq. ft.) 


For similar conditions of operation Van 
Heerden reports h = 71.5 B.t.u./(hr.) (°F. / 
sq. ft.) and Gng = 13.2 lb./(sq. ft.) (hr.). 
It is to be noted that although the con- 
ditions of the problem are such that evalua- 
tions of 7 and R by means of Figures 11 
and 12 extend into the extrapolated range, 
the coefficient proposed by the correlation 
and the procedure are nevertheless in close 
agreement with experimental evidence. 


NOTATION 
A = vessel cross section (ZL?) 
e¢ = constant 


D, = particle diameter (LZ) 
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Fig. 11. Fluidization efficiency in relation to reduced mass 
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Fig. 12. Fluidization efficiency in relation to 
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city. 


function of 

acceleration due to gravity (L@-) 
mass velocity for expansion (not 
fluidization) of a bed (M@-L-*) 
mass velocity for fluidization of a 
bed 

mass velocity required to fluidize 
a bed incipiently 
coefficient of heat transfer 
(HéL~T-), B.t.u./(hr.) (sq. ft. 
/°F.), in Equation (7) 

fluid thermal conductivity 
(B.t.u./hr. ft., °F.) 
in Equation (7) 

constant 

bed height at onset of fluidization 
(L) 

exponents (no dimension) 
expansion ratio of fluidized bed 
(no dimension) 

superficial fluid velocity (L6-1) 
particle velocity along fluidized 


bed wall (L0-1) 
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Fig. 13. Nomograph for G,n;. 
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Bare 


Pr 
Ps 


= weight of bed (M) 

= film thickness (L) 

= interparticle friction factor (no di- 
mension) 

= pressure drop across fluidized bed 
(FL) 

= fluidization efficiency (no dimen- 
sion) 

= time required for particles to 

travel from top to bottom of 

fluidized bed (@) 

fluid viscosity (MI-16-) 

= fluid density (ML-*) 

solid density (ML-°) 
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Diffusion and Reaction in Viscous-flow 
Tubular Reactor 


The effect on point and integral average conversion of chemical reaction, coupled with 
radial diffusion and radial distribution of reaction times in viscous-flow tubular reactors, 
is reported. Solutions are given for first-order reaction over an extensive range of dimen- 
sionless rate and time variables. An expression is given for a criterion of the conditions 
when the contribution of diffusion is so small that it may safely be disregarded as a variable. 
Another criterion also is given for the situation when diffusivity is so large, in comparison 
with other system constants, that the simple plug flow solution may be used without 


incurring more than a specified error. 


The hydrolysis of acetic anhydride was studied in 1/4- and 1/2-in.-diam. reactors in 
10- and 15-ft. lengths. Reynolds numbers were between 40 and 400 and temperatures 
between 25° and 35°C. It was found that the derived equations form a proper description 
of experiments in the smaller tube. Deviations from theory in the larger tube are explained 
in terms of free convection arising from nonisothermal conditions and from concentration 
gradients in the tube. Grashof criteria for initiation of convection in the system are dis- 


cussed. 


A liquid-phase first-order chemical re- 
action was studied under isothermal 
conditions in a tubular reactor in the 
laminar-flow region. In this region the 
concept of bulk contact time loses mean- 
ing; there is a distribution of contact 
times brought about by the parabolic 
velocity profile. This distribution causes 
a radial concentration gradient to be 
established which in turn tends to be 
diminished by molecular diffusion and 
under some conditions by free convection. 
Thus reaction, flow, and diffusional effects 
are related. The specific chemical reaction 
chosen for this study of interacting vari- 
ables was the liquid-phase hydrolysis of 
acetic anhydride. 

Few investigations of chemical reac- 
tions in laminar flow have been reported. 
Bosworth (1), conducting a theoretical 
investigation of the modification of the 
distribution of contact times by molecular 
diffusion in a tubular flow reactor, showed 
under what conditions the effects of 
diffusion may be neglected. Denbigh (7) 
derived an expression for conversion in 
a second-order reaction in laminar flow 
under conditions in which reactant and 
product diffusion may be neglected. 


THEORY 


A differential volume of fluid within a 
tubular flow reactor will be considered. 


F. A. Cleland is with Shell Development Com- 
pany, Emeryville, California. 
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In general, heat, mass, and momentum 
may be transferred to or from this ele- 
mental volume and a chemical component 
may undergo reaction within it. The 
present investigation is limited to an 
analysis of reactions occurring isotherm- 
ally in laminar flow. Therefore only mass 
transfer equations will be used here. 


Derivation of Differential Equation 

Steady state, axial symmetry, and flow 
in the axial direction only are assumed. 
Mass balances for the n chemical com- 
ponents are as follows: 


dc; , 1, 
ar | rar dz” 


=0,4=1,2---2 


v, is the axial velocity; z is the axial 
coordinate measured from the reactor 
inlet; r is the radial coordinate measured 
from the tube axis; and c;, D;, and R; are 
the concentration, molecular diffusivity, 
and reaction rate of the 7th component, 
respectively. The terms represent the 
rate of accumulation due to flow, diffu- 
sion, and reaction, respectively. 

If the velocity profile is described by 
Poiseuille’s equation, axial diffusion is 
negligible compared with radial diffusion, 


/ 
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and there is no volume change on reaction, 
then Equation (1) becomes 


r\’\ de; 
(Z) 


or Or 
—R; =0,1=1,2---2 


v being the velocity of the central 
stream line, and R the tube radius. 

If a certain chemical species is under- 
going a first-order reaction, only the 
mass balance of this component need 
be considered, since R; is independent of 
the concentration of other components. 
Equation (2) for an irreversible first- 
order reaction becomes 


R/ dz 
dc 
or r Or 8) 
where k is the reaction-velocity constant. 
Equation (3) in dimensionless form is 


72, OC 

+o 25 4 C=0 (4) 
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Fig. 1. Reference grid for difference-equa- 
tion derivation. 


where 
kz 
and 
R 


Co is the concentration of reactant at z = 0. 
Boundary conditions for Equation (4) are 
taken as follows: 


A= 0 C=1 
aC 
U=1 au 9 


Solution 

No readily integrable analytical solu- 
tion was obtained for Equation (4), 
however, it is possible to solve analytically 
for the maximum and minimum effects of 
the diffusion parameter a. As a becomes 
large without limit, the radial concentra- 
tion gradients must necessarily vanish. 
The situation is now as though the reac- 
tion were occurring in “plug” flow. For 
this case the concentration of reactant 
leaving the reactor is given by 


C = e ave = (5) 


With a = 0, Equation (4) becomes 
1- =- 
© 
which has the solution 


C (7) 


The average concentration by Equation 
(7) is then 


1 
C. = Ui ayy (8) 


Introducing the new variable x = 
A/(1 — U?) and integrating by parts gives 
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4 Cya1 = C31 = C2 at the tube axis yields 
the implicit difference equation — 
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Fig. 2. Grid spacing for numerical inte- 
gration. 


The integral is the exponential integral, 
a tabulated function. For other values 
of a (including 0) Equation (4) was inte- 
grated numerically. As discussed later in 
this section, a comparison of the numer- 
ical and analytical solutions for a = 0 
affords a check of the numerical solution. 


Method of Numerical Solution 


Approximate solutions to differential 
equations may be obtained by numerical 
integration of corresponding difference 
equations. 

Difference-equation formulation is by 
reference to the grid shown in Figure 1. 
Subscripts 7 and k& refer to radial and 
axial positions, respectively. A Taylor’s 
expansion of C about j, k is made in the 
axial and radial directions to evaluate 
the derivatives in Equation (4). Higher 
order terms in the Taylor’s series are 
dropped, leading to an approximation in 
the derivatives. The radial Laplacian and 
the concentration term on the right in 
Equation (4) are averaged over the k 
and k + 1 rows to increase numerical 
stability (13) and thus speed up numer- 
ical computations. The resulting differ- 
ence equation for the jth radial station is 


Ad 


where C, is the concentration at the tube 
axis. (See Figure 2.) 

3. Any intermediate position where the 
radial grid-element size is changed. 
Individual equations for these points 
together with Equation (10) constitute 
a set of simultaneous difference equations 
which correspond to Equation (4). 

This system of simultaneous difference 
equations was solved for values of 
a = 0, 0.01, 0.1, and 1.0 for the specified 
boundary conditions. Solution was by 
means of an electronic digital computer, 
the I.B.M. Card Programmed Calculator, 
wired to perform eight-digit floating- 
decimal arithmetic. Eleven radial stations 
were used in the grid. Grid spacing near 
the wall was one half that near the tube 
axis. (See Figure 2.) This spacing favors 
accurate evaluation of radial derivatives 
in the regions where they are large. 
Inspection of the system of difference 
equations shows that eleven simultaneous 
equations arise from a choice of eleven 
radial stations. These equations were 
solved by means of the Thomas method, 
a description of which is given by Bruce, 
Peaceman, Rachford, and Rice (2). 
Details of present work are given else- 
where (5). 

Solution of these equations gives point 
values of C as a function of U and X. An 
integral average concentration based on 
the volumetric flow rate also was ob- 
tained by the computer. For this compu- 


4U ,AU 


This difference equation may be used for 
all points in the grid except 
1. The tube wall, where the boundary 
condition, dC/8U = 0, must be applied 
2. The tube center, where (1/U) 
(0C/0U) is an indeterminate of the form 
0/0. Applying L’Hospital’s rule gives 


1 


Using this expression for the radial 
Laplacian in Equation (4) and noting that 


+ 


im 
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2(AU)’ 


(10) 


tation the following integral was evalu- 
ated by Simpson’s rule: 


QervC dr 


C. = 
dr 


U(L — U)C dU (18) 


In most cases computations were con- 
tinued until the fraction unconverted, 
C., was depleted to about 0.02. 
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TasBLeE 1. THEORETICAL VALUES OF C, AS A FUNCTION OF X FOR VARIOUS VALUES OF @ 


d = kz/vo a=0 a = 0.01 a = 0.10 a= 1.0 a= 
0 1 1 1 1 1 
0.01 0.9810 0.9800 0.9806 0.9808 0.9802 
0.02 0.9625 0.9608 0.9615 0.9615 0.9608 
0.03 0.9447 0.9424 0.9428 0.9427 0.9418 
0.04 0.9273 0.9246 0.9247 0.9242 0.9231 
0.05 0.9105 0.9073 0.9071 0.9061 0.9048 
0.07 0.8780 0.8743 0.8731 0.8710 0.8694 
0.10 0.8328 0.8282 0.8251 0.8211 0.8187 
0.15 0.7645 0.7585 0.7520 0.7443 0.7408 
0.20 0.7037 0.6965 0.6863 0.6747 0.6703 
0.25 0.6491 0.6409 0.6270 0.6116 0.6065 
0.30 0.5999 0.5906 0.5733 0.5544 0.5488 
0.35 0.5552 0.5452 0.5247 0.5026 0.4966 
0.40 0.5145 0.5037 0.4803 0.4556 0.4493 
0.45 0.4773 0.4661 0.4409 0.4130 0.4066 
0.50 0.4432 0.4316 0.4033 0.3741 0.3679 
0.60 0.3831 0.3711 0.3392 0.3076 0.3012 
0.70 0.3321 0.3201 0.2856 0.2528 0.2466 
0.80 0.2887 0.2768 0.2407 0.2079 0.2019 
0.90 0.2514 0.2397 0.2030 0.1707 0.1653 
1.00 0.2194 0.2082 0.1709 0.1403 0.1353 
1.10 0.1918 0.1809 0.1446 0.1152 0.1108 
1.20 0.1679 0.1576 0.1222 0.0946 0.0907 
1.30 0.1472 0.1372 0.1031 0.0777 0.0743 
1.40 0.1211 0.1199 0.0871 0.0638 0.0608 
1.60 0.0998 0.0917 0.0621 0.0430 0.0408 
1.80 0.0774 0.0702 0.0443 0.0290 0.0273 
2.00 0.0603 0.0540 0.0316 0.0196 0.0183 


Cy 


Fig. 3. Theoretical curves of C, vs. 


Solutions in Tables and Graphs 


All point and integral average concen- 
trations are available in printed I.B.M. 
tables. Range of variables is C, from 1.0 
to 0.02, \ from 0 to 2, a from 0 to 1.0. A 
brief table of selected values is provided 
in Table 1*. 

Table 2 compares C, for a = 0 calcu- 
lated from numerical integration (Table 
1) and from analytical solution [Equation 
(9)|. Thus agreement between the two 
integrations is quite good. 


*Complete data are available as document 5055 
from the American Documentation Institute, Photo- 
duplication Service, Library of Congress, Washing- 
ton 25, D. C., at $5.00 for photoprints or $2.25 for 
35-mm. microfilm. 
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with a = D/kR*, a parameter. 


TABLE 2. 
CoMPARISON OF Cy FROM NUMERICAL AND 
ANALYTICAL INTEGRATIONS FOR a = 0 


C, from analytical C, from numerical 


r solution [Eq. (9)| integration 
0.01 0.9806 0.9810 
0.05 0.9098 0.9105 
0.20 0.7039 0.7037 
1.00 0.2194 0.2194 
2.00 0.0603 0.0603 


Figure 3 presents integral average 
concentrations as a function of a and X. 
Typical concentration profiles for various 
values of \ with a = 0.1 are given in 
Figure 4. The effect on concentration 
profiles of the diffusion parameter a@ at 
constant A is illustrated in Figure 5. 
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Fig. 4. Theoretical radial-concentration 
profiles at a = 0.1. 
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Fig. 5. Theoretical concentration profiles 
for various values of a with \ = 0.3. 


Discussion of Theoretical Results 


The solutions, Figure 3, show how the 
system parameters are bounded by con- 
ditions that represent the following 
physical situations: (1) radial diffusion 
is neglected but the parabolic flow profile 
is not (a = 0) and (2) radial diffusion is 
very large or the tube diameter ap- 
proaches zero (@ = ©); this condition 
yields conversions equivalent to plug 
flow. C,, the fraction unconverted, is 
highest when radial diffusion is negligible 
in extent and lowest when a approaches 
infinity. Curves for all values of the 
diffusion parameter converge at high and 
low values of \. The convergence at low 
values of \ (as C, — 1) indicates that 
only small error is introduced in com- 
puting C, through the assumption of - 
parabolic flow directly at the tube en- 
trance, when actually this condition is 
not approached until about 0.03 X Re 
pipe diameters downstream (8). 

Although this paper deals primarily 
with a first-order reaction, for comparison 
the two limiting curves for an irreversible 
second-order reaction (2A — B) occur- 
ring in laminar flow are also presented, 
in Figure 6. Isothermal conditions and 
a constant-volume reaction are assumed. 
Both curves can be expressed analytically, 
the solutions being given by Denbigh (7). 
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TaBLe 3. or Dé,/R? RequireD To Lower C, By 1% 


Ga a when 
r ata = 0 C, = 0.99 X (Ca ata = 0) ad = Dée,/R? X 10 
0.2 0.7037 0.00977 1.95 
0.5 0.4432 0.00382 1.91 
0.8 0.2887 0.00244 1.95 
1.0 0.2194 0.00195 1.95 
1.5 0.1135 0.00128 1.92 
2.0 0.0603 0.000955 1.91 


No diffusion (@ = 0): 


1 (14) 


Uniform radial concentration (a = ©); 


C.=1- In 


(15) 


1 

1 + 
where \’ = c,k’0, and a. = D/k’c,R?, k’ 
being the rate constant for second-order 
reaction. Physical situations previously 
described as associated with the limiting 
curves for a first-order reaction also 
apply here. The modification in conver- 
sion brought about by a parabolic 
velocity profile and the relative magni- 
tude of this effect between first- and 
second-order reactions may be illustrated 
by a numerical example. 


Suppose an experimenter has studied a 
first-order chemical reaction in a batch 


is occurring and inlet and exit concentra 
tions yield a value of C, of 0.20, it is seen 
from Table 1 that \ lies somewhere be- 
tween 0.805 and 1.070 depending on the 
value of a; thus, if the reaction were 
treated as occurring in plug flow (a = ©) 
when actually a = 0, the rate constant 
determined would be in error by 25%. 

Tabulated and plotted results of the 
computations for first-order reactions 
permit quantitative evaluation of the 
contributions of diffusion and flow profile 
on mean conversion for any desired set 
of circumstances. It is desirable, however, 
to provide statements of practical con- 
ditions when the contribution of diffusion 
may safely be neglected or when the 
contribution is so great that the simple 
plug-flow solution may be used, within 
known limit of error. 

Criterion for Neglecting the Effect of 
Radial Diffusion. In a theoretical investi- 


TasBLe 4. Error INVOLVED By ASSUMING PLUG-FLOW CONVERSIONS WHEN ad = 1 


a 
0.1 10 0.8187 
0.5 2 0.3679 
1.0 1 0.1353 
2.0 0.5 0.0183 


system and that he wishes to perform the 
reaction also in a tubular reactor obtaining 
an 80% conversion in the latter. Referring 
to his batch reactor data, he finds the 
“contact time’ required to obtain 80% 
conversion and translates this contact time 
to the flow reactor as follows: 


. tube length 
contact time = — = 
average velocity 


If he chooses flow rates such that flow is 
laminar and maintains isothermal condi- 
tions in the reactor, he will find that the 
conversion achieved in the tube is less than 
the desired 80% and, depending on condi- 
tions, might be as low as 71%. (Table 1). 
Were the reaction a second-order reaction 
with equal molal concentrations of reactants 
instead of a first-order reaction, and the 
investigator again wished to obtain 80% 
conversion in a tubular fiow reactor, he 
would find upon translating the contact 
time as described above and maintaining 
laminar flow that fraction conversion again 
is less than the desired 80%, although never 
less than 76%. 


Another interesting comparison con- 
cerns the magnitude of error which might 
be encountered in determining a rate 
constant from laminar-flow experiments. 
In the case where a first-order reaction 
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Ca Canco/Ca 
0.8187 1.000 
0.3699 0.995 
0.1403 0.964 
0.0235 0.779 


04 

0.2 
° 

° 0.2 06 2 4 
Cok 'g 
r => 
Vo 


Fig. 6. Limiting curves of C, vs. \ for a 
second-order reaction 2A — B. 


gation Bosworth (1) considered radial 
diffusion as modifying the distribution of 
contact times in laminar flow. He con- 
cluded that radial diffusion may be 
neglected as a variable when 
D@./R? <3.1X10° (16) 
6, being contact time of the central 
stream line. By considering the physical 
properties of gases and liquids, he showed 
that for liquid systems it is possible to 
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have laminar flow and negligible diffusion; 
however, frequ ntly in gaseous reactions 
the critical Reynolds number is exceeded 
and turbulent flow attained before con- 
ditions for neglecting radial diffusion are 
reached. 

In the current work radial diffusion 
will be regarded as negligible when the 
fraction unconverted is less than 1% 
lower than it would be in the absence of 
diffusion. Interpolating at fixed d gives 
a, which lowers C, 1% from its value 
at a = 0. The product of Xd and a is 
found to be nearly constant at 0.00195 
(Table 3). Thus radial diffusion may be 
neglected when 


oh = = < 1.95 X 10° 


This criterion for neglecting radial 
diffusion agrees quite well with that of 
Bosworth, although the present approach 
is an alternate to his. 

The third variant in Equation (16) 
expresses the criterion in terms of the 
volume flow rate V and reactor length z. 
if liquid-phase molecular diffusivities are 
assumed to be 10-5 sq. cm./sec.; gas- 
phase values, 0.1 sq. cm./sec.; and tube 
length 100 cm., then diffusion effects may 
be neglected when liquid-flow rates are 
larger than 1 cc./sec. and gas rates are 
greater than 10‘ cc./sec. The normal 
Reynolds criterion for the limit of the 
viscous-flow range shows that the above 
mentioned flow rate for liquids may be 
easily achieved within the viscous range 
for tube diameters that are reasonable 
for the assumed tube length. In the case 
of gases, however, the flow rates needed 
to make gaseous radial diffusion negli- 
gible (10! cc./sec.) are achieved only in 
tubes of 60-cm. radius or greater if the 
flow is to remain laminar. It is concluded, 
therefore, that radial diffusion may often 
be neglected as a significant variable in 
liquids but very rarely in gases. 

Criterion for Condition that Plug-flow 
Limit Is Valid. Inspection of the com- 
puted C, — AX — a results shows that 
conversions attained in plug flow are 
approached when ad > 1. Table 4 pre- 
sents the size of errors encountered if 
plug-flow conversions (a = ©) are 
assumed when ad actually is given a 
value of 1. Here it is seen that only at 
high conversions are appreciable errors 
introduced through this assumption. 
Flow rates needed to make ad = 
(D6,/R?) > 1 for a tube 100 crn. long 
are computed to be less than 10° 
ec./sec. for liquids and less than 10 
ec./sec. for gases (diffusivities given pre- 
viously being used). 


EXPERIMENTAL 


Chemical Reaction: Hydrolysis of 
Acetic Anhydride 


This reaction satisfies requirements as 
a model reaction. It is pseudo first order, 
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Ss has a half-life of a few minutes at moder- 


ate temperatures, and may be followed 
analytically with high accuracy. The 
kinetics of ine reaction have been studied 
previously (3, 9, i4;16, 21). Because of 
the need for constants to a higher tem- 
perature than was reported previously, 
kinetic experiments were undertaken. 


The bats method was used. The vessel 
was a stirred glass flask; in a few runs 
stainless steel chips were added, with no 
measurable effect of the addition noted. 
Reaction temperatures were approximately 
15°, 25°, and 35°C. Temperature was 
measured by means of a Beckmann ther- 
mometer, calibrated against a Bureau of 
Standards thermometer. Results are here 
reported for integer values of temperature, 
short interpolations to these values from 
the actual experimental conditions having 
been performed with the aid of the Arr- 
henius equation. The initial concentration 
of acetic anhydride was approximately 
0.15N. Concentration of acetic anhydride in 
water solution was measured by the 
aniline-water method (3, 21). In this 
technique a sample of solution is introduced 
into a tared flask containing about fifteen 
times the amount of saturated aniline-water 
needed to react completely with the acetic 
anhydride in the sample; the reaction 
proceeds very rapidly compared with 
acetic anhydride hydrolysis and forms 
acetanilide, a nontitratable compound. 
The flask is then reweighed and the solution 
titrated with caustic soda by use of a 
phenothalein indicator. 


These measurements together with a 
determination of the acetic acid present 
in a completely hydrolyzed sample 
permit calculation of the acetic anhydride 
concentration. Other details of the experi- 
ments are given elsewhere (4). 

The validity of using a first-order 
expression for this reaction, when dilute, 
was verified. Four runs were made at 
35°C., four at 25°C., and two at 15°C. 

Average values of the measured experi- 
mental rate constants together with their 
95% confidence limits are given in 
Table 5. 


TABLE 5 
T°C. k, min.-! 95% Confidence 
limits for k, %* 
15.00 0.0817 4.12 
25.00 0.1553 1.64 
35.00 0.2733 1.32 


*By Student’s 7’ test. 


A least squares fit of the Arrhenius 
equation gave an energy of activation of 
10.61 k.cal./g.-mole, the following being 
an expression of the temperature depend- 
ence: 


Ink = 16.0502 — 


Temperature 7’ is in degrees Kelvin. 
Table 6 compares present rate con- 
stants with those previously reported. 
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Fig. 7. Schematic diagram of apparatus. 


TABLE 6. COMPARISON OF RATE CONSTANTS 


T°C. Acid min.~! Reference 


2 0.15 0.1553 + 0.0026 Present 
0.04 0.162 14 
0.23 0.156 
0.07 0.1600 21 
0.015 0.1557 3 


0.15 0.1554 
0.03-0.17 0.1587 (ave.) 16 


15 0.15 0.0817 + 0.0009 Present 
0.22 0.0806 + 0.0002 9 


Present value of k at 25°C. agrees with 
the values of all other investigators 
except Vles, who reported a value about 
1.3% higher than the upper range of k 
(0.1579) here determined. The rate con- 
stant at 15°C. agrees well with that 
reported by Eldridge and Piret. 


Viscous-flow Tubular Reactor 


Conditions imposed in deriving Equa- 
tion (4) were parabolic flow and constant 
temperature at all points in the reactor 
and uniform radial reactant concentra- 
tion at the reactor inlet. A flow-reactor 
apparatus designed to approximate these 
conditions as closely as possible is 
illustrated in Figure 7. 


Flow of reactants was induced by a 
constant-rate pump (A) with individual 
reservoirs for water and acetic anhydride. 
Reactants were pumped through coils in a 
constant-temperature water bath (B) to the 
mixing chamber (C) for mixing and dissolu- 
tion of reactants. The mixer effluent, par- 
tially reacted acetic anhydride solution, 
flowed to the horizontal, jacketed reactor 
(D) through the jacketed inlet line (2). 
Fraction conversion of acetic anhydride 
within the reactor proper was determined 
from measurements of the inlet and outlet 
integral-average concentrations. 

Sampling consisted of catching one sample 
of the flowing stream in a tared flask con- 
taining aniline-water and another in an 
empty tared flask, and allowing this sample 
to hydrolyze completely. Analysis of the 
two samples as described earlier permits 
the acetic anhydride concentration to be 
calculated. Inlet samples were taken at 
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both the beginning and end of a run and 
several exit samples were taken during the 
run. A run was rejected if the exit concen- 
tration failed to remain constant for at 
least one residence time or if the initial 
and final inlet concentrations failed to agree. 

The pump was a large, two-piston 
syringe designed for constant flow. A 
liquid-tight seal between the piston and 
cylinder was maintained by an O ring 
fitted into a grove in the piston. The glass 
cylinders, made by Scientific Glass Appara- 
tus Company, were of precision-bore tubing 
20 in. long. Inside diameters of the water 
and acetic anhydride tubes were 4 and 14 in. 
respectively, with bore tolerances of 0.0004 
in. The constant-speed motor was wired for 
reversal of rotation, so that cylinders might 
be filled and emptied mechanically. 

The pistons were advanced by a screw 
mechanism driven through a reduction box 
and gear train. Sets of gears with common 
centers were used to vary flow rates be- 
tween experiments. Water rates from 11 to 
170 ce./min. and acetic anhydride rates 
from 0.007 to 2.7 cc./min. were available. 
Flow rates from each cylinder had maxi- 
mum deviations of about +0.4% from the 
average. Calibration was made through the 
weight of liquid delivered in a measured 
time interval. 

A large censtant-temperature bath, con- 
trolled to +0.01°C., was used to bring the 
fluid streams to reaction temperature and 
also to act as a reservoir from which water 
wes circulated through the reactor jacket. 
The mixing chamber, submerged in the 
bath, was a 30-cc. conical glass vessel with 
entrance ports for water and acetic anhy- 
dride and an outlet for the solution. Agita- 
tion for the chamber was provided by a 
double-impeller stirrer which entered 
through an air-tight packing gland at the 
top of the chamber. 


Dimensions for the reactors were as 
follows: 
Wall 
I.D., Nominal Actual thickness, 
in. length, ft. length, in. in. 
0.248 15 182.3 0.065 
0.248 10 121.3 0.065 
0.496 15 183.1 0.065 
0.496 10 123.2 0.065 


All reactors were made of type-316 stainless 
steel tubing. The length of the reactors was 
determined in part by the requirement that 
parabolic flow exist in a substantial part of 


Page 493 


S005) 

tions 
eeded 

con- 
are 
usion 
n the 

1% 
ce of 
gives 
alue 

a is 
10195 
vy be 

H 

(17) 
adial 

t of 
oach 

(16) 

the 
th z. 
S are 

gas- 
tube 
are 
rmal 

the 

Ove 

be 
ange 
able | 
case 
oded 
egli- 
y in 

the 
ded, 
ften 
e in 

low 
om- 
that 

are 
pre- 

1 if 

are 

a 
y at 
rors 
ion. 
cial 

0-3 

10 

re- 

5344.5 
| (18) 

er, 

{ 


TABLE 7. EXPERIMENTAL RESULTS 


in. ter Experimental Theoretical a bxperimental Theo- r 
retical 
1 0.248 162.3 26.62 0.1704 4.58 0.0541 167 0.287 0.592 0.59% 0.613 0.558 0.045 0.036 1.3 
u ° ® 26.62 ad 6.85 0.0628 250 0.192 0.697 0.700 0.713 0.681 0.063 = 1.8 
1B 26.62 4.58 0.0546 167 0.267 0.587 0.59% 0.613 0.558 0.090 2.5 
1c ° Ld 26.62 ° 3.05 0.0424 111 0.431 0.468 0.465 0.491 0.422 0.028 = 0.8 
2 id 25.03 0.1556 1.146 0.0310 40.3 1.046 0.201 0.172 0.207 0.121 0.005 - Ou 
28 ° . 25.00 0.1553 1.146 0.0222 40.3 1.046 0.139 0.172 0.207 0.121 0.45 e 13 
2D bad * 24.93 0.1547 1.146 0.0249 40.3 1.042 0.191 0.172 0.208 0.122 0.014 = Om 
3 J , 24.97 0.1550 4.58 0.0571 161 0.261 0.623 0.620 0.638 0.593 0.024 ba 0.7 
9c > 121.3 35.00 0.2733 4.59 0.0467 199 0.305 0.571 0.578 0.595 0.543 0.063 0.025 2.5 
lla ° Ld 35.00 sal 3.07 0.0601 133 0.456 0.441 0.452 0.473 0.403 0.040 = 1.6 
118 <1 “4 35.00 ° 3.07 0.0625 133 0.456 0.439 0.452 0.473 0.403 0.049 ¢: 2.0 
8 0.496 123.2 25.00 0.1553 1.141 0.0338 80.2 0.710 0.262 0.316 0.328 0.242 0.096 0-003 ll 
5c . 183.2 35.00 0.2733 4.59 0.0548 398 0.462 0.435 0.461 0.469 0.397 0.063 0.006 un 
5F sd - 35.00 sd 4.59 0.0552 398 0.462 0.428 0.461 0.469 0.397 0.11 0.006 18 


the reactor length. In the least favorable 
reactor at the highest flow rate used about 
4% of the tube length at the entrance is 
required in principle (8) for parabolic flow 
to be closely approached. 

Reactors were connected to the inlet line 
through size 12/5 stainless steel semiball 
joints drilled out to 4 in. I.D. These joints 
were silver-soldered directly to the 14-in. 
reactors. They were connected to the 4%-in. 
reactors through stainless steel joints 
1-14 in. long and uniformly tapered from 
to 14 in. I.D. 

Temperature in the water bath was 
measured with a Beckmann thermometer 
valibrated against a Bureau of Standards 
thermometer. Temperatures at the reactor 
extremities were measured with a_ther- 
mistor inserted into the center of the 
entrance or exit stream. Axial center-line 
temperature profiles were obtained for 
various inlet reactant concentrations in a 
series of runs in which flow rates and inlet 
concentrations were varied systematically. 
The thermistor circuit used was a simple 
D.C. bridge circuit similar to the one 
described by Rand (15). Temperatures 
measured by this bridge were accurate to 
+0.01°C. 

Procedural details with respect to meas- 
urements, analysis, and constancy of con- 
ditions are available (5). 


Treatment of Data 

Measured variables were temperatures 
and inlet and exit concentrations, the flow 
rate being known from previous calibra- 
tion. Values of the dimensionless groups 
C,, and X were computed from these data 
and the reactor dimensions. The rate 
constant k was obtained from the batch- 
reactor data by use of the constant cor- 
responding to the flow-reaction tempera- 
ture. This temperature was taken as the 
water-bath temperature, as measure- 
ments of axial temperature profiles in the 
reactor showed the bath temperature 
to be a good measurement of the “‘aver- 
age’’ reactor temperature. The “‘average”’ 
k, assumed to hold over the entire reactor, 
was in the least favorable cases a maxi- 
mum of 1% different from any point 
value in the reactor. 

A comparison of a measured value of 
C, with the theoretical value may be 
made if a value is assigned to the diffusion 
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parameter a, which is computed from the 
reaction-rate constant, the diffusion co- 
efficient, and the tube radius. The diffu- 
sion coefficient is the only variable not 
previcusly established: The Wilke semi- 
empirical correlation (22) was used to 
estimate the diffusion coefficient of 
acetic anhydride in water, giving 0.93 X 
10-5 sq. em./sec. at 25°C. and 1.23 X 
10-5 sq. em./sec. at 35°C. 

A theoretical value of C, may be 
found for the calculated a and X by use 
of a cross plot of the theoretical results 
(Table 1). It was found that over a 
range of a from 0.01 to 1.0 a straight line 
results from plotting log a vs. C, at 
constant \. For values of a less than 0.01 
a linear interpolation was used between 
values of C, obtaining at 0 and 0.01. A 
theoretical value of C, was determined 
for each run by this procedure. 

Another comparison of theory and 
experiment may be made by computing 
an effective diffusion coefficient. By 
means of cross plot described in the pre- 
ceding paragraph, a value of @ is deter- 
mined for the measured (C, and the 
effective diffusivity (D.) is calculated 
from this a. Effective diffusion coefficients 
were calculated for all runs by this pro- 
cedure; however, the values so obtained 
are subject to large deviations owing to 
the large change in @ resulting from a 
relatively small change in C,. 


Entrance Flow Patterns 

Flow patterns prevailing at the inlet 
of the 4%-in.-diam. reactor were obtained 
through visual observation of the cor- 
responding patterns in a 14-in. glass tube 
with a similar entrance. Dye was in- 
jected into the main stream as it passed 
through the 14-in. inlet line. The glass 
tube, uniformly tapered from 1% in. to 
5 mm. I.D. over a 1-in. transition length, 
had a 12/5 semiball joint attached for 
connecting it to the entrance line. 

At low flow rates (Re = 100) a slight 
wavering was evident in a dye filament 
passing through the center of the en- 
trance of the tube. This instability ap- 
peared to be damped out about 4 in. 
downstream from the entrance. In order 
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to observe the entire flow pattern, the 
inlet line was flooded with dye with the 
water flow shut off; when flow was 
started, the entering stream appeared to 
“mushroom” after leaving the 5-mm. 
I.D. region. Outer filaments dispersed 
toward the tube wall, where they reversed 
direction and flowed back toward the 
inlet, rejoining the main stream at this 
point to form a circulating ‘‘doughnut” 
at the entrance. Central portions of the 
stream were in random motion for about 
4 in. downstream from the entrance, 
where they were pulled into the parabola 
characteristic of laminar flow. 

With higher flow rates (Re = 400) the 
dye patterns showed the entrance section 
to be turbulent for about 4 to 6 in. from 
the entrance, the flow appearing laminar 
beyond this distance. Turbulence in the 
entrance zone was sufficient to disperse 
a dye filament almost instantaneously 
over the entire cross section. 

Flow patterns in the glass tube ap- 
peared the same whether the flowing 
stream was a reacting acetic anhydride 
solution or water alone. 


RESULTS 


The range of experimental variables is 
indicated in the following listing: 
Temperature: 25° and 35°C. 

Tube I.D.: and in. 

Tube length: 10 and 15 ft. 

Linear velocity, vo: 1.15 to 6.85 em./sec. 
Reynolds number: 40.3 to 398 


AX = kz/vo: 0.287 to 1.84 
Ca, fraction uncon- 
verted: 0.04 to 0.71 


Experimental data and computed di- 
mensionless groups, C,, A, and a, as well 
as effective diffusion coefficients, D,, and 
theoretical values of (,, are presented in 
Table 7; for comparison, theoretical 
values of C, at a = 0 anda = © are 
also listed. 

Axial center-line temperature profiles, 
measured to determine the approach to 
isothermal conditions, are presented for 
the 14-in. reactor at 35°C. and for the 
1-in. reactor at 25° and 35°C. in Figures 
8, 9, and 10, respectively. Over-all radial 
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TaBLe 7. ExPpERIMENTAL REsuLTs—(Continued) 


Run Reactor Reactor Temp., K, min.-l vo Cop Re 
= °c. en/eec. moles Ca Ca rimental tical Pe 
Titer Experimental Theoretical 27° 9 
3F 0 (0. 248 182.3 24.97 0.15521 4.58 0.0340 161 0.261 0.629 0.620 0.638 0.593 0.010 0.036 0.3 
3G ® s 25.00 0.1553 4.58 0.0579 161 0.261 0.622 0.620 0.638 0.593 0.028 ® 0.8 
. 1.146 0.0299 40.3 1.046 0.160 0.172 0.207. 0.122 0.113 3.2 
1.146 0.0300 40.3 1.046 0.179 0.172 0.207 0.122 0.015 0.4 
9A " 121.3 35.00 0.2733 4.59 0.0481 199 0.305 0.571 0.578 0.595 0.543 0.063 0.025 2.5 
9B 4.59 0.0466 199 0.305 0.578 0.578 0.595 0.543 0.025 1.0 
10B 1.149 0.0187 49.8 1.221 0.147 0.132 0.163 0.0870 0.050 2.0 
10¢ 1.149 0.0197 49.8 1.221 0.155 0.132 0.163 0.0870 0.010 Orb 
7h =. 96 123.2 25.00 0.1553 4.58 0.0554 322 0.1767 0.712 0.726 0.732 0.703 0.20 0.009 22 
B 4.58 0.0595 322 0.1767 0.714 0.726 0.732 0.703 0.14 16 
8A 1.148 0.0880 80.8 0.705 0.285 0.319 0.330 0.244 0.10 ll 
1.144 0.0585 80.5 0.708 0.289 0.317 0.329 0.243 0.068 7.6 
5D * 183.1 35.00 0.2733 4.59 0.0554 398 0.462 0.422 0.461 0.469 0.397 0.20 0.006 33 
5E " 4.59 0.0551 398 0.462 0.423 0.461 0.469 0.397 0.18 30 
6A 1.147 0.0472 99-4 1.845 0.043 0.0686 0.0733 0.0249 0.11 18 
6B 1.147 0.0472 99.4 1.839 0.042 0.0688 0.0739 0.0252 23 


temperature gradients (center-line tem- 
perature 7’) minus wall temperature T’,,) 
are plotted against average time of 
contact, inlet concentration being a 
parameter. 


DISCUSSION 


In this section it is shown that the 
derived equations for reaction, flow, and 
diffusion form a proper description of 
experimental results. However, it was 
found also that under certain circum- 
stances free convection, which was not 
included through terms in the original 
rate equation, may be important in 
laminar-flow tubular reactors. 

Theory is compared with experiment 
in Figure 8 through a plot of the cor- 
responding values of C,. Data obtained 
with the 14-in. reactor are seen to fall 
quite well on a line of unit slope, an 
indication that for this reactor the vari- 
ables are related as predicted by theory. 
The data scatter somewhat more at low 
values of C, than at high values owing to 
lower precision of the analytical tech- 
nique when small concentrations are 
measured. Data for the 1%-in. reactor, 
however, fall consistently above the line, 
an indication of an experimentally sig- 
nificant difference between the 1%4- and 
Y-in. reactors, the effect of this difference 
being to increase fraction conversion. 

The higher conversion obtained in the 
\-in. reactors may be explained if any 
one or combination of the following 
mechanisms are important in the 14-in. 
reactors and less so in the 14-in. reactors: 


1. Entrance effect causing radial mix- 
ing for an appreciable part of the reactor 
length. 

2. Heat generation within the reactor 
and heat losses from the reactor causing 
conditions to be nonisothermal. 

3. Natural convection within the re- 
actor causing radial mixing to be much 
greater than would occur by molecular 
diffusion alone. 

Of these the third effect appears to be 
the most important. 
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Entrance Effect. The maximum length 
of the 1%-in. reactor in which there is 
disturbed flow prior to achievement of 
parabolic flow was 6 in. Computations 
(5) which assume uniform radial con- 
centration in this early section and nor- 
mal characteristics for the remainder of 
the tube show that at most only 10% 
of the discrepancy between C, values of 
the two tube sizes (Figure 8) may be 
accounted for by entrance effects. 

Thermal Effect. Maximum radial tem- 
perature gradients for an inlet acetic 
anhydride concentration of 0.06 mole /liter 
are shown in Figures 9, 10, and 11 to be 
as follows: 6.10°C. at 25°C., and 0.15°C. 
at 35°C. for the 4%-in. reactor and about 
0.05°C. at 35°C. for the 14-in. reactor. 
A direct effect of this temperature rise 
is to increase the reaction-rate constant 
which in turn, through the dimensionless 
groups A and a, affects the value of C,. 
If it is assumed that the maximum tem- 
perature increase is effective throughout 
the tube, then a conservative estimate of 
the change in the rate constant k by use 
of the reactant temperature instead of 
the wall (or bath) temperature, is as 
follows: %-in. reactor at 25°C., k in- 
creases by 0.6%, at 35°C. by 0.8%; 
l4-in. reactor at 35°C., k increases by 
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Fig. 8. Axial center-line temperature pro- 


files for }-in. reactor at 35°C. 
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0.3%. The maximum error introduced in 
the theoretical C, through this direct 
effect of temperature rise in the tube is 
computed (5) to be no more than 15% 
of the difference between theoretical 
and experimental values of the C, variable 
in the %-in. reactor. The effect under 
discussion is negligibly small in the 
reactor. 

Free Convection. Convective currents 
in a fluid may be established through a 
density gradient in the system or may be 
induced by mechanical vibration (10). 
The latter mode was minimized in this 
work through rubber connections and 
mountings for the pump. Only convection 
by density gradient is here considered 
important. 

The convective process known as free 
convection or natural convection be- 
comes established when the density 
gradient exceeds some critical value. The 
density gradient may be due to a tem- 
perature gradient, a concentration gra- 
dient, or a combination of the two. The 
convective processes cause mass and heat 
transfer rates within a fluid layer to be 
increased, so that, in effect, conductivities 
and diffusivities are increased. 

Free-convection effects in nonflow 
systems usually are characterized by the 
following relationships: 


heat transfer: 


hL/K = F(Gr, Pr) (19) 
mass transfer: 
k’L/D = F(Gr, Sc) (20) 


Very often the functionalities expressed 
in the preceding equations have been 
found to be of the form ¢ X (GrPr)" and 
c X (GrSc)" where c and n are constants. 
When conditions are such that free con- 
vection is not present, the entire functions 
are constants and describe pure molecular 
diffusion and conduction. 

When heat transfer process in one 
system is similar to mass transfer in 
another, the constants c and n obtained 
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Fig. 9. Axial center-line temperature pro- 
files for }-in. reactor at 25°C. 


for one process may be used to describe 
the other. If free convection occurs in 
the presence of forced convection, the 
Reynolds number must also be included 
as a variable. 

Studies of free convection fall into two 
classes: (1) initiation of free convection 
in a quiescent system, and (2) effects of 
free convection on heat and mass transfer 
rates. Experimental studies of the onset 
of free convection in a horizontal fluid 
layer heated from below are quite 
numerous (4, 17, 18, 20). These studies 
indicate that at a sharply defined value 
of the product of the Grashof and 
Prandtl numbers convection begins and 
that below this critical value no con- 
vection exists. Kraussold (/1) reported 
data showing that the ratio of effective 
conductivity to molecular conductivity 
of a fluid is a universal function of GrPr 
for fluid layers confined in the annular 
space between horizontal concentric cylin- 
ders; at values of GrPr below a critical 
value, the ratio is unity and above this 
value increases with increasing values of 
GrPr. 

Chandra (4) studied free convection in 
a horizontal air layer which was heated 
from below and subjected to a shear at 
the top surface. He found that the critical 
value of GrPr at which convection was 
established remained the same whether 
the layer was sheared or not. The 
initiation of free convection in a fluid 
flowing in a horizontal tube has not been 
studied, although studies have been 
made in flow systems to determine the 
effect of free convection on heat transfer 
(6, 20, 12, 19). These publications reveal 
that free convection may play a very 
important part in increasing heat transfer 
rates and that the effect of free convec- 
tion is a function of the Reynolds number. 

Since Chandra’s work has shown that 
shear has no effect on the critical-density 
gradient at which convection begins in 
horizontal layers, it may perhaps be 
expected, by analogy, that the same 
criterion will hold for a fluid flowing in 
a tube as in the present investigation, 
i.e., that flow should remain laminar until 
some critical-density gradient is exceeded 
and that convection would be present for 
all gradients beyond the critical. 
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Fig. 10. Axial center-line temperature pro- 
files for }-in. reactor at 35°C. 


In the present work, if conditions are 
such that a critical value of the Grashof 
number (considering the Schmidt number 
constant) is exceeded in the 14- but not 
in the %-in. reactor, an _ increased 
effective diffusion coefficent and conse- 
quently an increased fraction conversion 
would be expected in the 4%-in. reactor. 
Since the cube of the characteristic length 
term appears in the Grashof number, with 
all other variables constant, the Grashof 
number for the 14-in. reactor will always 
be eight times as large as for the 14-in. 
reactor. Thus it is possible that the critical 
Grashof number lies between appropriate 
values of this group for the conditions 
obtaining within the %- and -in. 
reactors. Critical values of Grashof num- 
bers for the reactors may be compared 
with critical values obtained in other 
systems. However, numerical values may 
be assigned to the Grashof numbers cor- 
responding to the experimental runs only 
if the density gradients within the reactors 
are known. 

Two factors may cause a radial density 
gradient within the reactors: 


1. Concentration gradient due to great- 
er depletion of reactant near the wall 
compared with that at the center of the 
reactor 

2. Radial temperature gradients caused 
by heat released during reaction. 


Direct knowledge of the density of 
acetic anhydride solutions is lacking 
because this system is a reacting one. 
With linear dilution properties assumed, 
extrapolation from the densities of pure 
acetic acid and anhydride to the reacting 
solution concentration leads to an esti- 
mate of 10-4 g./ml. for the maximum 
radial density gradient. 

For the maximum temperature rise 
recorded in reaction experiments, i.e., 
0.15°C. for the 1-in. reactor, the largest 
density gradient due to temperature rise 
was about 0.3 X 10-4 g./ml. Thus tem- 
perature and concentration appear to 
sause density gradients of the same order 
of magnitude. 

Employing 10- g./ml. as a radial 
density gradient and the tube diameter 
as the characteristic length, one can 
compute Grashof group values as follows: 
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Fig. 11. Plot of experimental fraction un- 
converted against theoretical. 


¥-in. reactor at 35°C., 3,700; 1%-in. 
reactor at 25°C., 2,400; 14-in. reactor at 
35°C., 460; 14-in. reactor at 25°C., 300. 

The measurements of Kraussold (11) 
showed that convection is not initiated 
until GrPr > 1,000 for horizontal annular 
liquid layers. If his results are extrapo- 
lated to zero inner cylinder diameter, the 
critical Grashof group, based on outer 
tube diameter, is 1,280 (Pr for water is 
taken as 6). This extrapolated value, 
which is derived for a physical arrange- 
ment similar to that in the present work, 
is noted to be between the Grashof group 
values for W%- and \-in. reactors. 
Support is thereby provided for the 
hypothesis that convection currents can 
be significant in viscous-flow tubular 
reactors. 

An alternate manner of expressing the 
results of the reaction experiments is 
through the ratio of the effective to 
molecular diffusivity (De/D). The effec- 
tive diffusivity is computed from experi- 
mental results applied to the present 
theory of viscous-flow reactors. Average 
velues of this ratio for the two reactor 
sizes at both temperature levels are pre- 
sented in Table 8. 


TaB.Le 8. AVERAGE Duirrustviry Ratios 
AND GRASHOF NUMBERS FOR EXPERIMENT 


Reactor Tempera- Diffusiv- 


diam., ture, ity ratio Grashof 
in. De/D No. 
25 300 
VY 35 1.7 460 
16 25 13.5 2,400 
ly 35 22.2 3,700 
The value of the diffusivity ratio is 


noted to be close to unity for low values 
of the Grashof number with a rapid rise 
in the value of the ratio at larger values 
of the group. This characteristic relation- 
ship is similar to that presented by 
Kraussold for the ratio of effective to 
molecular conductivity for heat transfer 
to annular liquid layers. 

Effective Diffusivities and Thermal Con- 
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ductivities. Insight may be obtained con- 
cerning the results of convective pro- 
cesses by a consideration of the degree to 
which the ratio of effective to molecular 
diffusivity will be different from the cor- 
responding ratio for thermal conductivi- 
ties within a given system. 

In fluid layers the ratios hL/K and 
k'L/D are, respectively, equivalent to 
Ke/K, the conductivity ratio, and De/D, 
the diffusivity ratio. For conditions of 
similarity for thermal conductive and 
diffusional processes by free convection, 
and from relations presented earlier in 
the paper, the following relation may be 
written: 


De/D _ 
Ke/K \Pr 


A unique Grashof group for the system 
has been canceled from the earlier 
expressions in achieving the foregoing 
expression. 

In gases Schmidt and Prandtl numbers 
have about the same value, and so De/D 
is approximately equal to Ke/K. In 
liquids, however, the Schmidt number is 
much higher than the Prandtl number. 
For example, the Schmidt number for 
many water solutions is about 1,000, and 
the Prandtl number is about 5. The 
ratio given above thus becomes 


De/D = Ke/K(200)" 


The coefficient n has usually been found 
experimentally to be about 14 to ¥%, and 
so the ratio of the groups De/D to Ke/K 
is about 5 or 6. 

Because of the large value of (De/D)/ 
(Ke/K) in liquids it follows that in such 
systems convective effects will be de- 
tected more readily on measurement of 
mass diffusion than of thermal diffusion. 
From the view of detecting convective 
effects the experimental diffusion-reaction 
method such as the present study would 
thus seem to have advantages over a heat 
transfer approach to the subject. 
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NOTATION 

Units 

L = length 

M = mass 

Q = quantity of heat 

T = temperature 

6 = time 

c = point concentration of reactant, 
M/L* 

c, = concentration of reactant at re- 
actor inlet, M/L* 

C = point concentration of reactant = 
c/c,, dimensionless 

C, = integral average concentration of 
reactant as defined in text, di- 
mensionless 

C, = heat capacity of fluid, Q/MT 

D = molecular diffusivity, L?/0 

De = effective diffusivity as defined in 
text, L?/6 

f = integral average fraction uncon- 


verted, = 1 — C,, dimensionless 
g = acceleration due to gravity, L/#@ 
G. = Grashof number = 


gL*p*Ap/p’, 

dimensionless 

h = heat transfer coefficient, Q/@L?T 

~ = one of the n chemical components 
undergoing reaction 

j = radial station in the grid used in 
numerical integration 

k = reaction velocity constant, first 
order, 

k = axial station in grid used in 
numerical integration 

k’ = reaction-velocity constant, second 
order, 

= mass transfer coefficient, mass 


per unit time, unit concentration 
difference, and unit cross-sectional 
area, M/@ML-L? 

K = thermal conductivity, Q/@L2TL-! 


Ke = effective thermal conductivity, 

L = characteristic length term, L 

nm = number of chemical components 
undergoing reaction 

Pr = Prandtl number = C,u/K, di- 
mensionless 

r = radial position in reactor meas- 
ured from reactor axis, Z 

R = reactor radius, L 

Re = Reynolds number = 2Rpv,,,/u, 
dimensionless 

R; = reaction rate of the jth chemical 
species, 

Se = Schmidt number u/pD, dimen- 
sionless 

T = temperature of system, T 

U = radial coordinate measured from 
reactor axis, U = r/R, dimen- 
sionless 
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v, = velocity of central stream line 
within reactor, L/6 

Vag = average velocity of fluid within 
reactor = v/2, L/@ 


V = volumetric flow rate within re- 
actor, 

z = distance coordinate measured 
from reactor inlet, L 

a = diffusion parameter = D/kR?, 
dimensionless 

n = kinematic viscosity = u/p, 

6 = time 

6... = average time of contact of fluid 


within reactor = reactor volume/ 
volume flow rate, 8 

6 = time of contact of central stream 
line within reactor, 0 


viscosity of fluid, 

p = density of fluid, M/L3 

\ = time of contact, \ = kz/v,, di- 
mensionless 

\’ = time of contact, \’ = c,k’z/v, 
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Thermodynamic Properties of Polar-nonpolar 


Mixtures: Methanol-benzene-hexane System 


Direct enthalpy measurements were carried out for the methanol-benzene system as a 
function of composition, temperature (250° to 500°F.), and pressure (30 to 1,400 Ib./ 
sq. in. abs.). From these data pressure-enthalpy diagrams were prepared to show the 
enthalpy and entropy above a reference state of saturated liquid at 77°F. Similar results 
were obtained for a single binary system of methanol and n-hexane and a single ternary 
mixture. 

The conventional generalized correlations were not satisfactory for predicting vapor- 
phase enthalpies for mixtures involving methanol. A new method requiring a knowledge 
of the heat of dimerization, the equilibrium constant for the reaction, and the interaction 
constant, is proposed for such polar-nonpolar systems based upon association of the polar 
component. 

The most striking feature of the data for mixtures was the large heat of mixing in the 
vapor phase for the systems containing methanol. The same type of equation found suitable 
for the heat of mixing in the vapor phase was applicable to the liquid data. 

From the enthalpy data across the two-phase region, it was possible to predict a limited 
amount of information on the compositions of the liquid and vapor phases in equilibrium. 
An azeotrope exists in the methanol-benzene system, which at 325°F. contains 75 mole % 


methanol. 


Energy-balance calculations constitute 
a basic part of process and plant design 
work. The thermodynamic information 
necessary for these calculations has been 
accumulating rapidly during the past two 
decades, but primarily for hydrocarbon 
systems. The similarity in structure of the 
components in such mixtures limits the 
deviation from ideal solutions in both 
the gas and liquid phases and probably 
has hastened the development of correla- 
tions and prediction methods for the 
required thermodynamic properties. In 
chemically dissimilar mixtures large de- 
viations from ideal-solution behavior may 
be encountered, and neither adequate 
data nor satisfactory prediction proce- 
dures have appeared. The purpose of this 
paper is to present enthalpy data for the 
polar-nonpolar system methanol-benzene 
and to propose a method of correlating 
such information. 


P. G. McCracken is with Dow Chemical Com- 
pany, Freeport, Texas, 
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PREVIOUS WORK 


While enthalpy data are available for 
many pure components, experimental in- 
formation on mixtures over a range of 
temperatures and pressures is scarce, even 
for hydrocarbon systems. Nelson and Hol- 
comb (8) and Schrader and Gilliland (13) 
report data for ternary and binary hydro- 
carbon mixtures. Sage, Lacey, and co- 
workers (11) have made several studies for 
the same type of mixtures. No enthalpy 
data that covered a range of temperatures 
and pressures were found for polar-nonpolar 
systems. Other measurements for the 
methanol-benzene—n-hexane system include 
the work of Kinoshita and Shimizu (5), who 
determined the P-V isotherms at 150°, 200°, 
250°, and 300°C. for mixtures of benzene 
and methanol. Schnaible (12) has measured 
the heats of mixing of the benzene-methanol- 
n-hexane system at 25°C. and atmospheric 
pressure. Integral isobaric heats of vapori- 
zation have been measured (15) at atmos- 
pheric pressure for benzene-methanol mix- 
tures. 
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SCOPE OF THIS INVESTIGATION 


Enthalpies were measured for pure 
methanol, pure benzene, and mixtures of 
75, 50, and 25 mole % methanol in ben- 
zene. Data were also determined for a 
binary mixture of 10 mole % methanol 
and 90 mole % n-hexane and for a 
ternary system of 10 mole % methanol, 
30 mole % benzene, and 60 mole % 
n-hexane. The results covered a tempera- 
ture range of 250° to 500° F. at pressures 
of 30 to 1,400 lb./sq. in. Data were ob- 
tained in the critical region for all but 
the binary mixture of methanol and 
n-hexane. 

The heat of mixing information of 
Schnaible (12) was used to refer all 
mixture enthalpies to the same basis as 
for the pure components; that is, the 
pure liquids at 77°F. and their vapor 
pressure. Entropies on this basis were 
computed from the enthalpy data. The 
results are presented in tabular form and 
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A, calorimeter; B, mixture cooling and condensing coil; C, Freon sample condenser; 
D, Freon collection bottle; E, ice bath; F, Freon reflux condenser; G, solenoid valves for 
switching Freon stream; H, mixture feed tank; J, filter; J, mixture pump; K, surge tank; 
L, surge-tank pressure gauge; M, mixture preheater; N, temperature stabilizer; O, final 
temperature control heater; P, mercury-filled U tube; Q, Heise pressure gauge 3,000 lb.; 
R, Heise pressure gauge 1,000 lb.; S, rupture disk; T, dead-weight gauge tester; U, pres- 
sure controller; V, pressure control valve; W, solenoid valves for switching mixture streams; 
X, mixture sample receiving and weighing bomb; Y, mixture receiving bottle; Z, ice trap; 
1, inlet thermocouple; 2, outlet thermocouple; 3, temperature-stabilizer thermocouple; 
4, preheater thermocouple; 5, Freon outlet thermometer; 6, Freon return thermometer. 
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Fig. 2. Calorimeter. 


A, inner calorimeter can; B, outer calorimeter can; C, insulation; D, fluid cooling and 
condensing coil; E, inlet thermocouple leads; F, outlet thermocouple leads; G, cork insu- 
lation; H, thermometers; J, Freon-vapor-removal line; J, Freon-vapor-entrainment 
separator; K, glass Freon-level indicator; Z, Freon-liquid-return funnel; M, Freon drain; 
N, Freon-sample condenser; O, normally open solenoid valve; P, normally closed solenoid 
valve; Q, port connecting inner and outer cans; R, Freon liquid pool on top of inner can. 
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on pressure-enthalpy diagrams with lines 
of constant entropy. 


EXPERIMENTAL 


The experimental method was the same 
as that used by Nelson and Holcomb (8) 
and involved measuring the energy trans- 
ferred from the mixture as it flowed through 
a calorimeter containing boiling Freon 11 
in the jacket. A knowledge of the latent 
heat and the weight of Freon evaporated 
permitted the calculation of the change in 
enthalpy between the states at the inlet 
and outlet of the calorimeter. In all cases 
the fluid leaving the calorimeter had been 
cooled to within 1°F. of the boiling point 
of Freon (75°F.). At this temperature the 
exit stream was liquid, regardless of the 
pressure. Measurements indicated that the 
pressure drop through the calorimeter was 
negligible. 

Figure 1 is a schematic diagram of the 
entire apparatus. The flow through the 
system was as follows. The mixture left 
the feed tank H, passed through filter J and 
into pump J, which operated at elevated 
pressures, forcing the fluid through surge 
tank K and into preheater M. The hot 
fluid leaving the preheater passed through 
a temperature stabilizer N and a final 
heater O and into the calorimeter inlet. 
The inlet temperature was measured at 
thermocouple 1 before the fluid was cooled 
in coil B. Before the fluid left the calorim- 
eter, the outlet temperature was measured 
with thermocouple 2 and the pressure with 
gauges Q and R. The mixture then passed 
through the control valve V, where the 
pressure was reduced to atmospheric. 
Finally the fluid passed through the solenoid 
valves W and into either the sample- 
collecting and -weighing bomb X or the 
receiving bottle Y. The Freon which was 
vaporized by the heat received from the 
cooling mixture passed out the line at the 
bottom of the calorimeter and into con- 
denser F or C. 

When a run was in progress, the mixture 
entered the weighing bomb X and the Freon 
went to condenser C and into the collection 
bottle D. When a run was not in progress, 
the Freon went to condenser F and was 
returned to the calorimeter. The liquid 
mixture was collected in the receiving 
bottle and eventually returned to the feed 
tank. 

Figure 2 is a detailed sketch of the 
calorimeter. It consisted essentially of an 
outer can B and an inner can A, separated 
by a 2-in. thickness of insulation. The cans 
were interconnected near the bottom 
through a liquid port Q. The inner can 
contained the cooling and condensing coil, 
which was constructed of stainless steel 
tubing of length sufficient to cool the fluid 
to approximately the temperature of the 
boiling Freon. 

Freon filled both cans and was free to 
flow from one to another through the 
bottom port. The spaces above the liquid 
were sealed from one another so that the 
vapor evaporated by the mixture in coil D 
had to leave through pipe J and hence to 
the Freon-weighing bottle. 

The calorimeter was designed to maintain 
boiling Freon in both the inner and outer 
cans in order to approach adiabatic opera- 
tion. As an insurance against slight tem- 
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perature differences, a 2-in. thickness of 
insulation was installed between the two 
cans. To reduce heat losses from the enter- 
ing stream, the inlet-mixture tube was 
insulated with cork to a level below the 
top of the Freon liquid. A pool of boiling 
Freon was maintained on top of the inner 
can to minimize the flow of heat to the 
calorimeter from the vapor space in the 
outer can. Tests with no fluid flowing 
through the calorimeter indicated the 
absence of measurable amounts of energy 
entering the inner can. These tests were 
carried out at room temperatures as high as 
95°F., which is 20°F. above the boiling 
point of Freon. 

Temperatures were measured by use of 
copper-constantan thermocouples installed 
in thermowells placed coaxially in the 
flowing mixture at the locations indicated 
in Figure 2. 

The pressure measurements were made 
with Heise Bourdon pressure gauges, which 
were calibrated frequently with a dead- 
weight gauge tester. All pressures were 
reported to the nearest 1 lb./sq. in. 

The mixture and Freon samples were 
weighed on a torsion balance with a pre- 
cision of 0.1 g. 


PURITY OF CHEMICALS 


The methanol used was described by the 
Commercial Solvents Corporation as fol- 
lows: purity: 99.85 wt. %, Maximum 
boiling range: 1.5°C., including 64.5°C. 
The benzene was stated to be thiophene 
free and to conform to A.C.S. specifications 
for reagent grade. The boiling range was 
0.5°C. and included 79.5°C. Normal 
hexane, purchased from Phillips Petroleum 
Corporation, was guaranteed to contain 99 
mole % n-hexane. Estimated impurities 
were six carbon atom hydrocarbons. Mathe- 
son Corporation Freon 11 contained not 
less than 99.99 wt. %_trichloro-fluoro- 
methane. 


CALCULATIONS 


Neglecting kinetic and potential energy 
changes, one finds the energy balance 
over the calorimeter to be 


—L f W, 


AH, = 


(1) 
To convert the values of AH from Equa- 
tion (1) to enthalpies referred to the 
chosen standard state, the following cor- 
rections must be considered. 


1. Entrance and Exit Temperature Deviations 


A correction was made to account for 
the fact that the actual outlet tempera- 
ture was not exactly at the datum 
temperature. In all instances this correc- 
tion, Ah2, amounted to about 1 B.t.u./lb. 
Similarly, small corrections, Ah:, were 
made to account for inlet temperatures 
different from the desired value. 


2. Effect of Pressure upon Enthalpy 
of Liquid at 77°F. 


Hougen and Watson (3) present a 
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generalized correlation for determining 
the change of enthalpy with pressure for 
a liquid. Calculations for this system 
indicated the change in enthalpy between 
an elevated pressure and the vapor pres- 


sure at a constant temperature of 77°F. 
to be negligible, an indication that the 
enthalpy of the exit stream at the run 
pressure was equal to that at the vapor 
pressure at 77°F. 
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Fig. 3. Pressure-enthalpy diagram, benzene; datum: H = 0 and S = 0; liquid benzene 
at 77°F. 
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Fig. 4. Pressure-enthalpy diagram, methanol; datum: H = 0 and S = 0; liquid at 77°F. 
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Fig. 5. Pressure-enthalpy diagram, mixture: 25 mole % methanol; 75 mole % benzene; 
datum: H = 0 and S = 0; pure liquid components at 77°F. 
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Fig. 6. Pressure-enthalpy diagram, mixture: 50 mole % methanol; 50 mole % benzene; 
datum: H = 0 and S = 0; pure liquid components at 77°F. 


3. Heat of Mixing 


The enthalpy of the exit stream cor- 
rected to 77°F. and the vapor pressure 
according to 1 and 2 is related to the 
pure component enthalpies by the heat 
of mixing at 77°F., AH,,°. 
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The superscript zero identifies the datum 
state and the subscript refers to pure 
component 7. The enthalpy of the mixture 
at the datum state is H®. The summation 
of X;H;° is zero. 

When the corrections described in 1 
and 3 are combined, the enthalpy H, of 
the mixture at any state, referred to the 
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pure liquids at 77°F., is 


_ 


The most convenient way to operate 
the equipment was to run at a constant 
inlet temperature and to vary the pres- 
sure for each run. A series of runs at 
constant temperature but at many 
different pressures would then represent 
an isotherm on a_ pressure-enthalpy 
diagram. If the isotherm were below the 
critical temperature, three distinct curves 
would be obtained—one in each of the 
liquid, two-phase, and vapor regions. The 
intersections of the curves represented 
points on the phase envelope. Thus a 
series of isotherms determined the phase 
envelope. Figures 3 to 8 show the results 
on pressure-enthalpy diagrams, and 
Tables 1 through 6 present the smoothed 
enthalpies in tabular form.* 


A, + Ah, + Ah, + AH,,° (3) 


PRECISION OF RESULTS 


No direct measurements of enthalpy 
were available for comparison with the 
data on mixtures. However, the results 
for pure benzene were compared with 
enthalpies calculated by Organick and 
Studhalter (9) from P-V-T data fitted 
to an equation of state. The standard 
deviation of the experimental data with 
respect to the computed values (9) was 
3.9 B.t.u./lb. The comparison of the 
experimental enthalpies for methanol with 
those computed by Smith (/4) from 
P-V-T data was good for the lower iso- 
therms but poor for the higher isotherms. 
For the 250° and 300°F. isotherms only, 
the standard deviation was 3.0 B.t.u./Ib. 
In view of the inaccuracies introduced in 
computing enthalpies from volumetric 
data, these deviations are not excessive. 

The maximum sources of error in the 
experimental work, assignable to various 
causes, are as follows: 


Maximum 
Source error, 
B.t.u. /Ib 
Temperature measurement 1.0 
ressure measurement 0.5 
Freon collection and weighing 0.2-1.0 
Sample collection and weighing 1.0-6.0 
2.7-8.5 


The high value in the range of maxi- 
mum error due to sample collection cor- 
responds to runs with pure methanol for 
which the enthalpy of the vapor is 
relatively high. For the mixture data and 
for pure benzene, the maximum total 
error should approach the lower figure 
of 2.7 B.t.u./Ib. 


*Tabular material (Tables 1 to 6) has been de- 
posited as document 5051 with the American Docu- 
mentation Institute, Photoduplication Service, 
Library of Congress, Washington 25, D. C., and may 
be obtained for $2.50 for photoprints or $1.75 for 
35-mm. microfilm. 
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Fig. 7. Pressure-enthalpy diagram, mixture: 


75 mole % methanol, 25 mole % benzene; 


datum: H = 0 and S = 0; pure liquid components at 77°F. 


ENTROPY CALCULATIONS 


Entropies were calculated from the ex- 
perimental enthalpies according to the 
following equation, applied at constant 
pressure, 


ds = = (4) 


The correlations of Hougen and Watson 
(3) permitted an estimation of the effect 
of pressure on the entropy of the liquid 
at 77°F. This was found to be within the 
experimental error and was neglected. 

The entropies obtained from Equation 
(4) will not include the effect of mixing. 
The true entropy of the mixture is related 
to the entropy of mixing of the liquid at 
77°F., AS*, and Equation (4) by the 
expression 


S x5,” 


where S represents the entropy of the 
mixture and 7 designates a pure com- 
ponent. 
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The entropy of mixing is defined, as 


This same type of equation may be 
written for a state in the gaseous region, 
where the deviations from ideality are 
small. 


ASt = — > (9 
This gaseous state, designated by the 
cross, should be taken at the lowest 
pressure and highest temperature for 
which enthalpy data were available in 
order to minimize the value of AS*. 
Subtracting Equation (7) from Equation 
(6) gives 


AS = AS* — — 8,.) 


+ >) — (8) 


The terms (S,,+ — S,,°) and (S; — S;°) 
can be obtained by integration of Equa- 
tion (4) by use of the mixture and pure- 
component enthalpy data. 

The value of AS+ may be estimated by 
an equation of state valid at low pres- 
sures: 


PY RT (9) 
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Fig. 8. Pressure-enthalpy diagram, mixture: 

10 mole % methanol, 30 mole % benzene, 

60 mole % n-hexane; datum: H = 0 and 
S = 0; pure liquid components at 77°F. 


in which the constant A is independent 
of pressure and determined for each 
temperature. Combining Equation (9) 
with the conventional thermodynamic 
equations for the effect of pressure on 
enthalpy and entropy leads to the follow- 
ing expression for the entropy of mixing 
in the near-ideal gaseous state: 


AS* = —R 


| (#2) 


Thus, from the slope of the isotherm, 
(0H/dP),7, on the pressure-enthalpy dia- 
gram, it is possible to calculate the en- 
tropy of mixing at 77°F. in the liquid 
state by use of Equations (10) and (8). 
This value of AS® was then used in 
Equation (5) to determine entropies of 
the mixtures relative to the pure-liquid 
components. The gaseous mixing state 
was chosen as P+ = 100 lb./sq. in. abs. 
and t+ = 450°F. for the binary mixtures 
and 200 lb./sq. in abs. and 475°F. for the 
ternary mixture. 

The final results are listed in Tables 1 
to 6.* Lines of constant entropy are 
given on Figures 3 to 8, 


PHASE EQUILIBRIA 


The discontinuities in the isotherms on 
the pressure-enthalpy diagrams (Figures 
3 to 8) represent points of equilibrium 
between liquid and vapor. Plotted cn a 
P-T diagram, these points determine the 
phase envelope shown in Figure 9. 

The intersection of the bubble-point 
portion of one envelope with the dew- 
point section of another represents a 
point of equilibrium between the vapor 


*See footnote on page 501. 
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and liquid compositions corresponding 
to the two envelopes. For example, Point 
A on Figure 9 gives the temperature and 
pressure at which a liquid of 25 mole % 
methanol and a vapor of 50 mole % 
methanol are in equilibrium. Table 7 
lists the phase equilibria obtained in this 
manner. 


TABLE 7. VAPOR-LIQUID EQUILIBRIUM 


COMPOSITION 
Temper- Pressure, % Methanol in 
ature, lb./sq. in. benzene 
°F. abs. Liquid Vapor 
319 205 25 50 
325 270 75 75 
375 477 50 @ 


The phase envelope for a mixture of 75 
mole % methanol is of special interest. 
The bubble- and dew-point curves con- 
verge to a point and then diverge, indi- 
cating an azeotrope of this composition 
at 325°F. 


ENTHALPY OF PURE COMPONENTS 
(VAPOR PHASE) 


Several generalized correlations have 
been developed for predicting the effect 
of pressure on the enthalpy of pure sub- 
stances. The experimental data were 
compared with three of these: Hougen 
and Watson (3), Edmister (1, 2), and 
Lydersen, Greenkorn, and Hougen (7). 
These correlations all present the differ- 
ence between the actual enthalpy and 
that of an ideal gas at the same tempera- 
ture divided by the critical temperature 
as a function of the reduced temperature 
and pressure. The first twe methods give 
this information on charts; Lydersen 
et al. (7) list values in tabular form. In 
addition to the reduced temperature and 
pressure, the latter tables include a third 
parameter, Z,, the compressibility factor 
at the critical point. 

Table 8 shows the percentage errors for 
benzene with the various methods. 
Table 9 gives the same information for 
methanol. 

The comparison for benzene is as good 
as can be expected for correlations of this 
type, except in the third case. The best 
agreement is obtained with Edmister’s 
method, which is based or a residual 
volume correlation of P-V-7' data. The 
results for methanol are poor for all 
methods, although the Lydersen, Green- 
korn, and Hougen tables gave the best 
results. The generalized correlations are 
prepared from calculations involving a 
generalized equation of state. These cal- 
culations require differentiation of the 
equation of state and hence magnify the 
error introduced by fitting the P-V-T 
data to a generalized equation. 

The poor comparison for methanol is 
not unexpested, as it is a polar molecule. 
For such cases association has been 
frequently used to explain the abnormal 
behavior. This concept is applied here to 
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account for the enthalpy results for 
methanol. 

Lambert and co-workers (6) experi- 
mentally determined second virial co- 
efficients for a large number of polar and 
nonpolar gases. They were able to predict 
the virial coefficient of the nonpolar com- 
pounds, but large discrepancies were 
noted between the predicted and experi- 
mental values for polar substances. The 
predicted coefficients were calculated 
from the Berthelot equation and the 
critical temperature and pressure of the 
fluid. The poor agreement for polar com- 
pounds was satisfactorily explained by 
assuming that dimerization occurred to 
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methanol-benzene system. 


an appreciable extent, according to the 
reaction: 


2A — 


The same authors derived an equation 
similar to 


B, = B — KRT (11) 


where K = equilibrium constant for the 
dimerization in terms of partial pressures 


The essential assumption involved was 
that the degree of dimerization was small. 
Equation (11) suggests that the effect of 
dimerization can be superimposed on the 
effect normally expected for forces be- 
tween molecules. If the same reasoning is 
applied to the enthalpy of a polar mole- 
cule, the following expression can be 
developed: 


AH, = AH, + AH’ (12) 
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If AH is the heat of dimerization for 1 
mole of dimer, and a the number of 
moles of dimer per mole of mixture, con- 
sidered as monomer, then 


AH’ = adH, (13) 


If, for the purpose of evaluating a, it is 
assumed that @ is small and that the gas 
mixture is ideal, the equilibrium con- 
stant is 


K=-s (14) 

Substituting this result into Equation 
(13) gives 

AH’ = KPAH, (15) 


The relation between the heat of dimeri- 
zation and the equilibrium constant is 


dink 
RT” (16) 


If AH) is assumed to be independent of 
temperature, this may be integrated to 
give 

AH, 


© 


K = 


Thus if AH, and C are known, Equations 
(17), (15), and (12) may be used to 
calculate the actual enthalpy of the polar 
gas. 

Values of AH’ were calculated from 
Equation (12) by use of the experimental 
data to determine AH;. The term AH, 
was established from the generalized 
correlations of Lydersen et al. (7) by 
using Z, = 0.222 and the critical point of 
methanol. These results for AH’ were then 
used to calculate the following values for 
the constants in Equation (17): 


AH, = —17,000 B.t.u./lb.-mole 
C = —8.79 


Figure 10 compares the observed values 
of AH’ with those obtained using the 
preceding numbers for AH» and C;. The 
last column of Table 9 shows that the 
average error was reduced from 18 to 
6.6% by taking association into account 
by this method. The 6.6% error is ap- 
proximately that predicted for nonpolar 
gases by the generalized correlations 
(benzene results, Table 8). 

Lambert et al. (6) found the heat of 
dimerization to vary from —5,800 to 
—13,000 B.t.u./lb.-mole between 40° 
and 140°C. Pauling (10) gave the bond 
energies of the O—H ... O bond in the 
association of methanol as 11,000 B.t.u./ 
Ib.-mole. These values compare with 
— 17,000 B.t.u./Ib.-mole obtained in this 
investigation. 


ENTHALPY OF GASEOUS MIXTURES 


The most striking feature of the mix- 
ture data is the large heat of mixing 
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TaBLE 8. DirFERENCES BETWEEN PREDICTED AND EXPERIMENTAL ENTHALPY DEvIA- 


Temperature, 


300 
350 


400 


450 


500 


550 


Average error* 


TIONS FROM THE IDEAL-GAS VALUES 


Benzene 
Pressure, (3) (2) 
Ib./sq. in. abs. 
50 +10 —16 
50 +20 0 
100 +12 — 7 
100 +7 — 5 
200 +7 —10 
100 +9 0 
200 +9 0 
300 + 6 — 6 
100 + 2 —2 
200 — 
300 + 3 —11 
400 + 5 9 
100 — 3 — 6 
200 —A4 9 
300 —- 8 — 4 
400 —17 
500 —10 —10 
600 -—9 — 6 
700 —14 —4 
7.9% 6.9% 


*Average error disregarding sign. 


% Error 


(7) 


= 0.27 


TasLE 9. DIFFERENCES BETWEEN PREDICTED AND EXPERIMENTAL ENTHALPY 


Temperature, 


250 


300 


350 


400 


450 


Average error 


*Calculated, considering association in conjunction with method of Lydersen, Greenkorn, and Hougen (7). 


DEVIATIONS FROM THE IDEAL-GAS VALUES 


Methanol 
% Error 
Pressure, (3) (2) 
Ze 
50 —49 —59 
80 —53 —54 
50 —33 —40 
100 —38 —24 
150 —52 —23 
100 —23 —33 
200 —36 —39 
300 —44 —39 
100 —28 —27 
200 —31 —30 
300 —34 —34 
400 —24 —37 
500 —29 —35 
600 —29 —34 
100 —18 
300 —24 —23 
500 —18 —21 
700 —15 —23 
900 —26 
1000 —25 —25 
100 —13 —13 
300 —10 — 7 
500 —14 — 6 
700 —17 -17 
900 —25 —22 
1100 —32 —28 
1300 8 
28% 28% 


tAverage error disregarding sign. 
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18% 


6.6 
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observed in the vapor phase. The en- 
thalpy deviation vs. composition data 
shown in Figures 13, 14, and 15 illustrate 
the extent of deviation from ideal-solution 
behavior. These results suggest that the 
conventional correlations developed for 
hydrocarbons are not suitable for mix- 
tures containing polar components such 
as methanol, a conclusion borne out by 
the data of Table 10, in which the exper- 
mental data are.compared with the cor- 
relations of Edmister and Hougen and 
Watson, by means of both the true 
critical point and the pseudocritical con- 
cept introduced by Kay (4). From its 
definition, the pseudocritical point will 
always be proportionally located between 
the critical points of the components of 
the mixture. Reference to Figure 9 shows 
that for the methanol-benzene system, 
such pseudocritical points will always be 
at a higher temperature and pressure than 
the true critical point. Therefore, the use 
of a pseudocritical concept leads to a 
large error for systems of this type. A 
more plausible correlation method is one 
which would take into account the signifi- 
cant heats of mixing. 

The heat of mixing AH,, is related to 
the enthalpy H of the mixture and the 
pure components H; by the equation 


H = AH, + (18) 


Subtracting the ideal-gas enthalpy from 
each side of Equation (18) results in 


AH = AH,, + }? X,AH, (19) 


where AH and AH; are the enthalpy 
differences between the actual and 
ideal-gas state for the mixture and pure 
components, respectively. The deter- 
mination of the enthalpy of a mixture is, 
thus, reduced to determining the heat of 
mixing, provided the enthalpy of the pure 
components can be estimated. 

Preliminary calculations indicated that 
a one-constant equation could adequately 
represent the heat of mixing in the vapor 
region. Such an equation for a binary 
system is 


AL, 


This equation has been derived from 
statistical mechanics where Woy was 
called the exchange energy. 


(20) 


Letting 
Wo — 2AH = AH, AH, (21) 


and applying Equation (19) to a binary 
system leads to the form 


4H = X,°An, 
+ 2X,X,AH,, + X."AH, (22) 
The quantity AH, may be considered the 


energy of interaction between molecule 
1 and molecule 2. It is independent of 
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composition, but a function of the tem- 
perature and pressure. 

Equation (22) may be applied in a 
binary mixture where one component 
associates. AH, and AH; are the values 
of the actual enthalpy deviations from 
the ideal gas state for the pure compo- 
nents. For an associating component 
AH», for example, would be given by 
Equations (12) and (15), which may be 
combined into the form 


AH 7, AH,, K.PAH,, (23) 
Introducing this expression into Equation 
(22) for component 2 gives 


+ + X."KPAH,, (24) 
Since the amount of dimer is presumed to 
be small, the interaction term is not 
affected by the association of component 
2. 

Comparing Equations (22) and (24) 
one finds that the effect of association on 
the enthalpy of the mixture is 


SH’ = X,’KPAH, (25) 


This result may also be derived from 
equilibrium considerations if the second 
component in the mixture is considered 
to act as a diluent. 

Various methods may be proposed for 
determining the interaction term from 
the pure-component values. The simplest 
form is 


AH, 3(AH, + AH,) (26) 


When this is introduced into Equation 
(22), the result is 


AH = X,AH, + X.AH, (27) 


which represents the case of ideal mixing. 
Other common combining laws are 


AH,, = VAH,AH, (28) 
and 
= + (29) 


Figure 11 shows the shape of the curves 
obtained for Equations (27), (28), and 
(29) for hypothetical values of AH; and 
AH, and indicates that only slight differ- 
ences result for the three combining laws. 
However, curve IV suggests that if AH. 
is treated as an empirical constant, sub- 
stantially different values may be ob- 
tained for the enthalpy deviation of the 
mixture. The particular curve shown in 
the figure is one for which AH: has been 
taken equal to zero. 

In view of the foregoing considerations, 
Equation (24) was used to correlate the 
binary mixture data in the vapor region 
up to pressures of about 600 Ib./sq. in. abs. 
at 450°F. Values of AH,: were determined 
from the experimental data by averaging 
the results for different compositions of 
the methanol-benzene system. Figure 12 
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50 Mole % methanol 

75 Mole % methanol 

10 Mole % methanol, 30 mole % benzene, 
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Fig. 11. Combining laws for interaction 


constant. 


shows the interaction term so obtained 
as a function of temperature and pressure. 

Values of this interaction term can 
then be used in Equation (24) to caleu- 
late the enthalpy deviation from the 
ideal-gas law for any mixture of methanol 
and benzene. This has been done for a 
number of points, and the differences 
between the computed and experimental 
values of AH are summarized in Table 11. 
The values of AH; and AH;, for the 
unassociated pure components were deter- 
mined from the Lydersen correlation (7). 
No comparisons were made for the 
ternary mixture since the interaction 
constants were not known for all the 
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Fig. 12. Interaction constant, AH,.; meth- 
anol-benzene. 


constituent binaries. The agreement is 
very good for mixtures of 25 and 75% 
methanol, but larger deviations occur 
for the 50% mixture. Better agreement 
could be obtained by utilizing a two- 
constant equation for the heat-of-mixing 
expression rather than the simple one- 
constant expression, Equation (20). 
Figure 13 shows the experimental and 
calculated curves at a fixed pressure for 
varying temperatures. The curve at 
250°F. indicates again that the errors are 
largest for the 50% mixture. Figure 14 
illustrates experimental and calculated 
curves at a fixed temperature for different 
pressures. Comparison of the two figures 
shows that a high temperature as well as 
a low pressure are criteria for “regularity” 
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Fig. 13. Effect of temperature on enthalpy 
deviations of the mixture from the ideal-gas 
values, methanol-benzene. 


of this system. It should be stated that in 
several instances the experimental en- 
thalpies were obtained by extrapolating 
into the two-phase region. For instance, 
at 450°F. and 500 Ib./sq. in. abs. benzene 
exists as a liquid. The experimental value 
was obtained by extrapolating the vapor 
curve to the given conditions. 

Figure 15 compares several methods of 
predicting the enthalpy of a gas mixture, 
including the proposal developed in this 
paper (curve V). The experimental curve 
for methanol-benzene at 450°F. and 300 
lb./sq. in. abs. is also shown for compari- 
son purposes. 


PREDICTION OF ENTHALPY OF 
NONIDEAL VAPOR MIXTURES 


The results of this investigation have 
suggested a method for estimating the 
enthalpy of mixtures, as follows. 


1. Estimate enthalpy deviations from 
the ideal-gas state, for nonpolar com- 
pounds, directly from a generalized cor- 
relation such as that of Edmister (1, 2) 
or Lydersen, Greenkorn, and Hougen (7). 

2. For polar compounds, the effect of 
pressure on enthalpy for the unassociated 
gas may be determined from the general- 
ized correlation. The effect of association 
is predicted by use of 


AH’ = KPAH, (15) 
and 
AH, 


The value of AH> is preferably deter- 
mined from experimental data for the 
heat of dimerization. If this is not feasible, 
it may be estimated from the bond 
energies of Pauling (/0). An experimental 
value of K is required to determine the 
constant in Equation (17), which may be 
obtained by direct enthalpy measure- 
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deviations of the mixture from the ideal-gas 
values, methanol-benzene. 


ment or from P-V-T data at low pressures. 

The effect of association, AH’, evalu- 
ated in this way, may then be added to 
the result for the umnassociated gas 
according to Equation (23) to give the 
total enthalpy deviation from the ideal- 
gas state for the particular component. 

3. The enthalpy of the mixture then 
is estimated from Equation (22) by 
means of the pure-component values of 
AH, as previously determined. Enthalpy 
measurements on one mixture are re- 
quired to estimate the interaction term, 
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Fig. 15. Comparison of methods for esti- 
mating enthalpies of a gaseous mixture. 


The following example illustrates the 
method of calculation. 


Sample Calculation 


The enthalpy of a mixture of 25 mole % 
methanol and 75 mole % benzene as a 
vapor at 450°F. and 400 lb./sq. in. abs. is 
to be estimated. 


Data 


Critical temperature, benzene 553°F. 
Critical pressure, benzene 715 lb./sq. in. 


abs. 
Critical temperature, 
methanol 464°F. 
Critical pressure, methanol 1,155 lb./sq. 
in. abs. 


TaBLE 11. DirFERENCES BETWEEN CALCULATED AND EXPERIMENTAL E\NTHALPY 
DEVIATIONS FROM THE IDEAL-GAS VALUES 


Methanol-benzene System 


Temperature, Pressure, 
Ib./sq. in. abs. 


250 50 


250 50 
100 


300 50 
100 
150 
400 100 
200 
300 


450 100 
200 
300 
400 
500 
600 


Average error* 


*The average was calculated disregarding the sign. 


A.1.Ch.E. Journal 


Mole % methanol 


25% 50% 75% 
% Error 
+4 —33 +17 
— 2 —59 —24 
+ 6 —49 —10 
+8 —32 0 
+ 6 —29 +21 
+ 4 —26 0 
+10 —17 3 
+12 —10 0 
0 -15 0 
+10 -—- 8 — 5 
+ 2 -— 5 — 3 
+ 2 — 3 —2 
+ 1 — 3 — 2 
3 — 2 
—13 + 4 +8 
5.6% 19% 6.4% 


December, 1956 


\ He: 
Co 
Int 
Co 
Pr 
gi 
é | 
| 
Mi | 


100 
NZENE 


esti- 
ire. 


the 


e% 
is a 
S. is 


Heat of dimerization 


lb. mole 
Constant in Equation (17) —8.79 
Interaction constant —100 B.t.u. 
(Figure 12) /\b. mole 
Compressibility factor at 
critical points 
Benzene 0.274 (7) 
Methanol 0.222 (7) 


Pure-component Calculations 


The enthalpy deviations from the ideal 
gas may be estimated from the tables of 
Lydersen, Greenkorn, and Hougen (7) 


BENZENE 


400 lb./sq. in. abs. 
715 


910°R. 
1,013°R. 
From the tables, with Z. = 0.27 
_ AH, B.t.u. 
7; (Ib. mole)(°R.) 
AH, = —2,640 B.t.u./lb. mole 


METHANOL 


Pr = = 0.56 


Tr = = 0.896 


Pr = Ea = 0.346 
1,155 
910 . 
Tr = 929 0.986 


From the tables, with extrapolation to 
Z. = 0.222 


_ AH, 


AH, = —1,020 B.t.u./lb. mole 


Correction for Association 


The value for methanol may be corrected 
for association according to the equations 


AH’ = (15) 
where 
AH, 
logis K 879 an 
and 


AH, = —17,000 B.t.u./lb. mole 
Solving for K at 450°R. gives 


17,000 
3)(1.987)(910) 


K = 1.99 X (Ib./sq. in. abs.)' 
AH’ = (1.99 X 107°)(400)(— 17,000) 
= —135 B.t.u./lb. mole 


The total-enthalpy deviation of methanol 
vapor from the ideal-gas value, according 
to Equation (23), is 

AH, = —1,020 — 135 


= —1,155 B.t.u./lb. mole 


logio K =t% 4.70 
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—17,000 B.t.u./ Mizture Calculations 


AH — X,°AH, EF 
+ X,*AH, 


(0.75)°(— 2,640) 
+ (2)(0.75)(0.25)(— 100) 
+ (0.25)?(—1,155 
—1,480 — 38 — 72 
— 1,590 B.t.u./lb. mole 


Comparison of Computed and Experimental 
Values 


Cale. B.t.u. Exp. B.t.u. 
/\b. mole /\b. mole 
Benzene —2,640 (liquid at this 
condition) 
Methane —1,155 —1180 
Mixture (25% 
methanol, 
75% benzene) — 1,590 — 1530 


CORRELATION OF LIQUID-PHASE ENTHALPY 


The data in Tables 1 to 6 include in- 
formation for the effect of composition 
on the enthalpy of liquid mixtures. The 
deviation from ideal-solution behavior 
in this case is positive in contrast to the 
negative vapor-phase deviations. The 
data may be correlated by use of a one- 
constant heat-of-mixing equation similar 
to Equation (20). 
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NOTATION 

a = mole fraction dimer in associat- 
ing gas 

A. = constant, independent of pres- 


sure, in Equation (9) 

B- = second-virial coefficient for a 
nonassociating gas 

B, = effective second-virial coefficient 
for an associating gas 

C = constant of integration in equili- 
brium constant equation, Equa- 
tion (17) 


Ah, = enthalpy correction for deviation 
from selected inlet temperature 
Ah; = enthalpy correction for deviation 


of exit temperature from datum 
value of 77°F. 


H = enthalpy of mixture referred to 
reference state of pure compo- 
nents 

AH, = heat of dimerization per mole of 
dimer 


AH’ = heat effect due to association as 
defined by Equation (15) 

AH, = change in enthalpy of fluid pass- 
ing through the calorimeter 

AH, = difference between enthalpy in 
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the unassociated state at pres- 
sure P and in the ideal-gas state 

AH,, = heat of mixing 

AH, = difference between enthalpy of 
the actual gas at pressure P and 
the enthalpy in the ideal-gas state 

= equilibrium constant for dimeri- 

zation 

= latent heat of Freon 11 at 75°F. 

absolute pressure 

= gas constant per mole 

= entropy of mixture referred to 

reference state of pure compo- 

nents 

heat of mixing 

= absolute temperature, °R. 

= volume per mole 

= mass of Freon evaporated during 
a run 

= mass of sample collected a run 

= mole fraction 

= compressibility factor at the 
critical point 


b 
ll 


3 


| 


Subscripts and Superscripts 


+ =a gaseous state approaching 
ideal-solution behavior 

¥ = the reference state, saturated 
liquid at 77°F. 

z = pure component 7 

1 = state at the entrance to the caiori- 


meter. Subscripts 1 and 2 also 
indicate components 1 and 2. 
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Critical Constants of the Naphthenic 


Hydrocarbons 


GEORGE THODOS 


Northwestern Technological Institute, Evanston, Illinois 


Group-contribution values are presented and, together with those already developed for 
the aliphatic hydrocarbons (10, 11), make possible the evaluation of both van der Waals’ 
constants for the naphthenic hydrocarbons. These constants can be used to produce the 
critical temperatures, pressures, and volumes of these compounds entirely from a knowl- 
edge of their chemical structure. 

Critical constants have been calculated for several naphthenes, and from a comparison 
of them with the constants resulting from the methods of Riedel (5, 6) and Lydersen (3) 
it was found that the critical constants calculated by these three methods were in fair 
agreement for naphthenes having short alkyl side chains and progressively deviated from 
each other as the chains were permitted to lengthen. An appraisal has been made on five 
naphthenes along the lines proposed by Sondak and Thodos (9) in order to see whether 
these calculated critical constants properly represent the vapor-pressure function resulting 


from vapor-pressure data found in the literature for these hydrocarbons. 

Critical constants have been produced for more than fifty naphthenes, for which vapor- 
pressure data are available in the literature, and will be used in a separate, comprehensive 
vapor-pressure study for hydrocarbons of this type. 


Information available in the literature 
on the critical constants of the naph- 
thenic hydrocarbons is limited to the 
simpler cyclopentanes and cyclohexanes 
of the series. Frequently occasions arise 
that demand reliable critical constants 
for naphthenic hydrocarbons for which 
critical values are not available. Con- 
sequently this study was directed and 
limited to the development of a method 
capable of predicting critical constants for 
this type of compound and involved an 
extension of the background already pre- 
sented for the aliphatic hydrocarbons 
(10, 11). For the aliphatic hydrocarbons 
and the present study on naphthenes, the 
van der Waals’ constants have been used 
as the basic quantities necessary to define 
the critical constants. From an analysis of 
data available in the literature on the 
critical constants of naphthenes, group- 
contribution values have been developed 
and, together with those already avail- 
able for the aliphatic hydrocarbons 
(10, 11), now make possible the extension 
of this limited background to the calcu- 
lation of critical temperatures, pressures, 
and volumes for naphthenes having in- 
volved molecular structures and high 
molecular weights. 

The pressure and volume van der 
Waals’ constants a and 6 for only ten 
naphthenes, for which critical constants 
are presented in the literature (4, 7), have 
been used to produce the fundamental 
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background for this study through the 
basic relationships 


= (1) 
64p, 
RT. 
2 
(2) 
where 
a = pressure van der Waals’ constant 


ll 


volume van der Waals’ constant 
= critical pressure 
R = gas constant 

= critical temperature 


s 
| 


The van der Waals’ constants resulting 
from the critical temperatures and pres- 
sures of these ten naphthenic hydrocar- 
bons are presented in Table 1. Although 
these constants are specific to these few 
naphthenes, these values have proved 
useful in extending this limited back- 
ground to the formulation of generalized 
relationships and group-contribution val- 
ues that become applicable to naphthenic 
hydrocarbons in general. 


CRITICAL TEMPERATURES AND PRESSURES 
Normal Cycloparaffins 


For the only two naphthenes having 
no alkyl side chains for which critical 
values are available in the literature 
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(4, 7), imteresting and consistent re- 
lationships have been found to exist 
when their van der Waals’ constants 
are divided by those of the correspond- 
ing normal paraffins. For example, the 
ratio of values for the pressure van der 
Waals’ constant, a, for cyclopentane and 
normal pentane becomes 


16.699 x 10° 
18.824 x 10° 


and that for cyclohexane and normal hex- 
ane becomes 


21.729 x 10° 
24.503 x 10° 


= 0.8871 


= 0.8868. 


Similarly, for the volume van der Waals’ 
constant, b, these ratios become 


117.83 

114.70 0.8143 
and 

141.84 


respectively. The values of these ratios 
strongly point to the existence of a 
generalized relationship involving the 
van der Waals’ constants of the cyclized 
normal paraffins and those of the cor- 
responding normal paraffins. If the 
average values of the ratios for cyclo- 
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TaBLE 1. Critican Constants OF NAPHTHENES AVAILABLE IN THE LITERATURE 
AND VAN DER WAALS’ CoNsTANTS CALCULATED FROM THEM 


Critical constants (4, 7) 


T., Pe; 
atm. 
Cyclopentane 511.765 44.55 
Methyleyclopentane 532.775 37.364 
Ethyleyclopentane 569.465 33.526 
1,1-Dimethylcyclopentane 555 35 
1, cis-2-Dimethy]- 
cyclopentane 565 34 
1, trans-2-Dimethyl- 
cyclopentane 555 34 
1, cis-3-Dimethyl- 
cyclopentane 555 34 
1, trans-3-Dimethyl- 
cyclopentane 555 35 
Cyclohexane 553.165 40.0 
Methyleyclohexane 572.265 34.32 


pentane and cyclohexane are assumed to 
be general, then the van der Waals’ 
constants for normal cycloparaffins of 
any ring size can be calculated from 
those of the corresponding normal par- 
affins through the relationships 


a, = 0.8870a, (3) 


and 


b. = 0.81426, (4) 


where the subscripts c and n refer to the 
normal cycloparaffin and normal par- 
affin, respectively. Although Equations 
(3) and (4) can be used directly to calcu- 
late van der Waals’ constants for the 
normal cycloparaffins, their equivalent 
form by raising each expression to a 
convenient exponent will prove more 
advantageous fer computational pur- 
poses. The details justifying this proce- 
dure will be borne out in a later discussion, 
in which it will be shown that the proper 
exponent for Equation (8) is 0.626 and 
that for Equation (4) becomes 0.76. 


Methyl Naphthenes 


Using an approach similar to that 
outlined for the normal cycloparaffins, 
the author referred the van der Waals’ 
constants appearing in Table 1 for 
methyleyclopentane and methyleyclo- 
hexane to those of their respective normal 
paraffins (11). Thus the ratio of the 
pressure van der Waals’ constants for 
methyleyclopentane and normal hexane 
becomes (21.579 X 10*) /(24.503 X 10%) = 
0.8807 and that for methyleyclo- 
hexane and normal heptane becomes 
(27.104 & 10*%)/(30.690 X 10%) = 0.8830. 
Similarly, the ratios for the volume 
van der Waals’ constants become 
146.26/174.22 = 0.8395 and 171.03/205.20 
= (0.8335, respectively. Although the 
agreement of these ratios was not so 
close as that found to exist for the normal 
cycloparaffins, the average values of 
these ratios may be assumed to represent 
the general case involving the cyclization 
of a normal paraffin to produce the cor- 
responding methyl naphthene. For this 


Vol. 2, No. 4 


van der Waals’ constants 


a, (cc. / 

Ve, g.-mole)? 8, 

ce. / atm. ce. / 9-626 
g.-mole X 10-* g.-mole 

259.7 16.699 117.83 33,220 37.511 
318.8 21.579 146.26 39,003 44.207 
374.7 27.476 174.22 45,372 50.494 . 
350.6 24.550 161.18 42,284 47.594 
363.6 26.669 170.45 44,533 49.661 
363.6 25.734 167.43 438,549 48.991 
363.6 25.734 167.43 43,549 48.991 
350.6 24.998 162.65 42,765 47.924 
308.3 21.729 141.84 39,174 43.189 
344.5 27.104 171.03 44,986 49.790 


case the following expressions can be 
assumed to apply: 


a, = 0.8818a,, (5) 


and 
b. = 0.8365a,, (6) 


Although similar generalized expres- 
sions for alkyl naphthenes having longer 
side chains could prove valuable, the 
information available from Table 1 does 
not justify an extension of this type of 
analysis. Equations (5) and (6) are pre- 
sented for completeness but have not 
been used in this investigation in the 
calculation of van der Waals’ constants 
for methyl naphthenes. Instead the more 
generalized approach adopted in this 
study and involving group contributions 
has been used for the calculation of these 
constants; it considers the replacement 
of a hydrogen atom by a methyl group 
from the corresponding normal cyclo- 
paraffin. 


Group-contributions Values 


Differences of the van der Waals’ 
constants, Aa and Ab, obtained from 
hydrocarbons having similar structures 
but differing in molecular dimensions 
by a single methyl group can be produced 
for the naphthenes appearing in Table 1. 
Although these differences as such may 
prove expedient for the calculation of 
van der Waals’ constants, their use must 
be limited to the type of naphthenes 
appearing in Table 1 and having no more 
than two carbon atoms in an alkyl side 
chain. For naphthenes having alkyl side 
chains consisting of more than two carbon 
atoms, the reliability of these group-con- 
tribution values becomes doubtful and 
less exacting with increasing chain 
lengths. Because of these limitations, in 
the search for a more consistent pattern 
to follow, the general behavior of the 
van der Waals’ constants for these 
naphthenic hydrocarbons was assumed 
to follow that of the aliphatic hydrocar- 
bons (10, 11). For the saturated aliphatic 
hydrocarbons additive group contribu- 
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tions have been found to exist in the 
replacement of a hydrogen atom by a 
methyl group when the van der Waals’ 
constants a and 5 are raised to the 0.626 
and 0.76 powers, respectively. 

With this arrangement Equations (3) 
and (4) have been modified to define the 
van der Waals’ constants of the normal 
cycloparaffins in terms of those of the cor- 
responding normal paraffins through the 
relationships 


0.626 


a, = 0.928a,°°°*° (7) 


(8) 


Equations (7) and (8) are not necessary 
for the development of van der Waals’ 
constants but prove useful for computa- 
tional purposes. However, Equations (3) 
and (4) or their equivalent Equations (7) 
and (8) are significant in these studies 
because through them it becomes possible 
to calculate both van der Waals’ con- 
stants for the normal cycloparaffins and 
thus to establish the basic value for the 
ring required for these naphthenic hydro- 
carbons. For a limited number of normal 
cycloparaffins, both van der Waals’ 
constants have been calculated with 
Equations (7) and (8) from the constants 
a°-86 and 5-76 of the corresponding normal 
paraffins (11). With both van der Waals’ 
constants available, the critical tempera- 
tures and pressures were produced for 
these naphthenes from the following basic 
relationships: 


_ 8a 

27Rb (9) 
a 

Pe = (10) 


and are presented in Table 2 from 
cyclopropane through cyclodecane, inclu- 
sive. 

The van der Waals’ constants a and 6 
for the naphthenes appearing in Table 1 
have been raised to the 0.626 and 0.76 
powers, respectively, and are also in- 
cluded in this table. From these calcu- 
lated values, the differences resulting for 
hydrocarbons having similar molecular 
structures but differing by a methyl 
group have been defined as group con- 
tributions and are designated as Aa®-86 
and Ab®.7*, These group contributions 
can be interpreted to be the result in- 
volving the replacement of a hydrogen 
atom by a methyl group. The average 
differences produced from the analysis 
of the values presented in Table 1 
appear as the recommended group con- 
tributions, and in Table 3. 

The first replacement of hydrogen by a 
methyl group to produce the correspond- 
ing methyleycloparaffin has been found 
to have the average values Aa®-®6 = 5,798 
and Ab?-7* = 6.648. Consequent replace- 
ments of hydrogen atoms from the nucleus 
by methyl groups to produce polymethyl- 
naphthenes must be associated with the 
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positions involved in these secondary sub- 
stitutions. For this study, only values for 
the second methyl substitution are 
available, and these are presented in 
Table 3 for the cases involving the diff- 
erent types of substitution. Since these 
data are limited to the formation of di- 
methyleyclopentanes, further substitu- 
tions in the naphthenic ring to produce 
alkylnaphthenes having more than two 
methyl groups become somewhat specu- 
lative. For lack of better information, the 
group-contribution values for the second 
methyl] substitution are recommended for 
the calculation of van der Waals’ con- 
stants of naphthenes having more than 
two methyl groups. For this case, the 
substitutions may be carried out in a 
clockwise direction with reference being 
placed always on the methyl group 
immediately preceding the one involved 
directly in the substitution. 

The replacement of the hydrogen atom 
on a methy] side chain by a methyl group 
to produce an ethyl side chain involves 
group-contribution values Aa®-6 = 6,369 
and Ab®.7* = 6.287. For this substitution 
the notation C <— 1 has been adopted, in 
which the arrow points away from the 
type of carbon atom on which the sub- 
stitution is made and toward the type 
adjacent to it. In this case C represents 
the naphthenic ring, and the designation 
1 indicates the presence of a single carbon- 
to-carbon bond on the carbon atom on 
which the methyl substitution is made. 
The classification of types of carbon 
atoms is consistent with that of Andersen, 
Beyer and Watson (1), who associate the 
type of carbon atom with the number of 
carbon-to-carbon bonds. Thus, for the 
saturated aliphatic hydrocarbons, the 
following types of carbon atoms are pos- 
sible: 

Type 1 2 3 4 
Structure —CH; —CH 


To produce van der Waals’ constants for 
alky! naphthenes of side chains having 
more than two carbon atoms each, the 
group-contribution values for the ali- 
phatic hydrocarbons (10, 11) are recom- 
mended. 

With Equations (7) and (8) and the 
group-contribution values presented in 
Table 3, van der Waals’ constants for 
the naphthenic hydrocarbons presented 
in Table 1 have been calculated and, 
when used with Equations (9) and (10), 
they produced the corresponding critical 
temperatures and pressures for these 
hydrocarbons. These calculated critical 
values are presented in Table 4. 

In addition to the naphthenes appear- 
ing in Table 1, van der Waals’ constants 
and critical temperatures, pressures, and 
volumes have been calculated for fifty- 
two alkyleyclopentanes and cyclohexanes. 
These calculated van der Waals’ con- 
stants along with the calculated critical 
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TABLE 2. CALCULATED VAN DER WAALS’ CONSTANTS AND CRITICAL CONSTANTS 
RESULTING FROM THEM FOR SOME NORMAL CYCLOPARAFFINS 


Calculated 
van der Waals’ 
constants Calculated critical constants 
Ve, 
ae b. Be Pc, atm. _ec./g.-mole 
xX 10-6 
Cyclopropane 8.216 72.94 0.7649 406.7 57.20 167.4 
Cyclobutane 12.180 94.71 0.7512 464.4 50.29 213.4 
Cyclopentane 16.698 117.75 0.7374 512.1 44.60 260.5 
Cyclohexane 21.729 141.93 0.7237 552.8 39.95 308. 1 
Cycloheptane 27.243 167.17 0.7100 588.4 36.10 356.1 
Cycloéctane 33.210 193.34 0.6963 620.2 32.90 403.9 
Cyclononane 39.605 220.39 0.6825 648.9 30.20 451.2 
Cyclodecane 46.414 248 . 29 0.6688 675.0 27.88 498 .2 
temperatures, pressures, and volumes CRITICAL VOLUME 


are presented in Table 4 and include 
all the normal monoalkylcyclopentanes 
through n-hexadecyleyclopentane and a 
number of cyclopentanes and cyclohex- 
anes having two and three alkyl side 
chains. 


Example 


As an illustration of the application of this 
method, the critical temperature and pres- 
sure for 1, cis-2, cis-4-trimethylcyclopentane 
are presented. In order to calculate both 
van der Waals’ constants for this particular 
hydrocarbon, it is necessary to produce the 
values of a°-®6 and 6°76 for the base group 
cyclopentane from the corresponding values 
for n-pentane. From the related work 
dealing with the saturated aliphatic hydro- 
carbons (11), for n-pentane, a°-6 = 35,796 
and 6°76 = 43.823. Therefore, with Equa- 
tions (7) and (8), the van der Waals’ con- 
stants for cyclopentane become a?®6 = 
0.928 (35,796) = 33,219 and 6°78 = 0.8555 
(43.823) = 37.491. 


A. Base group— 


cyclopentane 33,219 37.491 
B. First methyl 

substitution 5,798 6.648 
C. Second methyl 

substitution, cis 

(1,2) 5,530 5.454 
D. Third methyl 

substitution, cis 

(1,3) 4,546 4.784 


= 49,093 = 54.377 


a 


b 


31.163 10® (ee./g.-mole)? atm. 
192.06 ec./g.-mole 


Substituting the calculated values of a and 
b in Equations (9) and (10) yields 


_8(31.163 10°) 
27Rb  27(82.055)(192.06) 


= 585.9°K. 


T. = 


a 31.163 x 10° 


Pe 9707 ~  27(192.06)? 


31.29 atm. 


lI 


For 1, cis-2, cis-4-trimethyleyclopentane 
critical constants are not available in the 
literature, and consequently no direct com- 
parisons can be made. 
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It has been shown that the critical 
volumes of the aliphatic hydrocarbons 
(10, 11) can be defined in terms of the 
volume van der Waals’ constant, 6, 
through the relationship 


v, = 38b (11) 


where 8 represents a volume factor that 
has been found to depend on the total 
number and orientation of the carbon 
atoms present in the hydrocarbon. Speci- 
fically for the normal and branched-chain 
paraffins (17), the volume factor has been 
found to be, respectively, 


B, = 0.7849 — 0.01337n, (12) 


and 


8B; = 0.8100 — 0.0138n, (13) 


where », represents the total number of 
carbon atoms present in the saturated 
aliphatic hydrocarbon. 

With the critical volumes of the naph- 
thenes appearing in Table 1 and the 
corresponding volume van der Waals’ 
constants, b, volume factors, 8, were 
calculated through the use of Equation 
(11) for all the naphthenic hydrocarbons 
presented in this table. An examination 
of these values reveals the ratios of 
volume factors for cyclopentane to 
n-pentane and cyclohexane to n-hexane 
to be 1.0258 and 1.0281, respectively. 
Since these ratios are nearly the same, a 
strong inference exists that the ratio of 
volume factors of the normal cyclo- 
paraffins to those of the corresponding 
normal paraffins is constant and may be 
taken to be equal to 1.027, the average 
of the values 1.0258 and 1.0281. Conse- 
quently, the volume factor for unsub- 
stituted naphthenes can be defined in 
terms of the volume factor of the cor- 
responding normal paraffins, 8,, as 


8. = 1.0278, (14) 


Upon substitution of Equation (12) into 
Equation (14), the volume factor, 8., for 
unsubstituted naphthenes becomes 


B. = 0.8061 — 0.01373n, (15) 


where n, represents the total number of 
carbon atoms present in the ring. 
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A review of the volume-factor values 
for the naphthenic hydrocarbons having 
alkyl side chains indicates that a con- 
stant-value contribution exists for each 
carbon atom attached to the cyclo- 
paraffinic nucleus. Thus, for methyl 
naphthenes, the volume factor, £,., 
becomes 


Be = B. 0.00785a (16) 


where @ represents the total number of 
methyl groups attached to the naph- 
thenic ring. By combination of Equations 
(15) and (16), the volume factor for 
methyl naphthenes, 6,,, becomes 


8., = 0.8061 
— 0.01373n, — 0.00785a (17) 


An extension of this background to 
include alkyl naphthenes having both 
normal and branched side chains through 
the use of Equations (12) and (13) pro- 
duces the following generalized expression 
for the volume factor: 


8., = 0.8061 — 0.01373n, 
— 0.00785(a, + a;) 
— 0.01337(M%en’ — a) 
— 0.0138(n.;’ — (18) 


where 

Ba = volume factor of alkyl naph- 
thenes 

Q@,,@; = total number of normal and 
branched side chains, respec- 
tively, attached to naph- 
thenic nucleus 

Ne = total number of carbon atoms 
in ring 

Nen’, = total number of carbon atoms 
present in normal and 
branched side chains, respec- 
tively 

Example 


To illustrate the use of this method, the 
calculation of the critical volume for 1, 
cis-2, cis-4-trimethyleyclopentane is pre- 
sented. This alkyl naphthene contains three 
methyl groups attached to the cyclopentane 
nucleus, and therefore Equation (17) be- 
comes applicable. For this case n, = 5, 
a = 3, and therefore 


B.. = 0.8061 — 0.01373(5) 
— 0.00785(3) = 0.7139 


The volume van der Waals’ constant, b, for 
this compound has been found to be 6 = 
192.06 cc./g.-mole. Therefore ve = 3 
(0.7139) (192.06) = 411.3 ec./g.-mole. 

By use of Equation (18), volume factors 
have been calculated for all the naphthenic 
hydrocarbons presented in Table 1. These 


TABLE 3. Metuyt Group CONTRIBUTIONS 

Aa®-86 anp Ab?-76 INVOLVED IN THE RE- 

PLACEMENT OF HyDROGEN ATOMS BY 

Metuyt Groups FROM NAPHTHENIC Nu- 
CLEI AND ALKYL S1ipE CHAINS 


Aa®-86  Apo.76 
First methyl substitution 5,798 6.648 
Second methyl substitution 
(1,1) 3,281 3.387 
cis (1,2) 5,530 5.454 
trans (1,2) 4,546 4.784 
cis (1,3) 4,546 4.784 
trans (1,3) 3,762 3.717 
cis (1,4) 3,762 3.717 
trans (1,4) 3,281 3.387 
Methyl group substitutions 
on side chains 
C<-1 6,369 6.287 
2<+1 6,417 6.686 


Note: C represents a cycloparaffinic nucleus 


For the introduction of more than two methyl groups 
in the naphthenic nucleus, the values listed for 
second methyl substitution are recommended. For 
these cases the substitutions should be carried out in 
a clockwise direction with position reference being 
placed on the methyl group immediately preceding 
the one involved in the substitution. 


A more extensive list of methyl group contributions 
involving the substitution of hydrogen atoms in 
alky] carbon atoms can be found elsewhere (11). 


values, together with the calculated van 
der Waals’ constants, produced with Equa- 
tion (11) the critical volumes for these 
naphthenic hydrocarbons. Similarly, critical 


TaBLE 4. CALCULATED VAN DER WAALS’ CoNSTANTS AND CRITICAL VALUES FOR SEVERAL CYCLOPENTANES AND CYCLOHEXANES 


van der Waals’ 


constants temperature, °K. pressure, atm. cec./g.-mole 
a, (ce./ 
g.-mole)? 6, cce./ Volume Lydersen Riedel This Lydersen Riedel This Lydersen This 
atm. g.-mole factor, (3) (6) investi- (3) (5) investi- (3) investi- 
X 10% B gation gation gation 
Cyclopentanes 

Cyclopentane 16.698 117.75 0.7374 513.6 512.6 512.1 44.16 43.83 44.60 262.5 260.5 
Methyicyclopentane 21.592 145.96 0.7296 535.8 534.8 534.2 37.66 37.66 37.54 319.0 319.5 
Ethylcyclopentane 27.490 173.91 0.7162 570.5 569.8 570.8 33.11 32.99 33.66 374.0 373.7 
n-Butyleyclopentane 40.919 237.00 0.6895 622.5 620.1 623.4 26.68 26.46 26.98 484.0 490.2 
n-Octylcyclopentane 73.340 375.66 0.6360 696.8 681.9 705.0 19.17 18.91 19.25 704.0 716.8 
n-Dodecyleyclopentane 112.34 528.08 0.5825 751.6 712.8 768.2 14.96 14.72 14.92 924.0 922.8 
n-Hexadecyleyclopen- 

tane 157.25 691 94 0.5290 798.0 724.5 820.6 12.27 12.05 12.16 1,144 1,098 
1, 1-Dimethyleyclopen- 

tane 24.563 160.87 0.7218 559.9 546.2 551.4 34.62 32.99 35.16 359.0 348.4 
1, cis-2-Dimethyleyclo- 

pentane 26.682 170.15 0.7218 565.2 563.8 566 .3 32.80 32.99 34.13 375.5 368.4 
1, trans-2-Dimethyl- 

cyclopentane 25.748 167.13 0.7218 553.6 552.2 556.3 32.80 32.99 34.14 375.5 361.9 
1, cis-3-Dimethyleyclo- 

pentane 25.748 167.13 0.7218 553.4 552.0 556.3 32.80 32.99 34.14 375.5 361.9 
1, trans-3-Dimethyl- 

cyclopentane 25.011 162.34 0.7218 551.9 550.6 556.3 32.80 32.99 35.15 375.5 351.5 
1, 1, 2-Trimethyleyclo- 

pentane 29.891 185.60 0.7139 586.0 571.5 581.5 30.47 29.36 32.14 415.5 397 .50 

Cyclohexanes 

Cyclohexane 21.729 141.93 0.7237 553.9 553.0 552.8 40.36 39.92 39.95 307.0 308.1 
Methylcyclohexane 27.090 171.34 0.7159 571.5 570.3 570.9 34.83 34.70 34,18 363.5 368.0 
n-Butyleyclohexane 47.807 265.34 0.6051 649.3 645.0 650.6 25.18 24.93 25.15 528.5 537.8 
1, 1-Dimethyleyclo- 

hexane 30.316 186.82 0.7080 599.2 584.4 586.0 32.16 30.69 32.17 403.5 396.8 
1, cis-3-Dimethyleyclo- 

hexane 31.595 193.30 0.7080 587.4 585.2 590.2 30.63 30.69 31.32 420.0 410.6 
Complete table is available from the American Documentation Institute, Photoduplication Service, Library of Congress, Washington 25, D. C., as document 5057, 


obtainable for $1.25 as microfilm or photoprint. 
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volumes have been calculated for the naph- 
thenic hydrocarbons presented in Table 4 
and, together with the critical temperatures 
and pressures already presented, completely 
define the critical constants for these com- 
pounds. 


COMPARISON OF RESULTS 


With the exception of the critical 
constants for the ten naphthenes used 
in this study, no experimental data are 
available in the literature to compare the 
reliability of values calculated by this 
method. Furthermore, a comparison of 
calculated values with those already 
available for the ten naphthenes used in 
this investigation appears unjustifiable 
in view of the fact that the critical con- 
stants of these hydrocarbons have been 
used to produce the group-contribution 
values for these naphthenes. Because of 
these limitations direct comparisons of 
calculated values and the critical con- 
stants found in the present literature will 
have no significance. ; 

In order to appraise the information 
resulting from these studies, however, a 
comparison of the critical constants ob- 
tained from the present method and 
those produced by the methods of Riedel 
(5, 6) and Lydersen (3) has been carried 
out for more than fifty naphthenes in- 
cluding several alkyl cyclopentanes and 
cyclohexanes. For the calculation of the 
critical temperature both Riedel and 
Lydersen require the use of the normal 
boiling point of the substance and for 
the critical pressure the molecular weight. 
The critical constants resulting for these 
naphthenes are presented in Table 4. 
From these comparisons, it was found 
that the critical constants resulting from 
the methods of Riedel and Lydersen are 
in good agreement with those produced 
by the present method for naphthenes 
having short alkyl side chains. With 
increasing chain lengths, the critical 
values resulting from these methods were 
found to deviate progressively. For ex- 
ample, the critical temperature and pres- 
sure for n-hexadecyleyclopentane calcu- 
lated by the method of Riedel were 
724.5°K. and 12.05 atm., by that of 
Lydersen 798.0°K. and 12.27 atm., and 
the present method produced 820.6°K. 
and 12.16 atm. For the naphthenes con- 
sidered in this investigation, the foregoing 
discrepancies represent the maximum 
deviations and were found to correlate 
with the length of the alkyl side chain. 
Similar comparisons for n-dodecyleyclo- 
pentane give rise to the following values: 
Riedel, 712.8°K. and 14.72 atm.; Lyder- 
sen, 751.6°K. and 14.96 atm.; present 
method, 768.2°K. and 14.92 atm. It is 
obvious from this comparison that these 
discrepancies become smaller with de- 
creasing lengths of the alkyl side chains. 
Nonetheless, these differences were sig- 
nificant enough to justify a further study 
for the selection of the metnod producing 
dependable values. 
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Fig. 1. Relationship of Y vs. X for cyclopropane. 
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Fig. 2. Relationship of Y vs. X for 1, cis-2- 
dimethylcyclopentane. 


Since no critical constants are available 
in the literature to appraise the results 
produced by these methods, an indirect 
approach has been instituted in order to 
discriminate among the methods utilized 
to produce these critical constants. This 
approach considers a detailed analysis of 
existing vapor-pressure data found in the 
literature as proposed by Sondak and 
Thodos (9), in which the calculated 
critical values are considered in order to 
see whether they actually represent the 
vapor-pressure behavior of each respec- 
tive hydrocarbon. This analysis considers 
the resolution of the complicated vapor- 
pressure function represented by the 
expression (9) 


logP =A +2 


+ Clog? +D (19) 
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Fig. 3. Relationship of Y vs. X for 1, trans-2, 
cis-4-trimethylcyclopentane. 


where (P, 7’) represents a vapor-pressure 
point, and A, B, C, and D are specific 
vapor-pressure constants into a straight 
line through the use of the vapor-pres- 
sure-temperature modulus, 


_ log P/P, — D(P/T’ — P,/T,) 
log T/T, 
and temperature modulus, 


y= 1/T — 1/T, 
log T/T, 


The slope of the straight line is equal to 
the vapor-pressure constant B; whereas 
its intercept becomes equal to constant C. 
In these moduli (P, 7) represents any 
vapor-pressure point; whereas (P;, 73) 
is any arbitrarily selected reference 
vapor-pressure point. Constant D_ is 
related to the pressure van der Waals’ 
constant, a, through the relationship 
D = a/2.303 R?. 


December, 1956 


I 
1 
( 
( 


Cyclopropane 
2 
4 Lydersen 
v Riedel 
© Ruehrwein and Powell 
© This investigation 1 
> 
8 
critica! 
\ critical 
| 
critical” 
| 
Fi 


3-2, 


4s 


n-Dodecyicyclopentane 


© API Project 44 14 
Lydersen 
v Riedel 
@ This investigation 3 
ae 
' 
412 + 
tical 
‘a! 


P, 
log ‘/p - 


+10 
titical 
49 
critical 
-50 -45 -40 -35 30 -25 
TAT, 
X= 
log Vy, 


Fig. 4. Relationship of Y vs. X for n-do- 
decylcyclopentane. 


For the saturated aliphatic hydro- 
carbons, Sondak and Thodos (9) have 
shown that a plot of the moduli Y vs. X 
on rectilinear coordinates produces 
straight-line relationships for vapor- 
pressure data included between the 
triple and critical points. Through the use 
of this scheme, the accuracy of vapor- 
pressure data can be critically reviewed 
once the pressure van der Waals’ con- 
stant, a, of the substance becomes 
available. In this analysis, vapor-pressure 
points which give rise to moduli Y and 
X, which scatter, are considered highly 
questionable. Conversely, it follows that 
yapor-pressure values producing moduli 
Y and X, which give rise to a continuous 
relationship, properly represent the va- 
por-pressure function of the substance 
and are considered reliable. 

In this treatment the critical constant 
represents the end of the vapor-pressure 
function and as such should represent the 
terminal point of the resulting straight 
line, Y vs. X, when the same reference 
point (P,, T,) is used to produce these 
moduli Y and X. 

An appraisal of the validity of the 
critical constants calculated by the 
present method and also by that of 
Riedel (5, 6) and Lydersen (3) has been 
carried out for five arbitrarily selected 
naphthenes, for which this analysis has 
been used to verify that these calculated 
critical values properly represent the 
vapor-pressure functions of these naph- 
thenes. In this treatment the vapor- 
pressure data available in the literature 
for cyclopropane (8), 1, cis-2-dimethyl- 
cyclopentane (7), 1, trans-2, cis-4-tri- 
methyleyclopentane (2, 7), n-dodecyley- 
clopentane (7), and n-hexadecyleyclopen- 
tane (7) have been used to produce the 
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Fig. 5. Relationship of Y vs. X for n-hexa- 
decylcyclopentane. 


moduli Y and X, which when plotted pro- 
duce the straight-line relationships pre- 
sented in Figures 1 to 5, inclusive. The 
naphthenes cyclopropane to n-hexadecyl- 
cyclopentane have been selected in order 
to cover the extent of molecular dimen- 
sion; while 1, trans-2, cis-4-trimethyley- 
clopentane was chosen to represent the 
more complex structures involving more 
than two methyl group substitutions in 
the ring. 

The critical values resulting from the 
methods of Lydersen, Riedel, and this 
study have been found to represent 
satisfactorily the vapor-pressure func- 
tions for cyclopropane; 1, cis-2-dimethyl- 
cyclopentane; and 1, trans-2, cis-4- 
trimethyleyclopentane as indicated in 
Figures 1, 2, and 3. However, for n-dode- 
cyleyclopentane and n-hexadecyleyclo- 
pentane only the critical constants result- 
ing from the present investigation were 
found to be an extension of the straight 
line representing the vapor-pressure func- 
tions of these naphthenes. This is indi- 
cated in Figures 4 and 5. In view of these 
findings, the present method offers some 
distinct advantages, particularly for the 
calculation of critical constants involving 
alkyl naphthenes having side chains of 
considerable length. 

Critical constants have been calculated 
by the present method and the methods 
of Lydersen (3) and Riedel (5, 6) for all 
the naphthenes for which vapor-pressure 
data are available in the literature (2, 7) 
and are presented in Table 4. Compari- 
sons of these critical constants will be 
made in a separate comprehensive study 
of vapor pressures for the naphthenic 
hydrocarbons presented in Table 4 along 
the same paths outlined for the five 
naphthenes treated in detail in this study. 
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NOTATION 


a = pressure van der Waals’ constant, 
(ec./g.-mole)? atm. 

A, B,C, D = constants for vapor-pres- 
sure equation 


b = volume van der Waals’ constant, 
ec./g.-mole 
nm, = number of carbon atoms in satu- 


rated aliphatic hydrocarbon or 
naphthenic nucleus 


Nen = total number of carbon atoms in 
normal alkyl side chains 
n,;' = total number of carbon atoms in 


branched alkyl side chains 

P = vapor pressure 

Pp. = critical pressure, atm. 

R = gas constant, 82.055 (atm.)(ce.)/ 
(°K.) (g.-mole) 

T = temperature, °K. 


T. = critical temperature, °K. 

v. = critical volume, cc./g.-mole 

X = temperature modulus, (1/T — 
1 / T,)/log T/T, 

Y = vapor-pressure-temperature mod- 
ulus, 


log P/P, — D(P/T? — P,/T;’) 
log T/T, 


Greek Letters 


a = total number of methyl groups 
attached to the ring 

a, = total number of normal alkyl 
chains attached to the ring 

a; = total number of branched alkyl 
chains attached to the ring 

8B = volume factor 

8. = volume factor for unsubstituted 
cycloparaffins 

B.. = volume factor for alkyl naph- 
thenes 


A = difference 


Subscripts 
c = cyelic 
n = normal 
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Thermodynamic Properties of n-Hexane 


Thermodynamic properties of n-hexane have been calculated over a temperature range 
of 32° to 540°F. and up to a pressure of 600 lb./sq. in. abs. These properties were deter- 
mined from vapor pressure, volumetric, heat capacity, and latent heat of vaporization 
data through the application of rigorous thermodynamic relationships. The calculated 
data have been found to be internally consistent. The enthalpy values are believed to be 
accurate to within +0.5 B.t.u./lb. and the entropy values to +0.0005 B.t.u./(Ib.)(°R.). 


Thermodynamic data are available for 
six straight-chain saturated hydrocar- 
bons, including methane (16), ethane (7), 
propane (10, 19), n-butane (17, 18), 
n-pentane (9), and n-heptane (21) but not 
for n-hexane. Consequently, it is the pur- 
pose of this paper to present the derived 
properties, calculated from rigorous ther- 
modynamic relationships, for n-hexane. 
Sufficient thermal, volumetric, and vapor- 
pressure-temperature data are reported 
in the literature to permit the accurate 
evaluation of these properties over the 
temperature range of 32° to 540°F. and 
up to pressures of 600 lb./sq. in abs. 

A number of investigators have re- 
ported on the volumetric behavior of 
n-hexane. Thomas and Young (22) re- 
ported saturated liquid and vapor vol- 
umes over the temperature range of 158° 
to 454.6°F., the critical temperature, and 
superheated-vapor volumetric data from 
338° to 536.8°F. from a pressure of 136.7 
to 547 lb./sq. in. abs. 

Kelso and Felsing (14) investigated the 
behavior of n-hexane in the superheated- 
vapor region from a temperature of 482° 
to 527°F. and from pressures of 375.6 to 
over 1,400 lb./sq. in. abs. and confirmed, 
at least in part, the experimental results 
of Thomas and Young (22). The Bene- 
dict-Webb-Rubin equation of state (8), 


P =RTd+(B,RT — A, — C,/T?)a 
+ (bRT — + aa'd’ 
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+ + (1) 


has been fitted to these data of Kelso and 
Felsing. When the equation of state is 
used to calculate the pressure at these 
highly nonideal conditions, the average 
error is 0.74%. Therefore this equation of 
state was used to predict the volumetric 
behavior of n-hexane at these high tem- 
peratures and pressures. Kelso and 
Felsing (15) later reported the results of 
an investigation over the temperature 
range of 212° to 527°F. and from pres- 
sures of 35.6 to over 4,300 lb./sq. in. abs. 
The data reported included those for the 
saturated liquid and vapor and for the 
superheated vapor. 

Waddington and Douslin (23) pre- 
sented an equation of state, 


— (2,270 — 6.25 x 10°T"" 
+ 1.306 X 10°7~)P (2) 


for saturated n-hexane vapor over a 
temperature range of 77° to 155.7°F., 
the normal boiling point. Also they report 
that if the Berthelot equation of state is 
used for the calculation of the saturated- 
vapor volume at the normal boiling 
point and this value, in turn, is used in 
the Clapeyron equation, an error of 0.75% 
will result in the calculated value of the 
latent heat of vaporization. In view of 
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the magnitude of this error, it was 
assumed that the Berthelot equation was 
valid at very low pressures, 0.876 lb./sq. 
in., for example, and at atmospheric 
pressure at temperatures above 160°F. 
Stewart, Sage, and Lacey (20) made 
an extensive investigation of the volu- 
metric behavior of n-hexane in the liquid 
phase, including the liquid at its bubble 
point, over a temperature range of 100° 
to 400°F. More volumetric data in the 
liquid phase from 30° to 160°F. are 
reported in A.P.I. Rept. 44 (1). 
Thermal data, while not sufficient to 
provide an independent check of the 
results presented in this work, are 
reported by a number of investigators. 
Heat-capacity data for liquid n-hexane 
are reported by Huffman, Parks, and 
Barmore (13) over a temperature range 
of —119.9° to 68.6°F. and by Douslin 
and Huffman (/2) over a temperature 
range of 8.3° to 80.3°F. Connelly, Sage, 
and Lacey (11) reported the heat capacity 
of the liquid at its bubble point over a 
temperature range of 80° to 200°F. The 
data of the last mentioned authors and 
those of Huffman et al. were used almost 
exclusively in the calculations. 
Waddington and Douslin (23) reported 
latent-heat-of-vaporization data over a 
temperature range of 77° to 155.7°F. and 
vapor-phase heat-capacity data from 
197.6° to 384.3°F. at atmospheric pres- 
sure. The heat capacity, enthalpy, and 
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Fig. 1. Pressure-enthalpy diagram for n-hexane. 


entropy of the gas in the ideal-gas state 
and unit fucacity are reported in A.P.I. 
Rept. 44 (2, 3, 4). 

The vapor-pressure-temperature rela- 
tionship from the normal boiling to the 
critical point is reported by Thomas and 
Young (22). Also vapor-pressure data are 
available from —45° to 200°F. in A.P.I. 
Rept. 44 (4). 

The critical constants, T, = 454.5°F., 
P, = 439.7 lb./sq. in. abs., and V, = 
0.685 cu. ft./lb., reported in A.P.I. Rept. 
44 (6) were used in the calculations. 
Additional constants used were molecular 
weight of n-hexane, 86.17; gas-law con- 
stant, R, 10.7335 (lb./sq. in.)(cu. ft.)/ 
(Ib. mole)(°R.); ice point, 491.69°R. One 


ENTHALPY ,H, Bru/ib 


pound of n-hexane was used as the basis 
of calculation and the enthalpy and en- 
tropy values of the saturated liquid at 
32°F. (pressure equal to 0.876 Ib./sq. in. 
abs.) were set equal to zero. 

Prior to the determination of the 
thermodynamic data, residual volumes, 
a’s, were calculated and the volumetric 
data smoothed by plotting the residual 
volume at constant temperature against 
pressure on a large-scale graph. When 
volumetric data were lacking, either the 
Berthelot or the Benedict-Webb-Rubin 
equation of state was used to predict the 
necessary information. From this plot it 
was possible to determine the f/P ratio 
through the relationship 


dP (3) 


The value of the integral was determined 
graphically. Some of the f/P ratios cal- 
culated for this work can be compared 
with values presented by Kelso and 
Felsing (15). The agreement between the 
two sets of values is good, with those 
presented in this work tending to be 
from 2% to 4% lower than the pre- 
viously reported data. Kelso and Felsing 
did not state the assumptions used in the 
calculations of their f/P ratios. 
Latent-heat-of-vaporization data were 
then calculated. Since data were available 
from 77° to 155.7°F. (23), it was necessary 


TasBLe 1. THERMODYNAMIC PROPERTIES OF SATURATED n-HEXANE 


Pressure, Fugacity Volume, cu. ft./lb. Enthalpy, B.t-u./Ib. Entropy, B.t.u./(Ib.)(°R.) 
lb./sq. pressure 
in. abs. f/P Liquid Vapor Liquid Vapori- Vapor Liquid Vapori- Vapor 
zation zation 

32 0.876 0.995 0.02366 69 .57 0.0 165.1 165.1 0.0000 0.3358 0.3358 

40 1.107 0.994 0.02380 55.87 4.2 163.7 167.9 0.0084 0.3276 0.3360 

60 1.911 0.991 0.02415 33.55 14.8 160.2 175.0 0.0291 0.3083 0.3374 

80 3.143 0.986 0.02452 21.08 25.5 156.9 182.4 0.0494 0.2907 0.3401 
100 4.956 0.980 0.02493 13.77 36.5 153.8 190.3 0.0694 0.2748 0.3442 
120 7.531 0.972 0.02532 9.306 47.8 150.5 198.3 0.0892 0.2596 0.3488 
140 11.075 0.961 0.02578 6.473 59.3 146.9 206 .2 0.1087 0.2450 0.3537 
160 15.823 0.951 0.02618 4.617 (A 143.0 214.1 0.1280 0.2308 0.3588 
180 22.03 0.937 0.02667 3.371 83.2 139.1 222.3 0.1472 0.2174 0.3646 
200 30.00 0.922 0.02722 2.508 96.6 133.9 230.5 0.1678 0.2030 0.3708 
220 39.87 0.905 0.02775 1.907 108.9 130.2 239.1 0.1878 0.1916 0.3794 
240 52.10 0.886 0.02838 1.469 121.7 126.2 247.9 0.2089 0.1804 0.3893 
260 66.94 0.868 0.02903 1.146 136.1 121.3 257 .4 0.2295 0.1685 0.3980 
280 84.93 0.847 0.02977 0.8992 149.6 116.7 266.3 0.2493 0.1578 0.4070 
300 106.1 0.825 0.03060 0.7126 162.8 111.9 274.7 0.2680 0.1473 0.4153 
320 131.3 0.803 0.03150 0.5653 176.9 106.0 282.9 0.2868 0.1360 0.4228 
340 160.3 0.778 0.03256 0.4533 192.3 98.7 291.0 0.3062 0.1234 0.4296 
360 193.6 0.754 0.03377 0.3641 207.8 90.3 298.1 0.3266 0.1102 0.4368 
380 231.7 0.729 0.03547 0.2919 223 .7 82.4 306.1 0.3455 0.0981 0.4436 
400 277.5 0.703 0.03748 0.2284 239.8 72.9 312.7 0.3659 0.0848 0.4507 
420 327.5 0.678 0.04052 0.1778 255.2 62.4 317.6 0.3843 0.0709 0.4552 
440 386.0 0.653 0.04582 0.1314 274.1 45.9 320.0 0.4058 0.0410 0.4568 
454.5 439.7 0.635 0.0685 0.0685 305.0 0.0 305.0 0.4390 0.0 0.4390 
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to make calculations only over the 
ranges 32° to 77°F. and 155.7° to 454.5°F. 
The latent heats were calculated by the 
Clapeyron equation 


dT TAV (4) 


No assumptions were involved in these 
calculations, because complete volumetric 
and vapor-pressure-temperature data 
were available. 

Up to temperatures of 200°F. liquid- 
phase enthalpy and entropy data could 
be calculated from the liquid-phase heat 
capacities (11, 12, 13). The relationships 
used were 


T. 


and 
To C 
/ ar (6) 
r, 1 


The integrals were evaluated graphically. 
With these data and previously calcu- 
lated latent-heat data, the enthalpy and 
entropy values of the saturated vapor up 
to 200°F. can be calculated. 

Enthalpy values for the superheated 
vapor were calculated as differences be- 
tween the real gas and the ideal gas at 
the same temperature. The relationship 
used was 


0a 
=— E | dP (7) 


and the integral was evaluated graphic- 
ally. The differences were subtracted 
from the proper enthalpy values for the 
ideal gas at unit fugacity obtained from 
A.P.I. Rept. 44 (3). Naturally, the 
enthalpy data of A.P.I. Rept. 44 had 
been previously converted to the datum 
used in this work. By the procedure 
outlined above it was possible to calculate 
enthalpy data in the superheated-vapor 
region as well as for the saturated vapor 
at temperatures above 200°F. 

Entropy data in the superheated-vapor 
region and for the saturated vapor above 
200°F. were determined through a similar 
procedure by use of the appropriate 
relationship, 


u(S, — S°*)r = — — dP 


[da 
+ (22) dP (8) 


As in the previous case, the entropy 
values for the ideal gas at unit fugacity 
given in A.P.I. Rept. 44 (4) were used 
after they had been converted to the 
datum selected for this work. 
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TaBLE 2. THERMODYNAMIC PROPERTIES OF SUPERHEATED n-HEXANE 


Temperature, Volume, Enthalpy, Entropy, Fugacity /pressure 
cu. ft./lb. B.t.u./lb. B.t.u./(Ib.) (°R.) f/P 
14.696 lb./sq. in. abs. (155.7)* 

(At satn.) 4.96 212.5 0.3578 0.953 
160 5.00 214.5 0.3623 0.954 
200 5.37 233.6 0.3954 0.961 
240 5.73 253 .2 0.4247 0.968 
280 6.09 273.4 0.4540 0.972 
320 6.45 294.7 0.4839 0.976 
360 6.80 316.5 0.5130 0.979 
400 7.15 339.6 0.5418 0.982 
440 7.61 363.0 0.5702 0.985 
480 7.86 388.5 0.5989 0.987 
520 8.21 412.6 0.6273 0.989 

25 lb./sq. in. abs. (188.8)* 

(At satn.) 2.99 225.8 0.3670 0.932 
200 3.06 232.1 0.3795 0.935 
240 3.29 252.1 0.4114 0.946 
280 3.51 272.4 0.4409 0.953 
320 3.72 293.7 0.4708 0.959 
360 3.94 315.6 0.5000 0.965 
400 4.15 338.7 0.5288 0.970 
440 4.36 362.1 0.5573 0.974 
480 4.58 386.7 0.5860 0.978 
520 4.79 412.0 0.6146 0.981 

50 lb./sq. in. abs. (236.8)* 

(At satn.) 1.53 246.6 0.3872 0.890 
240 1.54 248.8 0.3924 0.893 
280 1.66 269.9 0.4226 0.908 
320 1.78 291.2 0.4526 0.920 
360 1.90 313.2 0.4820 0.931 
400 2.01 336.4 0.5109 0.941 
440 2.12 360.0 0.5396 0.949 
480 2.24 384.8 0.5684 0.957 
520 2.35 410.3 0.5973 0.963 

75 lb./sq. in. abs. (269.6)* 

(At satn.) 1.02 261.5 0.4016 0.858 
280 1.05 267.3 0.4109 0.865 
320 1.13 288.8 0.4411 0.882 
360 1.21 310.9 0.4707 0.899 
400 1.30 334.2 0.5011 0.913 
440 1.38 357.9 0.5286 0.925 
480 1.46 382.8 0.5575 0.936 
520 1.54 408.6 0.5867 0.946 

100 lb./sq. in. abs. (294.4)* 

(At satn.) 0.758 272.5 0.4125 0.831 
320 0.805 286.2 0.4322 0.846 
360 0.874 308.5 0.4620 0.867 
400 0.940 331.9 0.4926 0.885 
440 1.00 355.8 0.5203 0.901 
480 1.08 380.8 0.5493 0.916 
520 1.13 407 .0 0.5788 0.929 

150 lb./sq. in. abs. (333.4)* 

(At satn.) 0.489 288.4 0.4274 0.786 
360 0.529 303 . 4 0.4482 0.806 
400 0.581 327.4 0.4794 0.833 
440 0.630 351.6 0.5075 0.855 
480 0.677 377.4 0.5375 0.877 
520 0.723 403.7 0.5670 0.894 

200 lb./sq. in. abs. (363.6)* 

(At satn.) 0.350 299.8 0.4378 0.750 
400 0.398 322.4 0.4684 0.782 
440 0.442 347.3 0.4973 0.812 
480 0.482 372.8 0.5269 0.839 
520 0.519 400.3 0.5578 0.862 

250 lb./sq. in. abs. (388.2)* 

(At satn.) 0.264 308.9 0.4467 0.718 
400 0.280 316.4 0.4574 0.732 
440 0.326 342.3 0.4879 0.769 
480 0.363 368.3 0.5182 0.803 
520 0.397 396.8 0.5500 0.830 
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TasLe 2.—(Continued) 


Temperature, Volume Enthalpy, Entropy, Fugacity /pressure 
cu. ft./Ib. B.t.u./Ib. B.t.u./(Ib.) (°R.) P. 
300 lb./sq. in. abs. (409.4)* 

(At satn.) 0.203 315.2 0.4536 0.692 
440 0.245 336.1 0.4782 0.728 
480 0.283 363.7 0.5100 0.767 
520 0.315 393.2 0.5429 0.800 

400 Ib./sq. in. abs. (444.4)* 

(At satn.) 0.119 319.3 0.4564 0.648 
480 0.176 350.2 0.4930 0.698 
520 0.209 384.8 0.5294 0.741 

500 lb./sq. in. abs. 
480 0.0970 330.9 0.4675 0.627 
520 0.142 374.2 0.5153 0.684 
600 lb./sq. in. abs. 
480 0.0512 315.3 0.4485 0.555 
520 0.102 364.5 0.4989 0.625 


*Saturation temperature. 


Entropy and enthalpy data for the 
saturated liquid above 200°F. were ob- 
tained by subtracting the entropy or 
enthalpy of condensation from the respec- 
tive values for the saturated vapor. 

The results were plotted on large-scale 
temperature-entropy, enthalpy-tempera- 
ture, and enthalpy-entropy plots and 
smoothed graphically. The final results 
are reported in Tables 1 and 2* and in 
graphical form on a log pressure vs. 
enthalpy plot, Figure 1. 

The results were checked for internal 
consistency through the relationship 

/ 
dH = T' dS + V dP (9) 


Setting the value of the entropy at a 
constant reduces the equation to 


dH = V dP (10) 


Multiplying the right-hand member by 
P/P and integrating results in the equa- 
tion 


/ P2 
| PV dinP (11) 
Py 


The right-hand member can then be 
evaluated by graphical integration and 
compared with enthalpy differences ob- 
tained from the calculated data. Such 
consistency checks were made on the 
thermodynamic data presented in this 
paper, and good agreement was obtained 
in each instance. 

Only one check can be made of the 
thermodynamic data presented in this 
work with data from an independent 
source. Waddington and Douslin (23) 
report heat-capacity data for the super- 
heated vapor at 14.7 lb./sq. in. abs. over 


*Tabular material has been deposited as docu- 
ment 5056 with the American Documentation 
Institute, Photoduplication Service, Library of 
Congress, Washington 25, D. C., and may be ob- 
tained for $1.25 for photoprints or 35-mm. microfilm. 
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a temperature range of 197.6° to 384.3°F. 
With the data of these investigators, the 
enthalpy difference over the temperature 
range in question is 100.4 B.t.u./lb., and 
from this work the enthalpy difference is 
97.7 B.t.u./lb. This would appear to be a 
large error, but in reality it is not. From 
the data of Waddington and Douslin (23) 
the enthalpy difference for the ideal gas 
over this temperature range is 99.5 
B.t.u./lb., and from A.P.I. Rept. 44 (3) 
the difference is 96.2 B.t.u./lb. This would 
indicate that the heat-capacity data of 
Waddington and Douslin are too high. 
There is a good degree of consistency 
between the two sets of data, however. 
If the quantity (AH° — AH,,.7) over the 
temperature range is considered, the 
difference by Waddington and Douslin’s 
data is 99.5-100.4, or —0.9 B.t.u./lb., 
but by A.P.I. Rept. 44 and this work the 
difference is 96.2-97.7, or —1.5 B.t.u./Ib. 

With this single minor exception, there 
are no thermal data available to check 
the accuracy of the thermodynamic data 
presented here. However, it is believed 
that the reported enthalpy values are 
accurate to +0.5 B.t.u./lb. and the 
entropy values accurate to 0.0005 
B.t.u./(Ib.)(°R.). 

In conclusion, f/P ratios, enthalpy, 
and entropy data, calculated by rigorous 
thermodynamic relationships, are pre- 
sented for n-hexane over a temperature 
range of 32° to 540°F. and up to a pres- 
sure of 600 Ib./sq. in. abs. The results 
were found to be internally consistent. 


NOTATION 


C, = heat capacity at constant pressure, 

B.t.u./(Ib.)(PR.) 

H = enthalpy, B.t.u./Ib. 

P = pressure, lb./sq. in. 
otherwise specified 

S = entropy, B.t.u./(lb.)(°R.) 

T = absolute temperature, °R. unless 
specified as °K. 


abs., unless 
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specific volume, cu. ft./Ib. 
density, lb. moles/cu. ft. 

fugacity, same units as. pressure 
temperature, °F. 

residual volume, cu. ft./lb. mole, 
RT/P — Vy 


ll 


Constants of Benedict-Rubin-Webb 
Equation of State (8) 


Ao = 54,434 

By = 2.84835 

Co = 40,556.2 x 
a = 429,901 

b = 28.0032 

c = 296,077 

a’ = 11,598.9 X 10-5 
y = 1,771.15 X 10° 
Subscripts 

c critical property 


M = molal quantity 
vy = vaporization 
Superscripts 


= property in the ideal-gas state at 
unit fugacity 
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Effect of Fluidization on Catalytic 
Cumene Dealkylation 


J. F. MATHIS and C. C. WATSON, University of Wisconsin, Madison, Wisconsin 


This paper reports a direct experimental comparison of the cracking of cumene in a 
fluidized bed of silica-alumina catalyst with the same reaction in a fixed bed. The effects 
of fluidization on the kinetics of this reaction are interpreted in terms of an empirical 
approach using effectiveness factors and by a simplified mathematical model. 


A great deal of work has been done to 
determine the nature of flow in the fluidized 
bed (7, 8, 9, 11, 12, 13, 21, 22). The charac- 
ter of the fluidization obtained with liquid- 
solid beds has been described as uniform, 
or particulate, as opposed to the nonuniform, 
or aggregative, nature of fluidized gas- 
solids systems which are considered here. 
Bed uniformity has been defined (13) as 
the absence of gross concentration and flow 
discontinuities in the bed. Gas-solids 
fluidized beds generally exhibit nonuni- 
formity at all velocities above the minimum 
fluidization velocity. In such a system most 
of the gas passes through the bed in pockets 
or bubbles which collectively form a 
disperse phase, and the remainder of the 
bed constitutes the dense phase. These 
bubbles are not bounded by a free surface 
as in the case of gas bubbles in a liquid and 
consequently do not retain their original 
identity of composition in passage through 
the bed. The passage of the disperse phase 
through the bed sets up local and over-all 
solids and gas-circulation patterns (7, 8, 9). 
At lower velocities all or a portion of the 
bed may channel or bridge; at high rates 
slugging may occur. 

Some work has been done to. obtain a 
quantitative measurement of bed uni- 
formity. Morse and Ballou (14), Gerald (6), 
and Shuster and Kisliak (19) have devised 
separate, ingenious methods of determining 
bed uniformity, but in their studies uni- 
formity was presented as some empirical 
function of the specific experimental results 
and no general interpretation of the possible 
effects 01 uniformity on the results of solid- 
gas reactions in a fluidized bed was made. 
In these studies the gas velocity, bed 
height, and tube diameter (or related 
variables) served to correlate the uni- 
formity data for a given solid and fluid. 

Gilliland and Mason and coworkers (7 to 
9) have studied the extent of gas and solid 
mixing and gas by-passing in fluidized beds 
in a series of experiments inciuding gas 
tracer studies, gas residence-time studies, 
heat transfer studies, and kinetic studies 
of a gas-phase homogeneous reaction. These 
experiments indicated that the effect of 
longitudinal gas mixing in the small- 
diameter fluidized bed was secondary to 
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the effects of gas by-passing; for example, 
in the homogeneous reaction data, the 
fact that actual conversions fell consider- 
ably below those obtained in a packed bed 
or the empty tube was attributed to gas 
by-passing. 

Askins, Hinds, and Kunreuther (1) 
found extensive recirculation of gas in a 
commercial fluid catalyst regenerator, but 
their data also indicate a considerable 


degree of gas by-passing in bubbles. 


Danckwerts, Jenkins, and Place (5) 
concluded from using helium as a tracer in 
a commercial fluid-catalyst regenerator 
that the gas flow in the bed was much 
closer to piston flow than to complete 
mixing. They attributed the extent of 
mixing which was reported by Askins, 
et al. to the latter having sampled dispro- 
portionately from the dense phase in the 
bed. Their own exit samples were taken 
from the stack, after the cyclones. 

A number of studies of reaction kinetics 
in fluidized beds have been reported in the 
literature, but except for the recent work 
of Shen and Johnstone (23) the intrinsic 
effects of fluidization on the kinetics of 
heterogeneous reactions in solid-gas_re- 
actions in fluidized beds have not been 
reported. Shen and Johnstone’s studies are 
discussed in a later section. Interpretation 
of most of the available work is hampered 
from this standpoint because comparable 
fixed-bed data were not obtained; a further 


difficulty encountered in some of the earlier 
work was that the unproved assumption 
of progressive or piston flow (such as 
occurs in fixed beds) was used to integrate 
the rate equations developed. Another 
assumption which has been suggested as a 
basis for predicting the results of gas- 
solids reactions in fluidized beds is that of 
complete gas mixing. However, as Gilliland, 
Mason, and Oliver (9) and others have 
pointed out, the gas flow pattern in the 
fluidized bed apparently does not bear out 
this assumption even though in some cases 
a fairly close match with experimental 
results is obtained. 


KINETICS EXPERIMENTS 


The reaction chosen for investigating the 
effect of fluidization on apparent reaction 
mechanism was the catalytic dealkylation 
of cumene (isopropyl benzene). This reac- 
tion was chosen because it had desirable 
experimental qualities and has been in- 
vestigated thoroughly by Garver (3) and 
Rase (15), who determined that a single- 
site surface-reaction mechanism was fol- 
lowed in fixed-bed experiments. 

The feed stock used in the experiments 
was technical-grade cumene obtained from 
the Dow Chemical Company, purified by 
distillation on a thirty-plate Oldershaw 
column operated at a 10 to L reflux ratio. 
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The catalyst used in the studies was the 
100- to 200-mesh fraction of a fresh, ground 
commercial silica-alumina cracking catalyst 
furnished by the Universal Oil Products 
Company. The catalyst had a bulk density 
of from 0.54 to 0.59 g./cc. and a particle 
density of 1.2 g./ec. The screened catalyst 
was normally heated at 105°C. to equili- 
brium dryness before being charged to the 
system. 

A flow diagram of the experimental 
system is given in Figure 1. The equipment 
can be divided functionally into the feed 
system, the reaction system, and the 
product-recovery system. Included in the 
feed system are three tanks of 1-, 5-, and 
20-liter capacity, nitrogen supply for 
pressuring the feed tanks and for process 
purposes, feed control valves and rotameter, 
and various nitrogen and feed lines. The 
reaction system contains upper and lower 
preheaters, a reactor, a catalyst-recovery 
system, and transfer lines. The product- 
recovery system comprises the water-cooled 
condenser, liquid-product receivers, ice- 
water condenser and trap, gas saturator, 
wet-test meters, gas-sampling bottles, cop- 
per oxide furnace, and gas-sampling mani- 
fold. All equipment, lines, and _ fittings 
operating in excess of 400°F. were con- 
structed of type-304 stainless steel. 

For the fluidized runs three electrically 
heated, interchangeable reactors of 2-, 3-, 
and 4-in. standard pipe size were used. 
Each reactor was approximately 21 in. 
high and fitted with a 200-mesh support 
screen and backing plate at the bottom. 
The backing plates were perforated with 
1/16-in. holes on 14-in. centers. Feed was 
charged to the lower preheater and flowed 
up through the reactor in the fluidized op- 
erations. A cyclone separator and screen 
filter mounted above the reactor were 
used to recover the catalyst entrained in 
the product stream. The recovered catalyst 
was returned to the reactor through a 
motor-driven valve. Periodic injection of 
nitrogen into the rotary valve was used to 
offset the occasional tendency of the 
catalyst to pack in the bottom section of 
the cyclone. 

In the fixed-bed studies a thin catalyst 
bed, 354 in. in diameter and 4 in. deep, 
located in a special “sandwich” insert in 
the 4-in. reactor was employed. About 20 
g. of catalyst were placed in the insert 
between two porous micrometallic stainless 
steel plates. For fixed-bed operations feed 
was passed through the upper preheater, 
and in downflow through the reactor, and 
the catalyst-recovery system was blanked 
off. The temperature of the bed was meas- 
ured by a muitiple-junction stainless steel/ 
chromel thermocouple inserted directly in 
the bed. This special couple was used to 
minimize undesirable side reactions pro- 
moted by the more common thermocouple 
compositions which lead to erroneous tem- 
perature measurements. 

In all operations the feed rate was deter- 
mined from the timed change in feed-tank 
levels, which were calibrated in terms of 
liquid volume. Static pressures were ob- 
tained from mercury manometers or pres- 
sure gauges. Gas flows were measured by 
two 20 cu. ft./hr. wet-test meters operated 
singly or in parallel. Process temperatures 
were registered on an automatic recorder 
from readings of iron-constantan thermo- 
couples located at various positions in the 
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Fig. 2. Conversion as a function of W/F 
for fixed-bed operation (down flow) in the 
4-in. reactor at 1 atm. and 950°F. 


equipment. Feed rates and temperatures 
were controlled manually. In general, a 
standard procedure was followed in all 
runs. This procedure was developed from 
preliminary experiments to give repro- 
ducible results and to ensure that a steady 
state and constant catalyst activity was 
approximated during the sampling period. 
Prior to a set of runs the required amount 
of catalyst was charged to the reactor, and 
the various heater settings were adjusted 
to give the desired lined-out temperatures. 
Before each run a 30-min. nitrogen pre- 
treatment was employed to purge the 
system of regeneration gases and to con- 
dition the catalyst. After pretreatment feed 
was charged to the reactor at the prescribed 
rate. Timing of the run was started at the 
instant gas flow occurred, an indication 
that the reactant had contacted the catalyst. 
The reaction was allowed to proceed for 
40 min. to permit the system to achieve a 
steady state of conversion, pressure, tem- 
perature, and recovery; during this time 
the liquid product went to the waste- 
product receiver. The gas and _ liquid 
samples characterizing the run were started 
at the 40-min. mark and were usually 
taken over the next 20-min. period. At the 
end of the sampling period the liquid prod- 
uct stream was again switched to waste, 
the gas sample stopped, and the feed 
valves shut off. Regeneration of the catalyst 
with air followed a nitrogen purge and was 
continued until essentially complete, as 
denoted by the return of the bed tempera- 
tures to their original values following the 
initial rise. Maximum bed temperatures 
were held to 1,150°F. to prevent catalyst 
deactivation. During regeneration a sample 
of the off gas was taken for analysis. 

Samples of liquid-run product, process 
gas, and regeneration gas were analyzed. 
The benzene and cumene in the liquid 
product were determined by distillation in 
a spinner microstill developed by the 
Sinclair laboratories. The molecular weight 
and unsaturated content of the gaseous-run 
product were obtained by differential 
weighing of a sample bulb and by absorption 
in fuming sulfuric acid. The regeneration 
gas was analyzed for carbon dioxide content 
(after first having been passed through the 
copper oxide furnace to convert carbon 
monoxide to carbon dioxide) in a modified 
Orsat apparatus where the carbon dioxide 
was absorbed in a 33% potassium hydroxide 
solution. 
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The primary dependent variable obtained 
from the run data was the cumene conver- 
sion, but material balances and yield data 
were also developed. The calculation of the 
material balance and yield data (weight 
percentage on feed) for a given sampling 
period followed directly from the run data 
and analytical results except for calculation 
of the amount of the coke, which of course 
was deposited and measured for the entire 
run instead of the sampling period only. 
The amount of carbon formed was shown 
in auxiliary experiments to be proportional 
to the square root of the elapsed process 
time, and this fact and the assumption of 
10 wt. % hydrogen in the coke were used 
to convert the measured carbon yields to 
coke yields for any desired process period. 
In a few of the fluidized runs in the 3- and 
4-in. reactors at the high feed rates the 
reactor pressures exceeded 1.0 atm. by 
appreciable amounts because of the large 
frictional pressure drop in the product lines 
at large flow rates. The conversions from 
these runs at higher pressures were cor- 
rected to atmospheric-pressure conditions 
by use of pressure-correction factors based 
on the mechanism developed from the 
fixed-bed data. This correction was gener- 
ally less than 10% of the experimental 
conversion. 

The major independent variables used in 
the correlations were the reciprocal space 
velocity cr W/F ratio, the superficial gas 
velocity, and the L/D ratio. The W/F ratio 
is the weight of catalyst in grams divided 
by the feed rate in gram moles per hour. 
The average velocity was computed from 
the reactor temperature, pressure, size, and 
feed rate, with the increase in the number of 
moles allowed for as the reaction proceeds. 
The bed height for calculation of the L/D 
ratio was determined from the temperature 
traverses but could be checked from a cor- 
relation of bed density and velocity devel- 
oped in independent experiments. 


RESULTS 


Separate reproducibility studies de- 
monstrated that no change in catalyst 
activity took place over five operating 
cycles when standard operating pro- 
cedure was used. Runs in the empty 4-in. 
reactor indicated that the contribution 
of thermal or wall reaction to the total 
conversion at run conditions was negli- 
gible. 


Fixed-bed Runs 


The series of fixed-bed runs was made 
with 21.8 g. of catalyst in the bed, a 
reactor pressure of 1.0 atm., and a bed 
temperature of 950°F. The relation be- 
tween the experimental conversion and 
the W/F ratio is given in Figure 2. The 
value of the equilibrium conversion at 
reaction conditions is 0.94 according to 
calculation from Bureau of Standards 
thermodynamic data (2). The experi- 
mental conversions appear to approach 
the equilibrium values very slowly in the 
higher W/F range, and this may indicate 
strong adsorption of a primary reaction 
product on the catalyst or fouling of the 
catalyst with secondary reaction prod- 
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ucts. The effect of process time on the 
fixed-bed reaction was not developed to 
resolve these possibilities, but on the basis 
of more complete data, Rase (15, 16) has 
suggested that surface fouling may be 
responsible for the observed conversion 
pattern. 

Rase (15, 16) and Garver (3, 4) investi- 
gated the dealkylation of cumene over 
a bead-type silica-alumina catalyst in 
fixed beds. Their results indicated that 
the over-all reaction rate is controlled 
by a single-site surface reaction, and it 
was also possible to fit the results of the 
present fixed-bed study with this mecha- 
nism. The values of the constants in 
the rate equation for the present data 
were in agreement with those from the 
other studies with the exception of an 
unusually high value of the product 
adsorption equilibrium constant obtained 
in the present case, which might be 
expected as the present study covered a 
much greater W/F range than the others 
and the depression of the conversion, 
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which might indicate a more strongly 
adsorbed product, was more marked in 
the higher W/F ranges. 


Fluidized Runs 


The fluidized runs were made in the 
2-, 3-, and 4-in. reactors operating at 1 
atm. and 950°F. These experiments were 
designed to cover a range of values of the 
velocity and bed L/D ratio, which had 
been determined in the photographic 
studies to be factors influencing bed 
uniformity. Velocities ranged from 0.05 
to it./sec., and L/D varied from% 
to 6. The feed rates and weights of 
catalyst used were those required to give 
the desired velocities and L/D ratios. 

The effect of fluidization on the results 
of kinetics studies in the various reactors 
can be seen in the plots of conversion as 
a function of W/F in Figure 3. In all 
cases the conversions from fluidized 
operation are equal to or less than those 
from the fixed-bed studies. The data 
clearly indicate the importance of the 
L/D and velocity in determining con- 
version from the fluidized operations, and 
they further suggest that the reactor 
diameter influences the final conversion. 
These effects are segregated in Figure 4, 
which compares the conversion data for 
a given L/D and reactor diameter from 
fluidized runs with the corresponding 
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fixed-bed results for the same W/F ratio. 
Figure 4 suggests that an optimum 
velocity exists for the closest approach 
of the fluidized conversion to the fixed- 
bed result, which is between 0.3 and 0.5 
ft./sec. for the system investigated. 
Figure 4 also shows that the optimum is 
less well defined as the L/D or reactor 
size increases but that the magnitude of 
the minimum spread between the two 
conversions increases as either L/D or 
reactor size is increased independently. 
This observation indicates that the 
reactor diameter must be specified as 
well as the L/D and velocity to define 
the conversion from fluidized operation 
with respect to the fixed-bed result. The 
unusually low conversions observed in a 
few of the fluidized runs obtained in the 
4-in. reactor were probably the result of 
channeling in the wide beds operating at 
the low L/D and velocity conditions. 

The experimental results may be 
explained by qualitative examination of 
the actions of a fluidized bed of catalyst, 
which might be compared with those of 
the identical bed in downflow. 

As the rate of flow of gas upward 
through the catalyst bed is increased 
from zero, the following events take 
place. 

1. At flow rates below the minimum 
fluidization rate, the operation is identical 
with that of a bed in downflow; it is 
fixed-bed operation. 

2. As the flow rate is increased slightly 
past the minimum fluidization rate, 

a. The bed begins to be fluidized. This 
condition is inherently one of nonuni- 
formity, with some of the gas flowing 
upward through a dense phase at sub- 
stantially the minimum fluidization veloc- 
ity, while the remainder of the gas passes 
up through the bed in streams of bubbles. 
When the bed is in a fluidized condition, 
all the particles undergo continuous 
agitation, either in the dense phase or 
light phase. The gas flowing in the 
streams of bubbles is, in effect, by-passing 
the bulk of the catalyst. 

b. At relatively low gas velocities, 
channeling rather than fluidization may 
take place in all or part of the bed. When 
a bed is channeling, most of the gas is 
blowing through holes in a settled, or 
bridged, layer of particles. Some of the 
gas may be flowing through this settled 
layer, but there is no continual agitation 
of the particles. 

Both the by-passing of gas in a norm- 
ally fluidized bed and the channeling 
in a poorly fluidized bed will tend to be 
harmful to the conversion, and to the 
selectivity, where competing side reac- 
tions are possible. 

It may well be that if channeling 
could be avoided, and a bed kept norm- 
ally fluidized, a gradual departure from 
fixed-bed performance would ob- 
served, as gas flow rate was increased. 
This might require some sort of mechan- 
ical agitation, to prevent bridging and 
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settling of the particles. However, the 
results of the present work suggest that 
channeling does tend to occur, with large 
departures from fixed-bed performance, 
for low gas rates. 

3. As gas velocity is further increased, 
significant recirculation of catalyst will 
get underway, which may in general be 
harmful to both conversion and selec- 
tivity. 

4, Continued increase in gas velocity 
brings about a corrective action in 
the turbulent intermixing between the 
dense and light phases, which limits the 
nonuniformity of gas and catalyst com- 
position and thus tends to bring the 
conversion closer to that for the fixed- 
bed operation again. 

The experimental results indicate that 
there is indeed a range of gas velocity 
where ‘there is a minimum departure of 
fluidized- from fixed-bed conversion. 
Comparison with the findings of other 
experimenters (18, 19) indicates qualita- 
tively similar results. Such behavior is 
not unlike that observed in bubble-plate 
fractionation, where the local efficiency 
goes through a maximum as vapor 
velocity is increased and for some of the 
same reasons as in the present case. 


Fluidization-effectiveness Factors 


The effect of fluidization on the appar- 
ent mechanism can be put into a more 
compact form through the use of fluidiza- 
tion-effectiveness factors, which are de- 
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the L/D or reactor diameter is increased 
independently. 


FLUIDIZED REACTOR MODEL 


It is possible to develop an approximate 
model of fluidized-bed behavior by 
reference to the flow behavior in the bed. 
The purpose of such a development is to 
aid in the understanding of the effects 
of fluidization on reaction kinetics. In the 
present model the fluidized reactor is 
assumed to be split into parallel com- 
ponents corresponding to the disperse 
and dense phases. The total feed stream 
and the total weight of catalyst are 
assumed to be distributed between the 
two reactors. Progressive gas flow in 
both sections and constant pressure and 
catalyst temperature conditions are as- 
sumed throughout the bed. Any im- 
provement in conversion over that 
realized in the separate phases acting 
independently is covered by introducing 
a pseudo mass transfer contribution 
formally based on the film theory of mass 
transfer but in reality a convenient 
mathematical starting point which direc- 
tionally may approximate the actual 
mechanisms of conversion improvement 
in the bed. To simplify the development 
the additional assumption of pseudo- 
first-order kinetics is made. This as- 
sumption is not so restrictive as may be 
thought on first consideration because a 
great many catalytic reactions can be 
fitted with the first-order mechanism if 
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fined by analogy with the diffusional- 
effectiveness factor for catalyst pellets 
(20) as the ratio of the W/F required for 
a given fixed-bed operation to that 
required for a fluidized operation at the 
same conversion level. Effectiveness fac- 
tors derived from the experimental data 
are given in Figure 5. EH; tends to go 
through a maximum value at the opti- 
mum gas velocity, and in general the 
maximum Hy, value decreases as either 
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the rate constant is taken as an empirical 
function of either conversion or reciprocal 
space velocity. The use of a more com- 
plicated mechanism is not warranted 
because of the limitations of the other 
assumptions. 

Figure 6 illustrates the development. 
In the volume element (A,AZ) of 
phase A, which can represent either the 
dense or disperse phase, the reactant 
concentration is the quantity (1 — 2,4) 
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where x is the conversion per unit mass 
of feed charged. For steady state con- 
ditions a material balance of the reactant 
over the volume element is as follows: 


Input 


1. Feed in 
Ni (moles per unit time) = 
— 24) 
2. Reactant transferred from phase B 
= (K4pA)[(1 Xp) 
(1 — 
where 
Kap is the interaction coefficient, 
moles per unit time per unit 
volume of bed per unit concen- 
tration difference between the 
A and B phases. 
A is the total reactor cross-sec- 
tional area. 
Z__ is the distance from the inlet. 


Output 
1. Feed out 
= Fa{l — + Aza)] 
2. Reaction 
r-AW4 
where 
r is the reaction rate, moles re- 
acted per unit time per mass of 
catalyst. 


AW, is the mass of catalyst in the 
incremental volume. 


Equating the input and output, passing 
to the differentiation limit, and simplify- 
ing gives 


+ (KapA)(x4 — dZ 
=r-dW, 
For the pseudo-first-order reaction, 


kk, 


(1) 


(2) 


where 

k’ = k/2*. 

kis the pseudo-first-order rate constant, 
gram moles per hour per gram of 
catalyst. 

x* is the equilibrium conversion. 


The amount of catalyst in the incre- 
mental section is given by 


dW. = Aspa dZ = Ha, dZ (3) 

where 
H, = A,pa, the catalyst loading factor 
or mass of catalyst per unit 


length of the reactor in 
phase A. 


Equations (2) and (3) are substituted 
into Equation (1); after rearrangement 
the following first-order differential equa- 
tion is obtained: 


dx 4 (KasA) + 
F, B (4) 
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A similar balance for the reactant in a 
differential element in the B phase 
yields a companion equation to Equation 


(4): 


_ (Kaz) | 
dZ 
(KavA) + _ Hak 


Equations (4) and (5) form a system 
of simultaneous ordinary first-order diff- 
erential equations which can be readily 
solved by use of the assumptions of 
progressive gas flow, constant tempera- 
ture and pressure, and constant average 
catalyst loading factors in each phase 
individually. The boundary condition is 

%4 = =0 when Z=0O0. 

The integrated conversions for each 
phase at a bed height Z are given as 
follows: 


-- E + (Ki 


tn 
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where 
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* 
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When the interaction coefficient is 
infinity, Equation (8) reverts to the 
pseudo-first-order-fixed bed relation: 


Il 

ll 


Ve 


One important characteristic of Equa- 
tion (8) is that for all physically possible 
values of K4, in the range 0 < Kyp < © 
the computed conversion will lie between 
the result for the channeling bed of 
Equation (9) and the fixed bed of Equa- 
tion (10), which indicates that the con- 
version for fluidized operations will at 
best equal the equivalent fixed-bed result 
according to this model. 

The reactor model may be extended 
to cover the cases of mass or heat transfer 
for comparable fixed- and fluidized-bed 
operations. The theoretical development 
in these cases is formally equivalent to 
that for reaction with the substitution 
of the proper driving forces and resistance 
terms. However, in every case the di- 
mensions of the interaction coefficient 
are referred to whatever driving force is 
effective in the particular operation. 
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Fig. 6. Model of fluidized-bed operation. 


the disperse phase and B to the dense 
phase: 


FP, = (Un;/u)F 


(11) 
and 
F,=F-—Fy; (12) 


The minimum fluidization velocity u,,, 
was determined in separate small-scale 
experiments in air in room temperature 
to be about 0.020 ft./sec. 

The catalyst loading factors were com- 
puted from the following relations, which 
were developed with the assumption that 
the dense-phase particle concentration 


+ V (Fa + + 2s — — PaHs)(KasA)k’ + — Falls) 
B 
2- INCH REACTOR 3- INCH 4- INCH REACTOR 
m= | | 
2 vel 
F;(m, — Ms) F3(m, M2) 3 = | L/O=1 
1,000 
Kx, — + Ps) + Palak! + am; 
K, = + Fs) + + FaF gm, | 
(KazA)(Fa + Fs) | | 
Note that Ci + C. = and K,C, + 3 7 | | | 
= | } | L/D=1/2 | | 
The over-all average conversion at any 08 


level can be obtained by combining the 
conversions in the individual phases 
according to the production ratios: 


Zz Pax, + 
F,+F> 


When the interaction coefficient K4, 
is zero, Equation (8) reduces to the case 
of separate parallel reactors without 
interaction, such as a completely chan- 
neling bed: 
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Fig. 7. Interaction coefficient as a function of average gas velocity in 


Interaction Coefficient Calculations 


The feed rate to each phase can be cal- 


culated if it is assumed that the amount 


of feed passing through the dense phase 
at any total flow rate is the same as that 
through the bed at minimum fluidization 
conditions, as suggested and _ partially 
verified by Toomey and Johnstone (21). 
On this basis, where subscript A refers to 
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fluidized operation. 


pep is a constant for all bed conditions: 


= (ppA)(Ag/A) (14) 


Pz Was assigned a value of 25 lb./cu. ft. 
from independent experiments in air at 
room temperature at the minimum 
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Fig. 8. Correlation between fluidization effectiveness factor and 


interaction coefficient. 


fluidization condition. The fraction of 
the bed occupied by the dense phase 
(A,/A) and the inverse expansion ratio 
(Lm;/L) were developed from data 
obtained in a separate photographic 
study of fluidization in small rectangular 
cells (12a). The application of these data 
to the determination of interaction co- 
efficients assumes that these relations 
can be extrapolated to the conditions of 
reactor size and fluid properties used in 
the kinetics experiments. 

The pseudo-first-order rate constant 
was obtained as a function of W/F ratio 
from a smoothed plot of constants calcu- 
lated by Equation (10) from the experi- 
mental fixed-bed conversions shown in 
Figure 2. 

When the feed rates to both phases, 
catalyst loading, and other data required 
were determined for a particular set of 
conditions corresponding to a_ given 
fluidized run, the interaction coefficient 
corresponding to the experimental con- 
version could be calculated from Equa- 
tion (8) by a simple trial-and-error 
process. A value of K4, was assumed and 
used to calculate an over-all conversion 
from Equation (8). This was compared 
to the actual conversion and, if these 
disagreed, the original K4, value was 
adjusted and the calculation repeated 
until agreement was obtained. 


Application to Kinetic Data 


Interaction coefficients calculated for 
the various fluidized runs are correlated 
with the bed L/D, reactor size, and gas 
velocity in Figure 7. As might be expected, 
the interaction coefficients go through a 
maximum at the most satisfactory 
fluidization velocity. In most cases the 
maximum coefficient decreases with an 
increase in L/D in a given reactor, and 
the maximum coefficients are approxi- 
mately inversely proportional to the 
reactor size for a fixed L/D condition. 
This last observation suggests that 
constant maximum coefficients would 
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obtain in all reactors at a constant bed 
height, and this is approximately true 
for the experimental data, but the general 
validity of this conclusion for reactor 
sizes outside the experimental range used 
here is uncertain. There is a general 
similarity between Figures 5 and 7, 
which suggests that the interaction 
coefficients may be simply correlated 
with the fluidization-effectiveness factors. 
Such a correlation is shown in Figure 8. 
The fact that in Figure 8 a reasonable 
correlation is obtained for all L/D, 
velocity, and diameter conditions offers 
some confirmation of the model as a 
directionally consistent description of a 
fluidized kinetic system. This model is 
obviously not an exact fit to actual 
fluidized bed behavior, but it is a simple 
picture which apparently gives direc- 
tionally correct results. 

The interaction coefficient can be used 
to calculate hypothetical conversion pro- 
files through both phases and the reactor 
as a whole by applying Equations (6), (7), 
and (8) to successive bed heights for a 
given run. Such a set of calculated profiles 
is shown in Figure 9. It is interesting to 
note the relation of the various calculated 
fluidized-bed profiles to the calculated 
fixed- and channeling-bed results. 


COMMENT 


Few data were found in the literature 
which could be compared with the 
present results. Resnick and White (18) 
investigated the mass transfer of naph- 
thalene from fixed and fluidized beds to 
a gas stream; however the fixed beds 
apparently were operated upflow at very 
low gas velocities, which eliminated the 
possibility of making a direct comparison 
of these data with the fluidized-bed 
results. If the outlet naphthalene con- 
centrations for fixed-bed operations are 
extrapolated into the fluidization-veloc- 
ity-region concentrations, it is found that 
they apparently are less than the con- 
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RELATIVE DISTANCE THROUGH REACTOR, Z/L 


Fig. 9. Comparison of different operating conditions in beds of 


fluid catalyst. 


centrations for fluidized operations, 
whereas the reverse result might be 
expected from the present kinetic study. 
The reason for the difference is not 
entirely clear. In one respect agreement 
between the two studies was obtained: 
Resnick and White observed a maximum 
in the exit naphthalene concentration as 
the gas flow was increased in their fluid- 
ized runs. The ratio of the velocity cor- 
responding to the maximum concentra- 
tion to the minimum fluidization velocity 
was about 20 to 1 for the finer (65 mesh) 
particles, and this roughly agrees with 
the value of this velocity ratio obtained 
in the present studies. 

Kivnick and Hixson (10) studied the 
reduction of nickel oxide with hydrogen 
in fluidized beds and found that the 
gas velocity influenced the specific rate 
of the reaction, which increased as the 
velocity increased. This is not in accord 
with the present results, possibly because 
mass transfer across the film surrounding 
the oxide particle limited the reaction. 
The effect of bed diameter or L/D was 
not reported. The lack of comparable 
fixed-bed experiments eliminated the 
possibility of using these data to define 
the effect of fluidization on the reaction. 

Some bed-uniformity determinations 
by Shuster and Kisliak (19) appear to be 
in qualitatitative agreement with the 
present results. In these experiments the 
degree of bed uniformity was measured 
by observing the minute fluctuations of 
a diaphragm in a differential-pressure 
instrument connected across the bed. A 
fluidization index, defined as being pro- 
portional to the average pressure-drop 
deviation divided by the frequency of the 
main fluctuations, was correlated for a 
given particle size and fluid with the bed 
expansion ratio, bed height, and tube 
diameter. Roughly the fluidization index 
appears to measure the ratio of the 
average bubble size to the mean bubble 
frequency. The experimental results 
showed that the index passed through a 
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maximum as the gas rate (bed expansion 
ratio) increased; this maximum occurred 
at bed expansions of 100 to 200% based 
on the completely compacted bed. The 
expansions corresponding to maximum 
indexes are equivalent to a gas velocity 
in the range of 0.2 to 0.5 ft./sec. for the 
present kinetics experiments, in agree- 
ment with the optimum velocities found 
in the present work. 

Shen and Johnstone (23) have recently 
reported the results of kinetic studies 
of the catalytic decomposition of nitrous 
oxide in fixed and fluidized beds. A 
manganese-bismuth-alumina catalyst was 
used. In the fluidized-bed runs catalyst- 
particle size, gas velocity, bed L/D ratio, 
and the reaction temperature were varied. 
The results were evaluated by use of two 
models of fluidized-bed behavior similar 
to the parallel reactor model proposed in 
this paper. In one case the gas in the 
dense phase of the bed was assumed to 
be completely mixed; in the other case 
progressive flow through the dense phase 
was assumed. The progressive-flow model 
is closer to the parallel reactor model 
considered in this paper. Both cases differ 
from the present parallel reactor model 
in that reaction in the disperse phase was 
not considered in the Shen and Johnstone 
models. For both their models “transfer 
coefficients” analogous to the present 
interaction coefficients were determined 
from the data. Interaction coefficients 
from the present study can be converted 
dimensionally to transfer coefficients by 
taking the product of the gas constant, 
absolute temperature, and _ interaction 
coefficient divided by the absolute pres- 
sure. For the progressive-flow model 
Shen and Johnstone correlated the 
transfer coefficients kp expressed in the 
modified Peclet group u/kpDp against the 
Reynolds number based on the average 
catalyst-particle diameter D,. Correla- 
tions for transfer coefficients from the pro- 
gressive-flow model were sensitive to bed 
L/D ratio and particle size. Dependence 
on these factors was eliminated by use of 
the dimensional group uL/kpD in place 
of the modified Peclet group. 

An attempt has been made to fit the 
present data to correlations of either of 
the types proposed by Shen and John- 
stone, with only moderate success. The 
data showed a high degree of scatter 
associated with variations in either 
reactor diameter or L/D ratio. A better 
fit was obtained by using the reactor 
diameter instead of the particle diameter 
in the Peclet number. The results of 
Shen and Johnstone’s and the authors’ 
data transcribed to this basis are shown 
in Figure 10. The two sets of data line up 
very well in order of magnitude. The 
chief difference is the curvature found in 
the correlation of the authors’ data as 
a result of the optimum-velocity effect. 
This contrasts with the linear correlation 
of the Shen and Johnstone results. The 
general agreement in the two sets of data 
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Fig. 10. Comparison of results of Shen and 

Johnstone (4.5-in. reactor, solid circles) 

with data of present paper (2-in. reactor, 

open circles; 3-in. reactor, open triangles; 
4-in. reactor, open squares). 


is surprising, as different reaction systems, 
catalyst, ete., were used and as the data 
were taken over different velocity and 
Reynolds number ranges. Also the fact 
that the transfer coefficients are defined 
by slightly different equations and 
evaluated by different techniques intro- 
duces additional uncertainty. Additional 
data on other systems must be obtained 
in order to fix the general applicability 
of these results. 
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NOTATION 

A = Cross-sectional area, square feet. 

D = Reactor diameter, feet. 

E, = Fluidization effectiveness factor 

F = Feed rate, moles per hour. 

H = Catalyst loading factor, grams 
per foot. 

K,4z = Interaction coefficient, gram 


moles per cubic foot per hour 
per unit conversion difference. 


k = Pseudo-first-order rate constant, 
gram moles per hour per gram of 
catalyst. 

k’ = Modified pseudo-first-order con- 
stant, k/x* 

L = Total bed height, feet. 

L/D = Bed height-to-diameter ratio. 

m = Channel multiplicity. 

N = Number of moles per unit time. 

i, = Reaction rate, gram moles re- 
acted per hour per gram of 
catalyst. 

T = Temperature of reactor, °F. 

U = Superficial linear gas velocity, 


feet per second. 
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W = Weight of catalyst, grams.’ 
W/F = Reciprocal space velocity, grams 
per gram mole per hour. 


x = Conversion, moles reacted per 
mole of feed charged. 

Z = Distance from reactor inlet, feet. 

T = Pressure, atmospheres absolute, 

p = Density, mass per unit volume. 

Subscripts 

A = Disperse phase 

Dense phase 

ch = Channeling bed 

fix = Fixed bed 

mf = Minimum fluidization condition 

Superscripts 


= Effective value 


— = Average or overall value 
Equilibrium value. 
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Prediction of Vapor-liquid Equilibrium Data 
for Binary Hydrocarbon Mixtures 
at Various Total Pressures 


BENJAMIN C.-Y. LU, University of Toronto, Toronto, Canada 


An empirical method is suggested which permits the prediction of vapor-liquid equilibrium 
data for binary hydrocarbon mixtures at various total pressures on the basis of equilibrium 
data at one constant pressure. This method has been tested with the vapor-liquid equi- 
librium data of six nonideal systems measured at twenty-one different experimental 
conditions. The total pressure range varies from 50 mm. of mercury to 4 atm. In all cases 
the predicted results are in good agreement with the experimental data. 


Data on vapor-liquid equilibrium are 
of great interest to chemical industries 
employing fractional distillation. In the 
literature a number of methods for repre- 
sentation of vapor-liquid equilibrium 
data have been suggested and reviewed 
(1, 2, 6, 7, 11), some of which have been 
useful for predicting or extrapolating 
z-y data. Recently Wehe and Coates (15) 
suggested a method for correlation of 
activity coefficients. Their method allows 
data taken on systems for which experi- 
mental results are available to be used to 
predict those for other systems on which 
only the boiling points of the pure compo- 
nents are available. They have predicted, 
for example, the z-y curve for the system 
benzene—n-butanol with the vapor-liquid 
equilibrium data of the systems benzene- 
methanol, benzene-ethanol, and _ ben- 
zene—n-propanol used as primary in- 
formation. Spinner, Lu, and Graydon 
(12) suggested. an empirical method 
which permits the prediction of the 
binary vapor-liquid equilibrium data 
(component 1-component 2) on the 
basis of other binary data for the two 
components, each with some third com- 
ponent (component 1-component 3 and 
component 2-component 3), and of 
ternary vapor-liquid equilibrium data 
with equilibrium data for two of the 
three binary systems used as primary 
information. 

To date full advantage has not been 
taken of data existing in the literature. 
The empirical method described in this 
paper extends the use which can be made 
of these available data by permitting the 
prediction of vapor-liquid equilibrium 
data for binary hydrocarbon mixtures at 
various total pressures if the equilibrium 
data at one constant pressure are known. 


ALGEBRAIC METHOD 


For binary systems Clark (2) suggested 
that the ratio of the mole fractions in one 
phase is a linear function of the ratio of 
the mole fractions in the other phase 
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when the ratios are used such that the 
components in larger amounts appear in 
the numerator. Thus, for high values of x1 


Yi/Y2 = ax,/t2 + b (1a) 


and for high values of 22, 
(1b) 


where x and y refer to mole fractions in 
the liquid and vapor, respectively. The 
quantities a, a’, b, and b’ are constants. 
Subscripts 1 and 2 refer to more and 
less volatile components, respectively. 
In order that the entire system may be 
continuously represented by these two 
equations, it is necessary that Equations 
(la) and (1b) have a point of contact 
at some values of x between 0 and 1.0 
where dy/dx are identical from both 
equations. This condition is satisfied when 


(aa’)'’”? + (bb’)'? = 1 (2) 


Yo/Y = + 


The sign of the quantities b and b’ and the 
term {bb’)!/2 is taken to be the sign of 


the quantity [1 — (aa’)'/2]. At the 
tangent point 
'b/ b’ 1/2 
=D @) 


~ 1 + (a’b/ab’)'” 


For an ideal case, where Raoult’s law is 
obeyed, 


1/a’ =a 


a 
and 


b= b’=0 


where a@ is the relative volatility. 

Equations (1a) and (1b) were used in 
this study and found to be excellent 
representations of the vapor-liquid equili- 
brium data for binary hydrocarbon mix- 
tures. 

The constants a and a’ of Equations 
(1a) and (16) may be expressed in the 
following manner, 


= (P,°/P2)r, exp(—A) (4a) 
and 


a’ = (P,°/P,°)r, exp (—B) (4b) 


where (P1°/P2°)7, represents the ratio 
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of the vapor pressures of the pure com- 
ponents at the boiling point of pure 
component 1 and (P,°/P,2°)7, represents 
the ratio of the vapor pressures of the 
pure components at the boiling point of 
pure component 2. A and B are constants. 

Ewell, Harrison, and Berg (3) have 
explained deviations of nonideal systems 
in terms of the hydrogen-bonding charac- 
teristics of the components. They have 
classified all binary hydrocarbon mixtures 
as “quasiideal” systems which always 
indicate positive deviations (the values 
of the activity coefficients are above 
unity) or follow Raoult’s law. The 
constants A and B of Equations (4a) 
and (4b) are positive numbers for positive 
deviations and zero for ideal systems. 
The method of prediction described in 
this paper is limited to the foregoing 
conditions. 


PREDICTION OF THE CONSTANTS @ AND a’ 


With the constants A and B obtained 
from the known vapor-liquid equilibrium 
data of the same system at one constant 
pressure used as primary information, 
the following empirical relations are 
proposed for the prediction of constants 
A and B of Equations (4a) and (4b) for 
a system at various total pressures: 


41+ 
= A 1+ 
1 + C(rx)'” 
1+ C(n)'” 


(5a) 


B,=B (5b) 


where 


A and B refer to the constants, calculated 
from Equations (4a) and (4b) for the 
known vapor-liquid equilibrium data 
at total pressure 7g, 

Az and Br refer to the constants for the 
same system at total pressure + 

wx refers to the total pressure under 
which the known vapor-liquid equili- 
brium data were determined 

mw refers to the total pressure under 
which the vapor-liquid equilibrium 
data are being predicted 

C is a dimension-correcting constant. 


If the units of 7x, 7, and C are taken to 
be atm., atm., and (atm.)~!/? respectively, 
then C is unity. Hence the constants a 
and a’ of Equations (la) and (1b) at 
various total pressures may be calculated 
by the following equations: 
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a = (P,'/P2’) 


1+ 
\-4 i+ 


and 

a’ = 

1+ 
1+ C(r)'” 


where 7,, and 7., refer to the boiling 
points of components 1 and 2, respec- 
tively, at total pressure 7. 


-exp {-B 


EVALUATION OF THE CONSTANTS 0b AND 0’ 


After the constants a and a’ have been 
obtained, two equations are required to 
evaluate the constants b and b’ of Equa- 
tions (la) and (1b). Equation (2) pro- 
vides one of them. The Redlich and 
Kister (10) relationship may be com- 
bined with Equations (la) and (1b) to 
provide the other. 

By definition, 


a= 


where y refers to the activity coefficients. 


1 1 
/ / log (P? /P.°) dz, 
0 0 


al 
ig log da, 
0 


Assuming that the vapor phase is an 
ideal gas mixture and the activity co- 
efficients are independent of temperature, 
Redlich and Kister have derived that 


log (y:/y2) dx, = 0 


) 


Therefore, 
1 
/ log a dx, 
0 
1 
= log dz, (6) 
0 


The right-hand side of Equation (6) may 
be taken as 


3[log (P,°/P2")r, + log 
Equation (1) may be rearranged to give 
fax, + b(1 — 

for D<2, <1 
(1 — — a’) + a’] 

for D> 2, 29 
where D refers to the value of a; at the 
tangent point as defined by Equation (3). 


Hence, 


2 [log r, + log 


1 
= / log a dz, 
0 


Qa 


R 
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Fig. 1. Predicted vapor-liquid equilibrium curve and data 
(6) for system heptane-ethylbenzene, at 100 mm. Hg. 
O experimental; — predicted. 


06 


0.2 


0.2 04 


0.6 0.8 1.0 
X 


Fig. 2. Predicted vapor-liquid equilibrium curve and data 
(6) for system hexane-toluene, at 300 mm. Hg. 
© experimental; — predicted. 
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+ D log D 
— (1 — D) log(1 — D) (7) 


Equations (2) and (7) may be used™to 
evaluate the constants b and 6’. This 
method involves a trial-and-error calcu- 
lation. 

As a first approximation, the constants 
b and b’ were calculated by means of 
Equations (2) and (8), with Equation 
(7) used to check the validity of this 
approximation. 


b/b’ = d/d’ (8) 
where 
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Fig. 3. Predicted vapor-liquid equilibrium curve and data 
(14) for system methylcyclohexane-toluene, at 400 mm. Hg. 


O experimental; — predicted. 


Fig. 5. Predicted vapor-liquid equilibrium curve and data 
(16) for system octane-ethylbenzene, at 50 mm. Hg. 


© experimental ; — predicted. 
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Fig. 4. Predicted vapor-liquid equilibrium curve and data 
(5) for system naphthalene-tetradecane, at 200 mm. Hg. 


© experimental; — predicted. 


4.606a {log 


log 


(9a) 


4.606a’ {log [a’(P,°/P2°) 


(9b) 


Equations (9a) and (9b) were derived by 
the combination of Equation (1) and 
Van Laar equations, as rearranged by 
Carlson and Colburn (1), at the limit 
concentrations 1 and 2, — 0). 
Complete derivations have been given 
by Clark (2). Since good agreements were 
obtained as shown in Table 2 (columns 
10 and 11), a second approximation was 
not required. 

This method of prediction has been 
tested with the vapor-liquid equilibrium 
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data of six nonideai systems measured at 
twenty-one experimental conditions. The 
total-pressure range varies from 50 mm. 
Hg to 4 atm. The vapor-liquid equilibrium 
data of these systems at l-atm. pressure 
were used as primary information. The 
vapor-pressure data used in this study 
were taken from the compilation of 
Stull (73). All the primary information 
used for prediction is listed in Table 1. 
The predicted values of the constants 
a, a’, b, and b’ of these systems at various 
total pressures are listed in Table 2. 
The precision of this method of prediction. 
is illustrated in Figures 1 to 6. The 
dotted lines on these graphs indicate 
the courses of the calculated curves when 
they are projected beyond the tangent 
point in the directions in which they 
become invalid. In all cases the predicted 
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Fig. 6. Predicted vapor-liquid equilibriuni curve and data 
(4) for system 2, 2, 4 trimethylpentane-toluene, at 4.06 atm. 


O experimental ; — predicted. 


results are in good agreement with the 
experimental data. 


SAMPLE CALCULATION 

The prediction of vapor-liquid equili- 
brium data for the system heptane-ethyl- 
benzene at a pressure of 100 mm. Hg, on 
the basis of the vapor-liquid equilibrium 
data at l-atm. pressure, illustrates the 
calculation. 

At l-atm. pressure, 


a = 2.34 
a’ = 0.276 
(P,°/P2’)r, = 3.10 
= 2.62 
a = 2.34 = 3.10 exp (— A) 
= 0.282 
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TABLE 1. PrimARY INFORMATION FOR PREDICTION 


Since this value is in good agreement -with 


Total 1log (P,°/P,° 
System pressure, a’ A B Pi, °C. allog (Ps /Ps de, 
P. 0 P. 0 ? ’ 0 0 - 
atm. Ts + log (P, = 0.584 
1. Heptane-ethyl- 1 2.34 0.276 0.282 0.326 3.10 2.62 98.4 136.2 4 second approximation is not required. 
benzene (6) ¢ The predicted vapor-liquid equilibrium 
2. Hexane- 1 2.65 0.228 0.390 0.300 3.92 3.25 68.7 110.6 curve and data (6) for this system are 
toluene (6) illustrated in Figure 1. 
3. Methyleyclo- 1 1.040 0.650 0.249 0.157 1.332 1.316 100.9 110.6 
ACKNOWLEDGEMENT 
ene (9) 
4. Naphthalenee 1 1.780 0.428 0.290 0.106 2.38 2.10 217.9 252.5 The author wishes to acknowledge the 
tetradecane (5) suggestions of Professor W. F. Graydon in 
5. Octane-ethyl- 1 1.116 0616 0.182 0.199 1.338 1.328 125.6 136.2 the course of this work 
benzene (16) 
6. 2, 2, 4-Tri- 1 1.040 0.540 0.300 0.282 1.403 1.395 99.2 110.6 LITERATURE CITED 
methylpen- 1. Carlson, C. H., and A. P. Colburn, 
tane-toluene (4) Ind. Eng. Chem., 34, 581 (1942). 
TABLE 2. PREDICTED ConsTANTts AT VaRtous ToTaL PRESSURES 
1 2 3 4 5 6 is 8 9 10 11 
ystem a a b (es) 4 fo log a dx, 
P, 
mm. Hg + log /2 
1. Heptane-ethyl- 100 ‘2.78 0.177 0.960 0.0931 4.20 3.51 41.8 74.1 0.584 0.588 
benzene (6) 300 2.53 0.220 0.676 0.0954 3.57 3.05 69.7 104.7 0.519 0.516 
2. Hexane-toluene (6) 150 4.00 0.165 1.367 0.0256 6.88 4.00 24.8 61.9 0.720 0.706 
300 2.89 0.201 348 0.0425 4.68 3.45 41.9 80.9 0.604 0.594 
3. Methyleyclohexane- 200 1.050 0.575 0.607 0.0819 1.459 1.415 59.6 69.5 0.157 0.165 
toluene (14) 400 1.041 0.611 0.536 0.0765 1.388 1.361 79.6 89.5 0.138 0.1388 
4. Naphthalene- 50 2.50 0.284 10 0.0118 3.97 2.98 124.9 158.5 0.537 0.511 
tetradecane (5) 100 2:19 0.306 PAPA 0.0150 3.36 2.80 145.5 178.5 0.487 0.475 
200 2.005 0.338 1.94 0.0162 2.94 2.57 167.7 201.8 0.439 0.425 
400 1.87 0.378 1.611 0.0159 2.62 2.34 193.2 226.8 0.394 0.380 
5. Octane-ethylben- 50 1.072 0.509 0.832 0.204 1.435 1.430 49.9 57.7 0.156 0.147 
zene (16) 200 1.095 0.559 0.267 0.178 1.389 es 745; 83.6 92.7 0.141 0.146 
500 1.111 0.600 0.219 0.153 1.361 1.341 1b W213 0.131 0.131 
atm. 
6. 2,2, 4-Trimethyl- 2.02 1.040 0.617 0.284 0.139 1.334 1.283 125.8 136.9 0.117 0.116 
pentane-toluene (4) 4.06 1.034 0.670 0.228 0.122 1,261 1.238 157.7 168.6 0.097 0.097 


a’ = 0.276 = (1/2.62) exp (—B) 
B 


At 100 mm. Hg, 


1+ 
1+ 


Il 


2.78 


a’ = (1/3.51) exp (—0.326 X 1.47) 


[log (4.20/2.78)}’ 


4.606 X 0.177 


= 
326 
= 0.194 
2 
0.362 1.47 Therefore, 
4.20 
3.51 


4.20 exp (—0.282 X 1.47) 


(aa’)' 


(bb’)' 


[log (3.51 X 0.177) 


x 


log (4.20/2.78) 


Use of Equation (2) gives 


(aa’)'”? + (bb’)'? = 1 


b/b’ = d/d’ = 2.00/0.194 = 10.3 


(2.78 X 0.177)" = 0.701 


” — 1 — 0.701 = 0.299 


0.960 
0.0931 


Substituting the values of a, a’, b, and b’ 


log (3.51 X 0.177) 


= 0.177 
Use of Equations (9a) and (9b) gives 
d = —4.606 X 2.78 

= 2.00 
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into Equation (7) yields 


1 
/ log a dx, = 0.588 
0 
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Liquid Extraction i an Agitated Vessel 


R. H. OVERCASHIER, H. A. KINGSLEY, JR., and R. B. OLNEY 


Shell Development Company, Emeryville, California 


This investigation was undertaken to show how the efficiency of solute transfer between 
two immiscible liquids is influenced by the type, size, and submergence and rotational 
speed of the impeller and the degree of baffling, residence time, and phase ratio. The 
system water—kerosene-n-butylamine solute was agitated in a continuous-flow 14%4-in. 
-diam. vessel using propellers, spiral turbines, and flat-blade turbines from 4 to 10 in. in 
diameter. The feed streams were introduced at the wall at the bottom of the vessel and 
left at the top of the vessel. 

On the basis of the power required for a given level of stage efficiency, the best agitator 
design is any impeller that has a diameter about 40% of the vessel diameter and is centered 
in the unbaffled vessel. Without baffles the impeller type and depth of submergence have 
little effect on performance. The power increase required by the addition of baffles is 
small at the highest stage efficiencies, especially with the larger radial-flow impellers, 
but may be severalfold at efficiency levels of 70 to 90%. This presumably results from the 
lowered mass transfer driving force caused by the increase in end-to-end mixing due to 
wall baffles. Whether baffles have such a large adverse effect if the feed is introduced 
into the impeller rather than at the vessel wall is not fully established, but there is some 
evidence that baffling is also undesirable in this case. For baffled operation, impeller type 
and submergence do affect performance. 

A correlation of stage efficiency is presented in terms of Reynolds number and power 
number. In addition, energy input per volume of total flow is correlated in terms of residence 
time and stage efficiency for one size of baffled propeller. 

Spot samples taken from the vessel showed large, random-concentration fluctuations 
out to 20 residence times and perhaps indefinitely. Reproducible results were obtained 


by taking time-averaged samples. 


Transfer of material between two 
immiscible liquid phases in an agitated 
vessel is a common operation in the 
chemical and petroleum industries. The 
power consumption of this operation has 
been well established by Rushton (7) 
and others as a function of impeller type, 
size, and speed; however, the effect of 
these variables on mass transfer has been 
largely ignored. A review of the litera- 
ture through 1954 shows that the numer- 
ous agitation studies do not include a 
single investigation of mass transfer 
between liquid phases wherein the scale 
of study was large enough to ensure 
some confidence in the results. Conse- 
quently, this study was undertaken to 
determine how mass transfer efficiency 
is affected by two classes of variables: 
first, the impeller and its operation and, 
second, the liquid-feed rate and phase 
ratio. The variables pertaining to the 
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impeller are the size, type, speed of 
rotation, its environment as determined 
by the location within the vessel, and 
the degree of baffling. 


APPARATUS 


The impellers tested may be seen in 
Figure 1 and are described in detail in 
Table 1. They included 4-, 6-, 8-, and 10-in. 
marine propellers, 4-, 6-, and 81-in. spiral 
turbines, and 6-, 8-, and 10-in. flat-blade 
turbines, which were operated in a vessel 
of 1434-in. diam. Operation of these impel- 
lers was studied with four wall baffles 
14 in. wide and without baffles. In addition, 
the spiral turbines were operated within 
deflector rings to form Turbo-Mixers, and 
one size (4 in.) was studied with and without 
a shroud. The use of a confining cover plate 
was studied with one size of propeller, both 
baffled and unbaffled. The other unbaffled 
impellers were operated with the cover 
plate installed to prevent vortexing, which 
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otherwise accompanies unbaffled operation. 
The effects of impeller submergence (the 
fraction of the total liquid depth to which 
the impeller is submerged) and off-center 
mounting were also investigated. Liquid 
depth could not be varied conveniently, 
and so all the runs were made with the 
liquid depth slightly greater than the vessel 
diameter. 

The feed streams were continuously 
extracted at total residence times of 1 to 
5 min. Two methods of introducing the 
feed streams were considered. The streams 
could be injected directly into the impeller 
or they could be added at the vessel wall 
at some distance from the impeller. Wall 
addition was selected for most of the work 
in this study because it is a closer approach 
to the type of flow prevailing in multistage 
extractors such as the rotating-disk (RDC) 
(5) or the Scheibel contactor (8). However, 
since impeller feed addition may be more 
widely used in single-stage agitated vessels, 
a few measurements were made comparing 
the two types of feed addition. 
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Fig. 1. Typical impellers. 
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Fig. 2. Flow diagram. 


EXPERIMENTAL TECHNIQUE 


A diagram of the equipment used in this 
investigation is shown in Figure 2. The 
kerosene feed, containing 0.25 wt. % n-bu- 
tylamine, was pumped from the feed- 
preparation tank through a rotameter to the 
mixing vessel, where it encountered a 
metered stream of city water, both streams 
entering the bottom of the vessel. The two- 
phase mixture flowed out of the vessel just 
below the liquid level to a centrifugal pump 
the discharge of which was throttled to 
maintain a constant level in the vessel. The 
mixture was then settled into clear phases, 
the water discarded, and the kerosene 
reused. 

The mixing vessel was 1434 in. I.D. and 
was operated with the liquid about 1834 in. 
deep (including a 2-in. dished bottom), 
giving an operating volume of 13.3 gal. 
Four wall baffles, each 114-in. wide, were 
attached to a cage which could be removed 
from the vessel for unbaffled operation. 
The cover plate was flat with a sealing 
gasket around the edge and a chimney 
through which the impeller shaft entered. 
The plate was positioned at the normal 
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air-liquid interface, thus maintaining the 
same operating volume. In order to ensure 
the complete absence of an air vortex within 
the vessel, the liquid was maintained in 
the chimney by control of the rate of 
withdrawal. Mass transfer samples were 
obtained by conducting a side stream of 
the two-phase mixture leaving the mixing 
vessel to a pipe cross of small volume which 
was packed with stainless steel matting of 
high void volume. Here a portion of the 
mixture was coalesced into two clear 
streams and the water phase withdrawn 
from the bottom of the cross and the 
kerosene phase from the top. By sampling 
these streams for 4 min., a time-averaged 
sample was obtained which was quite 
reproducible and in reasonable material 
balance. For the 187 runs in this study, 
the average recovery of solute was 96.7% 
of that present in the feed and the average 


and standard deviations from _ perfect 
material balance were 4.4 and 5.5%, 


respectively. 

Previously samples had been obtained 
by scooping a mixture from the vessel 
through its open top or collecting a sample 
from the exit line and quickly separating 
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the two phases. These runs, all at 1-min., 
residence time, indicated that even though 
steady state was reached in about 6 min., re- 
peat runs sampled after 11 min. showed poor 
reproducibility (a large percentage varia- 
tion in 1 — e). Many false leads were ex- 
plored before it was finally postulated that 
at steady state only the average concentra- 
tion level at a given point in the vessel is 
constant and that the instantaneous values 
fluctuate measurably about the average. To 
check this hypothesis, runs of 1-min. nomi- 
nal residence time were continued for 20 
min., during which many 400- to 600-ce, 
samples were scooped from the vessel. It can 
be seen from Figure 3 that the concentra- 
tions varied significantly out to 20 residence 
times and the stage efficiency varied ran- 
domly from 0.84 to 0.93 stage. The con- 
tinuous sampler described above was then 
devised, and all the results reported here 
are based on time-averaged samples. The 
majority of the runs were made for 10 min., 
which was a sufficient time to reach a 
steady state. The continuous sampler was 
operated throughout the run but samples 
were collected during only the last 4 min, 


An analysis of the effects of small errors 
on the calculated stage efficiency showed 
that it was necessary to measure the exit 
concentrations and the vessel temperature 
accurately. Most of the runs, therefore, 
were made with water supplied at 68°F. so 
as to minimize temperature effects. 


The power required to operate the various 
impellers was calculated from the motor 
speed and the torque required to restrain 
the motor on its ball-bearing torque table. 
The motor speed was controlled by a 
Thymotrol drive and indicated by a 
calibrated electric tachometer; the force to 
prevent rotation was indicated on a sen- 
sitive calibrated dynamometer scale. Cri- 
tical dimensions of each of the impellers 
are shown in Table 1. A comparison of the 
variously sized impellers shows that only 
the flat-blade turbines are geometrically 
similar throughout their size range. Among 
the other impellers there are differences as 
to the number of blades or size ratios. 
Nevertheless, it is believed that these 
differences do not affect the major conclu- 
sions of this work. The propellers were 
operated so that liquid was discharged 
downward, and the spiral turbines so that 
the convex side of the blade advanced. 
Mixing Equipment Company supplied the 
propellers and the design drawings for the 
flat-blade turbines. The Turbo-Mixer Divi- 
sion of General American Transportation 
Corporation supplied the spiral turbines 
and deflector rings. 


SYSTEM PROPERTIES 


The test system water—kerosene-n-butyl- 
amine was chosen because it was more 
difficult to disperse and extract than the 
system water-methyl isobutyl ketone- 
acetic acid, which had also been used to 
test several types of extractors. The system 
settled very quickly after agitation and no 
emulsion problems were encountered. At 
very low agitation intensities kerosene was 
the phase dispersed. When the agitation 
was increased to give efficiencies greater 
than about 0.75 stage, the system was 
composed of a fine dispersion of water and 
kerosene globules. Under these conditions 
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it was impossible to tell by visual inspection 
which, if either, phase was truly continuous. 
This could presumably be resolved by 
conductivity measurements, but these were 
not done. Holdup measurements were 
made in many of the tests without a cover 
plate (Table 3).f No holdup measurements 


sene as well as interfacial tensions for the 
liquid system are found in Table 2. 

The system n-butylamine-kerosene-tap 
water, while satisfactory, is not ideal for 
mass transfer measurements because of the 
possibility of .minor errors ‘in material 
balance and stage count. This is caused by 


TABLE 1. IMPELLER CHARACTERISTICS 


where b and m are constants and z and y 
are the weight fractions of amine in the 
water and kerosene phases, respectively. 
The slope m is a function of temperature. 
The intercept b, due in part to dissolved 
carbonate, changed slowly with time or 
usage and required an occasional redeter- 


Propellers 
Vertical Horizontal 
Diam., in True tip projected Calculated Avg. power function, C projected 
radius, in. blade height, pitch/ blade area, 
in. diam. ratio Baffled Unbaffled Off center sq. in. 
4 0.58 0.54 eS 0.31 0.25 _— 4.34 
6 1.08 1.07 1.33 0.42 0.28 0.37 11.0 
8 1.68 2.10 1.45 0.62 0.33 — 21.7 
10 1.82 1.07 0.90 0.25 0.18 — 33.7 
Spiral turbines 
Avg. power function, C Deflector ring 
Actual 
Nominal OD, Blade 4 Wall Deflector Ob. Blade 
size, in. in. Blades height, in. baffles ring Unbaffled in. in. height, in. Blades 
3 full length Mouth 0.8 
4 shrouded 3.9 +b aigeieh. (Max. 1.5 1.43 4.45 6.5 1.8 20 
4 open 3.92 4 0.75 — 1.75 0.95 4.45 6.5 1.8 20 
6 open 5.75 6 1.0 1.5 1.5 0.6 6.95 9.7 2.1 24 
8-1/2 open 8.6 6 1.72 1.86 — 0.5 
Flat-blade turbines 
Avg. power function, C 
Blade width Blade Disk diam., 
Diam., in. Blades (radially), in. height, in. in. Baffled Unbaffled 
6 6 1.50 1.20 4.00 5.1 1.35 
8 6 2.00 1.60 5.375 5.1 0.95 
10 6 2.50 2.00 6.75 4.9 
> 0-95 pret the presence of small amounts of soluble Tasie 2. Properties or SHELL SOLVENT 
E 0.90f- bicarbonates in the tap water. When 140 
amine is added to the system, a loss of Typical properties 
alkaline constituents (due to partial pre- 
Ravonene cipitation of the bicarbonates) occurs which Gravity, °A.P.I. 45. I 
Ae fe is not compensated for by a blank water Flash, tag OC 150 F. 
titration. Since the water used contained Aromatics (Stoddard) 2.0% 
= 0.080 about 12 p.p.m. Mg (HCOs)2 and 94 p.p.m. Kauri butanol value 34.5 
Water Ca (HCO;)2, the apparent amine balance Aniline pont 147°F. 
& should be about 97% and indeed the average A.S.T.M. distillation vs 
ee, balance for 187 runs was 96.7%. The IBP 378°F. 
vace| 15 effect on stage count is caused by the FBP 404°F. 
unprecipitated carbonate ion reacting and Measured physical properties 
Time, minutes rendering a small portion of the amine ; c : 
nondistributable. This results in a slight Temp., °F. Density, Viscosity, 
Fig. 3. Test of steady state; 6-in. propeller, overestimation of the distributable amine g./ce. cp. 
one-half submergence, four wall baffles, content of the water-layer samples, which 60 0.8048 1.488 
@ = 1.08 min., Ox/Qw = 1.57. displaces the equilibrium line to give a 70 0.38009 1.352 
positive intercept on the water-layer axis. 80 0.7970 1.232 


were made when the cover plate was used. 

The kerosene used in this investigation 
was Shell Solvent 140, which has a narrow 
boiling range and a low aromatic content. 
The solute, n-butylamine, was purchased 
from the Sharples Chemical Company. It 
has a minimum butylamine content of 
96.5%, a minimum initial boiling point of 
73.0°C., and a maximum final boiling point 
of 85°C. Additional properties of the kero- 


+Tabular material has been deposited as document 
5052 with the American Documentation Institute, 
Photoduplication Service, Library of Congress, 
Washington 25, D. C., and may be obtained for 
$1.25 for photoprints or 35-mm. microfilm. ,, 
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While this is not desirable, its effect on 
stage count is negligible (less than 0.005 
stage at the 0.9-stage level) as the water- 
extract end of the operating line is dis- 
placed the same amount as the equilibrium 
line. There is also a possible danger with 
this system of absorption of carbon dioxide 
from the air. However, calculations showed 
that there was essentially no chance for this 
to take place sufficiently to affect the 
material balance or stage count. 

At the low amine concentrations used, 
the distribution ratio for the system is 
represented by the equation 


= my+b 
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Interfacial tension (ring method) 


Kerosene-W ater-amine 


68°F. 
% wt. Amine Dynes/em. 
0 50 
0.25 39 
0.5 31 


mination. A typical value of the equilibrium 
line at 68°F. is 


= 2.78y + 0.000150 (1) 
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CALCULATION OF EFFICIENCY 


The conversion of stream-concentra- 
tion data to some index of extractor 
performance requires the use of an 
efficiency expression. Since the solvents 
are immiscible in the region of very low 
amine concentrations and the equilibrium 
line is straight, the problem is simplified; 
nevertheless, a choice must be made 
among at least the following three 
alternatives. 

1. The system is considered counter- 
current and the number of equilibrium 
stages calculated from the following 
equation (4), which gives the counter- 
current stage efficiency, €,. 


log MY2 — X + b 
= myi — + b (2) 
— Yr) 
Le — 


where m is the slope of the equilibrium 
line and x; and 2 are the amine concen- 
trations in the inlet and exit water and 
yz and y; are the amine concentrations in 
the inlet and exit kerosene, respectively. 

2. The system is considered cocurrent 
and the efficiency defined as the actual 
change in concentration of one stream 
divided by the change which would have 
occurred if the system had reached equi- 
librium at the intersection of the equili- 
brium line with the extension of the 
operating line. This results in the follow- 
ing equation 


Lo — ti + Myo — 
My2+b— 


Yi) (3) 


= 


where e¢, is the cocurrent stage efficiency. 

3. The system is considered cocurrent 
and the efficiency defined as the actual 
change in the concentration of one stream 
divided by the change which would have 
occurred if that stream had come to 
equilibrium with the other stream actu- 
ally leaving the mixer. This results in the 
following Murphree-type equations for 
each phase 


Lo — 


my, +b— (4) 


(e _ 


_mM(Y2 — Ur) (5) 


+ b — Xo 


For the case where x, = 0 (inlet water 
contains no amine) it can be shown that 
the various efficiencies are related as 
follows: 


and 
= (7) 
++ 
Lo 
or 
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1+) /(eu) w 
where 
— Y:) mW w 


(1, — Wx 


The choice of equation is somewhat 
arbitrary, as the mixer is neither purely 
countercurrent nor cocurrent; it ap- 
proaches cocurrent flow in the unbaffled 
case but it should be considered as a 
well-mixed stage when operated with 
baffles. The choice was finally made in 
favor of the countercurrent case [Equa- 
tion (2)], partly because the experimental 
mixer was usually thought of as part of 
a countercurrent multistage extraction 
process and partly because of undesirable 
features in the cocurrent cases. In case 
3 the undesirable feature is the significant 
efficiency difference, depending on which 
phase was chosen; in case 2 it is the poor 
resolution of runs near one theoretical 
stage. Runs which calculate out to 
efficiencies of 0.80 to 1.0 stage by use of 
Equation (2) generally lie between 0.9 
and 1.0 stage when Equation (3) is used. 
From a practical standpoint, the choice 
makes little difference since the major 
conclusions of this work result from the 
rather large differences in power required 
to reach a certain efficiency level for a 
given impeller. Changing the numerical 
values of efficiency will not affect the 
conclusions. i 


EXPERIMENTAL RESULTS 


A general tabulation of experimental 
results showing agitator speed and 
power, holdup, stage count, and solute 
material balance is contained in Table 3.* 
Of the various methods of interpreting 
the data, the use of plots of stage effi- 
ciency vs. the impeller power was most 
satisfactory. These allow a direct com- 
parison to be made between the various 
impellers and methods of operation on 
the basis of the power required to produce 
a given level of efficiency. They also 
show the increases in power occasioned by 
raising the level of efficiency. The power 
basis was chosen, as it determines part 
of the operating and capital equipment 
cost for a given operation. The power 
plotted in these figures is the impeller 
power, which is essentially the total 
extraction power as the kinetic energy 
of the entering liquid streams is negli- 
gible in this case. The mass transfer is 
that due to agitation by the impeller 
plus that due to liquid flow through the 
vessel, exit line, and sampler. The extrac- 
tion due to factors other than impeller 
agitation is 0.18 of a theoretical stage at 
a residence time of 1.08 min. 

For each new condition of operation 
(such as a new type and size of impeller), 


*See footnote on page 531. 
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impeller speed was varied to define the 
horsepower-efficiency curve in the region 
of 0.7 to 0.95 stage. This generally 
required at least four experimental 
points, and usually more. Smooth curves 
were drawn through the experimental 
points. The conclusions discussed below 
are derived from an examination of such 
summary curves. 


SIZE AND BAFFLING 


Figures 4, 5, 6, and 7 summarize the 
power-efficiency relationships at 1.08 min. 
residence time and impeller submergence 
of one-half liquid depth. On the basis of 
the power required for a given level of 
mass transfer efficiency, both size and 
baffling have large effects. The data show 
that in all cases operation without 
baffles required less power to reach a 
given efficiency level than operation with 
baffles. The difference in power between 
baffled and unbaffled operation is greatest 
in the case of the marine propellers, 
Figures 4 and 5, and least in the flat- 
blade turbines, Figure 7. In each of the 
impeller types the power difference is 
largest with the 4- and 6-in.—diam. im- 
pellers and smallest in the 8- and 19-in. 
impellers. The difference in power is 
significant in the case of the small 
impellers. For example, at efficiency 
levels of 0.7 to 0.9 stage, the 4- and 6-in. 
marine propellers require only one-third 
to one-quarter as much power without 
baffles as with baffles. In the case of the 
8- and 10-in. propellers the ratio is about 
one-half and in the 8-in. spiral turbine 
and flat-blade turbine it is essentially 
unity. Figure 8 shows the optimum 
impeller size for each impeller both with 
and without baffles. In the unbaffled 
state the coincidence of the curves for 
the 6-in.-propeller, flat-blade and spiral 
turbines shows the best design to be any 
impeller of about 0.4 tank diameter. In 
the baffled state the optimum sizes are 
larger than in the unbaffled case, and the 
impellers giving little axial flow (flat- 
blade and spiral turbines) are shown to be 
more effective than the marine propeller. 

The good results obtained without wall 
baffles are surprising. Previously baffles 
were considered essential for most mixing 
operations (1, 2) because they improve 
top-to-bottom mixing and, by maintain- 
ing similitude, may aid in scaling up 
designs from small experiments (6). 
The superiority of unbaffled operation in 
this case is believed due to a better 
utilization of the mass transfer driving 
forces. When baffles are present, axial 
flow is increased, especially with the 
propellers, and the entering feed streams 
are diluted with material nearer equi- 
librium, thus reducing the average mass 
transfer driving force. In the absence 
of baffles, end-to-end mixing is diminished 
and a swirling plug-type flow results 
which better utilizes the driving force 
and pérmits mass transfer at lower 
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agitation levels. Thus, if this postulate is 
correct, mass transfer in this case is a 
function both of the amount of agitation, 
which determines the drop size and tur- 
bulence inside and outside the drops, 
and of the degree to which concentration 
driving forces are utilized. 

The adverse effect of wall baffles might 
not have been great if the feed streams 


chad been introduced directly into the im- 


peller rather than at the wall, as was usu- 
ally done in this work. The high turbu- 
lence near the impeller might have accom- 
plished much mass transfer before the 
feed streams were diluted by end-to-end 
mixing, particularly with a system having 
high mass transfer coefficients. The effect 
of changing feed-inlet location was 
checked in an early series of experiments 
with the baffled 6-in. marine propeller 
at one-half submergence. The feed 
streams in this case were injected coaxi- 
ally upward at a velocity of about 10 
ft./sec. at a point 234 in. below the 
impeller. These data, unreported since 
they are based on spot samples and a 
previous batch of kerosene, showed that 
for efficiencies of 0.80 to 0.95 stage in 
the baffled vessel, introducing the feed 
into the impeller lowered the total power 
requirement about 50% relative to the 
wall-addition case at the same efficiency. 
However, the later work reported here 
for the same propeller shows that when 
the baffles are removed the power 
required to reach a given efficiency is 
reduced to about 25% of that with 
baffles. Thus when compared to a 
common standard, unbaffled operation 
with wall feed addition is superior by 
about 2 to 1 to baffled operation with 
impeller feed addition. Since the power 
requirement without baffles might be 
reduced even further if the feed were 
introduced into the impeller, the indica- 
tion becomes strengthened that baffles 
would be undesirable even with impeller 
feed addition. Actually the effects of 
impeller feed addition should be viewed 
as a separate, unresolved problem. It is 
possible that the best impeller size in 
the baffled case with impeller feed might 
be quite different from that indicated 
here with wall feed. However, there seems 
no reason to believe that at constant 
power the end-to-end mixing promoted 
by baffles would result in more efficient 
mass transfer than that obtained with 
cocurrent or countercurrent flowing 
phases. 


CORRELATION OF EFFICIENCY 


It will be noted that the preceding 
curves of power vs. efficiency are specific 
for a given impeller and cannot be used 
to predict the performance of an un- 
known impeller. Therefore it seemed 
desirable to attempt a general representa- 
tion of the stage efficiency. The impeller 
Reynolds number was tried first. This is 
defined as 
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Fig. 4. Marine propellers; one-half sub- 
mergence, 6 = 1.08 min., Qx/Qw = 1.57. 
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Fig. 5. Eight-inch marine propeller; one-half 
submergence, @ = 1.08 min., Qx/Qyw = 1.57. 
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Fig. 6. Open spiral turbines; one-half sub- 
mergence, @ = 1.08 min., Qx/Qw = 1.57. 
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Fig. 7. Flat-blade turbines; one-half sub- 
mergence, 0 = 1.08 min., Qx/Qyw = 1.57. 
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Fig. 8. Optimum impeller size; one-half sub- 
mergence, 0 = 1.08 min., Qx/Qw = 1.57. 
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Preliminary runs made without the 
benefit of temperature control showed 
that the Reynolds number affected the 
efficiency to the same degree whether the 
variable changed was viscosity (by a 
temperature change) or impeller speed. 
Thus the Reynolds number seemed to 
be a proper correlating variable although 
the density and viscosity were not varied 
intentionally in the runs reported here. 
A correlation of efficiency with Reynolds 
number was attempted, but, as the impel- 
ler size or baffling was changed, a series 
of curves was obtained whose sequence 
had no obvious relation to the impeller 
type or size. 

However, the work of Mack and 
Marriner (3) suggested that the efficiency 
might be a function of the Reynolds 
number and the dimensionless power 
function, which is defined as 


_ P¢. 
“= 


The power number varied over a twenty- 
five-fold range as impeller type, diameter, 
and baffling were changed. In the tur- 
bulent region the power function is very 
nearly constant over a wide range of 
Reynolds number for baffled operation 
and is affected only slightly by Reynolds 
number for unbaffled operation. Average 
values of C' were obtained from the power 
data for each size of impeller for baffled 
and unbaffled operation and these values 
are shown in Table 1. The following 
equation was then derived which repre- 
sents all the data for unbaffled and 
baffled propellers, spiral turbines, and 
flat-blade turbines from 4 to 10 in. in 
diameter when operated at 1-min. resi- 
dence time, one-half impeller submer- 
gence, and a kerosene to water volume 
ratio of 1.57: 


_, — 3:18 X_ 10% @) 
1 € = Re cs? D (9) 


where e is fractional stage efficiency, D 
is the vessel diameter, and n is zero for 
baffled operation and 1.6 for unbaffled 
operation. Actually (LZ/D)" is an em- 
pirical adjustment required to fit the 
unbaffled data. The Reynolds numbers 
for Equation (9) were calculated for each 
run from the fluid properties at the run 
temperature (nominally 68°F.). The 
fluids were assumed present as a fifty-fifty 
volume mixture since the holdup was 
usually about 50% in runs without a 
cover plate. Holdup was not measured 
in the runs with a cover plate. An average 
power number was used for each impeller 
rather than the individual run values 
since even in the baffled vessel they 
showed some variation. The equation 
represents the data fairly well considering 
the wide range of conditions covered 
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Fig. 9. Efficiency correlation: tests with four wall baffles; 
one-half submergence, 6 = 1.08 min., Qc/Qw = 1.57; 
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Fig. 10. Efficiency correlation: 


tests without baffles; 


one-half submergence, 6 = 1.08 min., Q</Qw = 1.57; 


= 218 _X 10% (2) 


“Res? 37 


and differing types of impellers. Of the 
total of 132 runs, six (CF, CH, CJ, EO, 
FO, and HO) are considered to be in 
error as they deviate badly from the 
original power-efficiency curve for the 
particular impeller. If these plus two 
others (runs GA and DN, which gave 
efficiencies of 0.4 stage or less) are omitted, 
the equation predicts the experimental 
runs with average and maximum devia- 
tions of 0.041 and 0.36 stage, respectively, 
for the baffled tests, and 0.067 and 0.51 
stage, respectively, for the unbaffled 
tests. These deviations are shown graph- 
ically in Figures 9 and 10. The observed 
efficiencies cover the range from 0.40 
to 1.0 stage although only 20% of the 
runs are below 0.7 stage and the deviation 
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here is larger than the average. An 
attempt was made to correlate the runs 
using over-all mass transfer coefficients, 
but this was not so successful as the cor- 
relation in terms of Reynolds number and 
power number. 


Residence Time 


With the 8-in. propeller operating at 
one-half submergence with four wall 
baffles, the horsepower-efficiency curves 
were determined at three residence times, 
1.08, 2.16, and 5.30 min. as shown in 
Figure 11. A cross plot of these data is 
shown in Figure 12 where specific energy 
(horsepower/total flow, gal./min.) is 
plotted against residence time. The 
points indicated are taken from the 
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Fig. 11. Effect of residence time; 8-in, 
propeller, one-half submergence, four wall 
baffles, Qx/Qy = 1.57. 
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Fig. 12. Specific energy consumption; 8-in. 
propeller, one-half submergence, four 
baffles, Qx/Qw = 1.57. 


curves of Figure 11, and the straight 
lines are plots of the following empirical 
equation, which gives specific energy in 
terms of residence time @(minutes) and 
stage efficiency e. 


hp. 
min, = 54 X 109 


+ 2.12 x (10) 


On a percentage basis, specific energy 
changes rapidly with residence time at 
low efficiencies but more slowly at high 
efficiencies. The average error resulting 
from the use of Equation (10) is 3.3% at 
efficiencies >0.7 stage. Whether this 
relationship could be used with other 
sizes and types of impellers is not known. 


Submergence 


The effect of the vertical location of the 
impeller along the central axis of the 
mixing tank was investigated for all 
three impeller types. (See Table 3.) 
When baffles are absent, the vertical 
placement of the impeller has no effect 
on the power-efficiency curve for any 
of the impeller types. 

For baffled operation, impeller sub- 
mergence of one-third liquid depth always 
gave the best results and three-fourth 
submergence the poorest. Although this 
effect is neither large nor incontestably 
established, it is consistent with the 
explanation given previously for the 
superiority of unbaffled operation in 
that the undesirable end-to-end mixing 
is most effective in the three-fourth 
submergence case (impeller near the 
feed inlet). 
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Phase Ratio 


The kerosene to water volume ratio 
in the feed streams was varied from 1 to 
2.5 while the 8-in.-propeller was operated 
at one-half submergence with four wall 
baffles and a 2-min. residence time. As 
seen in Figure 13, varying the feed phase 
ratio above and below the values used in 
most of this work produced only a minor 
change in stage efficiency. While this 
change in phase ratio is perhaps too 
small to justify a general conclusion 
(since the total flow was changed only 
from 50% kerosene to 70% kerosene), a 
wider variation was not attempted. 


Off-center Mounting 


One way to simulate the effect of 
baffles in an open unbaffled tank is to 
mount the impeller off center and thereby 
reduce swirl. This type of operation was 
tested with the 6-in. marine propeller 
mounted with its shaft vertical and with 
¥-in. clearance between the impeller tip 
and the vessel wall. (See Table 3.) The 
performance obtained was intermediate 
to that of the unbaffled and the baffled 
cases, but is closer to the former. This 
indicates that, although swirling is re- 
duced, axial flow is not increased as in the 
case of wall baffles. 


Deflector Ring 


A spiral turbine may be baffled by the 
use of wall baffles or by a concentrically 
mounted deflector ring as in a Turbo- 
Mixer. The 6-in. spiral turbine was tested 
at one-half submergence and 1.08-min. 
residence time with both types of baffling. 
(See Table 3). The the power-efficiency 
curves were identical regardless of which 
method of baffling was used or whether 
both were used together. 


Cover Plate 


A cover plate was used to prevent the 
formation of a vortex in the mixing 
vessel when it was operating without 
baffles. The effect of the cover plate upon 
efficiency was determined with the 8-in. 
propeller at one-half submergence and 
1.08-min. residence time both with and 
without baffles. (See Table 3.) As would 
be expected, no effect of the cover plate 
was noted during operation with baffles. 
In the case of unbaffled operation, only 
two determinations were made without 
a cover plate. These showed a smaller 
decrease in efficiency than would be 
expected in view of the decreased liquid 
residence time resulting from the deep 
vortex formed. However, operation with 
a vortex seemed so unlikely that this 
matter was pursued no further. 


CONCLUSIONS 


It has been established that in a 
continuous-flow, agitated vessel (1434-in. 
diameter) with feed introduction at the 
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wall, mass transfer at a given power level NOTATION 
is a function of impeller type and baffling 4 
as well as size and speed. Optimum results 


intercept of equilibrium line 


are achieved in the unbaffled vessel with Pg./L*N*p, di- 
impeller diameter equal to about 40% 

of the vessel diameter, with the three D = vessel diameter, ft. 

impeller types giving almost identical Ye = conversion factor, 32.17 (lb. mass) 
performance. The reduction in power (ft.)/(Ib. force) (sec.*) 

requirement with unbaffled operation is 4% = volume fraction of kerosene to total 
largest at efficiency levels of 0.7 to 0.9 liquid in the mixing vessel 

stage and is significant in the smaller size L = impeller diameter, ft. 


propellers but becomes insignificant in m = slope of equilibrium line 


the larger size spiral and flat-blade N = impeller rotational speed, revolu- 
turbines. It is believed to result from tions/sec. 


better utilization of the concentration y exponent in Equation (3); n = 0 
for operation with baffles, n = 1.6 
for operation without baffles 
impeller power, ft.-lb./sec. 
volumetric feed rate, cu. ft./min. 
Reynolds number, L?NVp/y, dimen- 
sionless 

volume of vessel, cu. ft. 

weight feed rate, lb./min. 

solute concentration in water phase, 
wt. fraction 

solute concentration in kerosene 
phase, wt. fraction 


Efficiency, stages 
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Fig. 13. Effect of phase ratio; 8-in. propeller ee 
ig. 13. ; 8-in. 
= =nominal residence time, V/ 
(Qk + Qw), min. 
AX = ratio of slopes of equilibrium and 
operating lin — 
differences existing in the feed streams. = w)/ 
Whether baffles would have an adverse 4 = geometric mean viscosity of liquid 
effect if the feed were introduced directly mixture, ux X py'-*, lb. mass/ 
into the impeller is not established. (ft.)(sec..) y 
However, there is some evidence that p = arithmetic mean density of liquid 
also be undesirable in mixture, hes + ~ 
For operation with baffles, the flat- = 
blade and spiral turbines required less 
power to reach a given efficiency level Subscripts 
than did the propellers. K = kerosene phase 
Mass transfer las been correlated in W = water phase 
terms of Reynolds number and power { = water phase in, kerosene out 
number for all runs at 1-min. residence 2 = water phase out, kerosene in 
time, both baffled and unbaffled. In 
addition, horsepower/total flow was cor- . 
Superscript 


related for one baffled impeller in terms 

of residence time and stage efficiency. * = equilibrium value 

The effects of phase ratio and the use 

of a cover plate are shown to be minor. 
With the spiral turbine, no difference 

was found among wall baffles, deflector 

ring, or both. Off-center, unbaffled 

location of a propeller is better than 43, 649 (1947). 

centered, baffled operation but not quite » Lyons, E. J., ibid., 44, 341 (1948). 

so good as centered, unbaffled operation. 3. Mack, D. E., and R. A. Marriner, ibid., 

The vertical location of the impeller has 45, 545 (1949). 

no effect upon the power-efficiency 4. Perry, J. H., ed., “Chemical Engineers’ 

relation in the unbaffled case, but when Handbook,” 3 ed., p. 554, McGraw-Hill 

baffles are present there is a small effect, Book Company, Inc., New York (1950). 

with the impeller locations farther away G. Chem. 

from the feed inlet being generally | pititon, J. H., abid., 48, 33, 95 (1952). 

Naturally, it is not known how the Everett, ibid., 46, 395, 467 (1950). 

effects of baffling and impeller submer-  g Scheibel, Edward G., ibid., 44, 681 

gence found in this study will be affected (1948). 

by changes in vessel size and arrangement 

or in liquid system. 
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Two-phase Flow of Hydrogen 


in Horizontal Tubes 


JOHN D. ROGERS, Los Alamos Scientific Laboratory of University of California, Los Alamos, New Mexico 


Semirigorous equations are developed for flow of flashing liquids in pipe lines. These 
relations are applied to the flow of hydrogen, and computed correlations are presented 
for the pressure drop and vapor fraction. The calculations have been carried out as func- 
tions of the parameters: diameter, 3/8 to 4 in.; mass rate per unit area, 0.0528 to 682 
Ib./(sq. ft.)(sec.); pressure, 14 to 30 lb./sq. in. abs.; vapor fraction, 0.005 to 0.65; and heat 
leak, equivalent to 0 to 0.0224 B.t.u./(sq. ft.)(sec.) for a 3/4-in. line. 


The ever-increasing use of liquid 
hydrogen requires a better knowledge of 
its behavior in transfer. Pressure drops in 
transfer lines can be approximated by the 
more simple methods of calculation for a 
single phase, but these methods do not 
suffice to describe such systems com- 
pletely, as various amounts of vaporiza- 
tion may occur under certain transfer 
conditions. The further problem of 
critical flow may appear at conditions 
appreciably different from those expected 
from simple approximations. 


THEORY 


One-dimensional flow equations have 
been developed after the pattern of 
Harvey and Foust (1). Three basic 
equations—the momentum equation from 
Newton’s second law of motion, the 
conservation-of-energy equation, and the 
continuity equation—combine to give 
the pressure drop and the rate of gas 
formation with pressure change as a 
function of diameter, mass rate, heat 
leak, and gas composition. The reduced 
form of the momentum equation is 


pg 


2 2,2 


1 
gDp, (1) 
The energy balance ‘+ given by 
[C, + 2(C,, — C)] dT + r dz 
pdu ,dze_Q 1 
gJ Lpua = 
and the continuity equation is 
_ up (10.71 ,, 
du = ( Tp, — p) dx 
10.71 
MpT upx(h d7 (3) 


These equations are derived in detail in 
the appendixes of reference 1. The fourth 
term in the momentum equation em- 
bodies the correlation of Lockhart and 
Martinelli (2) for two-phase flow, which 
is based upon data from experiments 
with air and various liquids as compo- 
nents of the flow system. The extension 
of the correlation to a boiling liquid was 
made by Harvey and Foust (1), and the 
broad assumption that such a correlation 
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applies to the flow of liquid hydrogen is 
the basis of this paper. 

The following assumptions are made in 
the derivation of the preceding equations 
in accordance with Harvey and Foust: 


1. That there is no radial variation of 
pressure, temperature, velocity, quality, 
density, and specific heat.* 

2. That the relative velocity between 
the vapor and liquid is zero.* 

3. That the vapor and liquid are in 
equilibrium. This is expressed mathe- 
matically by the vapor-pressure relation- 
ship of the Clausius-Clapeyron equation 


dp _ Kar 


(a 
and by the experimental data of Grilly (3) 

760 54.6509 
log 147? = 5.5567 — T 5 (5) 


for hydrogen where the second-order 
correction term has been dropped. 

4. That the pressure drop of a two- 
phase mixture can be predicted from the 
correlation of Lockhart and Martinelli 
(2). This correlation is expressed as 


2) 
(2 Pitt dL (6) 


where the liquid pressure drop is the 
common expression 
2 
fur 


and @ is a function of the liquid and gas 
mass rates, densities, and viscosities. 
The number in the denominator of 
Equation (7) includes the conversion 
factor from square feet to square inches. 
Lockhart and Martinelli have plotted ¢ 
vs. X for their experimental data where 
the latter is defined as 


x= 
W, Pi Mg 


10.717 p,/  \u, 


The velocity’of the liquid is defined as 


(8a) 


up 
u, = (1 — 2) — (9) 
Pi 
*It is. recognized that these assumptions are 


valid only in the limit for “froth” flow which exhibits 
a high degree of mixing and subdivision. This implies 
an expected increase in reliability of the correlations 
at the lower quality values. 
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and combination of (6), (7), and (9) 


where Rk, = D/4 gives 
(22) _ = 
aL TPF 72gDp, ) 


5. That the hydrogen gas behaves as 
a perfect gas. 


p _ 10.717 


Pg M 


6. That the heat leak is uniform along 
the transfer tube. 
7. That the average density is given by 


(11) 


(12a) 
p Pi Po 
and by substitution of (11) into (12a) 
1 , 10.71Tx 
12b 
p Mp am 


The friction factor (4) used in the pre- 
ceding equations is defined for turbulent 
flow as 


f = 0.046/Re,°” (13) 


where the Reynolds number is given by 


Re = 
Msi 


for 5000 < Re < 200,000. 

Solution of Equations (1) to (4) by 
simple substitution and rearrangement 
yields the expressions shown as Equations 
(15) and (16) for reciprocal pressure drop 
and for rate of change of quality with 
pressure for Zero change in potential 
energy. 

For purposes of numerical calculation 
certain of the physical properties—liquid 
density, specific heats, latent heat of 
vaporization, and viscosities—have been 
assumed constant. Equations (15) and 
(16) have been further reduced into terms 
of p and p; by substitution of u = w/Ap 
with equation (12b) and by substitution 
for T using equation (5). The area, A, 
in turn, is expressed in terms of diameter. 
The final equations after the substitutions 
indicated above are as shown in (17) and 
(18). 

The ¢ term is obtained from the plot of 
Lockhart and Martinelli and for com- 
putational purposes was fit by the follow- 
ing equations: 


= 13.054X7*** + 2.5166 
0<xX <09 
09<xX 


Two supplementary equations for the 
reciprocal pressure drop for the single 


(14) 
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phases, liquid and gaseous, for hydrogen 
are as follows: 


dL 4.8 
( = 147(10°) (19) 


from Equations (7) and (13), and 


dL 
(4) = 1041p(3.844 — log p) 
(20) 


from Equations (5 and 11) and (7 and 13) 
based on the gas. 

The numerical results obtained by 
use of these equations have been reduced 
to eighteen graphs.* 


APPLICATION OF THEORY 


The problem of two-phase flow of 
hydrogen in horizontal tubes has been 
treated theoretically above. The following 
mass rates: w = 0.0044, 0.090, 0.180, 
0.265 and 0.420 Ib./sec.; diameters: 
0.028, 0.0625, 0.1666, and 0.3333 ft.; and 
vapor fractions: 0.005 to 0.65 quality 
were selected for hydrogen transfer. Each 
individual mass rate was considered 
separately with each diameter parameter. 
These arbitrarily chosen sets of param- 
eters were considered in turn in combina- 
tion with heat leaks equivalent to the 
following for the 0.0625-ft. diameter 
line: Q/L = 0, 3.6(10)-4, and 4.4(10)-3 
B.t.u./(ft.)(sec.). [These correspond to 
heat leaks per unit area of 0, 1.83(10)-3, 
and 2.24(10)-? B.t.u./(sq. ft.)(sec.)] Heat 
leaks for the other transfer lines were 
obtained from these by multiplying by 
the ratio of the diameters. In practice, 
liquid hydrogen is transferred through 
vacuum-jacketed tubes with a minimum 
of conduction losses; hence the heat leaks 
are relatively small. 

The two simultaneous equations [(17) 
and (18)] were solved together with the 
integral equation 


D2 
ae 
vs, Ep 
by means of an I.B.M. 701 computation. 
The lower limit on vapor composition was 
arbitrarily chosen as 0.005 quality instead 
of zero as the X term of Lockhart and 
Martinelli goes to infinity as x goes to 
zero. [See Equation (8b).] Pressure 
decrements of 0.250 Ib./sq. in. starting at 
initial inlet pressures of 30, 24, and 16 
Ib./sq. in. abs. were used for machine 
calculations. The calculation was ter- 
minated at x = 0.65 (as it became neces- 
sary to carry the ¢;,, vs. X plot of Lock- 
hart and Martinelli unreasonably far for 
most cases), at p = 14, or at either 
dL/dp or dx/dp = 0, whichever occurred 
first during the course of the I.B.M. run. 

The results of the I.B.M. calculations 
were reduced to graphs of length of 
horizontal transfer tube AL vs. pressure, 

*Supplementary material has been deposited as 
document 3732 with the American Documentation 
Institute Photoduplication Service, Library of 
Congress, Washington 25, D. C., and may be ob- 


tained for $2.50 for photoprints or $1.75 for 35-mm. 
microfilm. 


Page 537 


| 
E 
| 
| | 
| 
| le 
is 
| > 
= 
ES 
“3 | 
| 
SL 
= 
& 
< 
kas 
| 
|< 
| 
S| | 
| | 
| | 
+} 
| | 
RSS 
SIS 
0.9 
26 
the 
ngle i 


TABLE 1. 


Diameter, ft. 


Mass rate, lb./sec. 


Heat leak, B.t.u./ft.(sec.) 


‘Critical flow occurred with AL extremely small 


0.028 
0.028 


0.265 
0.42 


0, 1.6(10)~4, 1.98(10)-* 
0, 1.6(10)~4, 1.98(10)—* 


Extremely low dz/dp and dp/dL leading to lengths of transfer tube in gross excess of 3,000 
ft. before the machine computation was terminated as stipulated in the text. Any prac- 
tical length of transfer line specified would lead to a negligibly small pressure drop. 


0.0625 0.0044 
0.1666 0.0044 
0.1666 0.090 
0.1666 0.180 
0.333 

0.333 


with diameter, mass flow, and heat leak 
held constant. Typical plots are shown 
in Figures 1 and 2 with constant-quality 
lines indicated. These quality lines were 
most often drawn as straight lines, as the 
actual curvature was negligible. Figure 2 
shows a critical flow boundary encoun- 
tered with the mathematically computed 
pressure drop approaching infinity in the 
limit. In some cases, where several heat 
leaks for a given mass flow and tube 
diameter contributed in an _ almost 
identical manner to the pressure-drop 
and quality change (the mass flow effect 
was most significant), the data were 
consolidated onto a single graph. Despite 
the numerous combinations of diameters, 
mass flow rates, and heat leaks with 
pressure and quality as variables to 
determine a length of transfer tube, only 
eighteen graphs were developed. The 
remaining data were not reduced to 
graphs on the basis shown in Table 1, 
which is self-explanatory. The use of 
the graphs is simple, with a point on the 
abscissa (c = 0.005) representing the 
inlet to the transfer line. The points along 
the AL vs. pressure curves give directly 
the pressure from the abscissa, the cor- 
responding length of transfer line from 
the inlet to that point from the ordinate, 
and the quality from the parametric 
cross plot of weight fraction. 


CRITICAL FLOW 


Schweppe and Foust (6) have derived 
equations for critical flow and have 
indicated that when either dL/dp or 
dx/dp approach zero the conditions for 
eritical flow are satisfied. The first is 
shown in Figure 2 and the second cri- 
terion was not encountered in these 
calculations. Conditions which would lead 
to a limiting flow situation with dz/dp 
near zero were indicated to exist for the 
very low mass flow rates with consider- 
ably higher heat leaks than those treated 
herein. 
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0.0044, 0.090, 0.18, 0.265, 0.42 
0.0044, 0.090, 0.18, 0.265, 0.42 


0, 3.6(10)-4, 4.4(10)-3 
0, 9.6(10)~4, 1.17(10)-2 
0, 9.6(10)~%, 1.17(10)-? 
0, 9.6(10)- 

0, 1.92(10)-8, 2.34(10)-2 
0, 4.8(10)-8, 5.9(10)-2 


D=0.0625 
S00 F w-0.090 LBS/SEC. 
= 3.6(10)"* Btu 
FT. SEC 


32 30 28 26 24 22 20 18 16 14 
PRESSURE, LB/SQ. IN. ABS. 


Fig. 1. Length of transfer tube vs. pressure 
with constant quality lines. 


Ds0.028 FT. 
W#0.180 LBS/SEG | 
0.91.98 
FT-SEC \z 
o7 
be 
06 | = 
| 
= \ 4 
| 
4 
0.3}- \% 
\ =, 
0.2 }- 4 
S 
° 
32 30 28 26 24 22 20 18 16 14 


PRESSURE, LB/SQ.IN. ABS. 


Fig. 2. Length of transfer tube vs. pressure 
showing the critical flow boundary. 


NOTATION 


Equations (17) to (20) are in English 
units. Some conversion factors are in- 
cluded in the Notation for convenience 
in reducing data to metric units, which 
are in common use in the cryogenic 
laboratories of the nation. The logarithms 
of the equations are to the base 10. 


A = cross-sectional area of transfer 
tube, sq. ft. 
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Co, = specific heat at constant pres- 
sure = 2.484 B.t.u./(Ib.)(°R.) 
= 4.968 cal./(mole) °K.) 

C; = specific heat of liquid = 2.25 
B.t.u./(Ib.)(°R.) = 4.50 cal./ 
(mole) (°K.) 

D = inside tube diameter, ft. 

f = friction factor. 

g = g- = conversion factor = 32.2 (lb.- 
mass) (ft.) /(Ib.-force) (sec.?) 

J = mechanical equivalent of heat 
= 778 ft.-lb. 

K = constant in the Clausius-Clap- 
eyron equation, \M/1.986 

L = length of transfer tube, ft. 

M = molecular weight, lb./mole. 

Q/L = heat leak per unit length of 
tube; B.t.u./(ft.)(sec.) = 8.268 
cal./(cm.) (sec.) 

R = universal gas constant = 1.986 
cal./(°K.)(mole) = 10.71 
(Ib.) (cu. ft.) /(sq.in.)(°R./mole) 

Ruy = hydraulic radius, A/P,,, ft. 

? = absolute pressure, lb./sq. in. 
abs. 

Py = wetted perimeter, ft. 

T = temperature, °R. 

u = average velocity based upon 
mean two phase density, ft./ 
sec. 

w = mass flow rate; lb./sec. = 
1.631(10°) g./hr. 

x = quality (or weight fraction gas) 

2 = elevation head, ft. 

p = density of the two-phase sys- 
tem; lb./cu. ft. = 0.0160 g./cc. 

pr = density of liquid = 4.41 lb./ 


cu. ft. = 0.0705 g./ce. 

X = parameters derived by Lock- 
hart and Martinelli (2) 

git: parameter based on pressure 
drop for liquid flowing alone, 
botk: phases turbulent 


d = latent heat of vaporization = 
194 B.t.u./lb. = 215.8 cal./ 
mole 

= viscosity of gaseous = 


7.40(10-7) Ib./(ft.)(sec.) = 11 
(10-8) poises 

My = viscosity of liquid H: 
(10-*) Ib./(ft.) (sec.) 
(10-8) poises 


8.75 
130 


Subscripts 

g = gas phase 

l = liquid phase 

TPF = combined two-phase flow sys- 


tem 


LITERATURE CITED 


1. Harvey, B. F., and A. 8S. Foust, Chem. 
Eng. Progr. Symposium Ser. No. 5, 
49, 91 (1953). 

2. Lockhart, R. W., and R. C. Martinelli, 
Chem. Eng. Progr., 45, 39 (1949). 

3. Grillvy, E. R., J. Am. Chem. Soc., 73, 
843 (1951). 

4. McAdams, W. H., “Heat Transmission,” 
p. 119, McGraw-Hill Book Company, 
Ine., New York (1942). 

5. Schweppe, J. L., and 
Chem. Eng. Progr., 
No. 5, 49, 77 (1953). 


A. S. Feust, 
Symposium Ser. 


December, 1956 


atic 
| wit 
qu 
mi 
Qu 
sce 
of 
u. 300 & fu 
& tw 
4 
de 
fa 
100 a 
ta 
eT 
d 
a 
a 
t 
| 
) t 
— | 
|_| 


Single-phase Blending of Liquids 


Previous investigations of mixing oper- 
ations were concerned, for the most part, 
with determining what power was re- 
quired to achieve a designated degree of 
mixing with various mixing devices (1). 
Quillen (2), Hixson and Smith (3), and 
Rushton (4) have commented on the 
scarcity of published data on blending 
rates and mixing time, and Hixson and 
Smith (3) have suggested the need for 
further work on mass transfer rates be- 
tween miscible liquids. 

The present investigation, assuming 
that the time required to achieve the 
desired degree of mixing was an important 
factor of any mixing problem, developed 
a method to measure this time interval, 
or mixing time, for a complete degree of 
mixing. The effects on this mixing time of 
tank dimensions, fluid properties, diam- 
eter and velocity of mixing jets, and the 
diameter and rotational speed of square- 
pitch marine propellers were investigated. 
General equations were developed to 
correlate all the measured mixing times 
and the above-mentioned variables. Cal- 
culation of mixing time by the develop- 
ment and use of the mixing-time factor 
as a function of the Reynolds number is 
the key to correlation of all the data. 
Use of the mixing-time factor in mixing- 
time calculations is analogous to use of 
the friction factor in friction-head-loss 
calculations. The appropriate mixing- 
time factor is determined from a Rey- 
nolds number and then combined with 
the geometry and dynamics of the 
blending system in order to calculate the 
mixing time. 

The equations which were developed 
are believed to be generally applicable 
to the blending of any miscible Newton- 
ian liquids having equal densities and 
viscosities. It is important to note that 
small differences in these liquid properties 
were deliberately excluded or minimized 
in this work. Rushton (7) has noted that 
density differences can greatly affect 
mixing time, and the equations should 
not be applied to blending of liquids 
having appreciably large differences in 
densities or viscosities until the effects 
of these variations are further explored. 

It was found that liquid blending is a 
function of the flux of momentum of 
the mixing device, rather than the power 
input. In fact, the same mixing result in 
a given blending operation can be 
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achieved with various power inputs by 
changing the diameter and speed of a 
propeller mixer or the diameter and 
velocity of a mixing jet. A large, low- 
speed propeller or jet can produce equiva- 
lent mixing results with less power than 
is required with a smaller, higher speed 
propeller or jet. 


DEFINITION OF TERMS 


1. Degree of Mixing: the uniformity of 
composition which is desired in the finished 
mix or blend. To be precisely stated, it 
should include the size of sample to be 
considered, the limits of variation from the 
average value which it is desired to maintain 
for any one ingredient or property, and 
the required percentage of samples which 
must fall within these desired limits. 

2. Terminal Mixing: a specific degree of 


E. A. FOX and V. E. GEX 


ti, Ohio 


mixing achieved at the time when uni- 
formity of composition in the specified 
sample size, within the precision of the 
instrumention used, is no further changed 
by additional mixing. This is something 
less than absolutely complete mixing, which 
implies homogeneity even to the molecular 
level. 

3. Mixing Time: the time required from 
the start of a mixing or blending operation 
to the time when terminal mixing is 
achieved. 

4. Turbulent Mixing: that type of mixing 
which results when the Reynolds number 
of a jet is greater than 2 X 10° or when the 
Reynolds number of a propeller is greater 
than 104. 

5. Incipient Laminar Mixing: that type 
of mixing which results when the Reynolds 
number of a jet is between 10? and 2 X 10? 
or when the Reynolds number of a pro- 
peller is between 10? and 104. 


yt d, 


ENE EQUATION TO DETERMINE JET MIXING TIME 


LFT. DIA. TANK 
| arr TANK | | 
5 10” 


f, = MIXING -TIME- FACTOR FOR JETS* : 


2 


5 10 


= JET REYNOLDS NUMBER= 


Fig. 1. Correlation of all data to determine jet-mixing-time factor (fo). 


le, 

© IFT. DIA. TANK 
[= @ SFT.DIA.TANK 
I4FT.DIA.TANK 
_ @L33FT.DIA.TANK 


fp PROPELLER MIXING-TIME-FACTOR 


~ THE EQUATION TO BE SOLVE 


FOR PROPELLER MIXING TIME 
fp y2 dy 
ge 
f, FROM GRAPH BELOW 


t= 


2 
Np, = = PROPELLER REYNOLDS NUMBER 


Fig. 2. Correlation of all data to determine propeller-mixing-time factor (f,). 
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EQUIPMENT AND MEASUREMENTS 


Laboratory mixing data were taken in 
cylindrical vessels 1 and 5 ft in diameter. 
The smaller tank was made of glass, and 
the larger of steel painted white on the 
inside. The number of test runs made in 
the 1-ft. tank was 220; in the 5-ft. tank, 
110. Other data at a factory installation 
were obtained from a steel tank of 14-ft. 
diameter and height; six test runs were 
made in this tank. The batch liquids tested 
separately were water, glycerol, and vege- 
table oils. 

For the laboratory data, terminal mixing 
was determined by visual interpretation; 
for the factory data, terminal mixing of 
hardened and unhardened oils was deter- 
mined by the equilibrium point of the 
iodine values. 

The visual method of determining ter- 
minal mixing in the laboratory was as 
follows. The tank was filled with a liquid 
and a saturated solution of phenolphthalein 
was added. Sodium hydroxide solution, 2N, 
was then added until the pH reached the 
range (7.9 to 8.1) where the red color of 
the indicator became evident. A small 
amount of 2N hydrochloric acid was then 
added until the faint pink color just dis- 
appeared. With the batch mix at equili- 
brium, a measured amount of lye was 
added which made the contents a deep red. 
The mixing equipment was then put in 
motion long enough to achieve equilibrium. 
Then an exactly equivalent amount of the 
neutralizing acid was added instantane- 
ously; at the same instant a stop watch 
was started (the acid having been premixed 
with glycerine so as to be quite close to the 
density and viscosity of the batch mix into 
which it was placed). When the very last 
wisp of red color was observed to disappear, 
the watch was stopped and the elapsed 
time recorded. The degree of mixing which 
was attained at this instant cannot be 
easily defined mathematically but the 
method is more complete and more stringent 
than any known method of analyzing 
samples and establishing a standard devia- 
tion. The fact that the very last wisp of 
red color which can be visually observed is 
isolated and located at a different position 
in the tank for different flux of momentum 
strongly supports this argument. 

The method of iodine value for deter- 
mination of terminal mixing in factory 
operations was as follows. A small amount 
of hardened oil was added to a large amount 
(15,000 gal.) of unhardened oil. The mixing 
equipment was put in motion and a stop 
watch started simultaneously. Samples 
(60 ce.) of the mixed oils were drawn at 
30-sec. intervals each from three strategic- 
ally located sample ports for a period of 
20 to 30 min. The sample ports were kept 
freely flowing throughout a test run. The 
samples were analyzed in the laboratory for 
iodine value, and a plot of iodine value vs. 
time indicated the terminal point at which 
there was no variation greater than the 
possible error of the test instrument 
(+0.5 I.V. index). 

The velocity at the jet exhaust was 
calculated from measured flow rate and 
jet diameter. Flow rates were measured 
with standard orifice-or with a rotameter. 

It should be pointed out that the mixing 
time reported for all laboratory tests (with 
the 1- and 5-ft.-diam. tanks) is that asso- 
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Fig. 3. Slope for exponent of jet velocity (turbulent regime), 
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Fig. 4. Slope 


ciated with the large batch already in 
equilibrium of motion, to which a small 
amount of tracer fluid is added. In the 
factory tests (with a 14-ft.-diam. tank) 


Jets 


1. d, = tank diameter 

2. y = depth of liquid in the tank 
3. Do = jet diameter 

4. Vo = jet velocity 

5. w = batch liquid viscosity 

6. p = batch liquid mass density 
7. 9 = gravitational acceleration 


that is: 


t = Do, Vo, By Py g) 


this was not possible, and hence the mixing 
time is that associated with the batch 
mixing started from standstill. 

The viscosities in the higher ranges were 
measured with a Brookfield viscometer; 
in the lower ranges of viscosities, the 
Rich-Roth Ultra-viscoson was used. 


PROCEDURE 

Two basic types of mixers were investi- 
gated: jet mixers and three-blade square- 
pitch propellers. In the jet system fluid 
was recirculated from the tank to the jet. 
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PROPELLER SPEED, R.PM. 


for exponent of propeller rotational speed 
(turbulent regime). 


In both propeller and jet testing, the mass 
of fluid in the mixing vessel for any one 
test run was constant. The seven independ- 
ent variables assumed to affect mixing 
time (t) were 


Propellers 


ll 


tank diameter 

= depth of liquid in the tank 
propeller diameter 

= rotational speed of propeller 
batch liquid viscosity 

= batch liquid mass density 
gravitational acceleration 


~ 


ll 


ll 


~ 
| 


fa, D,, N, Py g) 


For each device all variables except one 
were held constant for a series of runs. The 
exponent of this variable was determined 
by plotting mixing time as a function of this 
variable on log-log paper. Typical series 
are shown in Figures 3, 4, and 5. Each plot 
approximated a straight line, and accord- 
ingly all were assumed to be straight lines. 

The exponents of four of the seven 
numbered independent variables _ listed 
above were in each of the four cases. (tur- 
bulent and incipient laminar: regimes for 
both jets and propellers) determined in the 
foregoing manner. The exponents of the 
remaining three variables were then unique- 
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MIXING TIME, SECONDS 


) 


1000 


+ ly fixed by dimensional analysis. This 
\ having been done, the exponent of the 
_ fifth variable, viscosity, was experimentally 
determined. Agreement of the exponent of 
viscosity by both methods was considered 
‘ a good check on the accuracy of the in- 
200 % vestigation. 
3 A It was only after a limited number of 
$ wt 32 test runs had been made that it became 
a \ apparent that there were distinct turbulent 
ry XK and incipient laminar regimes of mixing. 
E56 Consequently, exponents were determined 
@ for jets and propellers in both regimes, as 
3 illustrated by Figure 6 for viscosity. The 
ad \ ranges of variables investigated were as 
\ follows: 
10 | 1 Taye 
100 200 500 1000 2000 5000 10000 Variable Range 
PROPELLER SPEED, R.P.M. Viscosity (u) from 0.5 to 400 centipoise 
’ , Tank diameter (d,) from 6 in. to 14 ft. 
Fig. 5. Slope for exponent of propeller rotational speed Depth of liquid (y) feotn 6 ta. to 14:8. 
(laminar regime). Ratio of liquid depth to tank diameter (y/d;) from 14 to 2/1 
Propeller diameter (D,) from 1 to 22 in. 
Rotational speed (NV) from 200 to 2,200 rev./min. 
Blade-tip velocity (V,) from 2 to 36 ft./sec. 
Jet velocity (Vo) from 1 to 50 ft./see. 
Jet diameter (Do) from 1/16 to 1-% in. 
1000 Ratio of tank diameter to propeller diameter 
(d,/D,) from 3/1 to 14/1 
on Ratio of tank diameter to jet diameter 
(d, /Do) from 45/1 to 180/1 
300 
& 200 
RESULTS 
® 100 - 3 Representative data are compiled in 
= 3f° Tables 1 and 2. The results are best sum- 
F 50 marized by writing the equations which 
2 express mixing time as a function of all 
variables under investigation. These 
~ equations may be written in the following 
TuReucent LAMINAR form: 
10 1 it 
10 20 30 50 100 200 500 yd, 1 
FLUID VISCOSITY, CENTIPOISE = 
t C; p 
Fig. 6. Slopes for exponent of fluid viscosity (propeller, i 
laminar, and turbulent regimes). (jet mixing, turbulent regime) (1) 
1. Summary or Data 
Representative values only, jet mixing data 
7 .\2/3q1/6 
Sec. fo = mixing- ft.’ ft Reynolds 
time factor number 
11 0.052 19.21.00 1.00 1.78 63 112 2.24 5.0 10.0 1.94 1.68 X 10°1.15 X 10° 1.15 X 16 
12 0.052 26.11.35 1.22 1.78 47 103 2.24 5.0 9.2 1.94 1.68 X 101.15 X 10° 1.55 X 108 
23 0.078 14.21.10 1.07 1.78 57 109 2.09 5.0 10.4 1.94 1.68 X 101.15 XK 10 1.26 X 10° 
25 0.078 8.20.64 0.74 1.78 114 150 2.24 5.0 13.3 1.94 1.68 X 10°°1.15 X 10° 7.4 xX 10 
32 0.078 2.10.16 0.30 1.78 243 130 1.97 5.0 13.2 1.94 1.68 X 10°1.15 X 101.8 X 10 
35 0.078 9.40.73 0.81 1.78 67 96 1.66 5.0 11.6 1.94 1.68 X 10°1.15 X 10 8.4 X 104 
39 0.052 19.21.00 1.00 1.78 61 109 1.91 5.0 11.4 1.94 1.68 X 101.15 X 10° 1.15 X 105 
21 0.021 34.40.73 0.81 1.78 71 102 2.09 5.0 9.7 1.94 1.68 X 101.15 X 108° 8.4 xX 10 
45 0.0312 46.41.46 1.29 1.78 61 140 2.16 5.0 13.0 1.94 1.68 X 101.15 X 10° 1.68 X 105 
65 0.0835 15.01.25 1.16 1.78 91 188 1.94 5.0 19.4 1.94 0.67 X 10°72.9 X 10% 3.64 X 10° 
73 0.0835 15.01.25 1.16 1.78 303 630 1.94 5.0 65 1.94 0..0X 1076.5 xX 108.1 X 10 
81 0.08385 9.8 0.82 0.88 1.78 1,800 1,780 1.94 5.0 295 1.94 0.58 X 1073.3 X10? 2.7 X 10? 
94 0.0835 10.0 0.84 0.89 1.78 600 950 1.94 5.0 98 1.94 0.27 X 1077.2 K106.1 X1¢ 
101 0.0104 6.70.07 0.17 1.78 1,200 365 1.05 0.94 370 1.94 0.40 X 10°4.9 xX 10° 3.4 X 10? 
103 0.0104 6.70.07 0.17 1.78 560 170 1.05 0.94 174 1.94 0.21 10°9.2 10°6.4 X10 
106 0.0104 6.70.07 0.17 1.78 146 45 1.05 0.94 45 1.94 0.63 X 1043.1 xX 10‘ 2.2 X 10 
123 0.0104 27.20.28 0.43 1.78 41 32 1.05 0.94 32 1.94 1:8 1042 
137 0.0104 28.00.29 0.44 1.78 27 21 1.05 0.94 21 1.94 9.5 XK 10°2 xX 10° 5.8 xX 104 
176 0.0052 31.0 0.16 0.30 1.78 23 13 1.05 0.94 13 1.94 1 xX 10*1.9 xK103 x 10# 
176A.0.125 27.0 3.4 2.30 1.72 480 1,980 3.6 14 39.5 1.75 0.68 x 10°2.8 x 109.5 X 10 
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yd 8/6 
t=C, (4) 


\p 


(jet mixing, incipient laminar regime) (2) 


1/2 1/6 
t OF (ND,’)*”* (4) 
(propeller mixing, turbulent regime) (3) 


yd, 


(ND 
i D 


(propeller mixing, incipient laminar 
regime (4) 


t=(C, 


The foregoing equations are then re- 
arranged algebraically so as to include 
the Reynolds number as a_ separate 
grouping in each equation, thus: 


1 

1 (N,.)'” 
(jet mixing, turbulent regime) 

(jet mixing, incipient laminar regime) (6) 


1 
(propeller mixing, turbulent regime) (7) 
yd, 1 1 
(N,.) (N D,’)*” 


(propeller mixing, incipient laminar 
regime) (8) 


t=C 


(5) 


CG 


Of 


It is important to note that after the 
Reynolds number has been grouped in 
each of the Equations (5), (6), (7), and 
(8), the remaining terms in all equations 
are identical. This provides the basis for 
correlation. 

While the Reynolds number provides 
the device by which correlation is made, 


physical significance of some of the 
variables in the mixing operation. Di- 
mensional observation shows that the 
units of flux of momentum (in the lb.- 
force, ft., sec. system of units) is simply 
pounds force. Or, formally stated (6), 
the flux of momentum pAoVo- Vo across 
an area Ay has the same effect on a 
system as a force of magnitude pAoVo- Vo 
acting at the center of Ao. It can be shown 
in the general case of a jet that flux of 
momentum is proportional to the product 
Further, combination of this 
and results published by Rushton (1) 
shows that for propeller mixing in the 
turbulent regime the flux of momentum 
is proportional to (ND,?)?; and for 
propeller mixing in the laminar regime 
the flux of momentum is proportional to 
(ND,?)4/8, 

Next it is interesting to note that in all 
the basic equations [(1) to (4)] the 
portion of the corresponding momentum 
terms (VoD) and (ND,?) to some 
exponent is common in the denominator 
of all equations. If any specific blending 
problem in which tank dimensions and 


fluid properties are constant is considered, 


the proportionalities can then be written 


For jets For propellers 
(VoD. 
(turbulent) 
(N 


(laminar) 


On substitution of momentum, these pro- 
portionalities become 


For jets For propellers 


1 
p 


(laminar) 


1 


This indicates that the time required to 
complete mixing is inversely proportional 
to the appropriate exponential value of 
the flux of momentum in any particular 
mixing problem under consideration 
where tank dimensions and fluid prop- 
erties are held constant. If only the fluid 
properties were held constant, the mixing 
time would be inversely proportional to 
the appropriate exponential value of the 
flux of momentum and directly propor- 
tional to the square root of the tank 
volume [i.e., £ < Vol/(M,)"]. Any com- 
bination of jet diameter and velocity 
which produces the same flux of momen- 
tum in the same flow regime (turbulent 
or incipient iaminar) will then produce 
the same mixing time; but each combina- 
tion will have a different kinetic energy 
flux and, hence, power requirement. 
Similarly for propellers, a given mixing 
time in a given flow regime (turbulent or 
incipient laminar) can be achieved by 
an infinite number of combinations of 
propeller speeds and diameters, each 
with a different power requirement. For 
either propeller or jet, the combinations 
of large diameters with low speeds or 
velocities will require less power than 
will the combinations of smaller diam- 
eters with higher speeds or velocities. 
One of the underlying conclusions based 
on the test data is that blending time is 
dependent on the flux of momentum into 
the mixing vessel and, as far as the time 
required to complete mixing is concerned, 
the same result can be achieved by large 
mass flow at low velocity as by small 
mass flow at high velocity, provided that 
the product of the two (flux of momen- 
tum) is the same. The data also show 
that as power (fiux of kinetic energy) 


1 1 of the mixing device is held constant, but 
reexamination of Equations (1), (2), (8), ¢t « (72 x (ry is expended through larger diameter jets 
and (4) for the flux of momentum proves (Mo) (M,) at lower velocities (or larger diameter 
to be a valuable aid in understanding the (turbulent) propellers at lower revolutions per 

TasBLe 2. SumMARY OF Data 
Representative values only, propeller-mixing data 

2)2/341/6 2 

Run D,, N, ND,? gi/6 t, yl Dp, pP 

ft. rev. sec. ft./2 (Ib.) (sec.) ve 

Re. 

fp = mixing- ft. ft.? Reynolds 

time factor number 
231 0.166°30:0 0:83 O:91 21-78 15 24.2 0.97 0.94 25.6 1.94 1.76 X 10° 1.1 X 10° 9.15 X 10! 
236 0.166 25.0 0.69 0.78 1.78 23.6 0.97 0.94 26.0 1.94 1.76 X 10° 1.1 X10 7.6 X 104 
248 0.166 8.4 0.23 0.38 1.78 27 18.2 0.97 0.94 20.0 1.94 1.76 X 10° 1.1 KX 10° 2.5 xX 10! 
256 0.166 6.2 0.17 0.32 1.78 34 19.4 0.97 0.94 21.3 1.94 1.76 10° 1.1X10 1.9 x 10 
269 0.166 30.6 0.84 0.89 1.78 25 39.5 0.97 0.94 43.5 2.01 0.38 X 107% 5.3 XK 10% 4.45 x 10% 
297 0.166 32.0 0.88 0.92 1.78 80 131.0 0.97 0.94 144.0 2.22 1.3 X10°-1:2 X16 1.49: x 1¢ 
304 0.166 30.6 0.84 0.89 1.78 110 174.0 0.97 0.94 192.0 2.32 2.1 K 10 1.1 K 10° 9.10 x 1¢ 
314 0.166 16.3 0.45 0.59 1.78 270 284.0 0.97 0.94 313.0 2.26 1.7 X10? 1.3 X 10° 5.85 X 10 
320 0.166 34.5 0.95 0.97 1.78 75 129.0 0.97 0.94 142.0 212 1.7 X10? 1.3X% 10 1:23 Xt 
336 0.125 37.2 0.58 0.70 1.78 195 244.0 0.97 0.94 268.0 2:12 1.4 X10° 1.5 X10? 8.7 xX 1¢ 
345 0.125 29.5 0.46 0.60 1.78 240 256.0 0.97 0.94 282.0 2.12 1.4 X10? 1.5 xX 10 6.9 X< 1¢ 
349 0.125 17.3 0.27 0.42 1.78 660 492.0 0.97 0.94 543.0 2.12 1.4 X 107% 1.5 X 10° 4.1 XK 16 
350 0.083 30.6 0.21 0.35 1.78 1325 822.0 0.97 0.94 905.0 2.12 1.4 X10? 1.5 X 16 3.2 x I¢ 
350A 1.83 6.3 21.0 7.50 1.78 90 1,200 3.6 14.0 23.8 1.75 0.63 X 10 2.8 x 10? 5.9 X 104 
3008 1:00. 7.7 7.7 3.90 1.78 300 2,090 3.7 14.0 40.2 1.75 0.63 XK 10° 2.8 X 10? 2.2 x 10 
Page 542 A.L.Ch.E. Journal December, 1956. 
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minute), blending time continues to -de- 
crease rather than reaching a minimum, 
or optimum, value. In short, this indi- 
cated that there was no optimum power 
or head-flow relationship as far as the 
dynamics of the blending system was 
concerned, provided of course that the 
tendency to vortex was sufficiently 
restrained to keep the propeller always 
totally submerged. Only factors external 
to the blending, such as economics of 
power costs vs. capital costs of equipment, 
or pump efficiencies and pipe friction 
losses of a recirculating system, will 
define an optimum arrangement. 

The flux-of-momentum concept can ex- 
plain why it has been observed (4) in a 
number of cases that more horsepower is 
required of a jet to do the same mixing 
job as a propeller. The propeller has 
usually been a device of large diameter 
and low rotational speed; whereas the 
jet has commonly been a device of small 
diameter and high velocity. 

The foregoing principles offer a real 
aid to reaching an economic balance 
between first costs and operating costs 
in selecting an agitator for a specific 
blending operation. A large, low-speed 
propeller can do the required job with 
lower power but usually higher first cost 
than a small, high-speed propeller. 
Balancing operating-power costs against 
equipment costs should make it possible 
to select the most economical mixer for 
the blending job at hand. 


Analysis 


It did not seem obvious that the results 
should have been correlated by the 
Reynolds number. At Reynolds numbers 
considerably higher than those explored 
in this investigation, it has been sug- 
gested that the slope of the curve 
Reynolds number vs. mixing-time-factor 
may decrease or approach zero, an 
indication that at extremely high Rey- 
nolds numbers (greater than 10°), mixing 
time might be nearly, if not completely, 
independent of fluid properties. If this 
should be the case, the data in this in- 
vestigation would indicate that the mixing 
time would then be dependent only on 
the volume of the batch and the propeller 
diameter-velocity product (which is 
momentum at a constant density). 

The investigation could have been 
extended to include a wider range of 
Reynolds numbers, but the time involved 
did not permit this extension. It is 
possible that at very low Reynolds 
numbers (less than 100) the exponents of 
the variables may have different values. 
There may be a second transition point 
to a regime of more completely laminar 
mixing which would indicate that the 
range which is described in this report 
is properly termed incipient laminar 
mixing. Further investigation of the 
mixing-time-factor at both higher and 
lower Reynolds numbers by other mem- 
bers in the field would be most welcome. 
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The coincidence that the regime of jet 
mixing changes from laminar to tur- 
bulent at the same critical Reynolds 
number associated with pipe flow indi- 
cates that, for the ratios of tank size to 
jet size investigated and for the viscosity 
ranges explored, a turbulent exhaust from 
the jet is propagated in turbulent fashion 
throughout the entire tank (4, 8). This 
may not be true for ranges of variables 
beyond those explored; however, the 
ranges which were explored cover those 
most commonly encountered in plant 
installations and hence should be valid 
for application. 

The data correlated in Figures 1 and 2 
show deviations as high as 60%, which 
are attributed primarily to (1) errors in 
visual interpretation of end point and 
(2) errors in visual interpretation of the 
initial neutral point at the beginning of 
each run. For most test runs there were 
two or more observers who attempted to 
determine independently the instant 
at which the end point was reached. These 
independent observations showed that 
while differences in answers as high as 
60% might occasionally occur, the 
majority of answers agreed within 10%, 
and a number of observations were 
identical. 

Alternative methods of measuring the 
end point seemed impractical. A colori- 
metric instrument focused on one area 
of the tank would have given erroneously 
low blending times for all laminar tests, 
since the point of last residual color 
shifted in position within the tank from 
one run to another and also during a 
single run. For turbulent mixing, colori- 
metric measurements might have equaled 
or exceeded the accuracy of visual ob- 
servations, but its added complexity 
made this alternative unattractive. 

The accuracy of grab sampling, as 
exemplified by the few oil-blending tests 
in the data reported on the 14-ft.-diam. 
tank, is limited in smaller tanks and is 
cumbersome in any case. In the oil- 
blending tests referred to, the samples 
taken represented 1.15 p.p.m. by volume 
of the entire batch. When each millionth 
part of the batch was like all others, the 
batch was considered to be uniformly 
blended for the purpose of that operation. 
The data obtained by this method on a 
tank of this size were included to show 
how closely they came to correlating with 
the data taken in the 1- and 5-ft. labora- 


tory tanks using color indicator as 
described. 
The mixing-time data obtained from 


plant tests (14-ft.-diam. tank) have 
higher values than the laboratory tests 
(1- and 5-ft. tanks), as expected, since 
the plant data were concerned with the 
mixing time beginning from a standstill; 
whereas laboratory data were all taken 
beginning from an equilibrium of motion. 
The time penalty for beginning a mi 

operation from standstill was not 

vestigated in detail, but several tests 
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indicated it to be roughly 25% more 
than the time required for mixing begin- 
ning from an equilibriuta of motion. 

The effect of using varying amounts of 

lye and acid per unit mass of batch liquid 
was investigated, and it was found that 
the variation has a considerable effect on 
the mixing time up to a critical value, 
after which the increase of lye and acid 
per unit mass of liquid has no measurable 
effect on the mixing time. The critical 
value so determined was found to be 
approximately 1 cc. of 2N lye or 2N 
acid/gal. of batch liquid. All mixing-time 
data recorded were taken at conditions 
above this critical level. Subsequent 
testing also showed that the mixing time 
is not affected by the relative volumes 
of acid layer to base layer. 
‘ In the jet tests the effect of jet location 
was extensively investigated. Provided 
that the jet is placed so that (1) it does 
not induce a total swirl to the liquid in 
the tank or (2) it does not feed directly 
back into the suction of the recirculation 
system, it was found that the position 
of the jet was not particularly critical 
and that the variations in mixing time 
so induced were not detectable within the 
accuracy of the mearuring technique. 
The obvious point noted was that change 
of position of the jet merely changes the 
position of the last part of the tank fluid 
to be mixed. In propeller mixing, investi- 
gation showed that location of the pro- 
peller was much more critical. In all 
propeller tests the propeller was located 
so that the tendency toward vortexing 
was sufficiently restrained to keep the 
propeller always totally submerged in the 
liquid. All data recorded were concerned 
with optimum location of the propeller, 
that is, the location at which the mixing 
time was least. Failure to locate this 
point precisely, particularly in those 
regions where location appears to be 
most critical, may also account for some 
of the scattering of the data. No baffles 
were used in any tests. 

In turbulent mixing, the exponents 
for the corresponding variables of jets and 
propellers are identical. In incipient 
laminar mixing, the exponents of the 
velocity terms and the kinematic vos- 
cosity were found to be slightly less for 
propellers than for jets. [See Equations 
(1) to (4).] This indicates that in incipient 
laminar mixing, as kinematic viscosity 
increases, the mixing time with propellers 
is decreased more rapidly than for jets; 
however, in a compensating negative 
effect, as the speed of the propeller 
increases, the mixing time with propellers 
is decreased less rapidly than for a cor- 
responding velocity increase in a jet. 

The plots of the individual variables, 
Figures 3, 4, and 5 for example, were all 
assumed to be straight lines. Since this 
assumption may not necessarily be 
valid, it could also account for some of 
the scattering of data evident in Figures 1 
and 2. 
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It should be pointed out that there 
was no attempt made to maintain 
dimensional or geometric similarity be- 
tween various tank sizes. To have done 
so would have resulted in data for special 
cases or would have presumed the effect 
of some common dimensionless groups. 
That the results were correlated by in- 
vestigating one independent variable at 
a time, without the necessity of maintain- 
ing geometric similarity, was an indica- 
tion that the work was fundamental and 
suitable for application to the general 
case. 

In correlation of the data with the 
Reynolds number, the dimensionless 
group in Equations (5) to (8) remaining 
after the Reynolds number to the appro- 
priate exponent is extracted is in each 
case 


yd, 


(9) 
and 


t((N D,” 4/6 1/6 


If these dimensionless groups are called 
the mixing-time factors and assigned the 
value fo and f,, for jets and propellers 
respectively, one may then write 


For jets 


For propellers 
f yd 


= 176 (12) 


Application 


To determine the mixing time for any 
case, then, Figure 1 or 2 is entered 
with the appropriate Reynolds number 
in order to determine the mixing-time 
factor fo or fp. The value of f having been 
found, Equations (11) and (12) (which 
are repeated on Figures 1 and 2) may be 
solved for the mixing time. The graphs 
and equations in Figures 1 and 2 can be 
used with any system of consistent units. 

Figures 1 and 2 thus can be used to 
determine the mixing time required to 
complete any given mixing or blending 
of a single-phase Newtonian system once 
the following information is established: 
liquid properties, tank dimensions, pro- 
pelier or jet dimensions, and pumping rate 
for jets or rotational speed for propellers. 
Or conversely, for design purposes, the 
discharge velocity for jets or the rota- 
tional speed for propellers can be deter- 
mined from the graphs once, in addition 
to the foregoing data, the required 
mixing time is established. 

Having determined liquid properties, 
jet size and velocity (or propeller size 
and rotational speed), the manufac- 
turers of pumps (or mixers, as the case 
may be) can then supply accurate data 
on horsepower requirements. This, then, 
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NOTATION 


M, L, T dimensions F, L, T dimensions 


M = lb.-mass, F = b.-force 
L = ft., T = sec. 
Ao = jet cross-sectional area LT? L? 
2 
A, = me = propeller cross-sectional area L? LT? 
C = numerical coefficient Dimensionless Dimensionless 
Dy = jet diameter L L 
D, = propeller diameter L L 
d, = tank diameter L L 
fo = mixing-time factor for jets Dimensionless Dimensionless 
f, = mixing-time factor for propellers Dimensionless Dimensionless 
L L 
g = gravitational acceleration 
= = flux of momentum (jets) = F 
M, =,V, = flux of momentum (propellers) ee = ae PF 
N = propeller revolutions per second 1/T 1/T 
N,.- = ——— = Reynolds number at jet Dimensionless Dimensionless 
2 
— PN Dy = Reynolds number at 
propeller Dimensionless Dimensionless 
Po = woVo = flux of kinetic energy ML’ FL 
(power) 
t = mixing time T fi 
L L 
Vo = velocity through jet = = 
0 city gn je T T 
y = height of fluid in tank L L 
2 
p = mass density of fluid a a 
viscosity of fluid 
= pAyVo = mass flow rate 


Subscripts 


0 = jet 
p = propeller 


bridges the gap between time and horse- 
power required to complete a simple 
mixing or blending operation. Figures 1 
and 2 are applicable for any general 
case to be considered, provided that none 
of the following limits covered by this 
investigation are exceeded: d,/Dpo is not 
greater than 180/1, y/d, is not greater 
than 2/1 or less than 1/3, d,/D, is not 
greater than 14/1, viscosity is not greater 
than 400 centipoise, and fluids are 
miscible Newtonian with nearly equal 
densities and viscosities. 
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Phase Separation and Mass ‘Transfer 


in a Liquid-liquid Cyclone 


Shell Development Company, Emeryville, California 


Liquid-liquid phase separation and mass transfer studies were made in a 4-in.-diam. 
cyclone of conventional construction. The cyclone was tested with oil-water volume phase 
ratios ranging from values of 1/3 to 9/1 and for total flows up to 24 gal./min., although 
most variables were studied at a feed rate of 10 gal./min. Kerosene or a white oil (vis. 
9 centipoises at 77°F.) was used as the oil phase. Valve or line premixing was used to 
disperse the feed. Valve pressure drops were in the range of 0.1 to 1.0 lb./sq. in., and inlet 
drop sizes, where determined, were about 1 mm. The optimum cyclone geometry (volume, 
diameter of inlet, overflow and underflow lines) and the optimum split (overflow/under- 
flow) were determined in terms of a phase-separation efficiency E,. 

At optimum geometry and split a number of mass transfer runs were made in which 
monobutylamine solute was transferred from the kerosene to the water phase. These 
runs indicated that E, decreased but mass transfer efficiency increased as the feed rate 
or pressure drop across the mixing valve was increased. 


The application of cyclones to liquid- 
liquid systems has been suggested (3, 7) 
as a means of attaining efficient contact- 
ing and separation of the two phases. 
The vortex action leads to high centrifugal 
force, which aids the phase separation. 
Vortex motion in the column can be 
produced either by using a tangential 
inlet to the cyclone or by providing 
suitable directing vanes within a column. 
A number of devices, such as the Pod- 
bielniak and Luwesta extractors (1, 2, 10), 
employ centrifugal force obtained by 
internal moving parts to accomplish 
necessary mixing and settling. It was 
thought that the cyclone principle might 
lead to a low-cost device in which 
efficient phase contacting and separation 


could be achieved with no moving internal 
parts. 

The available literature on liquid- 
liquid eyclones is sparse. Tepe and 
Woods (15) tried to separate isobutanol 
and water mixtures in 1- and 2-in. I.D. 
conventional-type cyclones and reported 
very poor separation. Dahlstrom (8) 
studied the separation of water-benzene 
+ CCl, mixtures using a 3-in. I.D. 
cyclone. Netherlands Patent 67,244 (7) 
discusses, in a very general manner, the 
application of cyclones to the separation 
of immiscible liquids. Investigations 
made by Van Rossum (/6) in 3- and 5-in. 
I.D. cyclones have indicated a fair 
degree of dewatering for oil-in-water 
emulsions. 
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This investigation was undertaken to 
determine the most favorable conditions 
for separating liquids in cyclone-type 
devices. Some extraction runs were also 
made in order to determine the relation- 
ship between the mass transfer efficiency 
and the degree of phase separation. 


EQUIPMENT AND OPERATION 


The cyclone used was of conventional 
design and had a 3.75-in. I.D. It contained 
a round tangential inlet, 15° cone bottom, 
and axial discharge lines; the volume of the 
cyclone and the dimensions of the overflow, 
underflow, and inlet were varied in the 
study. The cyclone is shown in Figures 1 
and 1A. 

The cyclone was constructed of flanged 
sections of Plexiglas for ease of visual 
observation and photographic recording. 
The flanged sections were grooved for 
O rings so that the internal walls of the 
column would be smooth and continuous 
at the flanged joints. The entry section 
consisted of a 3.75-in. I.D. cylinder, 4 in. 
high with a l-in. I.D. entry tube, the 
outside surface of which met the vertical 
section tangentially midway between the 
ends of the section. Directly under the 
entry section there were one or more 
vertical sections of 3.75-in. I.D. and 4-in. 
height. The next lower section consisted of 
a 2-in.-long, 3.75-in. I.D. cylindrical 
section followed by a 15° cone 10 in. long. 
In addition to the plastic ene, the roof 
of the column consisted of a 714-in. O.D. 
stainless steel plate which was apatite at 
its center with a gland fitting through which 
the overflow tube was first positioned and 
then fixed. Three overflow tube sizes were 
used, and therefore three cover plates 
with gland fittings were required. A “false 
roof”? was connected to the overflow tube 
by means of a collar as shown in Figure 1. 
This put the effective overhead closure at 
the level of the highest point of the entry 
tube and reduced the strength of the energy- 
consuming ‘‘double eddy” (17), which is a 
toroidal circulation pattern in the section 
between the entry and column roof. 

Kerosene-water and white-oil—water (oil 
viscosity 9 centipoises) were used for 
hydraulic and phase-separation tests in the 
cyclone. The system kerosene—water—n-bu- 
tylamine was used for mass transfer runs 
since several other extraction devices have 
been evaluated with this system (8, 12) in 
this laboratory. The kerosene used had an 
average density of 0.8 g./ce. and viscosity 
of 1.4 centipoises at the normal operating 
temperature (65° to 70°F.), and the white- 
oil density and viscosity were 0.84 g./ce. 
and 8.9 centipoises (75°F.). The distribu- 
tion coefficient for butylamine C, expressed 
as (g. amine/g. water)/(g. amine/g. kero- 
sene), was about 3.3 at normal operating 
temperature. The mutual solubility of ker- 
osene-water and white oil-water was neg- 
ligible at the temperature used. 

The flow circuit is illustrated in Figure 2. 
Before a run began, the overflow and under- 
flow valves were set to give the desired 
split (overflow/underflow volume ratio). 
Oil from a 275-gal. feed tank and water 
from the city main were metered and then 
brought together in a tee, mixed in a 1-in. 
extry line and gate valve, and transported 
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Fig. 2. Flow diagram of liquid-liquid cyclone. 


to the column through the tangential 
entry. In most runs sufficient mixing was 
obtained in the 1-in. line to give a dispersion 
which was not separated completely in 
the cyclone, and the 1-in. gate valve was 
fully open in these runs. In one series of 
tests the mixing valve was throttled in 
order that the effect of degree of feed 
dispersion on cyclone efficiency might be 
studied. The pressure drop across the 
mixing valve was measured in all runs. 

After a steady operation was achieved, 
usually after a period of 3 to 5 min., 
overflow and underflow samples were 
taken. Because of the high flow rates 
involved, it was necessary to take a bleed 
sample of the high-flow-rate stream, whereas 
a total sample of the other stream was 
feasible. Both overflow and _ underflow 
streams were gauged during the run. The 
high-flow-rate stream was metered in the 
275-gal. storage tank by means of a float 
gauge; the low-flow-rate stream was meas- 
ured by stick gauging in the receiving 
vessels or by calculating the flow into a 
graduated 5-gal. receiver. In almost all 
the runs, mass balances indicated a devia- 
tion of less than 3% for the total flow and 
less than 10% for the individual com- 
ponents. 

For the mass transfer runs, n-butylamine 
was added to the kerosene feed before the 
run to make a 0.35% weight solution. The 
run was made as indicated above, and after 
the hydraulic data were recorded bleed 
samples of effluents were withdrawn from 
the sampling points shown in Figure 2. 
The effluent samples were two-phase 
mixtures, and the desired phase was re- 
moved from the mixture as rapidly as 
coalescence would permit. Samples were 
taken at 3 and 5 min. after the column 
appeared stable, and they checked well in 
all cases, an indication that mass transfer 
steady state was reached rapidly. 


EQUATION FOR PHASE-SEPARATION 
EFFICIENCY 


Tepe and Woods (15) derived separa- 
tion efficiency by assuming that each 
effluent stream consists of one portion 
having the same composition as the feed 
and the rest being pure liquid, light phase 
in the case of the overflow and heavy 
phase in the case of the underflow. The 
efficiency is then defined as the sum of 
the pure-liquid rates expressed as a 
fraction of the total feed rate. The 
derivation of the separation efficiency is 
as follows: 
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The total rate of flow of light phase 
leaving the overhead minus the flow rate 
of light phase required for feed make-up is 


re 
QoYo — Qo(1 — Yo) 


Qo(Yo — Ys) 


The total rate of flow of heavy phase 
leaving the underflow minus the flow 
rate of heavy phase required for feed 
make-up is 


Y.) — 


— Yu) 
Ys 


Ql — 


Yu) (2) 


Then by the definition of separation 
efficiency 
us) = us) 
QA\1 — yy Q; Ur 8) 
By means of the material balance equa- 
tions 


Q; Qo + Qu 
Equation (3) can be reduced to 


Qo | Yo — Yr | 
E, = | (4 
Q; Lys — yy) 
Van Rossum (16) has defined a separa- 
tion number E,’, where 


yl — yy) (ta) 


By means of the same material-balance 
equations, it can be shown that EF, and 
E,’ are identical. It is recognized that E, 
does not uniquely describe the separation; 
however, it was selected as a convenient 
guide for describing the effect of variables 
on cyclone performance in the present 
study. 


SCOPE OF INVESTIGATION 


Exploratory runs were first made at 
various total feed rates, oil-water flow 
ratios and effluent splits (overflow/ 
underflow), to demonstrate the likely 
operating range of a liquid-liquid cyclone. 
The overflow/underflow split giving the 
maximum separation was then deter- 
mined at selected geometric conditions 
for a feed rate of 10 gal./min. Geometric 
variables and feed premixing effects were 
then investigated in the established range 
of optimum effluent split, again for a 
feed rate of 10 gal./min. The effect of the 
following range of variables on EH, was 
determined in testing the 3.75-in. I.D. 
cyclone: 
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£2 40+ Flow Rates, gpm 

4 Cyclone Vol., 0.57 gal Kerosene H,0 

a Overflow Tube, 1 1/16"ID 03.75 1.25 

a Height, 1 1/8" 2.50 2.50 
20F inlet and Underflow Tube, 1" ID a1.25 3.75 

Mixing Valve Wide Open 44.50 0.50 

0 
0.1 0.3 3.0 10.0 


1.0 
Split - Overflow/Underflow 


Fig. 3. Effect of split on separation effi- 
ciency; kerosene-water; feed rate 5 gal./ 
min, 


Cyclone Vol., 0.57 gal 

Overflow Tube, 1 1/16"ID 
Height, 1 1/8" 
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Fig. 4. Effect of split on separation efficiency ; 
kerosene-water; feed rate 15 gal./min. 
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Fig. 5. Effect of split on separation efficiency ; 
kerosene-water; feed rate 20 gal./min. 


Geometric variable Range 
Overflow tube height. 1-6 in. 
Overflow tube I.D. 5/8-1-9/16in. 
Cyclone height 19-23 in. 
Cyclone volume 0.57-0.76 gal. 
Underflow tube I.D. 11/16-1 in. 
Inlet diameter 1/2-1 in. 


Hydrodynamic variable 


Feed composition 10-90% vol- 
ume oil 
Product split 1/10-12/1 
(overflow /underflow) 
Feed liquids Kerosene-water 


White oil-water 
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TaBLE 2. Optimum ConpiTions In CycLone, Low PremIxinG INTENSITY, 
10 GAL./MIN, Freep Rate 


(Figures 7 and 8 based on these data) 


Maximum Volume fraction of water Approximate 
Phase Optimum separation mixing 
ratio, split, Qo/Q. effect In In valve AP 
O/W E,, % overflow Q) underflow Q, lb./sq. in. 
Kerosene-water 
1/3 0.61 78 0.364 0.985 0.08 
1/1 1.25 73 0.172 0.911 0.08 
3/1 2.1 74 0.045 0.680 0.09 
9/1 6.0 91 0.0045 0.673 0.06 
White oil—water 
1/3 0.70 77 0.400 0.995 0.06 
1/1 1.25 87.5 0.106 0.992 0.05 
3/1 2.4 86 0.021 0.797 0.05 
9/1 3.4 72 0.016 0.384 0.06 


The effect of a vortex breaker, also 
called the cone baffle, in the cyclone cone 
was studied in one series of runs. 

The mass transfer efficiency of the 
cyclone plus mixing valve was then 
determined at the split and cyclone 
geometry corresponding to maximum 
phase-separation efficiency £,. 

Experimental data are tabulated in 
Tables 1, 2, and 3; Table 1* gives for the 
various geometries tested the inlet, over- 
head, and underflow rates, the split, 
overhead and underflow water concen- 
trations, separation efficiencies, break 
times for the overhead and underflow 
mixtures, and pressure drops across the 
inlet mixing valve. Table 2 lists the 
optimum flow conditions for maximum 
phase separation, and Table 3 shows 
the mass transfer efficiency data. Pressure 
drops from cyclone inlet to underflow 
and from inlet to overflow were measured 
for all runs but the results have not been 
correlated with geometric and flow 
variables. However, the following is an 
example of the magnitude of the pressure 
drops. With kerosene-water feeds and a 
l-in. I.D. entry and overflow tube, 
1-1/16-in. overflow tube, 1-1/8-in. over- 
flow height, and 0.566-gal. cyclone 
volume, the inlet to overflow and inlet 
to underflow AP’s were roughly equal 
regardless of split. These AP’s ranged 
from about 0.1 lb./sq. in. for a total flow 
of 5 gal./min. up to a maximum of about 
4 lb./sq. in. for a total flow of 24 gal./min. 


Effect of Feed Rate and Phase 
Ratio on Optimum Split 


Total feed rate was varied from 5 to 25 
gal./min. with the kerosene-water system 
and from 10 to 20 gal./min. for white 
oil-water in order to demonstrate the 
probable range of operation of a liquid 
cyclone. In these tests the cyclone volume 
was 0.57 gal. and the other dimensions 


*Table 1 has been deposited as document 5050 
with the American Documentation Institute, Photo- 
duplication Service, Library of Congress, Washington 
25, D. C., and may be obtained for $1.25 for photo- 
prints or 35-mm. microfilm. 
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were 1-in.-diam. feed inlet and underflow 
line, 1-1/16-in.-diam. overflow line, and 
1-1/8-in. overflow height. At each feed 
rate the oil-water flow ratio was varied 
and the separation efficiency E, was 
determined at several overflow/underflow 
splits. These exploratory studies were 
made with the 1-in. gate valve (mixing 
valve) wide open and, consequently, gave 
a low but variable mixing intensity in 
the inlet feed line, changing as the feed 
rate (and, accordingly, the line pressure 
drop) was varied. Since the degree of 
feed dispersion thus changed with in- 
creasing feed rate, one “cannot satis- 
factorily isolate from these data the 
competing effects of increased centrifugal 
force and of decreased drop size due to 
breakup in the inlet line. 

Figures 3, 4, and 5 show the effect of 
split on separation efficiency at different 
kerosene-water volume flow ratios (0/W) 
and at 5, 15, and 20 gal./min. total flow 
rates. It is seen that an optimum split 
corresponding to maximum separation 
efficiency is obtained and that the opti- 
mum split approaches the phase ratio 
O/W at low flow rates and approaches 
unity at high-flow rates. Other kerosene- 
water data, obtained at 10 and 25 gal./ 
min. flow rates, substantiate these 
trends. Similar data for white oil-water 
at 10 and 20 gal./min. total rates, given 
in Figures 6 and 7, likewise, show the 
same shift of optimum split. A possible 
explanation of the observed effect of 
phase ratio on optimum split is as follows. 
At low flow rates the separated phases 
should be drawn off in proportion to 
their entry rates because the phases are 
clarifying at about the same rate as they 
are entering. At high flow rates, however, 
the remixing of the partially separated 
liquids in the cyclone becomes intense, 
and, since the main contribution to a 
high separation efficiency, Z,, comes from 
the liquid in greater concentration in the 
feed, the remixed emulsion should leave 
the column with the liquid which had a 
low feed concentration. This phenomenon 
then tends to make the optimum split 
equal to unity at high flow rates. 
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At the highest line mixing intensity 
(20 gal./min. total flow) the low-viscosity 
kerosene system apparently gives an 
increase in separation efficiency as O/W 
ratio is increased, whereas the 9-centipoise 
white oil shows efficiency decreasing 
under the same conditions. Visually, the 
kerosene-water dispersion in the entry 
pipe was seen to change from a coarse 
dispersion of water drops to a fine 
dispersion of presumably kerosene drop- 
lets as O/W ratio was increased. The 
poorer separation found for the white-oil 
system at the higher feed rates and 
O/W ratios presumably reflects impeded 
settling due to viscous effects in the 
intermediate settling range (500 > 
Re > 2) plus the effects of feed rate and 
viscosity on equilibrium drop size at a 
given energy input per unit mass per unit 
time, as developed by Hinze (4). 

The effect of phase ratio and split on 
the visual appearance of the cyclone was 
as follows: at O/W ratios of 1/3 and 1/1, 
a strong central core was visible, indi- 


Cyclone Vol., 0.57 gal 
Overflow Tube, 1 1/16"ID 
Height, 4 1/8" 
Underflow Tube, 1" ID 
Mixing Valve Wide Open 
100 


Flow Rates, gpm 


Separation Efficiency, % 


40 White Oil H,O Entry, Diam, in 
49.0 1.0 1.0 
07.5 2.5 1.0 
05.0 5.0 1.0 
20r a2.5 7.5 1.0 
v7.5 2.5 1/2 
0.1 0.3 3.0 10.0 


1.0 
Split = Overflow/Underflow 


Fig. 6. Effect of split and entry diameter; 
white oil-water; feed rate 10 gal./min. 


cating that the oil phase was dispersed; 
at an O/W ratio of 3/1, the water phase 
apparently was dispersed; and at con- 
stant O/W ratio (O0/W = 1/8 or 1/1), 
decreasing the split (underflow rate 
increased) caused the central core to 
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Flow Rates, gpm 
White Oil 
015.0 5.0 
410.0 10.0 
5.0 15.0 
60F 
= 
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Overflow Tube, 1 1/16" 1D 
Height, 1 1/8" 
Inlet and Underflow Tube, 1" ID 
Mixing Valve Wide Open 
0 it 


3.0 10.0 


0.1 0.3 1.0 
Split = Overflow/Underflow 


Fig. 7. Effect of split on separation efficiency ; 
white oil-water; feed rate 20 gal./min. 
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Fig. 8. Effect of mixing-valve pressure drop 
on separation efficiency; kerosene-water; 
feed rate 10 gal./min. 
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Fig. 9. Effect of feed premixing on phase 
separation. 


Kerosene, 7.5 gpm 
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Overflow Tube, 1 1/16"ID 
Inlet and Underflow Tube, 1" ID 
Mixing Valve Wide Open 
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Fig. 10. Effect of overflow position on 
separation efficiency. 


TABLE 3. Mass TRANSFER IN CONVENTIONAL CYCLONE 


1-in. I.D. entry 
4-1/8-in. overflow height 
1-1/16-in. I.D. overflow tube 


Flow rates, gal./min. 


Run Qu, 


140 5.0 5.0 5.05 5.13 
149 7.5 7.5 8.22 7.04 
147 —:10.0 10.0 8.47 11.78 
142 7.5 2.5 6.71 3.25 
151 11.25 3.75 10.38 4.78 
145 15.0 5.0 13.27 6.96 
141 5.0 5.0 5.51 4.63 
150 7.5 Lo 8.66 5.72 
148 =10.0 10.0 8.92 11.20 
143 7.5 2.5 6.77 3.35 
152. 11.25 3.75 10.23 5.06 
146 —:15.0 5.0 13.84 6.27 
154 7.5 2.5 7.24 2.92 
155 15.0 5.0 13.78 6.09 


0, 
Kerosene Water  gal./min. gal./min. 


(Runs at approximately optimum split) 


1-in. I.D. underflow 
0.566-gal. cyclone volume 
n-butylamine-kerosene-water 


1—y 1-—y Separation AP gate Amine concentration, g./g. 
% water % water efficiency valve, Theoretical 
in Qo in Q, E.,, %  \b./sq.in. Extract Feed Raffinate stages, % 
(kerosene) 

7.53 87.7 81.6 0.0592 0.0008716 0.003404 0.001717 35.0 
17.65 86.2 69.4 0.114 0.001065 0.003322 0.001444 45.8 
22.0 6.93 46.5 0.204 0.001626 0.003322 0.001248 63.3 

3.01 72.9 79.9 0.00 0.002546 0.003524 0.002309 45.4 

5.05 70.6 74.6 0.0527 0.002431 0.003303 0.002094 49.2 
10.82 53.3 51.1 0.204 0.003220 0.003190 0.001700 76.7 
43.3 59.6 16.3 1.02 0.001884 0.003359 0.0007738 95.5 
34.9 72.9 36.6 1.00 0.001752 0.003519 0.001052 76.4 
32.6 63.6 30.7 1.02 0.001728 0.003470 0.0009829 79.2 
16.00 46.4 34.0 0.925 0.003441 0.003568 0.001720 80.5 
13.7 49.3 41.7 (1.0) 0.003591 0.003735 0.002054 73.6 
18.3 43.6 26.3 1.09 0.003733 0.003362 0.001750 82.9 

4.05 74.1 80.6 0.002198 0.003509 0.002497 36.7 
13.78 51.9 42.5 "s 0.003062 0.003391 0.001917 63.7 


*Split tangential entry, no external mixing of feed streams. 
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lengthen and increase in diameter; the 
split at which this core penetrated the 
underflow was roughly equal to the 
optimum split for phase-separation effi- 
ciency. 

Stroboscopic observations showed, un- 
der conditions where the core was visible, 


photographs was possible. The accom- 
panying table shows the condition studied 
and the corresponding Sauter mean diam- 
eters (13), Xs. of the droplet phase in 
the inlet feed. The values of X32, AP, and 
E, given in the table are shown in 
Figure 9. The points for ZH, and Xz fall 
on a straight line over the range studied. 


DISPERSION AND SEPARATION CHARACTERISTICS WHITE OIL—-WATER 


Feed = 10 gal./min., 90% volume oil in feed, split = 3.4/1 


Mixing valve Xs, mm. Sv Oil in %v Oil in % Separation 
AP, mm. Hg overflow underflow efficiency, F, 
52.3 0.73 91.1 86.3 9.5 
26.2 1.01 94.0 76.3 34.7 
12.4 1.38 96.3 68.6 54.0 
3.3 1.56 98.3 61.9 71.0 


that the core was predominantly light 
phase and that droplets near the peri- 
phery of the core were circulating 
rapidly. Droplets near the center were 
rapidly streaming upward without circu- 
lation. Kelsall (6) and others (14) have 
also observed this streaming in the 
central region. 

The balance of the phase-separation 
studies were made at a total feed rate 
of 10 gal./min. This was done to control, 
as closely as possible, the degree of feed 
dispersion at the cyclone inlet. Of course, 
some change in feed-drop-size distribu- 
tion, at a given feed rate, is to be expected 
when the phase ratio is changed, but this 
change was presumed to be of a lower 
order than that caused by a change in 
feed rate. 


EFFECT OF FEED PREMIXING 
ON PHASE SEPARATION 


The effect of feed premixing on separa- 
tion efficiency, at 10 gal./min. feed rate, 
was determined in terms of pressure drop 
across the mixing valve and of average 
drop diameter determined from photo- 
graphs of the feed emulsion in the plastic 
tangential entry following the mixing 
valve. 

The valve pressure-drop runs were 
made with kerosene-water at a total flow 
of 10 gal./min. and an O/W ratio of 3/1, 
and at two valve settings: (a) fully open, 
AP = 4.3 mm. Hg, and (b) AP = 53.3 
mm. Hg. The results, as given in Figure 
8, show that the maximum separation 
efficiency dropped from 75 to 45% as a 
result of the increased pressure drop, 
whereas the optimum split remained 
constant. This drop in efficiency cor- 
responds to a decrease in oil recovery in 
the overflow from 87 to 80% and a 
decrease in oil purity from 95 to 87%. 

The runs in which droplet diameters 
were measured were made with white 
oil-water at a flow rate of 10 gal./min., 
O/W ratio of 9/1, and optimum split of 
3.4/1. These conditions were chosen to 
give a sufficiently low concentration of 
water droplets so that counting from 
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Neither the valve pressure-drop method 
nor the drop-diameter method can be 
expected to yield a quantitative picture 
from the small amount of data obtained 
here. Both sets of measurements, how- 
ever, show the significant effect of pressure 
drop and, correspondingly, of emulsion 
droplet size on cyclone separation effi- 
ciency. It was this rapid decrease in sep- 
aration efficiency with decreasing drop 
size, in fact, which discouraged further 
investigation extending into the 100-u 
size region. 


CYCLONE GEOMETRIC VARIABLES 


The work described in previous sections 
was obtained with 0.566-gal. cyclone 
volume, 1-in.-diam. feed inlet and over- 
flow line, 1-1/16 in.-diam. underflow line, 
and with the overflow line extending 
1-1/8 in. or 4-1/8 in. below the false roof 
of the cyclone (See Figure 1.) These 
cyclone dimensions were then varied in 
turn to determine their effect on optimum 
phase separation. The diameter of the 
cyclone (3.75 in. I.D.) and the cone 
angle (15°) were not varied in this 
program. All geometric variables were 
tested at a feed rate of 10 gal./min. 

Overflow height is defined as the distance 
from the false roof to the lower end of 
the overflow tube. This variable had very 
little effect on maximum separation 
efficiency or on position of optimum 
split, as shown in Figure 10. An overflow 
height of 4-1/8 in. was used in further 
work since it gave the maximum efficiency 
by a small margin. 

It was observed in these studies of 
overflow height that a considerable 
swarm of water droplets traveled across 
the roof of the cyclone and down the 
outside of the overflow tube and were 
sucked into the tube rapidly when they 
reached its lower end. This bypassing 
phenomenon was also observed by 
Kelsall (6) and Pollack and Work (11) 
and undoubtedly contributes a major 
share to the water er ‘ment. Hughes 
et al. (5) have «| out that this 
secondary flow is due to the fact that the 
laminar film on the roof has a pressure 
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Fig. 11. 7 Effect of cyclone volume on 
separation efficiency. 


Fig. 12. | Effect of overflow diameter on 
separation efficiency. 
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Fig. 13. ? Effect of underflow and entry 
diameter on separation efficiency. 


Fig. 14. | Effect of cone baffle on separation 
efficiency. 
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gradient superimposed on it, whereas 
the tangential velocity is slowed down 
by the skin friction. The net effect is an 
inward and then downward flow of 
liquid. 

The cyclone volume was varied by 
changing the length of the cylindrical 
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section; the cone section was not altered. 
The volume of the original installation 
(0.566 gal.) was increased 34% to 0.758 
gal. by the addition of 4-in. cylindrical 
section. Figure 11 shows that the addi- 
tional volume reduced the maximum 
separation efficiency from 85 to 76% but 
did not shift the optimum split position. 
These results support the idea that drop 
breakup, due to turbulence within the 
cyclone, rather than drop trajectory 
controlled the separation since providing 
added residence time for drop collection 
did not improve the separation efficiency. 

The internal diameter of the overflow tube 
was studied with three tube sizes: 5/8, 
1-1/16, and 1-9/16 in. I.D., each with 
1/32-in. wall thickness. The inlet diam- 
eter was 1 in. I.D. Figure 12 indicates 
that about the same maximum separa- 
tion efficiency, 85%, was obtained with 
5/8- and 1-1/16-in.-diam. overflow but 
that maximum efficiency dropped con- 


Variable 


Cyclone volume 


Optimum dimension 


to 66% with kerosene-water and from 
86 to 10% with white oil—water. 

It was thought that improved separa- 
tion efficiency might be obtained by 
installing a baffle in the apex of the cone 
(vortex breaker), thus breaking up the 
lower portion of the fluid core (light 
phase) and preventing its penetration into 
the underflow. A baffle consisting of two 
vertically crossed sheets of metal, having 
the same cone angle as the cyclone and 
extending 4 in. above the opening of the 
l-in. underflow tube, was installed. (See 
Figure 1.) The lower portion of the 
central core was broken up but quickly 
reformed into four smaller eddies inside 
the baffled quadrants. Figure 14 shows 
that the maximum separation efficiency 
increased only from 73 to 77% owing to 
the presence of the baffle. 

From the limited tests described in this 
section, it is concluded that the optimum 
geometry of the 3.75-in. cyclone for phase 
separation is as follows: 


Optimum dimension 


cyclone diameter 


0.566 gal. or less 


Overflow height 1-1 /8-7-1/7 in. 0.3-1.9 
Overflow diameter 1-1/16 in. 0.28 
Underflow diameter About 1 in. ~0.27 
Entry diameter About 1 in. ~0.27 


siderably when the 1-9/16-in. overflow 
was used. Again, the optimum split did 
not shift noticeably as tube size was 
changed. 

The parameter d;,/(7>o — 17;) may be 
thought of as an impingement ratio which 
influences phase separation in that ratios 
greater than unity cause excessive drop 
impingement on the outer wall of the 
overflow tube. Figure 12 shows that best 
separation was obtained for parameter 
values of 0.67 to 0.77 but that separation 
dropped as the parameter approached 
0.95. 

Two sizes of underflow diameter were 
studied, 1 in. and 11/16 in. I.D. Test 
conditions were 10 gal./min. feed rate. 
O/W ratio of 3/1, and 1-in. inlet diameter. 
Figure 13 shows that decreasing the 
underflow area 50% with the 11/16-in. 
tube decreased the maximum efficiency 
from 85 to 68%. The time for the under- 
flow streams to completely clarify outside 
the cyclone was increased up to sixfold 
when tube size was reduced from 1 to 
11/16 in. 

The diameter of the tangential entry was 
reduced from 1 to 1/2 in. line, resulting 
in a severalfold higher line pressure drop 
and consequently the experiments pre- 
sumably reflect the effect of mixing 
intensity as well as inlet size. Data 
obtained with the two entry sizes at a 
flow rate of 10 gal./min. and O/W ratio 
of 3/1 are shown in Figure 13 for kero- 
sene-water and in Figure 6 for white 
oil-water. The smaller entry tube reduced 
maximum separation efficiency from 85 
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None of these variables had any signifi- 
cant effect on optimum split. Most of 
the phase-separation studies listed in 
Table 1 were made at the optimum 
dimensions, as were all the mass transfer 
runs described in the next section. 

The optimum-flow conditions for kero- 
sene-water and white oil-water, at 10 
gal./min.-feed-rate low mixing intensities, 
corresponding to the optimum structural 
dimensions given above, are listed in 
Table 2. The maximum = separation 
efficiency EH, is given in terms of feed 
rate, O/W ratio, and optimum split, 
(Q0/Q,,). Also shown are the calculated 
water concentrations of the underflow 
and overflow streams from which the 
purities and recoveries of the individual 
streams, rather than the combined- 
stream efficiency, E,, may be estimated 
if desired. For example, for kerosene- 
water, O/W ratio = 3/1 and feed rate 
= 10 gal./min., the efficiency EH, = 74% 
when the split Qo/Q, = 2.1. The corre- 
sponding purities and recoveries are 

Volume fraction oil in overflow = 
Yo = 0.955 

Volume fraction water in underflow = 
1— y, = 0.680 


Recovery of oil in overflow 


= (0-958) 2.1 ) 
~ \0.75 /\1 + 2.1 


= 86.3% 
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Recovery of water in underflow 
1 — y,/\Q; 


= (2.680) 1 
~ \0.25 /\L + 2.1 


87.7% 
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Fig. 15. Mass transfer in cyclone. 
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Thus oil of about 96% purity can be 
obtained at 86% recovery from a feed 
containing 75% oil in one cyclone when 
the residence time based on feed = 
(0.566 gal./10 gal./min.) = 3.4 sec., 
provided that the feed mixing intensity 
is ow (AP ~ 5 mm. Hg), corresponding 
to a coarse dispersion. 


MASS TRANSFER IN CYCLONE 


Transfer efficiency was determined at 
the optimum phase-separation conditions 
described in the previous section (1-in. 
inlet and underflow, 1-1/16-in. overflow, 
4-1/8-in. overflow height, 0.566-gal. cy- 
clone volume, and optimum split). The 
fluid system used was kerosene-water with 
solute (n-butylamine) being transferred 
from the kerosene phase (raffinate) to 
the water phase (extract). This same 
system has been used in a number of 
other equipment studies in this labora- 
tory (8, 12) and the analytical problems 
involved in analyzing the phases for 
n-butylamine were discussed in one of 
these studies (8). Transfer efficiency was 
calculated as the fraction of one ideal 
stage, according to the method outlined 
by Perry (9) and given by the equation 


Cy2 — 22 
Cy 
log 

2 


log 
N = 


(5) 


where x: is the concentration of amine in 
the exit water (concentration in inlet 
water 0), and and are the 
amine concentrations in the inlet and 
exit kerosene, respectively. The effect 
on efficiency of flow rate, phase ratio, 
and mixing-valve pressure drop was 
determined ; data are tabulated in Table 3. 

Figure 15 indicates that, with mixing 
valve fully open (inlet-line mixing only, 
AP = 2.6 — 10.3 mm. Hg), mass transfer 
efficiencies ranged from 35 to 77%, 
increasing with feed rate and O/W ratio; 
over the same range of conditions, phase- 
separation efficiencies EZ, decreased from 
81 to 46%. With valve premixing 
(AP ~ 50 mm. Hg), transfer efficiencies 
varied from 79 to 96%, with lowest 
values at flows of 15 gal./min.; separation 
efficiencies were only 16 to 41%, with 
highest values at 15 gal./min. 

Two mass transfer runs were made in 
which the kerosene and water phases were 
introduced into the cyclone without 
external mixing; a split tangential inlet 
was used, the heavier water phase enter- 
ing through the entry duct closer to the 
cyclone wall. The results, compared with 
line mixing alone and with valve mixing, 
in Figure 15 show that the cyclone body 
contributed significantly to total transfer. 
The ratio of transfer efficiencies is indi- 
cated as follows: 
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TRANSFER ErFicreNcy Ratio, . 
(O/W) = 3/1 
No external 
No external mixing/valve 
Feed rate, mixing/line mixing, 
gal. /min. mixing AP = 50 
mm. Hg 
10 0.810 0.455 
20 0.830 0.768 


A plot of all the mass transfer effi- 
ciencies, as a function of separation 
efficiency, is given in Figure 16. Although 
there is some scatter present, transfer 
efficiency is approximately inversely pro- 
portional to separation efficiency. These 
data show clearly that high extraction 
efficiencies and a good clarification of 
both effluent streams cannot be obtained 
in one stage involving a valve mixer and 
one cyclone. 


CONCLUSIONS 


A liquid-liquid cyclone of conventional 
design gives very high capacities for the 
separation of coarse two-phase disper- 
sions (drop diameter > 1 mm.). Phase- 
separation efficiency decreases rapidly 
as drop size is decreased, however, and 
poor separation of the dispersions formed 
at moderate mixing intensity (valve 
AP ~ 1 |bb./sq. in. = 50 mm. Hg) is 
obtained. Mass transfer efficiency and 
optimum phase-separation efficiency are 
roughly inversely proportional over the 
range of mixing intensities studied. 
Therefore, high extraction efficiency and 
good clarification of both effluent streams 
cannot be obtained in one stage involving 
a valve mixer and one cyclone. 

Phase separation is not strongly 
influenced by cyclone geometry (overflow 
height and diameter, cyclone volume, 
underflow diameter, and, perhaps, entry 
diameter) but is principally a function of 
underflow/overflow split, feed rate, and 
mixing intensity for a given feed com- 
position and for liquid viscosities of less 
than 9 centipoises. 
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NOTATION 

C = distribution coefficient, (g. 
amine/g. water)/(g. amine/g. 
kerosene) 

din = equivalent diameter of cyclone 
inlet 

E, = phase separation efficiency, 
defined by Equation (3) 

N = fraction of a theoretical stage 

(O/W) = oil-water volume phase ratio 
in feed 

AP = pressure drop across mixing 


device (line or valve) 
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= volume flow rate of feed 

= volumé flow rate of overflow 
‘stream 

= volume flow rate of underflow 
stream 


(Qo/Q..) = effluent split 


= outer radius of inner barrel of 
cyclone 

= inner radius of outer barrel of 
cyclone 

= time for overflow stream to 
clarify completely, min. 

= time for underflow stream to 
clarify completely, min. 

= concentration of amine in exit 
water, g./g. 

= Sauter mean diameter of dis- 
perse phase in inlet 

= volume fraction of light phase 
in feed 

= volume fraction of light phase 
in overflow 

= concentration of amine in 
inlet kerosene, g./g. 

= concentration of amine in exit 
kerosene, g./g. 

= volume fraction of light phase 
in underflow 
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Thermodynamic Properties of Tertiary 


Butyl Alcohol 


LESTER H. KRONE, JR., and R. CURTIS JOHNSON, Washington University, St. Louis, Missouri 


By use of C, values from the literature and experimentally determined vapor-pressure- 
temperature and pressure-volume-temperature relationships, a thermodynamic network 
has been established for tertiary butyl alcohol in the range of 78° to 500°F. and 14.7 to 
700 Ib./sq. in. abs. The results include tabulated values of p, v, T, H, S, f, and Z, as well 
as the vapor-pressure-temperature curve, the critical properties, and constants for the 
Beattie-Bridgeman equation. 

The original pressure data were accurate to within 0.14% in the high range and to within 
4% in the low range. The limits on the experimental oiheune data were 0.07% for large 
pa volumes and 2% for liquid volumes. The temperature was determined to within 
0.1°F., or less than 0. 02% of the absolute temperature. 

Experimentally determined vapor pressures were found to be lower than those reported 
in the literature in the range above 1 atm. Values previously reported were obtained by 
extrapolation of a vapor-pressure-temperature relation developed for use at subatmospheric 
pressures. For pressures below 1 atm. the experimental values agreed with the reported 


values. 


The equipment used was modeled after 
that of Kay (5, 6, 7). The fluid was confined 
over mercury in a calibrated thick-walled 
glass capillary tube. Temperature control 


Equations used to calculate enthalpy, entropy, 
and fugacity, equation-of-state calculations, and 
collected data on properties of tertiary butyl alcohol 
are on file as document 5058 with the American 
Documentation Institute, Auxiliary 
Project, Library of Congress, Washington 25, R 
and may be obtained for $2.50 for photoprints or $17 75 
for 35-mm. microfilm. The collected data from litera- 
ture sources include vapor pressures, heat of fusion, 
heat of vaporization, heat capacities, densities, 
coefficients of expansion, viscosity, surface tension, 
refractive index, parachor, standard enthalpy and free 
energy of formation, and some properties of mixtures 
of tertiary butyl alcohol and water. 

Lester H. Krone, Jr., is at present with Inter- 
national Business Machines Corporation, St. Louis, 
Missouri. 


was provided by refluxing under controlled 
pressure one of a series of pure organic 
liquids around the tube. 

Temperatures were measured by means 
of a copper-constantan thermocouple and 
a precision potentiometer calibrated against 
a National Bureau of Standards ther- 
mometer. A Heise precision Bourdon-tube 
pressure gauge, calibrated by the manufac- 
turer, was used for pressure measurements. 
Volumes were determined by the use of a 
cathetometer. The critical temperature was 
determined by the disappearance of the 
meniscus and of critical opalescence. 

The operation of the apparatus used for 
obtaining the original data was checked by 


determining the pressure-volume-tempera- 
ture and vapor-pressure—temperature rela- 
tionship for water at several temperatures. 
Tertiary butyl alcohol was chosen for this 
study because it is used widely enough in 
industry, as both a solvent and an inter- 
mediate, to make a study of its properties 
worth while. In addition, from the stand- 
point of the initial testing of a new experi- 
mental setup, it was desirable to have a 
compound with a melting point above room 
temperature. at normal atmospheric pres- 
sure, in order to establish this as the zero 
point for both enthalpy and entropy. Also, 
it was possible to reach the critical point 
in the glass apparatus and desirable to be 
able to observe critical phenomena visually. 

The sample of tertiary butyl alcohol was 
over 99% pure as received. This was 
distilled and a center cut taken which was 
then dried over anhydrous calcium sulfate. 
The dried material was fractionally crystal- 
lized. The freezing point of the final sample 
indicated greater than 99.8% purity and 
the refractive index indicated 100% purity. 


CALCULATION METHODS 


By the methods described in the 
original article (1) the constants for the 
Beattie-Bridgeman equation were deter- 
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1. THERMODYNAMIC PRopeRTIES OF SATURATED TERTIARY ALCOHOL mined, use being made of the experimen- 


Enthalpy,* Butropy,* tal pressure-volume-temperature data. 


Temperature, _Ib./ cu. ft./Ib. B.t.u./Ib. B.t.u./(b.)(C?R.) The constants were adjusted until the 
°F. sq.inabs. Liquid Vapor Liquid Vapor Liquid Vapor pressure calculated by the equation 
an agreed with the measured pressure to 
= within experimental accuracy. 
200 21.6 0.022 4.22 99.4 311.4 0.168 0.489 
225 33.0 0.023 2.79 119.0 322.0 0.197 0.493 The thermodynamic properties were 
250 50.7 0.024 1.762 139.7 329.7 0.226 0.494 calculated from these data, the Beattie- 
\pera- 275 74.1 0.025 1.223 158.5 339.5 0.253 0.499 Bridgeman equation, and heat-capacity 
rela- 300 106.5 0.026 0.845 178.5 348.5 0.278 0.502 data available in the literature (2, 10, 11), 
tures. 325 148.9 0.027 0.584 200.0 356.0 0.307 0.506 by use of standard thermodynamic 
r this 350 202.3 0.028 0.413 217.3 361.3 0.331 0.509 tio 3 
equations (3). 
gh in 375 270.2 0.031 0.314 240.4 371.9 0.357 0.514 
inter- 400 354.4 0.035 0.223 268.3 378.5 0.387 0.515 
erties 425 452.3 0.039 0.151 297.3 377.9 0.422 0.513 extrapolation of the vapor-pressure equa- 
tand- 450 577.0 0.047 0.087 353.8 375.9 0.476 0.500 tion to the critical temperature. The 
<peri- 456.3 613.8 0.062 0.062 348.5 371:5 0.496 0.496 critical volume was determined by the 
we a method of rectilinear diameters. These 
alk *Based on H = 0 and S = 0 for liquid at 1l-atm. pressure and 78°F. methods are all described in detail by 
pres- Kobe and Lynn (8). 
Also, 
ee RESULTS AND DISCUSSION 
TaBLE 2. THERMODYNAMIC PROPERTIES OF SUPERHEATED TERTIARY ButyL ALCOHOL 
ally, ; Tables 1 and 2 summarize the prop- 
| was Pressure, Compress- Entropy,* Fugacity, erties of saturated and _ superheated 
was Temperature, Ib./ Volume, ibility  Enthalpy,* B.t.u./ Ib. / tertiary butyl alcohol. The enthalpy and 
sq. in. abs. cu. ft./Ib. factor B.t.u./lb.  (Ib.)(°R.) sq. in abs. entropy of tertiary butyl alcohol at its 
sakall 200 14.7 6.25 iad 3122 ~ 0.499 freezing point (78°F.) and atmospheric 
mple pressure were taken as zero. The vapor- 
5 4.7 6.5 -- 324. 517 oressure equation determined from ex- 
ptt 225 14.7 5.50 324.4 0.517 | quation det 1 f 
rity. 20.0 4.75 0.955 324.0 0.508 19.0 perimental data was 
30.0 3.06 0.929 322.4 0.496 28.0 
In p = 39.7545 — 10456/T — 3.215 In T 
250 14.7 6.75 —- 335.0 0.533 
20.0 4.95 0.959 334.6 0.524 19.0 The constants for the Beattie-Bridgeman 
35 916 332. 50: 36. 
the 2.35 The critical temperature, 456.3°F., 


eter- 275 14 0 347. 0 agrees well with the reported value of 


20.0 5 13 0.964 oe ae 19.0 455°F. (9). The critical volume was found 
30.0 6287) 0.946 345.7 0.530 28.0 to be 0.062 cu. ft./lb. The experimentally 
40.0 2.44 0.925 344.3 0.521 36.2 determined vapor pressures in the range 
50.0 1.93 0.904 343.0 0.514 45.0 above 1 atm. were found to be lower 
than those reported in the literature (4). 
300 14.7 7.25 pres 359.3 0.566 No record of experimental work in this 
20.0 5.33 0.966 359.0 0.558 19.0 range could be found, and it is believed 
30.0 3.47 0.950 358.1 0.546 28.0 that tl 
40.0 2.57 0.934 357.0 0.536 36.2 
50.0 2 OL 0.917 355 7 0.529 45.0 by extrapolation of the vapor-pressure- 
75.0 1.28 0.866 352.6 0.516 66.0 temperature relationship developed for 
use at subatmospheric pressure. The 
325 14.7 7.50 — 372.0 0.583 same applies to the critical pressure, no 
20.0 5.53 0.971 371.5 0.575 20.0 record of experimental determination 
30.0 3.60 0.956 370.5 0.563 29.0 having been found. Thus the critical 
pressure, as determined in this study, is 
75.0 1.34 0.884 365.3 0.533 67.5 ae ay the literature value 
100.0 0.96 0.844 362.4 0.523 86.5 eee ere 
The figure shows a_ temperature- 
350 14.7 7.75 — 384.9 0.599 entropy diagram for this system which 
20.0 5.75 0.973 384.3 0.590 20.0 differs from that usually illustrated in 
30.0 3.75 0.961 383.7 0.579 29.0 thermodynamic tests in that the satu- 
40.0 2.78 0.948 382.9 0.570 38.0 rated-vapor line curves back on itself. 
50.0 2.21 0.933 381.9 0.563 bt 0 However, this behavior has been reported 
75.0 1.39 0.893 379.0 0.550 67.5 
100.0 1.01 0.859 376.3 0.540 87.2 
150.0 0.60 0.777 370.0 0.525 122.0 in the butane family. 
| The original pressure data were accu- 
375 14.7 8.0 im 398 .2 0.615 rate to within 0.14% in the high range 
| 20.0 5.90 0.976 398.0 0.607 20.0 and to within 4% in the low range. The 
30.0 3. 7 0.964 397.0 0.595 29.0 limits on the experimental volume data 
| 40.0 were 0.7% for large vapor volumes and 
50.0 2.27 0.939 395.5 0.579 47.0 2% for liquid vol 
75.0 1.46 0.906 392.7 0.566 68.0 
100.0 1.05 0.874 390.2 0.557 88 1 was determined to within 0.1 F., which 
150.0 0.65 0.807 384.7 0.542 125.0 amounted to less than 0.02% of the 
200.0 0.46 0.750 378.5 0.528 156.0 absolute temperature. The results of 
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THERMODYNAMIC PROPERTIES OF SUPERHEATED TERTIARY ButyL ALCOHOL 


Pressure, 
Temperature, Ib. / 
8 sq. in abs. 


400 14.7 


500 14. 


75. 
100. 
150. 
200. 
250. 
300. 
350. 
400. 


NH 


-~ 


Compress- 


ibility 
factor 


: 


ou 


TaBLeE 2—(Continued). 


Enthalpy,* 
B.t.u./lb. 


412.9 
412.6 
411.9 
411.0 
410.1 
408.1 
405.2 
400. 
395. 


426 
425 
425 


424. 
423. 
420. 
419. 
415. 
410. 
406. 
402. 
397. 


440. 
440. 
439. 
438. 
438. 
436. 
434. 
429. 


425 
421 
417 
413 


455. 
455. 


454 
453 
453 


451. 


449 


445. 


441 
437 
434 
429 


427. 


470 


470. 
469. 


468 
468 


466. 
464. 
461. 
457. 
453. 
450. 
447. 
444. 


*Based on H = 0 and S = 0 for liquid at 1 atm. pressure and 78°F. 


check runs in the apparatus using water 
showed an average volumetric deviation 
of 0.63% from the accepted value. 
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SS = 


Entropy,* 
B.t.u./ 
(Ib.)(°R.) 


0.631 
. 623 


611 
603 
596 
583 
574 
558 
547 


647 
638 
627 
619 
612 
600 
590 
576 
564 
554 
546 
538 


663 
655 
643 
634 
628 
616 
606 
592 
582 
572 
563 
556 


679 
671 
659 
650 
644 
632 
623 
609 
597 
588 
582 
576 
569 


695 
687 
675 
667 
661 
648 
639 
626 
616 
607 
600 
594 
587 
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TABLE 3. CONSTANTS FOR THE BEATTIE- 
BRIDGEMAN EQuaTION 


+ — b/v)] — (Ao/o*)(1 — 


a = 0.145 
Ao = 20 
b = 0.081 
By = 0.070 
ce =3 X 10° 
NOTATION 
a =constant in the Beattie-Bridge- 


man equation, cu. ft./lb. 


Ay = constant in the Beattie-Bridge- 


man equation, (lb./sq. in. abs.) 
(cu. ft./lb.)? 


b = constant in the Beattie-Bridge- 


man equation, cu. ft./Ib. 


By = constant in the Beattie-Bridge- 


man equation, cu. ft./lb. 


c = constant in the Beattie-Bridge- 


man equation, (cu. ft./lb.)/°R. 
fugacity, lb./sq. in. abs. 

= enthalpy, B.t.u./lb. 

= pressure, lb./sq. in. abs. 

gas constant, (Ib./sq. in. abs.) (cu. 
ft./lb.)/°R. (= 0.1448) 

= entropy, B.t.u./(Ib.)(°R.) 

= temperature, °R. 

volume, cu. ft./Ib. 

compressibility factor 
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Fugacity, 
cu. ft./Ib. sq. in. abs. 
8.25 
20.0 6.11 0.978 20.0 
30.0 4.00 0.966 29.0 C 
40.0 97 0.956 38.0 
75.0 52 0.915 69.2 
100.0 10 0. 886 89.5 an | 
150.0 69 0.829 127.2 RT 
200.0 48 0.778 160.5 v vT 
495 14 50 
20 28 i 20 
30 19 29 
40 10 38 
50 45 47 
75 58 69 T 
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350 26 252 7 
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Composition Change in Binary-component 
Spray Vaporization at Atmospheric Pressure 


J. F. CULVERWELL, P. W. GROUNDS, JR., G. G. LAMB, and W. F. STEVENS 


Northwestern Technological Institute, Evanston, Illinois 


This paper describes an investigation of the factors affecting the change in composition 
with vaporization of a binary-component spray in heated air at atmospheric pressure. 
The behavior of the system orthodichlorobenzene-tetrachloroethylene was studied in air 
ranging from 400° to 1,000°F. Initial drop diameters in the sprays were in the 20- to 400-z 
range. The experimental data obtained indicated that the rate of change of spray composition 
during vaporization was affected only by the chamber-air temperature, the initial feed 
composition, and the nozzle characteristics. 

Equations are presented which mathematically describe the vaporization process, liquid 
diffusion being assumed within the drop controls. These equations have been solved by 
a stepwise procedure for three initial drop sizes. Results of these calculations have been 
added statistically according to the initial-drop-size distribution in order to predict the 
vaporization behavior of the spray. Details of this process of statistical combination have 
been summarized by Culverwell (1). 

The calculations agreed with the experimental data previously obtained during the 
first 5 in. of nozzle-to-tray travel. After 5 in. the deviation was great. Future experimental 
work to determine more precise values of drop-size distribution, initial drop velocity, and 
liquid diffusion coefficient may result in more complete agreement. 


A principal problem encountered in the 
design of jet-engine-fuel-injection systems 
is the prediction of fuel-vaporization be- 
havior. In this problem atomization, 
vaporization, and combustion are inter- 
related, with atomization influencing 
vaporization, which in turn affects com- 
bustion of the fuel. Other processes also 
require a knowledge of the mechanism 
of spray vaporization for a good engi- 
neering design. These include spray 
drying and humidification operations in 
particular. It seems that the development 
of a method of predicting the behavior 
of multicomponent sprays with respect 
to composition change during vaporiza- 
tion would have considerable practical 
value. 

The mechanism of mass transfer in a 
binary droplet may be bracketed by the 
two extremes of liquid diffusion control- 


hAdt 


Concentration 
Gradient 


LIQUID DIFFUSION CONTROLLING 


hAdt 
ling and gas diffusion controlling as g aft 

shown in Figure 1. The droplet tempera- PL de > dm 
ture is such that the heat transfer to the de 


drop from the air equals the heat. re- 
quired by mass transfer from the drop 
and heat conduction into the drop. As 
the air temperature is increased, the 
droplet temperature approaches the boil- 
ing point. When the air temperature is 
increased beyond the point where the 
drop is at its boiling point, the mecha- 
nism may change in the direction of 


GAS DIFFUSION 


Fig. 1. Mass and heat transfer in a binary- 
component drop with liquid diffusion con- 
trolling and with gas diffusion controlling. 
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constant composition vaporization, owing 
to the comparatively slow rate of liquid 
mass transfer within the droplet. 

The investigation described in this 
paper consisted of the measurement of 
the variables affecting the vaporization 
of a binary spray, followed by the develop- 
ment of a prediction method from basic 
mass and heat transfer relationships. 
The variables studied for their effect 
on the composition change—vaporization 
relationship were air temperature, feed 
composition, feed temperature, feed pres- 
sure, and distance from nozzle. Measure- 
ments were made with a typical spray 
composed of a large range of drop sizes, 
while the mechanism calculations were 
made for one particular initial drop size 
at a time. Then the bahavior of the whole 
spray was synthesized by summing the 
behavior of the various individual drop 
sizes according to the drop-size distribu- 
tion of the spray. 


REVIEW OF PREVIOUS WORK 


Previous work on droplet vaporization 
has been carried out primarily on single 
drops of pure materials. There has been 
some work with sprays, but none of this 
has considered the change of composition 
during the vaporization of a multicom- 
ponent spray. 
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Fig. 2. Photograph of movable nozzle-spray chamber showing feed 
system and ice-water-cooled spray collection tray. 


Lamb and O’Brien (6) computed the 
change in composition of a four-com- 
ponent fuel drop, assuming ideal-solution 
behavior. The vaporization mechanisms 
compared were (1) true-boiling-point 
vaporization, (2) differential vaporization, 
(3) equilibrium flash vaporization, (4) 
A.S.T.M. vaporization, and (5) vapori- 
zation predicted by gas diffusion. These 
authors suggested that experimental work 
should be carried out on common fuel 
systems in order to determine which of 
these possible mechanisms was most 
likely to be the true one. 

Selden and Spencer (10) carried out 
preliminary experiments designed to 
indicate the vaporization mechanism. 
They reported that vaporization began 
immediately upon injection of the fuel 
and that the initial heat transfer rate was 
a function of the initial air-to-drop tem- 
perature difference. Godsave (3) distin- 
guished between two possible mechanisms 
which might control vaporization rate: 
(1) when the air temperature is below the 
drop boiling point, gas diffusion controls 
the vaporization rate; and (2) when the 
air temperature is considerably above the 
drop boiling point, the heat transfer rate 
controls vaporization. 

Topps (11) confirmed the second 
mechanism in his work with single drops 


Page 556 


of pure material in the 300- to 500-u-diam. 
range falling at terminal velocities 
through air up to 630°C. He concluded 
that heat was conducted into the drop, 
as indicated by radius increase during 
the early stages of the evaporation. For 
air temperatures 200°C. or more above 
the drop boiling point, the wet-bulb 
temperature was considered to be the 
boiling point, which is a good approxima- 
tion. In addition, Topps concluded that 
multicomponent fuels evaporated as 
pure materials as far as vaporization rate 
was concerned. Unfortunately, the com- 
position change accompanying the vapori- 
zation was not determined. 

Ranz and Marshall (9) developed heat 
and mass transfer correlations for droplet 
vaporization based on experiments made 
with single water drops from 600- to 
1,100-u diam. in air streams up to 
220°C. at Reynolds numbers of 200. In 
this work a 0.5-mil thermocouple at the 
drop center indicated the equilibrium 
drop temperature to be at the wet-bulb 
temperature. This wet-bulb temperature 
was also determined by Ingebo (4) in 
correlating data on the vaporization of 
pure liquids from a 0.688-cm.-diam. cork 
ball in air streams up to 500°C. El 
Wakil, Uyehara, and Meyers (2) devel- 
oped an incremental-trial-and-error meth- 
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Fig. 3. Schematic sketch of spray chamber. 


od for prediction of the vaporization of 
pure droplets, assuming mass transfer 
from the drop controlled by gas diffusion. 


EXPERIMENTAL EQUIPMENT AND TECHNIQUE 


The spray unit shown in Figures 2 and 
3 consisted of (1) feed system, (2) heating 
chamber, and (3) spray collection system. 
The feed line consisted of a feed reservoir 
and a system of glass volume gauges with a 
valve arrangement so that nitrogen pressure 
on the feed line might be applied during 
spraying and released afterward. The feed 
line was connected to the movable nozzle 
and feed-line cooling assembly by a flexible 
metallic hose. The feed cooling line was a 
triple-pipe heat exchanger with cooling 
water entering the inner annulus at the 
top and passing to the outer annulus at the 
bottom of the exchanger. Flexible hoses 
were also used on the water-coolant lines. 
The feed nozzle was screwed into a coupling 
at the bottom of the feed cooling exchanger 
and the valve seat was located in this 
coupling, to which a thermocouple was 
attached 13% in. above the nozzle face. The 
valve stem extended from this valve seat 
to the solenoid located on the top of the 
exchanger at the feed inlet. The solenoid 
valve and a timer were operated simul- 
taneously through a single switch. The feed 
exchanger was housed in an 8-in.-diam. 
sheet-iron shell so insulaced that the feed 
cooling would not appreciably affect the 
chamber temperature. The entire housing 
was movable by a chain hoist. The nozzle 
face was flush with the bottom of this 
insulated shell and a movable thermo- 
couple permitted measurement of the air 
temperature at the nozzle height. A movable 
drip pan was located so that it might be 
swung under the nozzle to catch the drips 
after the spray was turned off after each 
run. The chamber was heated by nichrome 
resistance wires wound around the outside. 
The chamber air was exhausted at the 
end of each run by a blower which caused 
a flow of air through the chamber from top 
to bottom. 

The spray was collected on an ice-water- 
cooled internally baffled circular tray, 
which could be slid into the chamber 
through a door at the bottom of the cham- 
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67% by Volume o—C,H,C.2 in C2Cl, 
Nozzle 14 LN No. 6 

Feed pressure 30 lb./sq. in. gauge 
Tray correction 3 cc. 

Exit tray coolant 40°F. 


Temperature, °F. Spray Tray 
time, 
Chamber Nozzle Tray sec. in. 
412 75 30 18.57 15 
413 40.21 
416 28.23 
402 51.29 
403 68.84 
408 18.16 10 
400 39.99 
407 28.25 
410 50.00 
410 66.29 
390 18.93 5 
398 49.59 
395 39.22 
394 28.10 
410 66.87 
590 80 30 268s 5 
596 16.75 
585 17.89 
595 50.49 
595 21.58 
585 66.67 
575 39.64 
607 16.97 10 
606 44.24 
597 36.48 
610 36.79 
785 50 30 41.03 15 
790 27.62 
804 63.19 
783 
795 50.46 
802 38.88 10 
805 27.71 
810 17.23 
805 49.89 
1002 55 30 16.23 10 
1008 10.37 
1009 21.39 


ber. Liquid was removed from the tray 
by squeegee and vacuum line into a gradu- 
ated cylinder. The tray coolant was pumped 
to the tray from an ice-water reservoir. 
Vaporization and condensation on the 
tray were checked under the conditions of 
operation and were found to be negligible. 
Spraying Systems nozzle 14 LN 4 was used 
throughout. 


EXPERIMENTAL DATA 


The experimental procedure used was 
designed to give data which would permit 
the construction of a vaporization-com- 
position diagram for the system being 
studied, 67% (by volume) orthodichloro- 
benzene and 33% _ tetrachloroethylene. 
Measurements were made at given nozzle- 
to-collection-tray distances under given 
fir and feed conditions to determine, as a 
aunction of the volume of feed input, the 
composition of the unvaporized spray 
collected on the tray and the fraction of the 
input feed vaporized. 

Refractive index was measured to deter- 
mine the composition of the residual liquid 
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distance, Refractometer Volume 


TaBLe 1. TypicAL EXPERIMENTAL Data 


Residual composition 
Reading 


Temp., Index %H.B. Start End 
20.0 1.53882 71.8 0.5 63.5 
1.5389 73.2 0 132.5 
1.53891 .73.6 1388.5 223.5 
1.5394 74.3 62.0 225.0 
1.5394 74.3 0 224.5 
19.5 1.5373 69.7 2.5 63.5 
1.5372 69.5 15  188:0 
1.53880 71.5 132.5 223.5 
1.5380 71.5 63.5 223.5 
1.5380 71.5 —4.0 20 
21.5 1.5356 67.2 —1.0 63.0 
1.5362 68.5 62.0 222.5 
1.5362 68.5 3.0 132.5 
1.5360 68.0 133.0 223.5 
1.5362 68.5 5.0 273.0 
27.0 1.5365 73.3 136.5 225.0 
1.5360 72.5 4.5 62.0 
1.5364 73.3 0.5 61.5 
1.5371 75.0 59.0 224.0 
1.5367 74.0 60.0 131.0 
1.5374 75.5 4.0 222.5 
1.5368 74.0 3.0 131.5 
26.2 1.5379 75.8 3.0 63.0 
1.5386 77.0 66.0 224.0 
1.5384 77.0 3.5 133.0 
26.7 1.5398 79.7 4.5 133.0 
21.0 1.5442 85.0 0 131.5 
1.5488 84.8 133.0 223.0 
1.5453 88.5 2.0 222.0 
1.5444 86.5 3.0 61.0 
1.5442 85.0 64.0 222.5 
1.5430 83.0 3.0 131.5 
1.5420 81.0 134.0 222.5 
1.5425 82.5 3.5 61.5 
1.5433 84.0 62.0 222.5 
23.0 1.5427 84.0 
1.54388 86.5 
1.5428 84.5 


on the tray as mole fraction of high boiler. 
The high boiler present is the main problem 
in the “‘tail-end volatility” of fuel, and for 
this reason compositions were measured 
in terms of the high boiler. The fraction of 
feed vaporized was secured by difference 
between the measured value of feed 
sprayed and the measured volume of 
unvaporized spray collected on the cooled 
tray. Complete data for the system studied 
are presented in Table 1, for 400°, 600°, 
and 800°F. with preliminary data* at 
1,000°F. The tray correction of 3 ce. 
represents the volume of liquid which was 
not recoverable from the tray owing to 
sticking of liquid to the tray surfaces. 
Details of this correction and other calibra- 
tion runs are summarized by Culverwell (1). 

The experimental runs, for which data 
are given in Table 1, were all unsteady 
state in nature, starting with the chamber 
full of pure air at the particular temperature 


*Tabular material has been deposited as document 

5054 with the American Documentation Institute, 
Photoduplication Service, Library of Congress, 
Washington 25, D. C., and may be obtained for 
$1.25 for photoprints or 35-mm. microfilm. 
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Volume, ce. 
Volume 
Corrected % 
Feed Collected vaporized vaporized 
63.0 35.5 24.5 38.8 
132.5 82.0 47.5 35.9 
90.0 57.0 30.0 33.3 
163.0 108.0 52.0 31.9 
224.5 146.0 75.5 33.7 
61.0 44.0 14.0 23.0 
131.5 102.0 26.5 20.1 
90.5 71.0 16.5 18.3 
160.0 129.0 28.0 17.5 
219.0 176.0 40.0 18.3 
64.0 54.5 6.5 10.2 
160.5 144.0 13.5 8.4 
129.5 114.5 12.0 9.3 
90.5 84.0 3.5 3.9 
218.0 197.0 18.0 8.3 
88.5 — — 
57.5 46.0 8.5 14.8 
61.0 49.0 9.0 14.8 
165.0 137.0 25.0 15.2 
71.0 60.0 8.0 11.3 
218.5 179.0 36.0 16.5 
128.5 108.5 17.0 13.2 
60.0 36.5 20.5 34.2 
158.0 99.0 56.0 35.4 
129.5 79.5 47.0 36.3 
128.5 52.5 73.0 56.8 
131.5 44.0 84.5 64.3 
90.0 30.0 57.0 63.4 
220.0 70.5 146.5 66.5 
58.0 17.5 37.5 64.6 
158.5 54.0 101.5 64.0 
129.5 70.0 56.5 43.6 
88.5 50.0 35.5 40.0 
58.0 29.5 25.5 44.0 
160.5 85.0 72.5 45.2 
50.0 21.0 26.0 52.0 
32.0 14.5 14.5 45.3 
65.0 30.0 32.0 49.2 


indicated. However, once the run got 
underway the temperature and composition 
of the air-vapor mixture in the chamber 
varied in a very complex manner. In order 
to secure data at known conditions, the 
measurements made at different feed-input 
volumes were extrapolated to zero feed 
volume. At zero feed volume, the chamber 
air temperature and composition were at 
their known initial values. Data obtained 
by such an extrapolation represented the 
behavior of the first few droplets of spray 
as they fell through an unchanging en- 
vironment similar to that in existence 
throughout the entire chamber at the 
instant before spraying began. Hence, 
original data taken from a series of unsteady 
state runs were combined to yield data 
which described the result of a hypothetical 
steady state operation. A typical set of 
extrapolations is shown in Figure 4. Linear 
extrapolations were used, which seems to be 
a reasonable approximation. Other such 
extrapolations were also made, as sum- 
marized by Culverwell (1). 

Extrapolated values of residual composi- 
tion in mole-fraction high boiler were 
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plotted against extrapolated values of 
mole-fraction feed vaporized to give the 
curves in Figure 5. Three of the points in 
Figure 5 come from the extrapolations 
shown in Figure 4. Similar extrapolations of 
additional data were required for the rest 
of the points shown. Figure 5 indicates 
that the shape and location of the vaporiza- 
tion-composition curve are affected pri- 
marily by air temperature, feed composition, 
and nozzle size. Other variables, such as 
feed temperature, feed pressure, and 
nozzle-to-tray distance locate a point on 
the curve but do not change the curve shape. 


DEVELOPMENT OF MECHANISM EQUATIONS 


The following is a brief summary of 
the procedure used for the development 
of the mathematical relationships existing 
under the assumption of a particular 
mechanism of droplet vaporization, that 
of liquid diffusion controlling. The 
equations were developed to describe the 
behavior of a single drop, after which 
they were combined statistically to 
predict the behavior of a spray com- 
prised of a wide range of droplet sizes. 

In the following mathematical develop- 
ment it was assumed that (1) convection 
within the drop was negligible, (2) mass 
transfer of each component in the drop 
was controlled by liquid diffusion, (3) 
heat transfer within the drop was con- 
trolled by thermal conduction, (4) the 
surface composition of the drop was 
100% high boiler, and (5) the surface 
temperature of the drop is the boiling 
point (of the high boiler). To make the 
resultant equations possible of solution, 
they were set up to give expressions for 
the drop radius, drop temperature, drop 
composition, and drop velocity as a 
function of the distance traveled from 
the nozzle, with the distance expressed in 
terms of an increment of travel, L. — Lh. 
Thus a stepwise calculation procedure 
was required, moving from increment to 
increment and repeating the computa- 
tions at each increment, a tedious process 
at best. Details of the equation deriva- 
tions and of their use in computation are 
to be found in the original work upon 
which this paper is based (Z). 

By means of a heat balance around a 
single drop combined with a low-boiler 
mass balance around the drop, the fol- 
lowing equation for r2/r, may be devel- 
oped: 


7 1 
In? = ——— 
Ane 
Mis 


(tm, — | (1) 


Quantities written with a subscript m 
should be evaluated at the appropriate 


Page 558 


s 
B 90 
Is" 
4 80 o 10 
a. 

70- 
> 
Fe) 15 
Ss 50- 
J 
ee 2 5 
° 
O T T T 
3 O 100 200 
> 


Feed Volume, Cubic Centimeters 


Fig. 4. Extrapolation to zero feed volume of residual composition and volume percentage 
vaporized for 67 %-by-volume orthodichlorobenzene in tetrachloroethylene sprayed at 15°C. 
and 30 lb./sq. in. gauge into 316°C. air. 


volume mean, which was assumed to be 
that at a point within the drop where 
r = 0.7941 nar 

For the next relationship, a thermal 
conduction heat balance around a differ- 
ential volume of the drop is required, a 
spherical drop and radially symmetrical 
temperature gradients within the drop 
being assumed. The result is the following 
equation for t,,, — tn: 


— bm, 
to 


= 0.404] exp 


2 


— exp +... | 
1 


On the basis of liquid diffusion within 
the droplet by means of a diffusional 
mass transfer balance over a differential 
element inside the drop, the following 
relationship between X,,, and X,,, may 
be developed: 


(2) 


PL, r xin) PL, r 

M, Xn, M, Xn, (3) 

Pup Pls 
<10 
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= 0.404] exp 


2 


= exp 4 : 


2 
1 


Finally drag relationships for the two- 
dimensional motion of a spherical particle 
were applied to give the following equa- 
tions for the components of the droplet 
velocity: 


= 2.66 
1Pa 


{0.75 
Ti PL 


L,,) (4) 


= 2.06 


exp { 


(5) 


In the application of the foregoing 
relationships [Equations (1) through (5)] 
a good deal of supplementary information 
was required. Physical properties of the 
system being studied were secured from 
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Fig. 5. Composition-vaporization diagram for orthodichlorobenzene-tetrachloroethylene. 
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Fig. 6. Comparison of calculation with experimental data on vaporization-composition 
diagram for 67%-by-volume orthodichlorobenzene in tetrachloroethylene at 15°C. and 30 
lb./sq. in. gauge sprayed through Spraying Systems nozzle 14 L.N. 4 into 427°C. air. 


the literature or were measured in the 
laboratory. Liquid diffusion coefficients 
for orthodichlorobenzene in tetrachloro- 
ethylene were computed by the method 
of Wilke (12) and the correction for 
nonideal solutions proposed by Powell, 
Roseveare, and Eyring (8) with activity 
coefficients computed by means of a 
Van Laar three-suffix equation using 
experimentally determined boiling-point 
data. The heat transfer coefficient was 
computed by the correlation of Ranz and 
Marshall (9). 
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CALCULATION PROCEDURE AND RESULTS 


In order to compute spray vaporization 
and composition change predicted by 
the equations previously summarized, 
three initial drop sizes were selected and 
computations made in a stepwise manner, 
by use of 2-cm. increments along the drop 
trajectory. The calculated values secured 
at a given nozzle-to-tray distance were 
then added statistically in accordance 
with the initial drop-size distribution of 
the spray in order to produce a typical 
value for the bulk spray. 
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The method vf solution is summarized 
in detail by Culverwell (1). For each 
increment of each drop size, calculations 
were made according to the following 
plan: 


1. Initial drop-size distribution was 
measured experimentally by use of a 
slide-sampling and photographic-counting 
procedure. The data are summarized by 
Culverwell (7). 

2. Initial drop velocities were secured 
from the data of Landsbaum (6) for 
water, corrected for the binary being used. 
The following values for initial velocity 
resulted: 


do, Uo, em./sec. 
200 1,450 
300 1,120 
400 937 


3. Physical properties were obtained 
from Perry (7). Supplemental data were 
obtained in the laboratory. 

4. The vertical component of velocity 
at the end of one increment of trajectory 
travel was calculated by use of Equation 
(4) with L,, — L,, = 2 cm. 

5. The horizontal component of veloc- 
ity was calculated from Equation (5), 
after which the new trajectory angle and 
the resultant velocity were computed. 

6. The mean drop temperature was 
next calculated by means of Equation (2). 

7. By the Wilke (12) method the 
liquid diffusion coefficient was computed. 

8. Equation (3) was used to calculate 
the mean drop composition at the end 
of the increment. 

9. By means of the Ranz and Marshall 
(9) correlation, the heat transfer co- 
efficient was computed. 

10. Finally the new drop radius was 
calculated from Equation (1). 

11. Steps 4 through 10 were repeated 
for additional 2-em. increments, until 
the desired nozzle-to-tray distances were 
obtained. 


At nozzle-to-tray distances of 2, 5, and 
10 in. the calculated results were added 
statistically according to the initial 
drop-size distribution as measured pre- 
viously. The resulting composition vs. 
mole-fraction vaporized plot is shown in 
Figure 6, with the experimental results 
for the same initial conditions shown for 
comparison. The calculated results agree 
rather well for the first five inches of fall, 
after which considerable deviation is 
indicated. Perhaps actual measurement 
of diffusion coefficients or better data on 
drop sizes and velocities may result in 
greater agreement between calculated 
and experimental results at distances 
greater than 5 in. Also it is possible that 
a substantial portion of the heat may be 
transferred to the drops by a radiation 
process, the effect of which increases as 
the droplets fall from the nozzle to the 
tray. 
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CONCLUSIONS 


The experimental data, when extrap- 
olated to zero feed volume and plotted 
on a vaporization-composition diagram 
like Figure 5, indicate the validity of 
the following generalizations: 

1. The change of residual spray com- 
position with vaporization is a function 
of initial composition, chamber air tem- 
perature, and nozzle characteristics for 
the particular binary, in this case ortho- 
dichlorobenzene-tetrachloroethylene. 

2. The other variables investigated— 
feed pressure, feed temperature, and 
nozzle-to-tray distance—have the effect 
of locating the position on the vaporiza- 
tion-composition curve but do not affect 
the shape of the curve. 

The calculated results for the binary 
based on the assumption of liquid- 
diffusion-controlling mass transfer indi- 
cate the smaller droplets slowing down, 
increasing in temperature, changing in 
composition, and decreasing in radius 
more rapidly than the larger drops. Such 
behavior is consistent with experience. 
Comparison of the calculated data with 
experimental results as shown on a 
vaporization-composition diagram indi- 
cates agreement during the first five 
inches of nozzle-to-tray height. It appears 
that a thermal conduction and _ liquid 
diffusion mechanism may control the 
drop vaporization, at least for these first 
five inches. 

Further experimental work seems to be 
justified to determine more precise values 
of drop-size distribution, initial drop 
velocities, and liquid diffusion coefficients. 
Recalculation with the more correct 
values could possibly result in better 


agreement between the calculated and 
experimental values and give additional 
support to the proposed vaporization 


mechanism. 
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NOTATION 

A = area 

C, = heat capacity at constant pressure 
d = drop diameter 

= diffusion coefficient 

f = friction factor 


g = gravitational constant 


h = heat transfer coefficient 

k = thermal conductivity 

L = length 

m = mass 

M = molecular weight 

r = drop radius 

t = temperature 

At = temperature difference, air-to- 
drop surface 

u = velocity 

x = mole-fraction high boiler 

a, = liquid thermal diffusivity 

6 = time 

A = latent heat of vaporization 

p = density 

Subscripts 

= alr 

b = boiling point 
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Evolution of Gas from Liquids Flowing 


through Porous 


Media 


The production of oil and gas by pressure depletion involves both the formation of 
bubbles and the diffusion of gas from the liquid phase into these bubbles. Studies were 
undertaken to outline in detail the process of bubble formation when the driving force is 
small. This work shows that the formation of bubbles is a random process which can, 
however, be described by a simple probability distribution function. Also, calculations have 
been made to determine how fast gas will diffuse into uniformly distributed gas bubbles. 

These results make it possible to describe the manner in which a gas phase is estab- 
lished during the pressure depletion process. In this process the rate of pressure decline 
is the most important factor influencing the total number of bubbles produced. Laboratory 
tests have substantiated the finding that in certain types of porous media the amount 
of oil recovered is sensitive to the number of bubbles formed. 


Oil is produced from many petroleum 
reservoirs by a solution-gas-drive process. 
In this production mechanism the under- 
ground oil is pushed out and replaced by 
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its own dissolved gas when pressure on 
the reservoir is reduced. A typical oil 
field for which this process is operative is 
characterized by constant reservoir vol- 
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ume and is usually discovered at a pres- 
sure above the bubble-point pressure of 
the crude oil. When well-bore pressure is 
reduced, oil at first is produced by virtue 
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of its expansibility. However, as pressure 
declines below the bubble-point pressure 
the same rate of oil production can be 
realized: with a smaller amount of pres- 
sure decline provided that gas evolves 
within the reservoir and replaces the oil 
withdrawn. The purpose of this paper is 
to consider the factors which are im- 
portant in the formation of such a gas 
phase and to describe quantitatively the 
mechanism by which this gas is evolved. 

The establishment of a gas phase 
depends first upon the formation of small 
bubbles of gas. These bubbles subse- 
quently expand to drive out oil. Expan- 
sion of the gas bubbles results from both 
reduction in pressure and inward diffusion 
of gas from the locally supersaturated oil. 
The development of a gas phase in this 
manner is therefore a rate process and 
must be clearly understood in order that 
laboratory solution-gas-drive tests may 
be made to yield results which will be 
representative of oil-field performance. 
Furthermore, it is commonly assumed 
that gas and oil are always in equi- 
librium within a reservoir at the average 
hydrostatic pressure. If appreciable non- 
equilibrium does occur, then reservoir 
performance predictions cannot be accu- 
rately made unless these deviations are 
resolved. 

Little information is presently avail- 
able concerning bubble formation and 
diffusion as they occur in petroleum 
reservoirs (1, 4, 5, 6, 11); however, it is 
known that both bubble-formation rates 
and diffusion rates depend strongly upon 
the degree of supersaturation. Both tend 
to counteract a reduction in hydrostatic 
pressure below the bubble-point pressure. 
Diffusion acts in a direct manner and 
bubble formation acts by reducing the 
length of the diffusion paths. Thus the 
following simplified concept of the solu- 
tion-gas-drive process is probably quali- 
tatively correct. This is the concept upon 
which this paper is developed. 

The withdrawal of oil from a reservoir 
results in a decrease in the reservoir 
pressure. Soon reservoir pressure falls 
below the bubble-point pressure of the 
oil. The oil then is supersaturated, and 
bubbles begin to form at a rate depending 
upon the magnitude of this supersatura- 
tion. As soon as the first bubbles are 
evolved, a free gas phase exists and dis- 
solved gas begins to diffuse out of the 
oversaturated oil into the gas bubbles. 
This process tends to return the system 
to equilibrium, albeit slowly, as only a 
few bubbles are present at this early 
stage and diffusion paths are therefore 
quite long. In other words, in the early 
stages of depletion the bubble-point 
pressure of the oil cannot be lowered by 
diffusion so fast as the static reservoir 
pressure is falling because of withdrawal 
of fluid, During this time the average 
supersaturation in the reservoir therefore 
rises, and additional bubbles form at ‘an 
ever-increasing rate owing to this increase 
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in supersaturation. The result is a rapid 
increase in the number of bubbles present. 
As this occurs, the average distance the 
gas must travel in diffusing out of the oil 
and into the bubbles diminishes. There 
is, therefore, a rapid increase in the quan- 
tity of gas transferred by diffusion and, 
consequently, an increase in the rate at 
which the average reservoir bubble-point 
pressure is reduced. Eventually diffusion 
assumes sufficient importance so that the 
bubble-point pressure of the oil falls 
more rapidly than does the reservoir 
pressure, and the average supersaturation 
begins to decline. As soon as supersatura- 
tion declines sufficiently, bubble forma- 
tion ceases for all practical purposes. 
After this, and throughout the remainder 
of the life of the reservoir, the rate of 
diffusion is adequate to reduce the bubble- 
point pressure of the oil at least as fast as 
the reservoir pressure is decreased. 

Practically speaking, it is impossible 
in the laboratory to scale the processes 
described above. In order to study experi- 
mentally the formation of a gas phase in 
a reservoir, therefore, it is necessary to 
use reservoir rates of pressure decline. 
As these are impractical for laboratory 
work, it accordingly becomes highly de- 
sirable to develop an analytical technique 
for estimating the behavior of a system 
under such conditions. 

A quantitative analytical description 
of this process has been given by Ken- 
nedy and Olson (6). However, their 
experimentally determined relation be- 
tween supersaturation and rate of bubble 
formation leads to what appears to be an 
erroneous conclusion. These authors con- 
clude that supersaturation in excess of 
31 lb./sq. in. cannot exist, even for a few 
days, at any point in a reservoir. This 
observation is based upon the following 
data given in their paper: (1) at super- 
saturations of less than 31 lb./sq. in., the 
rate of bubble formation is zero; (2) as 
the supersaturation is increased to about 
31 lb./sq. in., the rate of bubble forma- 
tion suddenly becomes very large; (8) at 
supersaturations in excess of 31 lb./sq. in., 
bubble-formation rates increase with 
extreme rapidity. In other words, these 
authors assume that virtually all bubbles 
are formed instantaneously when the 
amount of supersaturation reaches 31 
lb./sq. in. As a first approximation this 
assumption is valid, at least in the range 
of rates of pressure decline encountered 
in the field. However, it is no longer valid 
when laboratory rates of depletion are 
considered for which experimentally 
observed supersaturations in excess of 
100 lb./sq. in. are common (8). An im- 
provement on Kennedy and Olson’s 
treatment of pressure-depletion non- 
equilibrium behavior is, therefore, needed 
in order to have confidence in comparisons 
between laboratory and field behavior. 
This is particularly important as it has 
been shown (9) that in some laboratory 
tests the total oil recovery by depletion 
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depends strongly upon the number of gas 
bubbles formed within the oil-bearing 
medium. Until such laboratory phenom- 
ena are adequately understood and con- 
trolled, considerable uncertainties’ will 
remain in the prediction of depletion- 
drive-oil-recovery performance for certain 
types of reservoirs. 

A study of the literature reveals that 
little information has been developed 
concerning the mechanism of bubble 
formation. Although some experimental 
data are available (6, 11), these data are 
not complete enough to include rates of 
bubble formation as slow as those norm- 
ally encountered in petroleum reservoirs. 
Such data are exceedingly difficult to 
obtain. Furthermore, the available data 
show a certain lack of reproducibility 
which is difficult to dispose of by assum- 
ing that experimental errors are respon- 
sible. Accordingly, a large fraction of the 
effort reported in this paper was devoted 
to a study of the fundamental aspects of 
bubble formation in quiescent oil-gas 
solutions. The theoretical relations which 
were developed have been confirmed by 
experiment, and as a result it is now 
possible to assess the reliability of data 
given in the literature concerning the 
effect of supersaturation on the average 
rate of formation of gas bubbles. 

Some additional data have also been 
obtained for bubble-formation rates vs. 
supersaturation. Comparison with pub- 
lished data (11) shows that bubble forma- 
tion in most reservoirs can probably be 
predicted adequately on the basis of the 
information presently available. However, 
in order to predict the manner and rate 
at which a gas phase forms on pressure 
reduction, an improved method of calcu- 
lating the interaction of diffusion and 
bubble formation was developed. This 
calculation permits complete prediction 
of the nonequilibrium behavior of a gas- 
oil solution undergoing pressure reduc- 
tion. 

This discussion which follows has been 
divided into four sections in the interest 
of clarity. These deal, respectively, with 
(1) the statistical nature of bubble 
formation, (2) the effect of supersatura- 
tion on the average rate of formation of 
bubbles, (8) the effect of diffusion on the 
growth of the bubbles and upon local 
supersaturation, and (4) prediction of the 
nonequilibrium behavior of a_ gas-oil 
mixture during pressure decline, insofar 
as bubble formation and diffusion are 
important. 


STATISTICS OF BUBBLE FORMATION 


Theoretical 


To predict the nonequilibrium behavior 
expected during a pressure-depletion 
drive, information is needed concerning 
the rate of bubble formation as a function 
of supersaturation. Any experimental 
study of bubble formation involves the 
determination of the rate of bubble 
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formation under a.fixed set of conditions*. 

Attempts to define precisely this rela- 
tionship in the laboratory by measuring 
the time required to form single bubbles 
are generally not fruitful. That is, if 
several identical experiments are made, 
the reciprocal of the average time re- 
quired for the first bubble to form should 
be representative of the rate of bubble 
formation under the conditions being 
studied. How good this value is, however, 
is questionable when it is found that 
these nucleation times vary over an 
extremely wide range for statistically 
identical experiments. For example, it is 
not unusual in a set of three carefully 
controlled experiments to obtain single- 
bubble-formation times which differ by 
a factor of ten. Because of this apparent 
lack of reproducibility, little confidence 
can be placed in such measurements 
without a basic knowledge of the mecha- 
nism of bubble formation. Fortunately 
this question can now be resolved on the 
basis of a mathematical study of the 
statistics involved. The results of this 
study, as described below, give a means of 
interpreting the observed variations and 
of placing confidence limits on the 
measured average values of bubble- 
formation rates. 

The formation of a bubble in the 
absence of external sources of energyt 
occurs only upon the appearance of a 
critical local fluctuation in energy and 
density. According to the kinetic theory 
of matter, local fluctuations in energy 
and density are completely random. This 
implies that the probability of a critical 
fluctuation occurring during a unit of 
time, Af;, under a given set of fixed 
conditions is a constant, p’, which de- 
pends only on length of the time interval. 
Thus the probability of no bubble 
forming in the first unit of time, Af, is 
q (where g = 1 — p’). In the second unit 
of time, Ate, it is also g. The probability 
that bubble formation has not occurred 
by the end of the second unit of time is 
q X q = ©¢@. In a similar manner, the 
probability that no bubbles have formed 
by the end of t units of time is qt and by 
the end of t + At units of time is q'*4*. 
The probability that a bubble was first 
formed during the time interval of ¢ to 
t+ At is therefore the difference of these 
two terms. 


P(t,t+ A) (1) 


The probability density associated with 
this probability is therefore 


*In an actual experiment, as soon as the first 
bubble forms the conditions of the experiment change 
owing to diffusion and the results no longer clearly 
show the relation between supersaturation and 
bubble-formation rates. The only useful information 
obtainable from such an experiment is the time 
required for the first bubble to form. 

7D. A. Glaser has found (3) that cosmic rays can 
initiate bubble formation in superheated liquids. 
These rays are a possible external energy source 
which, however, would not change the statistics of 
bubble formation, because, like fluctuations within 
the liquid, cosmic rays are random. 
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HOT BATH 


GOLD BATH 


Fig. la. Position of J tube with heating 
jacket prior to bubble-formation experi- 
ment. 


-“GOLD BATH HOT BATH 


Fig. 1b. Position of J tube during bubble- 
formation experiment. 


_ 4: Plt, t+ Ad 
= tin 
= (2) 
If g = e~*, this becomes 
&(t) = ae “' (3) 


In this expression @ is a parameter, the 
physical significance of which will be 
made clear in the subsequent discussion. 

For many identical experiments, the 
mean time required for one bubble to 
form may be determined from the follow- 
ing relation: 


~ 


[ t&(t) dt 


/ ate dt = (4) 
0 Qa 


This result shows that the parameter a 
is equal to the reciprocal of the mean 
time required for one bubble to form. 
Alternately, for.a large number of iden- 
tical experiments, a may be identified 
with the mean or average rate at which 
bubbles appear. (Only the first appear- 
ance in each experiment is counted, for 
the reasons noted above.) 

The variance associated with the meas- 
ured time is 


(t — dt 


i 
2 


Qa 


(t — dt = (5) 


and the standard deviation o of the 
measured times is 


(6) 
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This result shows that the standard devia- 
tion is numerically equal to the mean time 
required for the first bubble to form. 

Equation (8) therefore predicts an 
inherent nonreproducibility which will be 
observed in studies of average bubble- 
formation rates. Another way of looking 
at this result is to consider the percentage 
of runs in which bubble formation will 
occur within specified intervals of time. 
The probability that the first bubble will 
form in less than one-half the mean time 
is 0.39 [obtained by integrating Equation 
(3) between the limits t= 0, andt= Md]. 
This means that in 39% of the runs the 
first bubble is expected to form in less 
than one-half the mean time. Similarly, 
it is found that 23% of the runs are 
expected to last longer than one and 
one-half times the mean. It is not sur- 
prising, therefore, that in a series of 
identical runs wide variations are found 
in the time required for one bubble to 
appear. 

The validity of the foregoing prob- 
ability distribution function can _ be 
properly tested only if data are obtained 
by an experimental method in which 
all variables can either be controlled or 
their effect ascertained. Once the validity 
of Equation (3) has been established, 
rate of bubble-formation data collected 
by other methods can then be properly 
analyzed and their accuracy determined. 
The following discussion presents ex- 
perimental data which were collected 
solely to test the theoretical relationships 
established above. 


Experimental 

The experimental method used in the 
present investigation involved superheating 
liquid propane sealed inside glass tubes. 

Pyrex-glass capillary tubing (2 by 8 mm. 
in diameter and 40 cm. long) cleaned in 
hot chromic acid cleaning solution and 
thoroughly rinsed in distilled water was 
sealed at one end and bent in the form of 
a J, the short leg being the sealed end. The 
tube was then sealed to a high-vacuum 
system. After thorough evacuation (< 1076 
mm. Hg) at 500°C., propane (Phillips 99 
mole %), which had been purified by 
repeated high-vacuum transfers, was con- 
densed in the tube and the long arm sealed 
while the tube was still under high vacuum. 
The completed J tube after removal from 
the vacuum system was then ready for 
repeated studies. 

A double water bath was constructed 
from a rectangular aquarium by adding a 
vertical partition consisting of a sheet of 
rubber sandwiched between two sheets of 
Bakelite and containing a horizontal row 
of six holes. The long arm of each of six 
J tubes was slid through a hole in the par- 
tition and its end securely fastened to a 
sliding rack mounted in one of the baths. 
Thus moving the rack simultaneously 
moved the long arms of all six J tubes in 
or out of one of the baths while the short 
arms always remained in the other bath. 
The baths were vigorously stirred, and 
temperatures were controlled to better than 
+0.01°F. by means of mercury thermo- 
regulators and a large heat sink. 
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The J tubes, installed:in the-dual water 
bath, were prepared for a run by heating 
the short arms with hot water flowing 
through jackets slipped over them as 
shown schematically in Figure 1A. In 
this manner all vapor in the long arms was 
condensed, only vapor in the short arms 
being left. After removal of the heated 
jackets and establishment of thermal 
equilibrium, the long arms were drawn 
into the hot bath (see Figure 1B) and the 
time required for bubble formation ob- 
served. 

The propane in the long arm became 
superheated on being drawn into the hot 
bath as the vapor-liquid interface remained 
in the cold bath. Of course, as soon as 
bubble formation occurred, all vapor in 
the cold bath was condensed and equili- 
brium established, ending the run. Since 
the density of the liquid propane in the 
hot bath was less than that in the cold 
bath, it was necessary to incline the J 
tubes as shown in order to avoid convection 
currents. For a similar reason, it was 
necessary to avoid the possibility of the 
vapor in the short arm moving into the 
hot bv th. This was accomplished by using 
tubes bent in the form of a J. 

A dummy J tube, containing a thermo- 
couple and filled only with atmospheric air, 
was used to determine the temperature 
distribution across the partition of the dual 
bath. The temperature gradient was found 
to extend less than 1 cm. away from the 
partition. During a run the long arm of the 
J tube extended 8 cm. into the hot bath. 
However, since the temperature transition 
zone extended 1 ecm. into the hot bath, 
the column of liquid propane which was 
superheated from the cold-bath temperature 
to that of the hot bath was 7 em. long and 
the volume of liquid propane was 0.22 cc. 
Rate of bubble-formation data obtained by 
use of these J tubes can, therefore, be 
expressed as bubbles per second per cubic 
centimeter by dividing the results by 0.22, 
the volume of superheated liquid propane 
studied. Additional measurements estab- 
lished that the time lag required for the 
arm to reach the desired superheat was 
satisfactorily small. 


A series of runs was made on six J 
tubes containing propane superheated 
from 96.5° to 103.1°F. (p = 194.8 
Ib./sq. in. abs., p;;= 178.8 lb./sq. in. abs.). 
Each experiment was continued until 
bubble formation occurred. The results 
of these measurements are given in 
Table 1. The statistical tool known as the 
analysis of variance was used to deter- 
mine whether or not all runs were 
statistically identical. The results of the 
analysis showed that the conditions from 
one set of six runs to the next might be 
considered identical but that runs for all 
the tubes might not. Two of the tubes, 
I and II, were apparently less stable 
than the other four tubes. The analysis 
of variance omitting these two tubes 
showed that the remaining four tubes 
could be considered identical and there- 
fore only data obtained with these four 
tubes, III, IV, V, and VI, were considered 
in testing the applicability of Equation 
(3). 
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Fig. 2. Experimental bubble-formation data 
for liquid propane showing agreement with 
theory. 


Equation (8) predicts the numerical 
equivalence of the mean time and the 
standard deviation. Experimentally the 
mean time (arithmetic average time) 
was 64.4 hr. and the calculated standard 
deviation in the observed time was 63.9 
hr. Thus the requirement of the prob- 
ability distribution function that the 
standard deviation be equal to the mean 
is met by the experimental data. 

Integration of Equation (3) followed 
by rearrangement gives 


PO,) (7) 


where P (0, ¢) is the probability of bubble 
formation occurring in the time interval 
0 to t. Thus a plot of log [1 — P(0, #)] vs. 
t should give a straight line with a slope 
of —a/2.303. Such a plot of the data is 
shown in Figure 2. The solid line was 
obtained by least squares analysis of the 
data. Statistical t-tests applied to these 
data show that (1) there is no reason to 


assume that the intercept in Figure 2 is 
not unity or (2) that the slope is not 
—a/2.303. In view of the agreement of 
experiment with theory, the probability 
distribution function developed in the 
previous section is considered to repre- 
sent satisfactorily the behavior expected 
when experiments are performed to 
determine the time required for single 
bubbles to form. These results may there- 
fore be used with confidence in planning 
and interpreting single-bubble experi- 
ments the objective of which is to relate 
average rate of bubble formation to the 
amount of supersaturation. 


RATE OF BUBBLE FORMATION 


A survey of the literature has revealed 
only a small amount of data relating rate 
of bubble formation to degree of super- 
saturation. Much is available concerning 
so-called “limiting”? supersaturation at- 
tainable, but these data are not of 
interest in the present problem. Of 
pertinent interest are the data of Ken- 
nedy and Olson (6) on methane-kerosene 
solutions and of Wood (11) on a crude 
oil from the Rangely Field, Colorado. 
Both sets of data show considerable 
scatter in the experimentally reported 
bubble-formation times, but this ap- 
parent uncertainty is not inconsistent 
with the theory developed above. The 
data of Wood are of particular interest 
as they represent the only presently 
available information relative to forma- 
tion of bubbles in a crude oil-gas solu- 
tion contained within a porous rock. It 
would be highly desirable to be able to 
use these data in predicting the perform- 
ance of perhaps many different oil 
reservoirs, but this can be done only if 
rates of bubble formation do not differ 
widely from one crude oil to the next. 

In order to determine reasonable limits 
of variation of nucleation rates for crude 
oil-gas solutions, bubble-formation data 


1. Hours RequirRepD FoR First BuBBLE ForMaTION IN LiquiID PROPANE 
SUPERHEATED FROM 96.5° To 103.1°F. 


(Data in each row were obtained from experiments begun simultaneously on each of the 
six presumably identical tubes. A range of values indicates that bubble formation 
occurred within the given range.) 


Tube 

I II III IV V VI 
1.6 24.4 23 22.8 47 128-175 
5.8 30.5 4.8 4.0 56-71 32-48 
5.7 4.5 1.8 8.0 32-95 8.2 
0.8 2.0 1.3 32-48 5.3 100 
7.8 8-24 4.2 32-48 8-24 8-24 
1.0 26.9 179-192 104 104-121 32-96 
2.5 8-71 6.0 100 80-96 5.7 
0.3 1.8 56-120 32-48 56-120 152-168 
4.8 32-46 56-118 124-132 176-192 224-287 
0.5 3.0 51-117 3-18 149-163 19.8 
8-23 32-48 121 56-120 32-48 8-23 
3.5 5.0 6.5-22.5 29-46 219 6.5-22.5 
0.4 1.3 128-144 172 201-264 27 
1.0 56-72 6-22 1.0 56-72 1.0 
1.2 5.0 7.0 7 5.0 80-94 
0.8 1.0 4.0 8-24 136 45 
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were obtained for several typical solu- 
tions covering a moderate range of stock 
tank-oil properties. These data were 
obtained by rapidly lowering, to a 
predetermined value, the pressure on the 
fluid. Each solution was contained in a 
glass capillary formed into an inverted 
U tube. The time required for the first 
bubble to form in each test is given in 
Table 2. Calculated mean rates of bubble 
formation are presented in Figure 3, 
along with the data of Kennedy and Olson 
and of Wood. The vertical lines in 
Figure 3 encompass the 95% confidence 
limits. These were calculated by the 
relationship. (1 — 2/\/n) < Ji/Jo < 
(1 + 2/\/n), which was obtainable in a 
straightforward manner by use of the 
method given in paragraph 6.12 of 
Wilks (10). 

Some of the runs used to calculate the 
points shown in Figure 3 were not allowed 
to continue until bubble formation oc- 
curred. Even so, it is possible to use this 
incomplete information to obtain bubble- 
formation rates. All that is needed ex- 
perimentally is the fraction of identical 
runs in which bubble formation occurs 
by the end of some fixed time t,. Integra- 
tion of Equation (3) between the limits 
0 and ¢, gives the relationship between 
this fraction and the rate of bubble 
formation: 


ae dt 


| 

I 
= 

| 


n JO 


where x/n is the fraction of runs in which 
bubble formation occurs by the end of 
time t,. In addition to reducing the time 
required to make a number of runs, this 
method eliminates the necessity of 
continual observation during a run, as 
only its status (bubble formation or no 
bubble formation) at the end of time ¢, 
need be known. 


The relationship given above for con- 
fidence limits does not apply to the 
incomplete data just described. However, 
the binomial distribution function gov- 
erns the statistical results of this latter 
type of test, as for each trial there are 
only two possible outcomes, success or 
failure of bubble formation by time t,, 
and the probability of success does not 
change from trial to trial. According to 
Wilks (10), the 95% confidence limits for 
the binomial distribution are 


— 
og 


n+4 
log (1—2/n) 


°8 n+4 
log (1—2/n) 


where x successes are observed in n trials 
lasting t, days. Since P(0, #,) = 2/n, 
Jo = —(1/t,) In (1 — 2/n), according to 
Equation (7). 

The Rangely system, as shown in 
Figure 3, appears to be less stable than 
the other crude systems. However, this 
can be explained on the basis of the large 
surface-to-volume ratio present when the 
former data were collected. These data 
were obtained by use of reservoir rock 
as the container, while a glass tube was 
used as a container for all the other data 
of Figure 3. It is known that solid sur- 
faces decrease the stability of super- 
saturated solutions, but there is presently 
no definite information, either theoretical 
or experimental, as to the magnitude of 
the decrease. 

In general, with exception of the 
Rangely data, the remaining crude-oil 
data of Figure 3 are seen to define a 
reasonable range of bubble-formation 
rates at any given supersaturation. 
Anticipating later results, it may be said 
that rates of bubble formation as a func- 


TasLe 2. Minures REQUIRED FOR First BuBBLE ForRMATION IN A NUMBER OF CRUDE- 
o1t—-Gas SOLUTIONS 


(Volume of system = 1.6 cc.) 


System number 


1 2 3 

1.0 <0.1 0.6 
20.0 0.4 1.8 
6.0 0.5 9:2 
9.5 0.2 0.3 
4.3 0.5 5.0 
6.0 <0.1 1.0 
2.3 0.4 17.5 
bet 0.2 8.2 
11.0 6.8 1.8 
4.3 4.3 


4 5 6 
6.8 0.8 4.7 
3.0 0.3 3.5 
2.3 0.8 >20.0 
2.3 1.5 19.8 

14.0 3.8 12.0 
3.3 2.0 >20.0 
4.3 0.3 3.0 
4.0 5.8 0.3 
68.0 8.8 >20.0 
13.5 0.8 18.0 


System 1—Methane and pipe-line oil (32°A.P.I.) from West Texas; room temperature; p = 215 lb./sq. in. abs., 
Pp 


h = 115 lb./sq. in. abs. 


System 2—Same as system 1, except pa = 15 lb./sq. in. abs. 
System 8—Methane and stock tank oil (37°A.P.I.) from Leonard Field, Okla.; room temperature; p = 215 


lb. /sq. in. abs., = 15 lb./sq. in. abs. 


System 4—Bottom-hole sample from Gladiola Field, N. M. (stock tank oil gravity = 48°A.P.I.); studied at 
bottom-hole temperature (177°F.); p = 404 Ib./sq. in. abs., pa = 285 lb./sq. in. abs. 

System 5—Same as system 4, except pa = 235 Ib./sq. in. abs. 

System 6—Methane and stock tank oil (32°A.P.I.) from Goldsmith Field, Texas; room temperature; p = 215 


lb./sq. in. abs., pp = 115 lb./sq. in. abs. 
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Fig. 3. Experimental bubble-formation data 

for several oil-gas solutions showing confi- 

dence limits on three systems. Confidence 

limits on the other systems are similar to 

those of Goldsmith. 


tion of supersaturation will probably be 
nearly the same for most naturally 
occurring crude-oil-gas solutions. The 
exceptions will probably be high-shrink- 
age oils with relatively low interfacial 
tensions under reservoir conditions. 

If the greater instability of the Rangely 
data is accepted as a manifestation of the 
large rock-surface area present during 
the experiments, then these latter data 
can be considered appropriate for use in 
predicting the nonequilibrium behavior 
to be expected in a majority of petroleum 
reservoirs. This is a particularly desir- 
able approximation in view of the con- 
siderable expenditure of time and effort 
which is required for the collection of 
such data on any one system. 

In spite of the good quality of the 
Rangely data, insufficient information is 
available at very small amounts of 
supersaturation, and this range is im- 
portant for predicting reservoir per- 
formance. Nevertheless, nucleation the- 
ory predicts that nucleation rates will 
vary with supersaturation in the follow- 
ing manner: 


log J « (p — py)” (8) 
when (p — p,) K px. Within the limits of 
confidence of the Rangely data, this 
relationship is satisfied,* and it is has 


*This agreement of experimental data with nuclea- 
tion theory is an indication that cosmic rays (3) were 
not an important factor in bubble formation in these 
experiments. There is the possibility, however, that 
cosmic rays were present in sufficient number to give 
an essentially continuous increase in energy available 
for bubble formation. This would result in smaller 
fluctuations causing bubble formation but would not 
change the variation of bubble-formation rates with 
supersaturation. Thus it is conceivable that bubble- 
formation rates within a petroleum reservoir are less 
than such rates observed in the laboratory under 
similar conditions, 
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been used to extrapolate Wood’s experi- 
mentally determined rates to very small 
amounts of supersaturation. The un- 
certainty involved in making this extra- 
polation will be shown later to be only 
minor insofar as the nonequilibrium 
behavior of reservoir oils is concerned. 
For the purpose of calculations, the 
Rangely data will therefore be con- 
sidered to be represented by the expres- 
sion 


log J = 7.33 
— 1.46 X 10°(p — p,)? (9) 


DIFFUSION 


When the pressure is changed in a 
system of coexisting gas and liquid 
phases, a state of nonequilibrium is 
created and diffusion occurs. The physical 
configuration of controlling interest in 
the initial development of a gas phase by 
pressure depletion is one of spherical 
symmetry, with gas diffusing from 
supersaturated oil into the bubbles. The 
rate of growth of the bubbles by inward 
diffusion of dissolved gas and the simul- 
taneous depletion of the oil can be deter- 
mined by appropriate solutions of the 
transient diffusion equation. It is here 
estimated that each bubble present may 
be isolated along with the oil surrounding 
it and that its behavior is typical of the 
total system. 

Fick’s hypothesis has been shown to 
hold for diffusion in porous media as long 
as an effective path length, or alternately 
an effective diffusion coefficient, is 
chosen (1, 7). The following expression 
therefore will be considered a suitable 
description of diffusional transfer in 
porous media.* In this equation the 


= 
M,=—D.AB5- 


reasonable approximation is made that 
dc/dr = B(Op/dr) where p is the local 
bubble-point or saturation pressure. Com- 
bination of Equation (10) with a material 
balance over a differential element of 
volume leads to the following differential 
equation: 


(11) 


D, ( ep) op 

In order to predict the amount of gas 
entering an isolated bubble and the 
resultant local decrease in the quantity 
of gas dissolved in the oii, Equation (11) 
must be solved subject to the following 
initial and boundary conditions. These 
are appropriate for the condition which 
exists when a bubble of radius a suddenly 


*Although, strictly, one should consider the indi- 
vidual diffusion of each component of the rather 
complex crude oil, one is forced by lack of computing 
facilities and adequate theoretical development to 
consider that the system is composed of a single 
gaseous constituent and a nonvolatile oil. 
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forms in the center ofa gas-saturated 
sphere of liquid whose saturation pressure 
p; is uniform. The outer boundary R 
of the liquid sphere is, because of sym- 
metry, considered impervious to diffu- 
sion. The conditions of interest, therefore, 
are 


p = pr, t) 
pia, t) — 


pr, 0) 


The solution of Equation (11) subject to 
these conditions does not seem to be 
available in the literature but may 
readily be shown to have the following 
form: 


6 


p=1 


— 

where y, are the roots of the transcen- 
dental equation 


R-a 


(13) 

Equations (12) and (13) permit calcu- 
lation of concentration gradients through- 
out the liquid sphere and of the amount 
of gas diffusing into the gas bubble as a 
function of time. In order to determine 
these quantities it is necessary to know 


the size and distribution of gas bubbles . 


throughout the liquid phase. If the 
bubbles are uniformly distributed, the 
liquid volume may be taken to be 
approximately the total volume of the 
oil phase divided by the number of 
bubbles; that is, 1/N = (4/3)rR* where 
N = number of bubbles per unit volume. 
This establishes the outer radius R of 
the individual diffusion sphere. 

Equations (12) and (13) will be used 
in the following discussion of the means 
for establishing the size of the individual 
gas bubbles. 


NONEQUILIBRIUM DURING PRESSURE DECLINE 


The final objective of this paper is the 
development of an analytical method for 
predicting the nonequilibrium behavior 
of a typical reservoir undergoing pressure 
decline. Specifically, this requires deter- 
mination of the average amount of super- 
saturation and of the total number of gas 
bubbles present at any given time during 
the depletion process. As implied at the 
outset, the present work is powerless to 
predict the detailed manner in which the 
isolated bubbles expand and join to form 
a connected gas phase capable of trans- 
mitting flow of gas. 


Method of Calculation 
Pressure decline, bubble formation, and 
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diffusion occur simultaneously during 
the formation of the gas phase in a 
reservoir which is being depleted. It 
is the purpose here to describe this inter- 
action approximately by numerical cal- 
culations. Because of the complexity of 
the calculations, it is necessary to approxi- 
mate this actual condition by assuming, 
for the purpose of the calculation only, 
that depletion occurs in steps and that 
during each step (1) pressure decline, 
(2) bubble formation, and (3) diffusion 
occur consecutively rather than simul- 
taneously. That is, in a given time interval 
pressure is allowed to decline, increasing 
the supersaturation. During this interval 
the total number of new bubbles formed 
may be determined. Following this, from 
a knowledge of the distribution of bubbles 
one may then compute how much gas 
diffuses from the oil into the gas bubbles. 
The calculation is then repeated. 

The distribution of gas and oil during 
the early stages of development of the 
gas phase is that of spherical gas bubbles 
surrounded by oil. It is convenient to 
reduce this, for purposes of the calcula- 
tion, to a system consisting of only one 
bubble surrounded by a spherical shell 
of its associated oil. The volume of this 
system, the bubble plus its surrounding 
shell of oil, is set equal to the reciprocal 
of the number of bubbles per unit 
volume of rock. Now, because bubbles 
are continually forming and growing, 
this volume changes with time. However, 
in order to make use of the diffusion 
equation, the approximation must be 
made that this volume does not change 
with time. Over short intervals of time 
this approximation is reasonable. 

Another necessary approximation is 
that at the beginning of a step the bubble- 
point pressure of the oil surrounding the 
bubble is uniform and equal to the aver- 
age bubble-point pressure. Because of 
prior diffusion of gas, the bubble-point 
pressure is not quite uniform; it increases 
in the case of an old bubble, as the dis- 
tance from the bubble increases. On the 
other hand, because bubbles are formed 
where the bubble-point pressure is the 
greatest, the bubble-point pressure de- 
creases as the distance from a new bubble 
increases. Furthermore, the growth of the 
gas bubble acts to minimize the bubble- 
point pressure gradient. These factors 
will tend to cancel when averaged over 
many bubbles of different ages, and so 
this approximation should not invalidate 
the results of the diffusion calculations. 

The detailed calculation is made in the 
following way. A suitable time interval 
is chosen, and an average radius a of the 
developed gas bubbles is assumed. The 
following three calculations are then 
made and repeated in sequence over the 
length of time of interest. 


1. The supersaturation existing during 
a given step is taken to be the difference 
between the average bubble point pres- 
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sure at the start of the step and the 
average hydrostatic pressure at the end 
of the step. The average bubble-point 
pressure is known from the results 
obtained in the preceding step; whereas 
the hydrostatic pressure is obtained from 
the known, or assumed, pressure history 
of the reservoir. 

2. After the supersaturation existing 
during a step is calculated, the number 
of bubbles formed is determined. This 
number is the product of the rate of 
bubble formation and the length of time 
involved in the step. This, of course, 
requires knowledge of the rate of bubble 
formation as a function of supersatura- 
tion. A running total is kept on the 
number of bubbles present. 

3. The final calculation involved in a 
given step is the determination of the 
average bubble-point pressure existing 
at the end of the step. This is obtained 
from Equation (12). 


The results of these calculations give a 
history of bubble formation and super- 
saturation for the conditions chosen. 
These resuits are then used as described 
below to obtain a check on a, the average 
bubble radius chosen. 

The bubble radius a increases with 
time and also varies from bubble to 
bubble because the bubbles differ in age. 
As a first approximation, however, it can 
be assumed that a single value of the 
radius may be used in the foregoing 
calculations. This value of a is calculated 
by use of the equation developed by 
Epstein and Plesset (2): 


a= (14) 
where 
= (C — C,)/2mp 


In order to use Equation (14), (C — 
C,,)/p is expressed in terms of B, p, and 
p,. Then an average value for a is calcu- 
lated by means of the average values 
of p, p,, and t found in the previous 
calculation to exist during the period in 
which bubbles were forming. This cal- 
lated value of a is then used to recalculate 
the supersaturation and bubble-formation 
history. After this the radius is once again 
calculated, and, if necessary, it is used 
for still another bubble-formation calcu- 
lation. This iteration is continued until 
the calculation is consistent. Fortunately 
the value of a calculated using the results 
of a bubble-formation calculation is 
almost independent of the estimated 
value of a, as can be seen from the fol- 
lowing results obtained by use of p; = 
1,000 lb./sq. in. = 5 10-3 
sq. ft./day and dp,/dt = 1 lb./(sq. in.) 
(day). 


Gcatea, it. Bubbles/cu. ft. 

0.100 0.017 8 

0.020 0.020 75 

0.010 0.022 160 

0.001 0.026 1,700 
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These typical results show, however, that 
the number of bubbles is extremely 
sensitive to the value of a used. Because 
of the approximations involved, it is 
doubtful whether any physical signifi- 
cance should be attached to the value of a 
determined in this manner. Nevertheless, 
it can be considered as a parameter 
which, when chosen in the above manner, 
makes the bubble-formation calculations 
self-consistent. 


Results 


The calculation technique described 
above has been employed to determine 
the nonequilibrium-presure-depletion 
history for a typical petroleum reservoir. 
Figure 4 shows supersaturation, bubble- 
formation rate, and cumulative bubbles 
formed per cubic foot of reservoir as a 
function of time for a system undergoing 
pressure depletion at the rate of 1 
Ib./(sq. in.)(day). The results show the 
characteristic behavior for all such 
systems, viz, formation of most of the 
bubbles during a relatively short period 
of time and a continually declining super- 
saturation after the maximum is achieved. 
These computations were made by using 
the Rangely data and an effective diffu- 
sion coefficient of D, = 5 X 10-3 sq. ft./ 
day. The time interval chosen was 1 day. 
Recalculation with the interval of 144 day 
gives results which are indistinguishable 
from those shown in Figure 4. This is 
considered a satisfactory indication that 
the step procedure leads to reasonably 
correct results. 

The foregoing calculations relied upon 
the extrapolation of the Rangely bubble- 
formation-rate data described earlier. 
Nevertheless, further computation showed 
that the results of the calculations, in 
terms of total bubbles formed and super- 
saturation history, were almost independ- 
ent of the method of extrapolation of the 
data at low rates of bubble formation. 
In fact, moderate or large changes in any 
of the variables involved does not cause 
any significant change in the results. For 
this reason it is felt that reasonable con- 
fidence can be placed in this method of 
performance calculation. This, of course, 
does not mean that it would not be 
desirable to have more experimental 
information regarding effect of super- 
saturation on bubble-formation rates and 
variation of diffusion coefficients with 
temperature, pressure, and composition. 

Additional calculations covering the 
whole range of pressure-decline rates of 
interest in both the reservoir and the 
laboratory have also been made. These 
calculations were based upon a diffusion 
coefficient, D,, of 5 X 10-3 sq. ft./day 
and a gas solubility, 8, of 0.05 std. cu. ft. 
gas/(cu. ft. oil)(Ib./sq. in. bubble-point 
pressure). In all cases the results were 
similar to those shown in Figure 4. 

The results of these comprehensive 
calculations are summarized in Figures 
5 and 6. Figure 5 shows the maximum 
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supersaturation attained during pressure 
depletion as a function of the rate of 
pressure decline. Included for comparison 
is the behavior assumed by Kennedy and 
Olson (6). On the basis of the information 
shown in Figure 5, there is no reason to 
expect supersaturation to have a signifi- 
cant effect upon rescrvoir engineering 
calculations except perhaps at high 
pressure-decline rates attainable only 
in the laboratory. 

The hydrostatic pressure existing dur- 
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Fig. 4. Calculated nonequilibrium history 
for a typical oil reservoir undergoing deple- 
tion at a rate of 1 lb./(sq. in.) (day). 


ing the period of bubble formation affects 
the size of the bubbles according to 
Equation (14). This results in the hydro- 
static pressure having an effect on the 
supersaturation. As can be seen in 
Figure 5, this effect is quite small at 
reservoir rates of pressure decline but 
becomes large at laboratory rates. 

The nonequilibrium calculations de- 
scribed above yield information as to the 
oumber of bubbles formed as well as the 
supersaturations reached. This informa- 
tion has been shown to be of great import- 
ance in connection with the performance 
of limestone-type reservoirs (9). Figure 
6 presents a summary of the results 
obtained for the total number of bubbles 
formed as a function of the pressure- 


decline rate. As before, Kennedy and . 


Olson’s results are included for compari- 
son. Here it is seen that the hydrostatic 
pressure has a marked effect upon the 
number of bubbles formed. The most 
useful conclusion which can at present 
be obtained from the results shown in 
Figure 6 is that, other things being equal, 
increasing the rate of pressure decline by 
a factor of ten results in the formation 
of about ten times as many bubbles. 
The method of calculation described 
above is not limited to constant rates of 
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pressure decline. However, each case of 
a changing decline rate must be treated 
individually; that is, no general curves 
such as those shown in Figures 5 and 6 
can be drawn to cover these cases. In 
most oil-field operations the rate of 
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Fig. 5. Calculated maximum attainable 
supersaturation for systems undergoing 
pressure decline at constant rate. 
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Fig. 6. Calculated total number of bubbles 
formed per cubic foot in systems undergoing 
pressure decline at constant rate. 


pressure decline changes so slowly that a 
constant decline rate can be assumed to 
exist during the period of bubble forma- 
tion. This is not true, however, of most 
laboratory solution gas drives. Thus, for 
the majority of field applications the 
results presented in Figures 5 and 6 will 
suffice to indicate the general behavior 
to be expected, while for each laboratory 


Vol. 2, No. 4 


application, an individual calculation as 
outlined above will probably be required. 
In either event the analysis given here 
of the nonequilibrium development of 
a gas phase during pressure-decline opera- 
rions is believed to be adequate at present 
for most engineering and .aboratory 
investigations. 


CONCLUSIONS 


Bubble formation in quiescent liquids 
is erratic. However theoretical considera- 
tions predict that nucleation times may 
be described by a simple, exponential 
probability-distribution function. This 
has been confirmed by experiment. 

The mean rate of bubble formation 
increases extremely rapidly with in- 
creasing supersaturation. In the analysis 
of reservoir-depletion performance, this 
effect greatly overshadows the depend- 
ence on fluid composition. 

Calculations were made of the non- 
equilibrium behavior of petroleum reser- 
voirs. At normal rates of pressure decline, 
it was found that the assumption of 
equilibrium between the oil and gas 
phases is satisfactory for the purpose of 
determining fluid properties. 

The method of this paper may be used 
to predict the total number of bubbles 
formed under a given set of conditions. 
Calculations show that the high rates of 
pressure decline normally used in the 
laboratory result in the formation of 
considerably greater concentration of 
bubbles than would be expected under 
field conditions. This must be considered 
in the interpretation of laboratory solu- 
tion-gas-drive tests, since other workers 
have shown that in certain types of 
porous media the amount of oil recovered 
by depletion is sensitive to the number 
of bubbles formed. 


NOTATION 


A = cross-sectional area normal to the 
concentration gradient, sq. ft. 

a = bubble radius, ft. 

C = dissolved gas concentration at the 
bubble-point pressure, p,_ std. 
cu. ft./cu. ft. oil 

C, = dissolved gas concentration at the 
hydrostatic pressure, p,, std. cu. 
ft. gas/cu. ft. oil 

ce = dissolved gas concentration, std. 
cu. ft. gas/cu. ft. oil 

D, = effective diffusion coefficient, sq. 
ft./day. 

= rate of bubble formation, bubbles/ 
(day) (cu. ft. solution) 


J, = true rate of bubble formation, 
bubbles/(day) (volume studied) 
Jo = observed rate of bubble formation, 


bubbles/(day) (volume studied) 
M, = mass rate of transfer, st. cu. ft. 


gas/day 
N = (4/3xR)-! = bubbles/cu. ft. 
n = number of statistically. identical 


runs 
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P(t, t) = probability of bubble forma- 
tion occurring in the time interval 
to tp 


p = bubble-point pressure, lb./sq. in. 

p = average bubble-point pressure, lb./ 
sq. in. 

Px = hydrostatic pressure, lb./sq. in. 

p; = initial bubble-point pressure = 
initial hydrostatic pressure, Ib./ 
sq. in. 

p’ = probability of bubble formation 


occurring in a unit of time, At 

q = (1 — p’) = probability of bubble 
formation not occurring in a unit 
of time, At 

r =radius to any point within a 
spherical shell of oil surrounding 
a gas bubble, ft. 

R = radius to outer boundary of the 
spherical shell of oil surrounding 
the gas bubble, ft. 

t = time, days 


= mean time required for bubble 
formation, days 

t, = time required for bubble forma- 
tion in x out of n runs, days 

At = a unit of time, day 

x = number of runs in which bubble 
formation occurred by time ¢t, 

a = probability density function pa- 


rameter, day~! 

8 = gas solubility coefficient, std. cu. 
ft. gas/eu. ft. oil/(Ib.)(sq. in. 
bubble-point pressure) 


Yn = nth root of the equation, y, = 
R — a/R tany, 

o = standard deviation, day 

o? = variance, day? 

@ = probability density function gov- 


erning first bubble formation 
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Ignition of Solid Propellants 


by Forced Convection 


S. W. CHURCHILL, R. W. KRUGGEL, and J. C. BRIER 


Experimental data are reported for the ignition of single grains of solid propellant in a 
stream of gas at high temperature. The investigation encompassed gas temperatures 
from 578° to 1,070°K., gas velocities corresponding to free-stream Reynolds numbers 
from 156 to 624, a complete range of oxygen-nitrogen mixtures, and a few oxygen-carbon 
dioxide mixtures. Pyrocellulose and double-base propellants were tested. The grains 
were approximately 1/8 in. in diameter and extended through the gas stream, so that 
ignition was forced to take place on the cylindrical surface rather than on the end of the 
grain. The exposure before ignition was measured for a large number of grains. The data 
can be represented by an equation that is consistent with the known effect of flow rate 
on convective heat transfer and the known effect of temperature on chemical reaction 
rates, an indication that both processes are important in ignition. 


The ignition of a single grain of solid 
propellant is a complex process involving 
simultaneous and transient heat transfer, 
mass transfer, and chemical reactions. 
The necessary energy may be transferred 
to the grain by conduction, convection, 
or radiation. In this investigation ignition 
was promoted by convective heat transfer 
from a nonradiating gas stream. Gas 
temperature, velocity, and composition 
were varied. Perforated and unperforated 
cylindrical grains of both single- and 
double-base propellants were tested. All 
the grains were approximately 14 in. in 
diameter and were cut about 2 in. long 
so that the ends projected outside the 
gas stream and ignition was forced to 
take place on the cylindrical surface 
rather than on the edge or end of the 
grain. The compositions and properties 
of the propellants tested are given in 
Table 1. 

Previous investigations of the ignition 
of propellants by a stream of hot gas are 
limited in number and scope. Crawford, 
Huggett, and Parr (4) passed single 
grains of propellant through a Meker 
burner flame and obtained a_ linear 
relationship between the logarithm of 
ignition time and the reciprocal of the 
absolute temperature of the flame. Brian 
and McDowell (1) passed single grains 
of cordite through a hot-air stream at 
several rates of flow and obtained a 
similar correlation for the effect of 
temperature. No correlation was _pre- 
sented for the effect of flow rate. 


EXPERIMENTAL APPARATUS 


The experimental apparatus consisted 
principally of a furnace and auxiliaries to 
provide a uniform stream of hot gas of 
known dimensions, temperature, velocity, 
composition, and turbulent intensity; a 
device to inject a grain of powder into the 
gas stream transversely; and a device to 
detect ignition and to measure the time of 
exposure prior to ignition. The apparatus 
is shown in Figure 1. 

Gas from high-pressure tanks was first 
passed through rotameters at regulated 
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pressure and then through a heating unit 
consisting of a 1%%-in. I.D. Zircotube 
(aluminum oxide) packed with %-in. 
cylinders and located inside an electric 
resistance furnace with a cylindrical Globar 
(silicon carbide) element. The heated gas 
then passed through a 6-in.-long by 1-in. 
I.D. adiabatic tube packed with 14-in. 
spheres for temperature measurement and 
finally through two 52-mesh, 0.004-in. wire 
screens spaced 114 in. apart to control the 
velocity profile and turbulence. The gas 
thus emerged as a cylindrical stream 1 in. 
in diameter with a velocity profile which 
deviated less than 5% from uniformity 
and an intensity of turbulence of less than 
2%. 

Radiation from the top of the adiabatic 
tube was minimized by the use of platinum 
screens and by wrapping the pellets in the 
top rows with platinum foil. The adiabatic 
section was well insulated, and the tem- 
peratures of the gas stream and packing 
were assumed to be equal near the outlet, 
so that the gas temperature might be 
measured with a single-wire, butt-welded 
Chromel-Alumel thermocouple in a porce- 
lain tube extending across the adiabatic 
tube. Since the temperature of a gas stream 
issuing from a tube is preserved in a region 
beyond the exit, the measured temperature 
was further assumed to be the gas tempera- 
ture in the test zone. The assumptions 
involved in the temperature measurement 
were discussed in detail in a_ previous 
paper (2). The thermocouple actuated a 
continuous-line temperature recorder indi- 
eator, which was checked periodically with 
a precision potentiometer. The furnace 
temperature was controlled by an off-on 
switch on the primary side of the step 
transformer supplying the heating element. 
The gas temperature, which was not con- 
trolled directly, drifted slowly over a range 
of 1 or 2°C. 

The grains of propellant were held by 
a spring clip and inserted rapidly into the 
gas stream 1 in. above the upper screen by 
a solenoid, as shown in Figure 2. The time 
of exposure required to produce ignition 
was measured by a counterchronograph 
actuated first by the movement of the 
grain into the gas stream and second by a 
phototube which responded to radiation 
from the flame produced upon ignition. The 
time required for the grain to move from 
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the edge to the center of the gas stream was 
approximately 9 msec. and was included 
in 6. The grains of propellant were stored 
at ambient temperatures in vapor-tight 
containers prior to ignition to minimize 
drying, etc. 

The impurities in the nitrogen totaled 
less than 0.3 wt. % and were primarily 
oxygen. The impurities in the oxygen 
totaled less than 0.5 wt. % and were 
primarily nitrogen and argon. The im- 
purities in the carbon dioxide totaled less 
than 0.5 wt. % and were primarily air. 


EXPERIMENTAL PROCEDURE 


A run procedure compatible with the 
instrumentation of the furnace and gas- 
supply system was selected. Tests at a 
series of constant gas temperatures and 
Reynolds numbers would have been de- 
sirable, but the indirect control of the gas 
temperature and the variation of gas 
viscosity with temperature made this type 
of operation impractical. Instead, a given 
molal flow rate, furnace temperature, .and 
gas composition were established, thus 
fixing the gas temperature indirectly. All 
the propellants were tested at the estab- 
lished condition before changing to the 
next condition. Initial tests did not indicate 
a significant difference in ignition time for 
solid grains and longitudinally perforated 
grains, and tests on the latter were sub- 
sequently discontinued. 

A random variation in the time of expo- 
sure required for ignition was observed, 
probably owing to real grain-to-grain differ- 
ences as well as to nonreproducibility in the 
insertion and detection processes. Therefore, 
ten ignitions were carried out and the times 
averaged. If the measured times were 
particularly inconsistent, a larger number 
of ignitions were carried out. Including 
repeat runs, more than 250 experimental 
conditions and 2,500 ignitions are repre- 
sented by the correlations. 


EXPERIMENTAL RESULTS 


The original data were in the form of 
average ignition time 6 as a function of 
the free-stream gas temperature T,, the 
mole fraction of oxygen in the gas y, 
and the molal flow rate N for each pro- 
pellant; i.e. 


6 = F(T,, y, N) (1) 


A typical set of data is given in Table 2. 
The diameter of the propellant grains 
was not varied significantly, and the 
data did not permit sorting out the 
effect of the different physical properties 
of the gas. However, on the basis of 
dimensional analyses, the influence of 
flow rate was assumed to be character- 
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Fig. 1. Experimental apparatus. 


ized by the Reynolds number Dup/u, 
rather than by the mass or linear velocity. 
The velocity u, the density p, and the 
viscosity w of the gas were arbitrarily 
evaluated at the free-stream temperature. 
The desired rate correlation could then 
be written functionally as 


@ 


It was found by trial and error that 
the data. could be represented by the 


equation 
1 = 4 (Pury 
6 /, 


where n is a dimensionless constant and 
A and B are functions of gas composition 
and propellant composition. Equation 
(3) can be rearranged and rewritten in 
the form 


(3) 


1 


with J interpreted as an ignitibility func- 
tion, A as a frequency function, and E 
as an effective energy of activation. 
The constants n, A, and E were 
evaluated by repetitive curve fitting. A 
straight line was drawn through the data 
for each powder and gas composition 
when plotted separately, as In 6 vs. 1/T, 
for all (Dup/u),, in order to obtain first 
approximations for A and EF. The data 
for all powders were next plotted together 
as In. vs. In (Dup/u), by 
means of the values of A and £ obtained 
from the first series of plots to obtain a 
first approximation for n. The data for 
each powder were then plotted separately 
as In [0(Dup/u),"] vs. 1/T, to obtain a 
second approximation for A and EZ. This 
process was continued until no improve- 
ment in the representation could be 


=I = 


(4) 


noted. The representation proved to bey 


relatively insensitive to values of n in a 
range from 0.65 to 0.85, and a value of 
0.75 was arbitrarily chosen. The final 
values of A and E for each powder and 
gas composition were then determined 
by least squares and are given in Table 3. 
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Fig. 2. Apparatus for measurement of ignition time. 


The final representation of the data for 
M-2 type of propellant is illustrated in 
Figure 3a, b, and c. Comparable results 
were obtained for Pyrocellulose and the 
M-1 type of propellant. All the data are 
shown in Figure 4, in which e#/"7°/A@ is 
plotted vs. (Dup/u), on logarithmic 
coordinates. A line representing the 
correlation, i.e., through (Dup/u), = 1.0 
and (e”/*7*/A@) = 1.0 with a slope, n, 
of 0.75, is shown. 

The data obtained for the carbon 
dioxide-oxygen mixtures were not used 
in evaluating the constants in the corre- 
lations but are included in the final 
plots for comparison. It is evident that 
these results do not differ greatly from 
those obtained with oxygen-nitrogen 
mixtures, 

The effective energy of activation and 
the frequency function were both found 
to be dependent on gas composition. 
Consequently the effect of gas composi- 
tion can best be illustrated by cross 
plotting the ignitibility function J for 
several gas temperatures vs. gas com- 
position as in Figure 5. 


QUALITATIVE OBSERVATIONS 


The visible radiation which actuated 
the phototube and defined ignition was 
first observed in the gas phase some 
distance from the powder surface. The 
flame then developed completely around 
the grain as a corona. Prior to ignition, 
etching of the surface of the grain on the 
underside was visible. At some conditions 
grains decomposed completely without 
the appearance of a fiame, or a flame first 
appeared at the fringe of the gas stream 
and flashed back to the grain. These 
phenomena were not considered normal 
ignitions and are not included in the 
correlation. The decomposition of the 
propellant grain without visible ignition 
occurred principally at high flow rates 
and at low temperatures. Mass transfer 
is apparently the controlling factor at 
these conditions. 


DISCUSSION OF RESULTS 


If the rate of heat transfer is assumed 
to be 


TABLE 1. COMPOSITION AND PROPERTIES OF PROPELLANTS 


Component and property 


Nitrocellulose 

Nitrogen in nitrocellulose 
Dinitrotoluene 
Dibutylphthalate 
Diphenylamine 
Nitroglycerine 

Barium nitrate 
Potassium nitrate 

Ethyl] centralite 
Graphite 
Ether-extractable material 


Total volatiles 
Moisture (external) 
Ash 


Average diameter of grain 
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Pyrocellulose M-1 Type M-2 Type 
99.80 wt.% 82.85 wt. % 77.84 wt. % 
12.60 13.15 13.18 

14.67 

— 1.51 

0.97 

19.04 

— — 1.49 

— — 0.82 

0.52 

— 0.29 

0.20 

5.27 3.33 2.52 

0.25 0.31 0.08 

0.05 0.08 0.15 

0.3429 cm. 0.3225 cm. 0.3429 cm. 
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Fig. 3. Effect of gas temperature on ignitibility, M-2 type of propellant: 
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(c) in 50 mole % O2, O 50 mole % O2—50 mole % N2, @ 50 mole % O2—50 mole % COs. 


r=K(T, — T,) (1 — Experimental correlations for the heat 
transfer coefficient h have the form 
with constant, the temperature history g 
of the surface of an inert cylinder heated hD _ C Dup\" (7) 
by convection is represented by the gute 6 ) (6) 
equation 
with n approximately 0.5 for the con- 
ditions of interest. Hence the time re- 
TaBLe 2. Typicat Set or Data quired to reach a given surface tempera- 
M-2-type of propellant; 20 mole % O2 — 80 mole % N2 ture would be inversely proportional to 
1 h2 and in turn to (Dp/u),?". The observed 
a 0 ( Du = influence of Reynolds nuimber on ignition 
Gas rate, temperature, Ignition ( Du e) 1/T, ry A is thus consistent with that predicted on 
g.-moles/min. time, msec. (XG, (sec.)~} the basis of heat transfer as the controlling 
5.876 1.010 413 411 0.000991 0.02653 mechanism. If mass transfer were con- 
5 876 "926 608 435 0.001080 0.01727 trolling, a similar influence of Reynolds 
5.876 814 1,145 473 0.001229»: 0.. 00862 number would be predicted. 
5.876 689 3,049 526 0.001451 0.00299 Rates of chemical reactions are gener- 
5.876 588 7,650 588 0.001701 0.00110 ally proportional to e~”/"7*, The in- 
5.876 883 767 449 0.001133 0.01337 fluence of temperature on ignition is thus 
5.876 838 pap superficially consistent with kinetic con- 
5.876 944 5 4 -001 -O1 siderations. However, the values shown 
page in Table 2 for the effective energy of 
"933 687 302 0 001072 0 02008 activation for the ignition reactions, 
4.113 827 1,260 327 0.001210 —-0.01032 8,182 to 9,935 cal./g.-mole, are less than 
4.113 701 3,100 364 0.001428 0.00388 the energy of activation reported for the 
4.113 594 9, 250 412 0.001684 0.00118 steady state combustion of similar pro- 
2.351 930 873 174 0.001075 0.02392 pellants, 16,000 to 60,000 cal./g.-mole 
2.351 799 2,070 192 0.001252 0.00935 (5, 6). Several explanations are possible: 
2.351 703 on (1) the effect of gas temperature on heat 
2.351 620 4 


transfer as indicated by Equations (5) 
and (6) is undoubtedly masked by the 
exponential effect on the rates of reaction 
and is, therefore, incorporated in the 
exponential term and hence modifies the 


TaBLe 3. FrReQquENCY FUNCTION AND ErFrEcTIVE ENERGY OF ACTIVATION OF PROPELLANTS 


Gas composition, Pyrocellulose M-1 Type M-2 Type 


mole % : 5 values found for A and E; (2) the con- 
Frequency function A, sec.~! trolling reactions in ignition may be 

100% 5.44 4.87 different from those in steady state com- 
Zo bustion and have a lower energy of 
i i activation; (3) surface reactions rather 
Effective energy of activation E, cal./g.-mole than gas-phase reactions may be con- 

100% Oz 9,930 9,400 ; 9,300 trolling and the surface temperature or 
50% O. — 50% Ne 9,850 8,880 9 , 230 some intermediate rather than the free- 
20% — 80% 9,020 8,180 8,940 stream gas temperature may be the 
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Fig. 4. Effect of flow rate on ignition. 
proper temperature in the exponential eT 
term. The observed proportionality of 00 
the ignition time to both a flow term and ) 20 40 60 80 100 
eat an exponential temperature term is in 
itself somewhat surprising, but it strongly Fig. 5. Effect of gas composition on ignitibility. 
suggests that both convection and rates 
(7) of reaction are important. 
The decrease in ignition time with 
yn- increasing oxygen content over the entire The reported temperatures are lower In = logarithm to the base e 
re- range of gas compositions, temperatures, and the ignition times longer than those N = gas flow rate, g.-mole/sec. 
ra- and flow rates for all powders suggests encountered in weapons, but the excellent m = exponent of (Dup/y) 
to that oxidation reactions are controlling. correlation found for the effect of tem- R = universal gas constant, cal./(g.- 
ed None of the propellants ignited con- perature suggests extrapolation of the mole) (°K.) 
on sistently in pure carbon dioxide or results to higher temperatures with some r = rate of heat transfer, cal./(sq. 
on nitrogen, and difficulty was encountered eonfidence. em.) (see.) 
ng with spurious ignitious at the boundary T = temperature, °K. 
n- of the gas stream, presumably owing to u = gas velocity, em./sec. 
ids the penetration of oxygen from the sur- ACKNOWLEDGMENT y = mole fraction oxygen in gas 
rounding air. All three propellants tested 
T= deficient with respect Institute of ‘The 
in- complete combustion. Almost identical University of Michigan under contract with @ = ignition time, sec. 
us ignition times were observed when the Department of the Navy, Bureau of wu = = viscosity, g./(sec.)(em.) 
n- nitrogen was replaced with carbon Ordnance, and the Department of the Army, p = density. a. las 
m dioxide, an implication that both act as Office of the Chief of Ordnance. E. D. Blum, Bie la 
of chemically inert gases and hence as a_ D. L. Engibous, S. M. Frank, W. R. Han- Sehisniigne 
Ss, heat and mass transfer media only, nenberg, W. P. Hagerty, A. E. Molini, ae eee 
an Carbon dioxide would presumably de- C. M. Thatcher, and H. M. Wolfson g = free-stream gas 
he monstrate a chemical effect at extremely 28Sisted in the work. 0 = initial 
high gas temperatures such that the de- 
le composition to oxygen and carbon  yozation 
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Correlating Kinetic Data in Reactors 


Application to Tertiary Butanol Dehydration 
J. H. BLACK, J. H. WRIGHT, and JAMES COULL, University of Pittsburgh, Pittsburgh, Pennsylvania 


The reactor-unit concept proposed by Hurt is extended in this paper to include frac- dc 
tional-order reactions and to show the effect of volume change on the system. Equations ae © kc (3b) 
defining the reactor unit for homogeneous and heterogeneous reactions are derived. 


The catalytic dehydration of tertiary butanol was chosen as a means of studying the 
validity of the extended reactor-unit concept. The experimental investigation was con- 
ducted over a wide range of flow rates, catalyst bed heights, and temperatures. The result of 
the application of this modified reactor-unit expression to the correlation of the data was 
excellent. 


A general solution for isometric homo- 
geneous reactions may be found by 
substituting N = N,(l — f), dN = 
—Nodf,and N = VC into Equation (3a) 


A need exists for a simple, straightfor- 
ward method of correlating performance 
and design of industrial reactors. Hurt’s 
reactor-unit concept (/ and 2) is a signifi- 
cant stride toward the answer to this 
need but has a rather limited range of 
applicability. 

The present work extends the reactor- 
unit concept to reactions of apparent 
fractional order and shows a method of 
accounting for the effect of volume change 
during the reaction. The classical con- 
cepts of homogeneous and heterogeneous 
reactions formulated by Benton (3 and 
4) have been utilized in the reactor-unit 
concept to give a mathematical expres- 
sion which predicts the relationship 
among bed height, flow rate, and con- 
version. 


PREVIOUS WORK 

Reactions may be characterized in 
general as either homogeneous or hetero- 
geneous. In the case of homogeneous 
reactions occurring isometrically, the 
reaction is described by Hurt as zero, 
first, or second order by the following 
equations: 


zero order 
Ne = f = kt (1a) 
first order 


iNrz = In i z= kt (1b) 


second order 
24. R 1 f 
where it is assumed thet the rate of 
reaction is determined primarily by the 
presence of a single component or limiting 
reactant. Other forms of Equation (lc) 
may also occur (2) but bimolecular re- 
actions will not be discussed. 

In the heterogeneous case for first-order 
isometric reactions the height of a 
reactor unit is defined by Hurt to be 


kt (1c) 


J. H. Black is at present with U.S. Steel Corpora- 
tion, Monroeville, Pennsylvania, and J. H. Wright 
with Mellon Institute of Industrial Research, Pitts- 
burgh, Pennsylvania. 
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and integrating. The result is 


n—1 


Hay, Coull, and Emmett (4) have shown 
mathematically that this equation is 
valid regardless of the number of series (4) 
resistances: rates of surface reaction, 
absorption, desorption, and diffusion, This equation is a general definition for 
provided that each of these resistances is the number of reactor units because each 
a first-order process; e.g., the concentra- of the expressions shown in Equations 
tion gradient from one step to the next (la), (1b), and (1c) may be obtained 
appears to the first power. from Equation (4) by the selection of 
Simply speaking, the height of a appropriate values of n; in addition, this 
reactor unit, as used here, is a compara- general definition also includes reactions 
tive measure of the resistance of a given of noninteger order. Substitution of 
system to chemical conversion, and the m = 1 into Equation (4) results in an 
number of reactor units is a measure of indeterminant form, but application of 
the amount of conversion. The product L’Hdpital’s rule gives Equation (1b). 
of these two terms is the catalyst-bed From Equation (2) the differential 
height. equation for a heterogeneous reaction is 
Frequently the impression is given in 
the kinetics literature that the order of a dy = k(y — y*)" (5) 
reaction is numerically equal to the dt 
molecularity of the system; such an 
erroneous conclusion will lead to general 
confusion on the subject. Nor is selecting 
as the order of the reaction the integer 
which most nearly describes the data 
good practice, because a significant error 
may be introduced when one is extra- 
polating to higher conversion rates if the 
reaction happens to be of fractional order. 
Chemical reactions of noninteger orders 
are known to exist and are frequently 
encountered. 


or in the integrated form 


(yo — y*)'" — (y — 


= kt (6) 


THE DEHYDRATION OF TERTIARY BUTANOL 
General Considerations 


Tertiary butanol may be dehydrated 
at 500°F. over an alumina catalyst, the 
equilibrium conversion being essentially 
100%. A literature survey on this reaction 
indicated that side reactions were un- 
likely. With primary alcohols there is 
some evidence that the dehydration 
proceeds through an intermediate ether 
formation (6), but tertiary alcohols are 
thought to have a much higher dehydra- 
tion rate than ether-formation rate (7). 
Of course there is complete equivalence 
as to the position of the double bond in 
the isobutylene formed during reaction. 


CH; CH; 
500°F. | 
H,C—C—OH —— H,.C=C + HOH 
| catalyst 
CH; CH; 


Reactor-unit Expression 
where N The dehydration of tertiary butanol 
C= V was selected as a suitable test reaction 
for studying the reactor-unit equation 
for two principal reasons: the reaction 
(1) involves a volume change and (2) is 
probably of fractional order. Substituting 


GENERAL REACTOR-UNIT EXPRESSION 


The usual form of the kinetic rate 
equation for isothermal homogeneous 
reactions, in which a limiting component 
controls the rate, is 


dN m~1 
= kNC (3a) 


Equation (8a) reduces to the more 
familiar form shown below for reactions 
conducted at constant volume. 
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f, the ratio of moles converted to the 
moles converted at equilibrium, for partial 
pressure in Equation (6) yields 


I-n Yo(1 
= E + 1) 


where reciprocal space velocity Vp/Vo is 
employed rather than residence time. If 
the feed to the reactor is 100% limiting 
reactant (yo = 1.00) the previous result 
reduces to 


E 
1+f 
+ — k Vo — (8) 


Equipment and Procedure 

The investigation was conducted in a 
fixed-bed, isothermal catalytic reactor do- 
nated by Gulf Research and Development 
Company. The 3-ft. reactor consisted of a 
34-in. stainless steel tube concentric with a 
3-in. steel jacket which contained Dowtherm 
heating medium. 

The research-grade tertiary butanol was 
pumped from a reservoir through a preheat- 
ing coil where the alcohol was vaporized and 
carried to the top of the reactor. The vapors 
flowed downward through the catalyst bed, 
and the effluent stream was totally con- 
densed at constant (atmospheric) pressure. 

The condensed product was analyzed by 
fractionally distilling the isobutylene from 
the water-alcohol mixture. This mixture was 
further analyzed for water content, and thus 
an accurate material balance was provided. 

The reactor was operated at temperatures 
ranging from 480° to 580°F. over a mass 
velocity range of from 20 to 250 lb./(hr.) 
(sq.ft.) at bed heights of 1 to 4 in. and with 
both pure and diluted feed. 

Catalyst 

Alcoa F-10 alumina of particle size passing 
8 and stopping on 9 U.S. standard mesh 
sizes was used as the dehydrating catalyst 
throughout this study. The activity of the 
catalyst diminished with use, presumably 
owing to the coking of active centers. In 
order to correlate data taken with a catalyst 
of varying activity, it was necessary to make 
a standard conversion run at the beginning 
and end of each day. 

Results 

The correlation of the data* by the re- 
actor-unit method is presented in Figure 
1. Most of the data were taken at a reac- 
tion temperature of 530°F. Equation (8) 
was successfully employed in correlating 
all the data taken with a feed containing 
pure tertiary butyl alcohol. The value of 
n was found to be 0.615. When this same 
value of n was used in Equation (7), the 
correlation of the runs employing a 
diluent was equally satisfactory. Water 
was used as the diluent in one case and 
normal heptane im another. As water is 
many times more strongly adsorbed on 
alumina than is heptane, it was considered 

*Complete data may be obtained as document 
4962 from the American Documentation Institute 
Photoduplication service, Library of Congress, 


Washington 25, D. C., for $1.25 for photoprints or 
35-mm. microfilm. 
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possible that the water in the reaction 
may reversibly poison the catalyst, but 
this situation was not observed, as the 
data from both types of diluents fitted 
nicely in the correlation. 

The dehydration observed at other 
temperatures similarly followed the same 
equation and at the same value of n 
(0.615). The slopes of the isotherms on 
Figure 1 were used in preparing the pseudo 
Arrhenius plot in Figure 2. Although the 
absolute specific reaction-rate constants 
were not used, the slope of the isotherm 
in an Nez vs. Ve/Vo plot should be pro- 
portional to the absolute reaction rate. 
The linearity of this plot indicated that 
the chemical reaction rate rather than 
diffusion or adsorption rates was the 
controlling step in the dehydration. 


SUMMARY 

This study shows that for this system 
the simple reactor-unit expressions pre- 
sented here correlate data from a hetero- 
geneous reaction of over-all fractional 
order over substantially the entire range 
of conversion, over a fourfold change in 
bed height, over a tenfold change in flow 
rate, over a 100° temperature range, and 
for both pure and dilute feed. 


T 


T 


Notural Logarithm of K 


95 100 105 The) 
+ x in. 

Fig. 2. Arrhenius plot for the dehydration 

of tertiary butanol. 
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Vo 


It may be concluded that the reactor- 
unit concept has been extended to cover 
fractional-order reactions occurring non- 
isometrically. It is possible to use this 
simple method to correlate the perform- 
ance of various existing reactors and to 
design new reactors more accurately from 
limited pilot plant data. 


NOTATION 

f = fraction of equilibrium conver- 
sion 

HRU = height of reactor unit 

k = reaction rate constant 

n = order of reaction 

N = number of molecules 

Ne = number of reactor units 

t = residence time 

y = mole fraction of the reactant in 
gas 

Yo = initial mole fraction of the react- 
ant in gas 

y* = mole fraction at equilibrium 

V = volume or, in flow systems, volu- 
metric rate 

Vo = initial volume, or in flow sys- 
tems, initial volumetric rate 

Ve = volume of catalyst 

Z = catalyst-bed depth 
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Vapor-liquid Equilibrium Data. Ju Chin Chu, 
Shu Lung Wang, Sherman L. Levy, and Rajendra 
Paul. J. W. Edwards, Publisher, Inc., Ann Arbor, 
Michigan (1956). 754 pages, $9, paperbound. 


This book, presenting data for 466 
binary and ternary systems, is a sequel to 
“Distillation Equilibrium Data” by J. C. 
Chu, R. J. Getty, L. F. Brennecke, and 
Rajendra Paul [Reinhold Publishing Corp- 
oration, New York (1950)]. Data appearing 
in the earlier volume are indexed but not 
reprinted in the present work. The systems 
covered are extensively indexed, and 
reference is made to the original papers. A 
partial list of corrections to the first volume 
is included. 

The initial volume purported to “include 
all pertinent experimental results of workers 
in all parts of the world working with all 
kinds of equipment” and was to cover data 
through December of 1949. The degree 
to which it failed may be assessed from the 
fact that of the first 100 entries in the 
alphabetical listing of references to the 
new work 47 are to papers published prior 
to January, 1949. 

The present book attempts to cover the 
literature of the field up to June, 1954. No 
claim to exhaustive coverage is made. A 
limited check of the systems indexed 
showed a few omissions, mostly of data 
duplicating earlier work. The authors state 
no policy here, but it is the opinion of this 
reviewer that the interests of the chemical 
community would best be served by printing 
the most complete bibliography available 
for each system together with selected 
values of data for systems where the data 
of various investigators may overlap. 

A great deal of work has obviously gone 
into the preparation of this compilation, 
which should find wide use. Besides fur- 
nishing ready access to the literature of 
specific systems it should prove invaluable 
to students of vapor-liquid equilibrium 
who wish to compare the relative bahaviors 
of groups of real systems. 


EpGar W. Stocum 


Mass-Transfer Operations. Robert E. Treybal. 
McGraw-Hill Book Company, Inc., New York 
(1955). 666 pages, $9.50. 


Primarily, Professor Treybal’s recent book 
is intended to be an undergraduate text for 
the study of those chemical engineering unit 
operations concerned with diffusion. The 
work differs in scope from its contemporary 
elementary chemical engineering texts by 
virtue of its treatment of the diffusional 
operations exclusively, rather than of the 
unit operations in general. 

The fundamentals of molecular and tur- 
bulent diffusion are discussed first. Then the 
topic of interphase mass transfer is intro- 
duced and serves to acquaint the student 
with the use of the two-film theory and the 
material balance as applied to various types 
of contacting operations. The specific opera- 
tions are then presented with emphasis 
mainly on fundamentals and with only brief 
treatment of the more advanced topics. Gas 
absorption, humidification, distillation, li- 
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Averaging of Mass Transfer Rates 


The average rate of absorption per 
unit surface area in a steady state 
apparatus such as a wetted-wall column 
or a jet is 


1 A’ 
[ (0) 


where N, is the local rate of absorption 
per unit area, N4 is the average rate per 
unit area, and A’ is the total area. This 
can also be applied to a packed or spray 
column if N4 is considered to be the 
average at one instant of time over all the 
interfacial area. If u, depends only on 2, 


since 
dA =P dz (2) 
and 
dz 
us = dé (3) 
dA 
Pu, (4) 
and 
A’ = Pu, dé (5) 


0 


Thus Equation (1) on a time basis is 


H. L. TOOR 


Carnegie Institute of Technology, Pittsburgh, Pennsylvania 


N,Pu, d6 


Pu, dé 
0 


(6) 


where 


P = perimeter of the exposed liquid sur- 
face which may be a function of x 


x = distance measured in flow direction 
u, = velocity of liquid at the surface 
6’ = time of contact 


The term Pu,, which may be called the 
surface-area velocity, is the rate at which 
fresh surface passes the perimeter at any 
point x. Its time integral is the total area, 
as shown by Equation (5). When Pu, is 
constant, Equation (6) reduces to the 
time average-absorption rate, 


6’ 


but when it is not constant, Pu, is the 
weighting factor which relates the time 
and area variables. 

In the penetration theories of gas 
absorption where the local absorption 
rate is assumed to be the stagnant liquid- 
absorption rate (2), 


< (8) 


where D is the diffusivity of the gas in the 
liquid and AC is the difference between 
the interfacial concentration and bulk- 
liquid concentration. Both D and AC are 
assumed constant. The average absorp- 
tion rate is usually obtained by taking 
the time average as defined by Equation 
(7) so that 


N, = 2AC, (9) 


However use of Equation (7) is justified 
only if the surface-area velocity is a 
constant; if it is a variable, Ny, will 
depend on the path followed in reaching 
6’ as well as on @’ itself. The average 
rate will be less than that given by Equa- 
tion (9) if Pu, increases with zx and 
greater if Pu, decreases with x. An 
example is the hypothetical case where 


(10) 


When n = \ and z is small this would 
approximately describe the surface-area 
velocity of a laminar liquid flowing into 
a gas from a sharp-edged orifice. By use 
of Equations (4), (6), and (10), 


[D 
Na = a) 


When n = 0, Pu, is constant and Equa- 


n 


Pu, = ax 
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Fig. 1. Surface-age distribution functions with varying surface 
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Equation (15). No surface renewal 
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Fig. 2. Surface-age distribution functions with varying surface 


velocity 


Equation (27). Surface renewal 
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Complete test facilities showing the way to more 
profit in solids-liquid separation through filtration, 
have been “as close as the front door” to processing 
plants along thousands of miles of American highway 
during the past six months. 

Filter technologists “wheeled” Eimco’s portable re- 
search laboratory into 31 states to conduct on-the-joo 
sample testing, concentrating on plants where pro- 
duction level makes small-scale sampling insufficient 
and where physical characteristics in the feed cause 
sample distortion during shipment. 

Most revealing feature of the trip was the discovery 


THE 


Research and Development Division, Palatine, Illinois e 


by plant management and supervisors that (often con- 


trary to their belief) filter stations were not operating 
at full efficiency. 

In most of these cases, the filter was not adapted 
to such important factors as slurry filterability, pro- 
duction level, process conditions or materials of con- 
struction. 

In many instances, this involves practical solutions 
such as a change in filter medium—or conversion of 
present filters to make use of the recently developed 
Eimco designs that improve overall performance and 
efficiency. 

It was obvious in some plants that 
filter choice was not the result of careful 
selection on the part of manufacturer or 
management. Here, top efficiency cannot 
be achieved without replacement by a 
station adaptable to process problems. 

If you are a potential filter user— 
there’s no need to guess. Variables in 
filtration are numerous. 

If you are a present user—it is very 
probable that Eimco’s constant research 
for better things in solids-liquid separa- 
tion through filtration will provide you 
| with new opportunities for more pro- 
o duction and more profit. 

In either case—Eimco’s Research and 
Development Center at Palatine, Illinois, 
is your best contact for help in choosing, 
and supplying the right filter. 


EIMCO CORPORATION 
SALT, LAKE CITY, 


Process Engineers Inc. Division, San Mateo, California 


UTAH 


Export Offices: Eimco Building, 51-52 South Street, New York 5, N. Y. 
BRANCHES AND DEALERS IN PRINCIPAL CITIES THROUGHOUT THE WORLD 
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you can plot refractive index changes in 
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possible extremely accurate qualitative 
and quantitative analysis of hydro- 
carbons, alkaloids, steroids, antibiotics, 
rare earths and other materials. It thus 
can facilitate accurate process control in 
chemical, petroleum, pharmaceutical, 
and many related industries. 
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tory, process applications. Even the most 
sensitive has a 6600-unit range, without 
the necessity of changing cells or refer- 
ence solutions. 
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tion (11) reduces to Equation (9). When 
n is positive, for the same 6’ the rate is 
less than the value given by Equation 
(9), and when n is negative the rate is 
greater. 

In flow down a wetted-wall column 
the surface velocity must accelerate 
from zero or a small value to its final 
steady value and the average absorption 
rate over the column will be lower than 
that given by Equation (9), which in 
turn will be lower than the average rate 
obtained by assuming that the average 
velocity is immediately attained. This 
lowered rate may have contributed 
somewhat to the apparent interfacial 
resistances reported by some authors 
(3, 5). 

From Danckwerts’s viewpoint (1, 2), 


Nu = Nug(0) d@ (12) 


where ¢(@) is the surface-age distribution 
function so defined that ¢(@) d@ is the 
fraction of the total surface which has 
ages between 6 and 6 + dé. From Equa- 
tion (4), 


dA Pu, 
A’ A’ dé (13) 
and so 
Pu, 
(14) 


When Pu, is constant, Equation (14) 
reduces to 1/0’ for < 6’ and 0 for 6’. 

The surface-age distribution function 
for the surface-area velocity of Equation 


(10) is 
1 6 n/l—n 1 
= —— (5) = 
1 n\6 0 (15) 
= 0 0 


Figure 1 shows ¢(@) for various values of 
n, and these curves typify some distribu- 
tion functions which could be conceived 
of when mixing does not take place during 
the flow. 

Since 6, the contact time in the pene- 
tration theory [Equation (8)], is the age 
of the surface, when mixing, i.e., surface 
renewal, takes place, the surface-area 
velocity must be known in terms of the 
surface age. If all the surface elements 
reach the same age before being replaced, 
as postulated by Higbie (4) for a packed 
column, then the equation relating the 
surface-area velocity to the distance from 
the point of mixing is sufficient to define 
¢(6), and the effect of a varying surface 
velocity is the same as in the case of no 
surface renewal. 

In Danckwerts’s theory the probability 
that an element of surface is replaced by 
mixing is assumed to be independent of 
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its age. This gives the following distri- 
bution function (1), 


¢(0) = Se (16) 


where S is the fractional rate of surface 
renewal. 

It is interesting to note that the Danck- 
werts distribution function is also ob- 
tained for flow without surface renewal if 


Pu, = S(A’ — A) (17) 


(and here S is merely a_ constant) 
or when P is a constant 


u, = S(L — 2x) (18) 


The average absorption rate is then 
identical with the value given by Danck- 
werts, 


N, = ACVDS (19) 


although the two physical situations are 
quite different. 

Since Danckwerts assumed that the 
probability of replacement of an element 
of surface was independent of its age, the 
velocity does not have any effect on his 
distribution function. In order to account 
for velocity variations it is necessary to 
make another type of assumption con- 
cerning the rate of surface renewal, the 
simplest being that the probability that 
an element is replaced is independent of 
zx, the distance it has traveled since it was 
formed. It can be shown by a derivation 
similar to that of Danckwerts (1) that 
for a constant perimeter this leads to 


= (20) 


where g’(x) is the surface-length distri- 
bution function defined so that g’(x) dx 
is the fraction of the total area between 
x and x + dz, and S’ is the constant 
fraction of the area replaced per unit 
length of flow. Then in place of Equation 
(12) one can write 


[ Nag’(x) dx (21) 


Equations (21) and (12) show that in 
general 


= (22) 
and so from Equation (20) 
= u,S’e** (23) 
and since 
S = u,S’ (24) 


Equation (23) reduces to (16) when wu, 
is constant. The mean surface velocity in 
the column is 


4, = dx (25) 
70 


and the average fractional rate of surface 
renewal is 
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S = Sa, (26) 


It is more likely that there is a unique 
relationship between u, and x in a disk 
or stacked column than in a packed 
column, but even in the latter case 
there might be some relationship which 
would describe the over-all effect. A 
qualitative picture of the effect of a 
varying surface velocity may be ob- 
tained by using the velocity—distance 
relationship of Equation (10). This gives 
in place of Equation (16), 


_< — n)"(\S0)" 1/1—n 
a= rd +n) 


1 1/1—n 


Equation (27) is shown in Figure 2 for 
various values of n. When n = 0, Danck- 
werts’s distribution function is obtained, 
and when n is positive (the velocity 
increases from zero after mixing) the 
middle-aged surfaces are given greater 
weight than when the velocity is constant. 
When n is negative, so that the velocity 
is infinite after mixing, greater weight is 
given to the very young and very old 
surfaces and less to the middle-aged 
surfaces. 

The average absorption rate with the 
distribution function of Equation (27) is 


AcV DS (28) 


so that for S constant, a variation in n 
changes only the constant in the equation. 
The rate decreases continuously as n 
increases; when n is negative (the velocity 
decreases with distance), the rate is 
greater than the value corresponding to 
a constant surface velocity, and when n is 
positive (the velocity increases with 
distance), the rate is less than this value. 

Since S, 6, and n cannot be directly 
measured in a packed column, Equations 
(11) and (28) show that the effect of a 
varying surface velocity is immaterial as 
far as physical absorption is concerned. 
However, in absorption accompanied by 
chemical reaction the particular surface- 
age distribution function is of importance, 
and knowledge of it would allow predic- 
tion of the effects of chemical reactions on 
absorption rates (2). 
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quid extraction, adsorption and ion ex- 
change, drying and leaching are all accorded 
detailed treatment, each being presented in 
a well-balanced combination of descriptive 
and mathematical material. Brief considera- 
tion of dialysis and gas-gas separations 
completes the volume. 

Throughout, the author develops theory 
and applications simultaneously, never al- 
lowing one to become detached from the 
other. Although the quantity of material 
presented is more than can ordinarily be 
covered in an undergraduate course, topics 
of subordinate interest easily may be 
omitted or briefly treated. 

There are numerous illustrative examples 
worked out in the text as well as problems 
for the student at the end of each chapter. 
Also, mention should be made of the excep- 
tionally well-chosen references given at the 
end of each chapter. 

Rosert M. Secor 


Tables of Thermal Properties of Gases. Joseph 
Hilsenrath, C. W. Beckett, W. S. Benedict, Lilla 
Fano, H. J. Hoge, J. F. Masi, R. L. Nuttall, 
Y. S. Touloukian, and H. W. Woolley. National 
Bureau of Standards Circular 564. Government 
Printing Office, Washington 25, D. C. (1955). 
488 pages, $3.75. 


This work is a compilation of the thermo- 
dynamic and transport properties of air, 
argon, carbon dioxide, carbon monoxide, 
hydrogen, nitrogen, oxygen, and steam. 
With a few exceptions, values of the com- 
pressibility factor, density, entropy, en- 
thalpy, specific heat, specific-heat ratio, and 
sound velocity at low frequency of the real 
gas are tabulated at close temperature inter- 
vals at pressures from 0.01 to 100 atm. 
Extensive ranges of temperature are cov- 
ered, varying from the 380° to 850°K. range 
of the steam data to the 70° to 5,000°K. 
range of some of the data for argon. Spec- 
troscopic measurements and _ pressure-vol- 
ume-temperature data form the basis for the 
tabulated thermodynamic properties. 

Values of specific heat, enthalpy, entropy, 
and free-energy function for the ideal gases 
are tabulated to 5,000°K. at 0.01 atm. for 
steam and at 1 atm. for the other gases. 
The data start at 50°K. for carbon dioxide 
and steam, at 60°K. for carbon monoxide, 
and at 10°K. for the remaining gases. 

Vapor pressure, viscosity, and thermal 
conductivity are tabulated over broad tem- 
perature ranges at various pressures for 
steam and at 1 atm. for the other gases. 
Prandtl numbers as a function of tempera- 
ture at 1 atm. pressure are tabulated for all 
the gases except steam. 

Extensive references and a series of plots 
comparing the tabulated values with the 
experimental data are presented. 

The authors and the National Bureau of 
Standards have performed a very valuable 
service in analyzing and making easily ac- 
cessible the results of the numerous experi- 
mental investigations in this field. 


Epa@ar W. Stocum 
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“TITANOX"”—RCHT, nitrocellulose sub- 
strate, a titanium calcium pigment con- 


sisting of 30 parts titanium dioxide and 
70 parts calcium sulfate (X19,000). 


The same after the nitrocellulose pig- 
mented film has been specially treated 
to dissolve the calcium sulfate, reveal- 
ing the real structure of the titanium 
calcium pigment (X19,000). 


They Saw the Real Structure of 
Titanium Calcium Pigment for First Time! 


RCA Electron Microscope at National Lead Company 
Reveals Make-up of this Useful Material 


Development of the Electron Microscope over the years to the 
present high level of efficiency has permitted extended exploration 
in the field of pigment technology. According to W. R. Lasko of 
the Research Laboratory of National Lead Company, Titanium 
Division, South Amboy, N. J., ““The RCA Electron Microscope 
has revealed for the first time the real structure of titanium cal- 
cium pigment. We found that the particles of titanium dioxide in 
this widely useful pigment are coalesced around the surface of the 
calcium sulfate. Thus, identification of the individual components 
is possible. Size and shape of the calcium sulfate as well as of the 
titanium dioxide can readily be observed. The titanium dioxide in- 
dustry has been immeasurably aided by the electron microscope.” 


RADIO CORPORATION of AMERICA 


Whether your field of micrographic interest 
lies in metals and pigments, or in products of 
any one of the dozen or more industries now 
using the RCA Electron Microscope, your 
studies, too, can no doubt be immeasurably 
aided by this magnificent new research tool. 
For further information, write to Dept. M-288. 
Building 15-1, Radio Corporation of America, 
Camden, N. J. In Canada: RCA VICTOR 
Company Limited, Montreal. 


Installation Supervision is supplied, and contract service 
by RCA Service Company is available with the Electron 
Microscope, if desired. 
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Analog Computing 
for One and All 


with GAP/R modular com ponents 


The Model K2-X Operational 
Amplifier is an octal-based 
plug-in unit which nobly 
serves as nucleus for accurate 
feed- back computing. 

With an output of 
+100V the K2-X 
is priced at $28. 
The K2-W at $24. 
puts out an ample 
=50V_ with less 
power needed. 


Model K2-P is a 
Stabilizing Ampli- 
fier used in tan- 
dem with the 
K2-W or K2-X. It 
provides long term DC Stabil- 
ity measured in microvolts. All 
plug directly into the HK 
(shown below) or other en- 
vironments. The K2-P having 
inherent stability below 0.1 
MV is priced at $60. 


ul 


The Model HK 
Opeausonsl Amplifier in the standard ver- 
sion offers 10 K2-W Amplifiers for analog 
calculations of infinite variety. A stabilized 
HK using K2-X and K2-P “paired” plug- 
ins provides greater output plus stability. 
The standard HK with 10 K2-Ws is $425. 
The stabilized HK with 5 of above “pairs” 
is $625. 


Supplied also in a self-powered version as 
the compact Model HKR Operational Ten- 
fold, all manifolds can be purchased in 
either standard or stabilized forms or 
in other combinations. 


For rapid utilization of the HK 
or HKR, Model K- Modular As- 
sembly units are offered either 
in kit form or assembled as Ad- 
der, Coefficient, Differentiator, 
Integrator or Unit-lag Passive 
Operational Plug-ins. Prices fur- 
nished on request. 


One of the 
“power packages” 
from GAP/R i is the Model R-100 
Regulated Power Supply, conservatively 
rated at 100 ma, + 300VDC, and modestly 

priced at $165. 


Indicated below are two possible arrange- 
ments whereby your laboratory or engi- 
neering office can obtain a basic computing 
facility at minimum cost. 


20 OPERATIONAL 
AMPLIFIERS 
Plus Regulated Power 


10 STABILIZED 
AMPLIFIERS 
Plus Regulated Power 


2 HKs (with 20 K2-Ws) $850. 
1 R-100 Power Supply 165 


$1015 $1580. 


2 HKs (10X’s + 10 P's) $1250 
2 R-100 Power Supplies 330. 


For more details and other information 
please write to: 


George A. Philbrick Researches, Inc. 


230 Congrcss Street, Boston 10, Massachusetts 


GAP/R 
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Comprehensive Inorganic Chemistry: Vol. Ill, 
The Halogens. Robert C. Brasted. D. Van Nos- 
trand Company, Inc., New York (1954). 250 
pages, $5. 


It is the avowed purpose of this eleven- 
volume work to serve as a ready reference 
for those engaged in chemical manufacture 
as well as in advanced studies. The volumes, 
according to the preface, are intended to be 
comprehensive in the extensiveness of the 
field covered rather than in the fullness of 
their treatment. 

In this third volume, which deals with the 
halogens, the author has been successful in 
accomplishing the desired end. The early 
chapters deal with the free halogens and 
then the compounds in the following order: 
hydrohalic acids, oxyhalogens, positive hal- 
ogens, interhalogens, and polyhalide anionic 
complexes. The last chapter deals with 
pseudohalogens and related compounds. 
Much data are given in the form of tables, 
the illustrations are adequate, and the in- 
clusion of numerous references to the litera- 
ture makes it possible for the student 
readily to extend his investigation of the 
various topics. 

DeWirr T. Kreacu 


High-temperature Technology. Edited by I. E. 
Campbell. John Wiley and Sons, Inc., New York 
(1956). 526 pages, $15. 


This volume is concerned with the prob- 
lems of producing and measuring tempera- 
tures above 1,500°C. It is divided into 
three main sections: Materials, Methods, 
and Measurements, each containing articles 
by a number of authors. 

The Materials section, some 200 pages 
in length, is devoted to the physical and 
chemical properties of refractory materials 
at high temperatures. 

The Methods section discusses sintering 
processes and the production of high 
temperatures. Most of the latter topic is 
devoted to the problems of electric-resist- 
ance, -induction, and -are furnaces. The 
attainment of high temperatures in solar 
furnaces and in the electronic torch is less 
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extensively considered, and the  yery 
important methods of obtaining high 
temperatures by chemical means have been 
omitted. 

The Measurements section treats prob- 
lems in the measurement of physical 
properties at high temperatures. Tempera- 
ture measurement by pyrometers, thermo- 
couples, and the absolute-noise thermometer 
is discussed. A section on mechanical prop- 
erties concerns measurement of plastic 
deformation, creep, and hardness. Methods 
of determining melting points, vapor pres- 
sures, phase diagrams, thermal expansion, 
thermal and electrical conductivities, and 
resistance to thermal shock are discussed. 
Material on high-temperature microscopy 
and X-ray diffraction is included. 

This volume makes a very substantial 
contribution to the literature of high- 
temperature technology. Its limitations are 
in the main the inevitable result of the 
breadth and vitality of the subject matter. 
Of particular value are the many hundreds 
of literature references. The work should be 
of special interest to engineers and others 
engaged both in the more conventional 
high-temperature processes and in the 
newer fields of jet reactions. 


Epaar W. Sitocum 


Catalysis, vol. Il: Fundamental Principles (part 
2). Edited by Paul H. Emmett. Reinhold Publish- 
ing Corporation, New York (1955). 473 pages, 
$12. 


This is the second volume of an out- 
standing series of publications providing 
the research chemists an integrated treatise 
on the physical chemistry of catalysis and 
catalytic processing. This volume, in 
continuation of the first volume, presents 
the fundamental catalytic principles relating 
to the measurement of pore distribution; 
the influence of pore distribution on the 
kinetics, temperature coefficient, and spe- 
cificity of reactions on solid catalysts; 
the nature of the catalyst surface and of 
the adsorbed material on the catalyst 
surface; and finally the general theories of 
heterogeneous catalysis. It also contains 
an extensive and detailed presentation of 
the general nature of homogeneous catalysis 
and of the factors that influence the 
behavior of homogeneous catalytic systems. 

The first chapter, ‘Classification of 
Heterogeneous Catalytic Vapor Phase Re- 
actions” by W. B. Innes, summarizes a 
large body of literature dealing with differ- 
ent reaction types and the catalysts which 
have been studied. This is followed by a 
series of excellent chapters: ‘Reaction 
Rates and Selectivity in Catalyst Pores” 
by Ahlborn Wheeler; “The Nature of Cata- 
lytic Surfaces” and ‘The Nature of Com- 
plexes on Catalyst Surfaces” by Hugh M. 
Hurlburt; “General Theories of Hetero- 
geneous Catalysis” by Ransom B. Parlin, 
Merrill B. Wallenstein, Bruno J. Zwolin- 
ski, and Henry Eyring; and “Catalysis 
in Homogeneous Reactions in a Liquid 
Phase” by Edward L. King. Every chapter 
makes lucid reading and an_ excellent 
review of the present state of knowledge on 
the subject. The entire book is a veritable 
mine of research problems. 

S. SourtRAJAN 
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YORK-SCHEIBEL 
LIQUID-LIQUID 
EXTRACTORS 


The YORK-SCHEIBEL patented multi-stage extraction column: 


@ Is ideal for the common multi-stage, countercurrent extractions in 
which the feed material is contacted with a single solvent. 


@ |s effective and efficient for fractional liquid extraction in which 
the feed material is contacted with two selective and immiscible 
solvents flowing countercurrent through the column. 


@ May be designed for liquid streams carrying solids in suspension. 


The columns employ agitators in each stage to insure complete liquid- 
liquid contacting. The phase separating sections between the mixing 
zones consist of wire mesh packing, a new arrangement of baffles, or 
both baffles and packing. 

High stage efficiencies are obtained even with difficult-to-separate 


materials. Here are a few of the extractions for which York-Scheibel 
columns have no equal: 


@ close boiling mixtures © azeotropic mixtures 
@ non-volatile mixtures © impurities and color bodies 
© structural isomers © heat sensitive materials 


© materials from dilute solutions 


Check these outstanding features: 


¥ Single, compact column Vv High efficiency 
Vv High throughput capacity v Low cost per stage 
v Efficient laboratory, pilot plant v Low stage height 


and large scale performance 


SEND INFORMATION on your requirements and let York engineers 
recommend the best design for your conditions. 


YORK PROCESS EQUIPMENT CORP. 
4 Central Avenue, West Orange, N.J. 


Send for latest literature giving complete detalis 
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How this shaft deflection test 


can give you better fluid mixing 


Some secrets of effgtent fluid mixing 
lie hidden beneath the tyg-and-puall of 
fluids buffeting this LiG# rnin Mixer’s 
impeller. 

These fluid forces are beginning to 
yield clues that can help you get im- 
proved mixer design and lower mix- 
ing costs. 

Soiving the seal dilemma 
For example, if you’re mixing fluids 
under pressure or vacuum, you prob- 
ably want the great operating econ- 
omy of a rotary mechanical seal. 

You want the shaft diameter large 
enough to run with minimum deflec- 
tion, to keep the sealing faces accu- 
rately aligned—but not larger than 
really necessary. 

Seeing what deflection looks like 
That is one reason why, as the 4-inch 
shaft on this 50-horsepower LIGHT- 
NIN test unit revs up toward its natural 


vibration frequency, four Mrxco-de- 
signed strain-gage pickups start “tak- 
ing the pulse” of the rotating shaft. 

At the recorder, four electric styli 
trace a profile of the frequency and 
amplitude of shaft deflection duriag 
the run, in various liquid depths, and 
under different conditions of impeller 
size, location, and tank baffling. The 
data are accurate to 0.0005 in. 

Combined with continuous torque 
measurements, this composite profile 
provides basic data for computing the 
stresses acting in the shaft. 


Getiing rid of a bearing 
Efficient mixer shaft sealing is only 


one product of these test runs. They 


So 


overhung shafts to operate without a 
steady bearing in the tank bottom, 
thus eliminating a major maintenance 
cost item. 

This is one of the new directions 
MIxco research is taking. Our re- 
search department welcomes the op- 
portunity to cooperate with you in 
any phase of your work leading to 
more efficient fluid mixing. 


dit 


MIXCO fluid mixing specialists 


MIXING EQUIPMENT Co., Inc., 161-n Mt. Read Blvd., Rochester 11, N.Y. 
In Canada: Greey Mixing Equipment, Ltd., 100 Miranda Ave., Toronto 10, Ont. 
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